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Fundamental study, industrial and environmental application of membrane technology

Abstract

The main objective of this research project was to study and apply membrane
technology for solving industrial and environment problems using the advantages of the
membrane processes. The study covered fundamental aspects and applications and was
divided into 4 sub - projects. The first sub — project involved membrane contacting
processes which included carbondioxide absorption process, ozonation for treatment of
dye solution, and osmotic distillation process for reducing alcohol concentration in wine.

The second project studied the application of nanofiltration process for treatment of
water containing natural organic matter (NOM) and metal ions. Sub — project 3 concentrated
on membrane modification for reducing protein fouling and loss of aroma compounds. The
last sub - project applied the membrane bioreactor (MBR) for treatment of water
contaminated with formaldehyde.

The results of this research were disseminated through organization of 3 academic
seminars and also led to 15 publications in international peer review journals. In addition, 3
Ph.D graduates and 9 master's degree graduates were also produced. Part of the research
results has attracted the interest of the private sector resulting in extension of the research

project. In conclusion, the achievement of this research project is satisfactory.

Keywords: Membrane bioreactor, Membrane contactor, Membrane modification,

Membrane technology, Nanofiltration
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Abstract

The separation of carbon dioxide (CO,) from methane (CH,4) by using a gas—liquid membrane contactor was studied in order to confirm the
potential of the process. The experiments were performed in a membrane contactor constructed with 0.2 wm pore size microporous PVDF hollow
fibers. Pure water, aqueous sodium hydroxide (NaOH) solution and aqueous monoethanolamine (MEA) solution were employed as the absorbents.
Sodium chloride (NaCl) was also used as an additive in the NaOH aqueous solution. The effects of operating parameters such as the gas and liquid
velocity, concentration of NaOH solution, absorbent temperature, and NaCl concentration on the CO, flux were investigated along with the mass
transfer analysis of the process. In addition, the impacts of the flow pattern and the membrane module packing density as well as the long-term
performance were also investigated, aiming to obtain a full picture and a deep insight on the system.

It was found that the CO, flux was enhanced by the increase of NaOH solution concentration, NaOH solution temperature and the CO, volume
fraction in the feed stream, but the increase of water temperature resulted in decreasing the CO, flux. The retentate selectivity obtained in this
work was not satisfactory due to the laboratory scale of the membrane module used. However, the percentage of CH, recovery was very high,
suggesting that no significant CHy loss took place during the operation. Counter-current flow mode took the advantage of higher mass transfer
over co-current one, and the CO, flux increased with increasing membrane module packing density. Long-term performance tests showed that the
NaOH solution was more suitable than other absorbents to be applied to the PVDF microporous hollow fiber contactors, as the NaOH aqueous
solution can provide a higher separation performance and the CO, flux was kept almost unchanged over a long period of operation. Furthermore,
the PVDF membrane gave the membrane resistance around 22% of the total resistance for pure CO, absorption in water.
© 2007 Elsevier B.V. All rights reserved.

Keywords: CO,/CH4 separation; Membrane contactors; Gas absorption; Operating conditions; Packing density

1. Introduction

The separation of CO; from CHy is one of the important pro-
cesses in many industrial areas such as natural gas processing,
biogas purification, enhanced oil recovery and flue gas treatment
[1,2]. CO; in natural gas must be removed because it causes pipe
corrosion, reduces the heating value, takes up volume in the
pipeline and is able to solidify in cryogenic process. Besides,
being a greenhouse gas, the emission of CO, from the combus-
tion of fossil fuel is a serious concern associated with global
climate change.

* Corresponding author. Tel.: +66 2470 9222; fax: +66 2428 3534.
E-mail address: ratana.jir@kmutt.ac.th (R. Jiraratananon).

0376-7388/$ — see front matter © 2007 Elsevier B.V. All rights reserved.
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Conventional absorption processes are generally operated in
the contactor devices, e.g., packed and plate columns, which
require huge space and high investment cost. In addition, they
also suffer from several operational limitations including flood-
ing, entrainment and foaming [3]. Membrane gas permeation
process is an alternative separation process for capturing CO;,
but low gas flux and CHy loss are the two main problems in
gas permeation process [4]. Thus, it is imperative to develop
more efficient processes for upgrading low quality gases than
presently available ones. The hollow fiber membrane gas—liquid
contacting process, which integrates the advantage of traditional
absorption and membrane processes, can potentially overcome
those operational limitations and is considered as a competitively
alternative technology. Membranes that are used in membrane
contacting process act as barrier to separate liquid and gas phases
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and provide interfacial areas for the two phases. Therefore,
the separation performance depends on the interaction between
interested gas solute and liquid absorbent. The use of mem-
brane contactor offers a number of advantages over conventional
dispersed processes such as high surface area per unit contact
volume, individual gas and liquid flow channels, compactness
of structure and easiness to scale up [3,5,6].

Qi and Cussler [7,8] were the pioneers who employed micro-
porous polypropylene (PP) hollow fiber membrane for CO;
removal using NaOH solution as an absorbent. Following their
original work, there were many works focusing on gas—liquid
membrane contactors for gas separation processes such as
removal of CO;, H,S, SO, from flue gases and natural gas, elim-
inating VOC from Ny/air by using mineral oils, and separating
olefin/paraffin with silver nitrate as an absorbent [7—11].

The majority of study on the gas—liquid membrane contact-
ing process applications is for CO,/N, separation (flue gas
treatment) [12—18]. There were limited reports on CO,/CHy
separation using membrane contactors. Teplykov et al. [19]
carried out the theoretical simulation to study biogas (40%
CO; and 60% CHy) purification by using polyvinyltrimethyl-
silane (PVTMS) nonporous membrane contactor operated in a
recirculation mode. The simulation results seemed to be use-
ful to be applied in biogas separation. The Henry’s constants
for water with CO, and CHy at 25°C are 3.36 x 10~7 and
1.38 x 1078 mol dm~—3 Pa~!, respectively [20]. Due to the large
difference, the gas—liquid membrane contacting process can be
potentially applied for CO,/CHy separation.

In the present work, the separation of CO; from CO,/CHy
mixture using the gas—liquid membrane contacting process was
performed. Three types of absorbents, pure water, NaOH and
monoethanolamine (MEA) aqueous solutions were used in the
experiments. NaCl was also employed as an additive in the
NaOH aqueous solution. The operating conditions that affected
the system performance such as the gas and liquid velocities,
the concentration of NaOH solution, absorbent temperature and
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NaCl concentration were investigated thoroughly in combina-
tion with mass transfer analyses. The long-term performances of
the systems using pure water, NaOH and MEA as the absorbents
were also monitored and compared with each other. In addition,
the quantitative analysis of the membrane resistance was also
performed in order to gain a better understanding of the effect of
membrane mass-transfer resistance on the system performance.

2. Theory

2.1. Mass transfer in gas—liquid membrane contacting
process

Fig. 1 shows the transport of the interested gas in the
gas—liquid membrane contactor from the gas phase through the
porous membrane into the liquid phase which can be described
by the resistance-in-series model, expressed by Eq. (1) [21].

1 Hd,

1 Hd,
I +
Kol kl km dln

kgd;

ey

where K, is the overall mass transfer coefficient based on
liquid-phase (m/s), ki, km, kg are the individual mass transfer
coefficients of the liquid phase, membrane and gas phase, respec-
tively. H represents Henry’s constant. dj, d,, di, are the inner,
outer and logarithmic mean diameters of the fibers, respectively.
From the above equation, the overall mass transfer resistance is
the summation of individual mass transfer resistance (also see
Fig. 1).

In the gas-liquid membrane contacting process operation,
either the gas phase or liquid phase can be fed through the
shell side or tube side of the hollow fiber membrane module.
However, flow of liquid in the tube side takes more advantage
than that in the shell side [17]. For the liquid flow in tube side,
the well-known Graetz-Lévéque mass transfer correlation was
widely used to predict accurately the tube side mass-transfer
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Fig. 1. Mass transfer regions and resistance-in-series in non-wetted membrane contactor.
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coefficient [3,22]:

kid; 2v\"’
Sh="9 _16(d )
D LD

where Sh is Sherwood number, D the diffusion coefficient, L is
the tube length and Vis the fluid velocity.

2.2. Gas solubility in salt solutions

When salt concentration in a liquid phase increases, the gas
solubility in the liquid is normally found to decrease. This phe-
nomenon is referred as “salting-out” effect. The effect of salt
concentration on the CO; and CHy solubility can be explained
by the Sechenov relation [23]:

log (CGO) — Ke. 3)
cG

where cg o and cg denote the gas solubility in pure water and in
a salt solution, respectively, and cg is the molar concentration of
the salt. The parameter K (“Sechenov constant”) is specific to
the gas as well as the salt used. In this work, NaCl was added into
the NaOH aqueous absorbent in order to improve the product
gas quality and to increase CH4 recovery.

2.3. Penetration pressure

In the gas-liquid membrane contacting process, the operation
in dry mode (gas-filled membrane pore) is more advantageous
than that in the wet mode (liquid-filled membrane pore) because
of the higher diffusivity of the gas. The liquid will not wet the
membrane when pressure difference between liquid stream and
the gas phase in membrane pores is lower than the penetration
pressure [3] defined as the following:

—20 cos6
AP=-—"""11 )
p
where AP is the penetration pressure or wetting pressure, o is
the surface tension of the liquid, 6 is the contact angle formed
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Co,
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Table 1

Specifications of the hollow fiber membrane module used
Fiber o.d. (pum) 1000

Fiber i.d. (um) 650
Module i.d. (mm) 10
Membrane pore size (um) 0.2
Membrane porosity 0.75
Number of fibers 502, 35, 20?
Effective module length (mm) 270
Effective contact area (m?) 0.019

* The modules were only used to study the effect of module packing density.

between fluid and the membrane pore and rp is the membrane
pore radius.

For water at 25 °C, o is 72.8 mN/m [24] and the contact angle
between water and PVDF membrane used in this work is 100°
(measured by FACE, Contact angle meter, model CA-A, Kyowa
Interface Science Co., Ltd.). Therefore, the wetting pressure of
0.2 wm pore size of PVDF membrane is 0.126 MPa. In order
to maintain a dry mode in the membrane pores, the pressure
difference between gas and liquid streams in all experiments
was kept lower than 0.1 MPa.

3. Experimental

Hydrophobic porous polyvinylidenefluoride (PVDF) hollow
fiber membranes used in the experiment were kindly provided
by Memcor Australia (South Windsor, New South Wales, Aus-
tralia). The characteristics of the membrane are shown in Table 1.
A 99% grade NaOH purchased from THASCO Chemical Co.,
Ltd., Thailand and a 99% grade MEA obtained from Carlo
Erba Reagenti were mixed with RO water, respectively, to pre-
pare aqueous absorbents with desired concentrations. Potassium
hydrogen phthalate (KHP) were purchased from Merck Ltd.,
Thailand. Methane (99.9%) and Carbon dioxide (99.8%) were
obtained from Thai Industrial Gases PLC, Thailand.

The experimental setup is schematically shown in Fig. 2.
Pure CO; or CO,/CH4 mixture with a volume ratio of 50:50
or 20:80, which is in the composition range of biogas or natu-

Membrane

s

Sample detector

Feed tank

Fig. 2. Schematic diagrams of a gas-liquid membrane contactor unit.
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ral gas, was used as the feed gas while pure water, NaOH, and
MEA aqueous solutions were employed as absorbents. In the
experiment, the flow rate of the feed gas supplied from com-
pressed gas cylinders was adjusted and controlled by Aalborg
(GFC model) mass flow controllers, and then it was fed through
the shell side of the membrane module. The inlet and outlet
gas volume flow rates were measured by a digital bubble meter.
The liquid absorbent was pumped by a peristaltic pump (L/S®
Easy-load® II, Masterflex model 77201-62) from the feed tank
through a rotameter into the tube side of the hollow fibers. The
pressure gauges were used to indicate the inlet and outlet pres-
sures of the gas and liquid. When CO,/CH4 mixture was used as
the feed gas, Gas Chromatograph (6890 Hewlett Packard, TCD)
was used to analyze the inlet and outlet gases compositions.
Potassium hydrogen phthalate (KHP), which is a primary stan-
dard solution for titration, was used for the confirmation of the
absorbent concentration. All of the data were collected after the
experiment had been operated for 30 min to ensure the system
to reach the steady state. The results of each run were averaged
from five times of sampling.

The system and operating parameters, which influenced the
process performance, i.e., CO> concentration in the feed, NaOH
and MEA concentrations, the gas flow rate, the absorbent flow
rate, the absorbent’s temperature and NaCl concentration, were
varied based on the experimental design. In order to improve
the product gas quality, a 1M NaOH aqueous solution with
the presence of 1, 3, 5M NaCl in the absorbent were studied.
Either pure CO; or mixed gas flow rate were varied from 200 to
400 ml/min to investigate the effect of gas flow rate. The effect
of liquid absorbent temperatures was also studied by altering
the absorbent temperature from 30 to 50 °C. All of the experi-
ments were performed at the room temperature, therefore, the
gas phase temperature in this work was approximately 30 °C.

4. Results and discussion
4.1. Separation of CO> from CHy

The separation factor has been widely used to indicate the
efficiency of membrane gas separation processes [25,26]. Gener-
ally, in the gas—liquid membrane contacting system, the retentate
stream was the desired product since the CO» in the feed gas
diffused through the membrane pores and was absorbed in
the aqueous absorbent. Therefore, the retentate selectivity was
selected to describe the process efficiency, which can be calcu-
lated by the following equation:

Cchy.r/Cco, R

QR,CH4/CO, = (42 (5
Ccu,, 7/ Cco,.F

where oRr co,/cH, represents the retentate selectivity.

Cco,.r, Cco,,F» CcH, rand Cch, r  are the concentrations
of CO; in the retentate, CO, in the feed, CHy in retentate and
CHy in the feed, respectively.

In this work, the retentate selectivity was approximately
1.20 and 1.72 for using water and 1 M NaOH as absorbents,
respectively. These values were achieved under the following

experimental conditions: 2.3 and 0.07 m/s liquid and gas veloc-
ity, respectively, and 30 °C of the operating temperature. It was
found that the values of selectivity were quite low. From the
above equation, it can be found that the retentate selectivity
depends on the difference between the inlet and outlet gas con-
centrations which are influenced by the membrane area, and also
by other variables for example gas and liquid velocities, the type
of the absorbent used, and gas concentration. Since the experi-
ments were carried out in the lab-scale apparatus, the membrane
area was fairly low; consequently, the retentate selectivity was
also low. Recently, Teplyakov et al. reported that the recycle
membrane contactor system (RMCs) could offer high retentate
selectivity for CO,/CHy separation [19]. It may be a feasible
approach to be used in practical applications.

The percentage recovery (S) is another performance indicator
of gas separation processes. In the case of the retentate stream
being the product, the CH4 recovery can be calculated as follows:

_ OcH, R
OcH,.F

S x 100 6)
where Qch, r and Qcn, F are the CH4 flow rates in the retentate
and feed, respectively.

The concentration of CH4 and CO; were measured by the Gas
Chromatography. The CO2/CH4 mixture with a volume ratio of
20/80 at 200 ml/min total gas flow rate was used as feed gas.
The CH4 and CO; concentrations in the retentate stream were
83.2% and 16.8%, respectively, at 193.1 ml/min total gas flow
rate of retentate stream, for using water as the absorbent at 30 °C.
The liquid velocity was 2.57 m/s while the gas velocity used
was 0.07 m/s (200 ml/min). The CH4 recovery of every exper-
iment in this study was approximately 100%, which suggested
that no significant CHy loss took place during the process oper-
ation. However, the membrane modules used were relatively
small and the system may have undetected loss of CH4. Nev-
ertheless, this is one attractive benefit of using the gas-liquid
membrane contacting process for CO, removal from CO,/CHy
gas mixture. Due to the high recovery of CHy, the effects of
operating conditions on CHy flux cannot be presented. There-
fore, the efficiency of system was evaluated in terms of CO,
flux.

4.2. Effects of operating conditions on the CO> flux
(CO2/CHy4 mixture as the feed gas)

In this study, the CO, flux which was used to indicate the
process efficiency can be estimated by the following equation
[27]:

(Qr x Cco,Fr — Or X Cco, r) X 273.15 x 1000
224 x Ty x At

Jeo, = (N
where Jco, is the CO; flux. Cco,,rand Cco,,r are the CO;
concentrations in the feed and retentate streams, respectively.
Or and QR are the gas flow rates at the inlet and outlet of the
membrane module, respectively. T, is the gas temperature. At
is the mass transfer area.

Fig. 3 depicts the relationship between the CO, flux and the
liquid velocity for pure water and NaOH with different concen-
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Fig. 3. Effects of liquid velocity and NaOH concentration on CO; flux
(absorbent temperature: 30°C, gas flow rate: 200 ml/min, feed gas: 20/80
CO,/CHy).

trations as the absorbents. The amount of CO, absorbed into the
liquid phase was increased since the mass transfer coefficient
(k1) increased with the liquid velocity (see Eq. (2)). There are
many literatures that reported the same trend of the experimental
results [6,15,27]. It can also be seen that the use of a chemi-
cal absorbent improved the separation efficiency significantly
as CO; chemically reacted with OH™, leading to the increase of
mass transfer coefficient in the liquid phase (CO; concentration
difference between the gas and liquid phases increased). The
higher the NaOH concentration used, the higher the CO, flux
obtained. The CO; flux in the case of 1 M NaOH as the absorbent
was about six times higher than that using water as the absorbent.
Similar observations on the effect of absorbent concentration on
the mass transfer rate were reported in literatures [14,27]. Addi-
tionally, the figure also shows that the change in NaOH absorbent
velocity slightly influenced the CO» flux, thus, the system per-
formance using NaOH as absorbent was controlled by the gas
phase or the membrane. On the other hand, when water was
used as absorbent, the system exhibited a liquid phase control
mass transfer because the increase in water velocity significantly
affected the CO; flux.

Fig. 4 shows the effect of absorbent temperature on the CO,
flux, where NaOH aqueous solutions and water were still used as
the absorbent. Increasing the temperature of the NaOH absorbent
resulted in an increase of the CO, flux because of the increase of
chemical reaction rate between NaOH and CO,. These results
can be confirmed with the literature. Kucka et al. [28] studied the
reaction kinetics between CO; and hydroxide ion in the temper-
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Fig. 4. Effects of liquid velocity and absorbent temperature on CO, flux (liquid
velocity: 1.31 m/s, gas flow rate: 200 ml/min, feed gas: 20/80 CO,/CHy).
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Fig. 5. Effect of gas concentration on CO; flux (absorbent: water, absorbent
temperature: 30 °C, gas flow rate: 200 ml/min).

ature range from 20 to 50 °C. It was found that the reaction rate
constant increased with increasing temperature. Moreover, the
liquid absorbent viscosity decreased and the diffusion increased
with increasing liquid temperature, thus the mass transfer rate
was enhanced. Vazquez et al. [29] measured the viscosity of
NaOH aqueous solutions over the temperature range of 2540 °C
by employing a Shott-Gerite AVS 350 automatic Ubbelohde vis-
cometer. They found that the viscosity of 1 M NaOH at 25 °C was
0.9281 mPas and was 0.6817 mPas at 40 °C. In contrast, when
water was used as the absorbent, the CO, flux decreased with
increasing temperature due to the decrease of the gas solubility.
Versteeg and van Swaaji observed that the solubility of CO; in
water decreased with increasing temperature, for instance, the
solubility of CO; in water was 0.815 mol/mol at 25 °C and was
0.648 mol/mol at 35 °C [30]. The increase in liquid absorbent
temperature also decreased CHy solubility. Therefore, the sys-
tem operated by using NaOH with a high temperature as the
absorbent will take an advantage of increasing CO, flux and
reducing the CHy4 loss.

In practice, CO; is present over a wide range of concentration
in the gas stream mixed with CH4. CO; content is 5-30% for
crude natural gas, and is around 40-50% for biogas [21,31]. In
order to confirm the versatility of the membrane contactor, the
effect of CO, concentration in the feed gas on the CO;, flux
was also studied using pure water as absorbent and the result is
shown in Fig. 5. The increase in gas concentration resulted in an
increase of the CO; flux, as the increase in CO; concentration
led to the enhancement of the driving force of the system. In
addition, the increase of CO, concentration in the feed stream
also influenced the removal efficiency and the results are shown
in Fig. 6. It can be seen that the CO; removal efficiency increased
with increasing CO; concentration also because of the increase
of the driving force. The CO, removal efficiency was determined
by the following equation:

C — C
n= <QF x Cco,,F — Or X COz,R> « 100
Or x Cco,,F

®)

where 7 represents the removal efficiency, Cco, Fand Cco, R
are the CO; concentrations in the feed and retentate streams,
respectively. Or and QR are the gas flow rates at the inlet and
outlet of membrane module, respectively.

Fig. 7 illustrates the variation of the CO; flux as a function
of the liquid velocity at different gas flow rates for pure CO,
and CO,/CHy4 mixture. For water—pure CO» system, change in
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Fig. 6. Effect of CO; concentration in the feed stream on separating efficiency
(absorbent: water, absorbent temperature: 30 °C, liquid velocity: 2.5 m/s, gas
flow rate: 200 ml/min).

CO; flux was negligible as the gas velocity was increased. The
main mass transfer resistance of pure CO,—water system was
in the liquid phase. Thus, the increase in gas velocity did not
affect the CO; flux much. This agreed with the results presented
by Wang et al. [15]. For water—CO,/CH4 mixture system, the
CO, flux decreased as the gas flow rate increased because of
the decrease in contact time between the gas and liquid phases.
Yan et al. [27] reported the effect of gas flow rate on the CO,
flux using potassium glycinate (PG) and monoethanolamine
(MEA) as absorbents. They found that increase of gas veloc-
ity led to enhancement of the CO, mass transfer. This result
contrasts with our finding because reactive absorbents (chem-
ical absorption) were used in their work. Conversely, when
the water (physical absorption) was used as absorbent, the
CO; mass transfer was limited by the gas solubility in the
liquid.

4.3. Effect of NaCl addition into the NaOH absorbent

The gas—liquid membrane contacting processes were nor-
mally operated by passing the absorbent solution and the feed gas
on the opposite sides of the microporous membrane. Therefore,
water vapors in the liquid phase were able to diffuse through
the membrane pores due to the vapor pressure difference. To
improve the quality of product gas and to increase CH4 recov-
ery, the addition of NaCl salt into the absorbent was studied. The
influence of NaCl presence on a 1 M NaOH aqueous solution on
the CO; flux and the percentage of relative humidity of the out-
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Fig. 7. Effect of gas flow rate on CO, flux at different liquid velocities (water
temperature: 30 °C, feed gas: 20/80 CO,/CH4 and pure CO3).
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Fig. 8. Effects of NaCl addition on 1 M NaOH absorbent on CO; flux and outlet
gas humidity (absorbent temperature: 40 °C, gas flow rate: 200 ml/min, feed gas:
20/80 CO,/CHy).

let gas are shown in Fig. 8. It can be seen that the increase in
NaCl concentration resulted in the reduction of the gas humid-
ity, as NaCl addition led to a decrease of water activity. Chenlo
et al. [32] reported the value of water activity for pure water at
25°C was 1.000 and it became 0.807 for a S M NaCl solution.
In present work, the percentage of the gas humidity decreased
around 3% when 5 M NaCl salt was added into the absorbent
solution.

However, the presence of the salt in the solution also
decreased the CO; flux as a result of salting out effect. From
the calculation based on Eq. (3) (see also [23] and Appendix
A), the Henry’s constant for water with CO; decreased from
3.36 x 107" moldm3Pa~! (no NaCl) to 6.36 x 10~8 mol
dm—3Pa~! (with 5M NaCl). For water with CHy, the Henry’s
constant decreased from 1.38 x 1078 mol dm—3 Pa~! (no NaCl)
to 1.53 x 10" moldm—3Pa~! (with 5M NaCl). Obviously,
the CHy recovery was also improved though CO; flux was
decreased. Additionally, it was expected that as the NaCl
salt concentration was increased, the solution viscosity would
increase. The increase of absorbent solution viscosity directly
influenced the decrease of gas diffusivity in the liquid. There-
fore, the liquid phase mass transfer coefficient and molar flux of
CO; and CH4 decreased with increasing salt concentration due
to the decrease of diffusivity (see also Eq. (2)). This is another
reason to support that the CHy recovery would increase as the
NaCl concentration increased.

It seems there existed a compromise to reduce the gas humid-
ity, increase CHy recovery and to achieve a high CO, absorption
flux by adding NaCl into the absorbent. Thus, in the case of fairly
high operating temperature under which CHy loss was negligi-
ble, the use of NaCl to decrease gas humidity and increase CHy
recovery may not be effective because of the sizeable reduction
of CO; flux. Conversely, if the process was applied at a low
temperature, the CH4 loss may become a considerable problem.
The addition of NaCl into the absorbent may be one option to
be considered.

4.4. Effects of flowing pattern and module packing density
on CO; absorption performance

Fig. 9 shows the CO; flux under different flowing patterns,
i.e., the gas and liquid flowed co-currently and counter-currently.
It was found that a higher CO; flux was achieved in the counter-
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Fig. 9. Comparison of the CO; flux at different flow patterns of operation (water
temperature: 30 °C, gas flow rate: 200 ml/min, feed gas: 20/80 CO,/CHy).

current mode than that in the co-current mode of operation. This
was because the counter-current flow provided a higher log mean
concentration difference (driving force). Similar results were
reported in the literature [17].

The membrane module packing density (¢) is defined as:

do \*
¢ = Nfibers X <D1> 9)

where ngpers 1S number of fibers, d, and D; are the outside
diameter of fiber and inner diameter of module, respectively.

The effect of the module packing density on the CO; flux is
shown in Fig. 10. The experiments were carried out using pure
CO5, as the feed gas and pure water as the absorbent to avoid any
error arising from the analysis of the gas and chemical absorbent
concentrations. It was found that the CO, flux increased with
an increasing in packing density. This may be due to the fact
that the increase in the module packing density led to the fiber
turning into more ordered and the effect of preferential flow
becoming less. Similar experimental results were also reported
in the literature [33]. This result would possibly be useful for
the design of large-scale hollow fiber membrane modules for
similar applications.

4.5. Long-term performance of PVDF membrane
contactors using different absorbents

Fig. 11 shows the CO; flux using pure water, 2M NaOH
or 2M MEA aqueous solutions as the liquid absorbents. Pure
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Fig. 10. Effect of membrane packing density on CO, flux (pure CO,—water
system, water temperature: 30 °C, gas flow rate: 200 ml/min).
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Fig. 11. CO;, flux using 2M MEA, 2M NaOH and water as the absorbents
(absorbent temperature: 30 °C, gas flow rate: 200 ml/min).

CO;, was used as the feed gas. It is well understood that
the physical absorption (water as the absorbent) suffers the
lower separation efficiency than chemical absorption (reac-
tive absorbents of NaOH and MEA). In the case of chemical
absorptions, a higher CO, flux was achieved using NaOH
than MEA with the same concentration. This result can be
explained by the fact that the reaction rate constant of CO;
and OH™ was higher than that of CO, and MEA, as reported
by many researchers. For example, Kucka et al. [28] reported
that the reaction rate constant between CO; and hydrox-
ide ions (OH™) at 30°C was 11,000 m? kmol~'s~!, while
the reaction rate constant of CO, and MEA at 30°C was
approximately 7740 m3 kmol~!s~! as reported by Seda et al.
[34]. Moreover, based on Gong et al.’s calculation [35], the
reaction rate constant for the pair of CO, and OH™ was
12,037.73 m3 kmol ! s~! and was 8983 m3 kmol~! s~! for CO,
and MEA at 30°C.

The comparison of CO, flux in the long-term test by using
pure water, NaOH and MEA as the absorbents were also carried
out. The experimental results are shown in Fig. 12. The CO,
flux seemed to maintain constant through 15 days of testing
when pure water was used as the absorbent. Similar result was
reported by the pervious work [36]. The CO, flux of 2M NaOH
used as absorbent reduced approximately 15% in the initial 3
days of operation and then the flux almost did not change. It can
also be found that, when using 2 M MEA as the absorbent, the
CO, flux continuously decreased about 43% of the initial flux

5.00E-03
- E m pureCO2-2M NaOH
a 4.00E-03 | A pureCO2-2M MEA
”E F @ pureCO2-water
= 3.00E-03[ ™
2 F T —.— - - _ o
— [ A
£ 2.00E-03 [
= [
N [ A
8 LOOE-03[ 2o = o = . & . .
0.00E+00 L L L L L L L L )
0 2 4 6 8 10 12 14 16

operation time (day)

Fig. 12. Long-term performance of the membrane contactor using water, 2 M
MEA and 2 M NaOH solutions as the absorbents (absorbent temperature: 30 °C,
absorbent velocity: 1.15 m/s, gas flow rate: 200 ml/min).
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Fig. 13. Wilson plot of PVDF hollow fiber membrane (pure CO,—water system,
water temperature: 30 °C, gas flow rate: 200 ml/min).

during 15 days of operation. The decrease in the CO; flux came
from the increase of the total mass transfer resistance. Since
the system was operated at the same conditions, obviously, the
membrane contributed to the increased portion according to the
resistance-in-series model. This result revealed that the PVDF
microporous membrane was wetted by the 2M MEA aqueous
solution. A little wetting of the membrane occurred in the initial
short time of operation using the 2M NaOH solution as the
absorbent.

Moreover, according to Eq. (4), the contact angle (6) and
surface tension (o) can also be used to assess the possibility of
membrane wetting. The contact angles between PVDF mem-
brane and water, 2M NaOH, 2M MEA were 100°, 90°, 82°,
respectively (measured by FACE, Contact angle meter, model
CA-A, Kyowa Interface Science Co., Ltd.). The surface ten-
sion at 28.5°C of water, 2M NaOH, 2M MEA were 71.3,
62.1, 67.3mNm~!, respectively (measured by ring C mode,
Digital tensiometer K9, KRUSS). Referring to the above data
and Eq. (4), the penetration pressure of PVDF membrane with
water, NaOH solution, and MEA solution were 0.124, 0, and
—0.094 MPa, respectively. It can be seen that the possibility
of MEA wetting the PVDF membrane was higher than using
NaOH and water as the absorbents. It was thus not surprising to
see that the PVDF membrane was wetted by 2 M MEA aqueous
solutions in present study.

It suggested that NaOH was more suitable as an absorbent to
the PVDF microprous hollow fiber contactor as it yielded a high
and constant flux throughout the long period of operation.

4.6. Membrane mass-transfer resistance

The important downside of operating the gas—liquid mem-
brane contactor when compared with the conventional processes
is the addition of an extra mass-transfer resistance caused by the
membrane. Therefore, the quantitative analysis of the membrane
resistance was performed in order to gain a better understanding
of the effect of membrane mass-transfer resistance on the sys-
tem performance. In this work, Wilson plot method was used to
determine the value of membrane mass-transfer resistance and
the details of the method were explained in the previous work
[36]. Fig. 13 depicts the Wilson plot of 1/K versus V~933 for
the water—pure CO; system. The power of liquid velocity, 0.33,

was achieved from the Lévéque’s correlation as water was fed
into the tube side of the fibers for providing a best straight line
of the Wilson plot:

= 18087V 933 1 8082, R* =0.9798 (10)

1

Ko]

Based on the above equation, the membrane mass-transfer
coefficient can be obtained via the interception of the equation.
The membrane resistance of the PVDF membrane was around
22% of the total resistances at the 0.25 m/s liquid velocity. This
result of the membrane resistance was in line comparing with
the previous work [36].

5. Conclusions

The potential of the gas—liquid membrane contacting pro-
cess for CO,/CHy separation was evaluated via a series of
experimental study in combination with mass transfer analy-
sis. It was found that the CHy4 recovery from the CO,/CH4
mixture was approximately 100% in the membrane contac-
tor though the retentate selectivity obtained in this work was
not satisfactory because of the small membrane module used.
The CO; flux was almost maintained the same with increas-
ing NaOH velocity and was significantly enhanced when water
velocity was increased. The CO, flux was six times higher
using a 1 M NaOH aqueous solution than using pure water as
the absorbent. The increase in NaOH temperature resulted in
an increase of the CO; flux because the mass transfer coef-
ficient in the liquid phase was enhanced. Conversely, when
water was used as absorbent, the CO; flux decreased with
increasing the temperature due to the decrease of CO, solubil-
ity. The addition of NaCl into the 1 M NaOH solution reduced
the outlet gas humidity and increased CHy4 recovery, but the
CO; flux was reduced. The increase in CO;, concentration in
the feed gas stream enhanced the CO; flux as the driving
force of the system was increased. The CO; removal efficiency
also increased with increasing CO; concentration in the feed
stream.

In this work, the feed gas stream was fed into the shell
side of membrane module. Counter-current flow mode of oper-
ation can take the advantage of higher mass transfer over
co-current flow mode and the CO, flux increased with increas-
ing membrane module packing density. Long-term performance
tests using pure water, 2M NaOH and 2M MEA solutions
as the absorbents show that the NaOH solution was more
suitable than other absorbents to be applied to the PVDF micro-
porous hollow fiber contactors because the NaOH aqueous
solution can provide a higher separation performance and the
CO; flux was kept almost unchanged over 15 days of opera-
tion.
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Appendix A. Calculation example of gas solubility in
the salt solution [23]

In order to calculate the CO; solubility at 25 °C for the solu-
tion including 1 M NaOH and 5 M NaCl, the following equations
were applied:

hG = hG.o + hi(T — 298.15K) (A1)

where hg, hgo and ht are gas specific parameter, gas specific
parameter at 298.15 K, and gas specific parameter for the tem-
perature effect, respectively. T is the temperature.

For CO», hgp is —0.0172m3 kmol~! and At is —0.338 x
1073 m3 kmol ! K_l, therefore,

hg = —0.0172 — 0.338 x 1073(298.15 — 298.15) = —0.0172

The gas solubility in salt solution can be calculated as follows

C
log (f;) = (hi+ )i

where cG 0 and cg denote the gas solubility in pure water and in
a salt solution, respectively, and c; is the molar concentration of
the salt. A; is ion-specific parameter.

For NaOH and NaCl aqueous solution, 4; are 0.1143, 0.0839,
and 0.0318 for Na*, OH™, and Cl~, respectively.

(CG’0>
log [ —
cG

(A.2)

6(0.1143 — 0.0172) (Na*)

+ 1(0.0839 — 0.0172) (OH")
+ 5(0.0318 — 0.0172) (CI7)
= 0.7723

As the CO, solubility in pure water is 3.36 x 10~/ mol
dm~3Pa~!, the CO; solubility with the presence of salt is
6.36 x 1078 moldm =3 Pa~".

Nomenclature

At mass-transfer area based on inside surface area of
gas—liquid contact (m?)

cG gas solubility in salt solution (mol mol~!)

€G.,0 gas solubility in pure water (mol mol~")

¢ concentration of ion (kmol m~—3)

Cs concentration of the salt (mol dm—3)

Cco,,r concentration of carbon dioxide in feed stream

(molmol~1)
Cco, r concentration of carbon dioxide in retentate
stream (mol mol 1)
concentration of methane
(mol mol 1)
Cch,r concentration of methane in retentate stream
(molmol~1)

in feed stream

d; inside diameter of membrane (m)
din logarithmic mean diameter of membrane (m)
do outside diameter of membrane (m)

D diffusion coefficient of carbon dioxide in the lig-
uid phase (m%s™1)

D; inner diameter of module (m)

hi ion-specific parameter (m® kmol~!)

hg gas specific parameter (m> kmol ')

hgo  gas specific parameter at 298.15 K (m? kmol~!)

ht gas specific parameter for the temperature effect
(m3 kmol ! K1)

H Henry’s constant

Jco, CO; flux (mol m~—2 s’l)

ky individual mass transfer coefficient of liquid
phase (ms™ )

km individual mass transfer coefficient of membrane
(ms~1)

kg individual mass transfer coefficient of gas phase
(ms™h

K Sechenov constant

Ky overall mass transfer coefficient (ms~1)

L effective length of the membrane module (m)

Nfivers Number of fibers

AP penetration pressure (Pa)

QcH,,r methane flow rate in feed stream (m3s™1)
QcH,,r methane flow rate in retentate stream (m3s™1)

Or total gas flow rate in feed stream (m3 s7h

Or total gas flow rate in retentate stream m3sh
Tp membrane pore radius (m)

S percentage recovery

Sh Sherwood number

T, gas temperature (K)

Vv velocity (ms™1)

Greek letters
QR,CH,/CO, retentate selectivity

¢ membrane module packing density
n removal efficiency

0 contact angle (°)

o surface tension (mNm~1)
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Abstract

A crossflow bench-scale test cell was used to investigate factors (i.e. NOM concentration, ionic strength, and solution pH) affecting natural
organic matter (NOM) rejection and flux decline during nanofiltration (NF). Experimental results revealed that increased NOM concentration
increased permeate flux decline, salt rejection, and NOM rejection, enhancing NOM accumulation on membrane surface. At high concentration of
NOM, permeate flux curve corresponded to cake formation model. Increased ionic strength from 0.004 M to 0.1 M illustrated higher flux decline,
possibly as a result of increasing osmotic pressure from higher concentration of salt. Solutions possessing high ionic strength (0.05 M) showed
greater flux decline and NOM rejection than those having low ionic strength (0.01 M). Increased solution pH from 4 to 10 exhibited greater flux
decline, caused by increasing salt rejection and enhancing salt concentration on membrane surface.

© 2007 Elsevier B.V. All rights reserved.
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1. Introduction

Natural organic matter (NOM) is naturally occurring and
widely distributed throughout all aquatic environments con-
taining in surface water [1]. NOM components consist of a
heterogeneous mixture of complex organic materials, includ-
ing humic substances (humic and fulvic acids), low molecular
weight (hydrophilic) acids, proteins, carbohydrates, carboxylic
acids, amino acids, and hydrocarbons [2]. Aquatic humic sub-
stances are colored, polyelectrolytic, organic acids isolated
from water on XAD resins, nonvolatile and range in molec-
ular weight from 500 to 5000 [1]. They play an important
role as a precursor of disinfection by-products (DBPs) during
chlorination process of water treatment [3]. The DBPs, e.g. tri-
halomethanes (THMs) and haloacetic acids (HAAs), possibly
deteriorate human health due to their carcinogenic characters.
Thus, a minimization of NOM as DBP-precursor is an alterna-
tive method to reduce potential adverse effects of the DBPs. Of
particular interest is the use of nanofiltration (NF) membranes
to control the formation of disinfection by-products (DBPs) by

* Corresponding author. Tel.: +66 2326 4111x6245; fax: +66 2326 4415.
E-mail addresses: kjchalor@kmitl.ac.th (C. Jarusutthirak),
mattas @ubu.ac.th (S. Mattaraj), ratana.jir@kmutt.ac.th (R. Jiraratananon).

1383-5866/$ — see front matter © 2007 Elsevier B.V. All rights reserved.
doi:10.1016/j.seppur.2007.07.010

removing precursors, including dissolved natural organic mat-
ter (NOM). It has been reported that NF membrane is found
to be effective in removal of NOM from surface water [4-7].
Typically, NF membrane has a molecular weight cutoff between
300 and 1000, while NF membrane operates at low pressure in
the range of 344.6-1034 kPa (50-150psi). Crossflow nanofil-
tration was investigated to reduce NOM fouling on membrane
surface. Typical crossflow velocities in spiral-wound elements
with mesh spacers range from 0.05ms™! to 1.5ms~! [8], sim-
ilar to full-scale membrane operation. Membrane fouling can
decrease permeate flux due to adsorption/deposition of solute on
the membrane, accumulation of solute near the membrane sur-
face, and gradual non-recoverable changes in cake formation.
The main mechanisms of NOM fouling by NF membrane are
described by size exclusion and electrostatic effects. However,
the rejected NOM accumulation on membrane surface and/or in
the membrane pores, causes membrane fouling, thus enhancing
high operation and maintenance cost associated with mem-
brane cleaning and replacement. Several investigators explained
influencing factors causing membrane fouling, e.g. NOM con-
centration, feed water characteristics, inorganic scalants, and
membrane properties [5-7,9].

The objectives of this study are to investigate factors (i.e.
different NOM concentrations, ionic strength, and solution
pH) affecting crossflow nanofiltration performances in natural
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Nomenclature

Am membrane area (m?)

Cpuik  bulk concentration (mg L1

Jy permeate flux (L m~2h~! or LMH)

Jo initial permeate flux (L m~2h~! or LMH)

J* permeate flux associated with the back-transport
mass transfer (Lm~2h~! or LMH)

k rate constant or fouling coefficient

ka kinetic rate constant for the pore blockage model
(™

ks kinetic rate constant for the pore constriction
model (m~%3 h=03)

kc kinetic rate constant for the intermediate blocking
model (m~1)

kp kinetic rate constant for the cake formation model
(hm™?)

n dimensionless filtration constant

no initial number of pores

P operating pressure in feed (kPa)

Py operating pressure in permeate (kPa)

P, operating pressure in retentate (kPa)

R the resistance of the polarization and cake (m™')

Rinom  feed rejection of NOM

Res feed rejection of salt

R resistance due to membrane

RrNoMm retentate rejection of NOM

R retentate rejection of salt

70 initial pore radius of membrane (m)

t operating period (min)

Greek letters

aplock  pore blockage efficiency

Olcake specific resistance of cake layer (m mg_l)

Cpore standard pore block efficiency

8¢ depth of the particle cake (m)

Sm membrane thickness (m)

Am osmotic pressure (=7, — 7p) (kPa)

o osmotic reflection coefficient

organic matter rejection and flux decline. A field reverse osmosis
was used to separate organic matter from natural water source
and further set up as a feed solution for NF experiments. A
crossflow bench-scale test cell was used to determine NF per-
formances during filtration experiments. Mathematical models
were used to interpret membrane performances of NF mem-
brane. Finally, an integrated understanding of NOM rejection
and membrane fouling during NF membrane leads to efficient
operations of NF processes.

2. Theoretical basis

Mathematical models have been illustrated to explain per-
meate flux decline in the dead-end operation during filtration

[10-12]. The mathematical models can be shown as follows

dJy
dt

where k is a rate constant or fouling coefficient and 7 is the
dimensionless filtration constant: (1) cake formation model cor-
responds to n=0, (2) intermediate blocking model corresponds
to n=1, (3) pore constriction or standard blocking model corre-
sponds to n=1.5, and (4) complete pore blocking corresponds
ton=2.0.

For a crossflow membrane system, the additional term (J*) is
included in the mathematical fouling models expressed by Field
et al. [12]. The mathematical models can be illustrated in the
following equations [6]:

= —kJy(Jy)* " (1)

e Type I. Pore blocking model (or complete pore blocking
model):

The rate of change in the number of open pores is assumed
to be proportional to the rate of particle convection to the
membrane surface:
dfy _ aplockAmChulk Jo

TR — (Jy=JI =—ka(Jy=J ()

where apjock 1S the pore blockage efficiency, Ay, the mem-
brane area (mz), Coulk the bulk concentration (mg L, J,
the permeate flux (L m~2h1), Jy the initial permeate flux
(Lm~2h~1), J* the permeate flux associated with the back-
transport mass transfer (Lm~2h~!), ¢ the operating period
(min), ng the initial number of pores, and kp is the kinetic
rate constant for the pore blockage model (min~!).

e Type II. Pore constriction model (or standard blocking
model):

The rate of change in the pore volume is assumed to relate

to the rate of particle convection to the membrane surface:

Ay Qopore AmCoutcJ0)™ 105 U — T
e 73 8m Vo

= —kpJO3(Jy — J¥) 3)

where apore is the standard pore block efficiency, 6, the mem-
brane thickness (m), ro the initial pore radius of membrane
(m), and kp is the kinetic rate constant for the pore constriction
model (LMH %3 min~! or m~%2 min—9?).
e Type III. Intermediate blocking model:

The rate of change in the cake thickness (limit on the mem-
brane surface) is assumed to relate with the rate of particle
convection to the membrane surface:

dJy Qcake Re
— = AnCouxIy(Jy — J*
dr (Rm + Ro)5e m Couik Jv(Jy )
= _kCJv(Jv - J*) (4)

where §. is the depth of the particle cake (m), otcake the specific
resistance of cake layer (m mg_l), R, is the resistance due
to membrane, R, the resistance of the polarization and cake
(m~1), and kc is the kinetic rate constant for the intermediate
blocking model (LMH ™! min~! or m™1).
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e Type IV. Cake formation model:
The hydraulic resistance caused by the particle cake is
assumed to be proportional to the cake mass, mcyxe:

dJy _ _Olcakecbulk

= J2(Jy — T = —kpJ>(Jy — J* 5
dt RmJO V(V ) Dv(V ) ()

where o is the specific resistance of cake layer (mmg™')
and kp is the kinetic rate constant for the cake formation model
(LMH 2 min~! or minm~2).

3. Experimental
3.1. Natural water

Natural water was taken from water reservoir at Ubon
Ratchathani’s University (UBU), Thailand, which served as
water supply in UBU community. Natural water consists of
total organic carbon (TOC) and UV54 4y, at about 4.54 mg L!
and 0.185cm™!, respectively. Specific ultraviolet absorbance
(SUVA), determined by the ratio between UVos4nm and
TOC, was approximately 4.07 Lmg~! m~!. The natural water
used was softwater as its low conductivity and hardness
(31.9uScm™! (at 25°C) and 15.4mgL~" as CaCO3, respec-
tively).

3.2. Natural organic matter

Natural organic matter (NOM) was isolated using a field
reverse osmosis (RO) system. The procedure was recently
studied by Kilduff et al. [13]. This RO was a polyamide
thin-film composite (TFC) RO membrane (model AG4040F-
spiral-wound crossflow, GE Osmonics Inc., USA), which
provides high performance for concentrating NOM. Field RO
system consists of pretreatment (i.e. sand filtration, 5-pwm
polypropylene (PP) and 1-pm PP cartridge prefilter in series
with a sodium-form cation exchange softener) to remove mul-
tivalent cations (Ca** and Mg?*), and followed by 1-wm and
0.45-pm PP cartridge filters. The pretreated water was subse-
quently transferred to a 150-L stainless steel drum as a sample
reservoir. The pretreated water was then pumped by a transfer
pump (model PL-95 M, Bomba-Elias, Bacelona, Spain) through

@ Pressure guage |10 -um filter[]

Reservoir

Piston pump

Concentrate flow

Back-pressure valve

the RO system while a high-pressure stainless steel multi-stage
vertical centrifugal pump (Model CRN3-25, GRUNDFOS), was
used to isolate NOM from the pretreated water. A back pressure
valve was used to adjust the operating pressures ranging from
554.9kPa to 1413 kPa (80.5-205 psi). The pretreated water was
used about 1000 L while the concentrated water was collected
with a concentration of factor about 28-30. The final concen-
trated NOM solution in the sample reservoir was collected after
system cleaning and kept in a refrigerator (4 °C) to minimize
microbial activity.

3.3. Nanofiltration membrane

Thin-film polysulfone nanofiltration membrane, obtained
from GE Osmonics, Inc., was used to investigate NF perfor-
mance on membrane surface. This membrane model is the
HL 2540F1072 (series 7933937). According to the manufac-
turer’s information, the membrane has a molecular weight cutoff
(MWCO) of 150-300 Da, determined with glucose and sucrose
compounds. The operating pH was in the range of 3.0-9.0
while the cleaning pH was in the range of 1.0-10.0. Low chlo-
rine resistance was about 0.1 ppm. The maximum operating
temperature was about 50 °C. The nanofiltration sheets were
stored in 1% NayS,05 and kept in 4 °C to minimize bacterial
activity.

3.4. Crossflow nanofiltration experiment using crossflow
bench-scale test cell

Fig. 1 shows the schematic diagram of bench-scale cross-
flow nanofiltration experimental set-up with recycle loop. The
system consists of a stainless steel test cell (SEPA, Osmon-
ics) that houses a single membrane sheet of 0.014m? with
a maximum operating pressure of 1000 psi. A high-pressure
stainless steel piston feed pump (30mLmin~! @ 3000 psi,
Eldex, Model CC-100-S-4, Napa, CA, USA) was used for mem-
brane operating pressures while a high capacity booster recycle
pump (Gear pump, Model 75211-35, Cole-Parmer Instrument,
Co., Vernon Hills, IL, USA) was used to adjust a high cross-
flow velocity in the recycle loop. Hydraulic hand pump was
used to hold the system pressure at the top of bench-scale test

Pressurized membrane
by hydraulic hand pump

Membrane
Test Cell

Concentrate line

l Permeate flow
[

Fig. 1. Bench-scale crossflow nanofiltration experimental set-up.
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cell. Mesh feed spacer was used to create hydrodynamic flow
conditions similar to that employed in full-scale spiral-wound
elements. Inlet temperature was approximately 25 °C and kept
constant throughout filtration experiments. Recovery was oper-
ated at 85% during filtration experiments, and crossflow velocity
of 0.1ms~! (similar to that of full-scale membrane) corre-
sponding to a flowrate of 530 mL min~! in the recycle loop

[8].
3.5. Filtration experiments

Filtration procedure was basically followed with Jarusutthi-
rak et al. [6]. Membrane NF sheets were rinsed with cleaned
DI water and then transferred to the bench-scale test cell. The
membrane sheets were then cleaned with citric acid solution of
pH 3-4, and followed with sodium hydroxide solution of pH
10 for 30 min each. Cleaned water flux was determined with
a function of transmembrane pressure. Cleaned DI water was
subsequently tested for 30-min membrane compaction with an
initial water flux of 45LMH (Lm~2h~!). Cleaned water flux
was subsequently determined with increased operating pressure
before NOM solution was used with the system. Feed NOM
solutions were prepared for each tested condition. Prior to NOM
filtration, a 200-300 mL NOM solution was initially used to
flush the bench-scale system. NOM solution was then filtered
through the NF membrane. The piston feed pump was subse-
quently adjusted in order to achieve an initial permeate flux
of 45LMH with 85% recovery. The transmembrane pressure
was recorded and kept constant during filtration experiment.
Permeate and retentate flow was periodically measured using
analytical balance (Model BL-2200H, Shimadzu, Japan) in order
to calculate permeate flux and recovery throughout filtration
experiments. Permeate and retentate samples were conducted
to determine NOM and conductivity rejection. After filtration
was terminated, two steps of cleaning, i.e. hydrodynamic clean-
ing followed by chemical cleaning, were performed; First, for
hydrodynamic cleaning, DI water was recirculated in the recycle
loop for 30 min with a crossflow velocity of 0.25ms ™!, which
was higher than that during operation. For chemical cleaning,
alkaline solution (using NaOH) with pH of 10, was first used
to recirculate in the system, and followed with acidic solution
(using HCI) with pH of 3 at a crossflow velocity of 0.25ms ™!
for 30 min each. After each cleaning, water fluxes at differ-
ent operating pressures were measured to determine water flux
recovery.

Table 1
Model parameters from mathematical models on different NOM concentrations
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Fig. 2. Influence of NOM concentrations on permeate flux.

4. Results and discussion

4.1. Influence of NOM concentration on NOM rejection
and flux decline

Fig. 2 shows the influence of NOM concentration on per-
meate flux. NOM concentrations were varied from 0mgL~! to
25mgL~! with constant solution pH of 7 and ionic strength
of 0.01 M NaCl (1170 p.S cm~! at 25°C). Dot points were the
experimental data while solid lines were fitted well with foul-
ing mathematical models. Table 1 shows the model parameters
obtained from mathematical models on different NOM concen-
trations.

It was observed that as NOM concentrations increased from
O0mgL~! to 25mgL~!, permeate flux decline became more
significant. Normalized permeate flux (#=8h) decreased from
0.85 to 0.61 as NOM concentration increased from O mgL~!
to 25mgL~!. In the absence of NOM, permeate flux decreased
during filtration experiment as a result of increased osmotic pres-
sure from salt concentration (i.e. ionic strength of 0.01 M NaCl).
This can be explained by the following equation:

1%

m

Jy = Ly,(AP — oAm) = (6)
where AP is the average transmembrane pressure ((Pg+ Pr)/
2 — Pp) (kPa), L, the membrane permeability (L m~2h~!kPa~!
or LMH kPa™!), o the osmotic reflection coefficient
(=(1 = Cp)/Crn), A the osmotic pressure (=, — 1) (kPa), and
Ap is the effective membrane area (m?).

Concentration ~ Model parameter
(mgL~") ; — ; :

Pore blocking Pore constriction Intermediate Cake formation

ka (™) J*(@LMH) SSE kg (m%*h70%) J¥*(LMH) SSE  kc(m™!) J*(@LMH) SSE  kp(hm~2) J*(LMH) SSE
5 0.294 354 2.803 1.205 343 2359 6 343 2615 114 32.7 2.785
10 0.246 323 531  0.968 30.2 5756 4.5 29.5 5.41 108 29 5.474
15 0.309 29.7 1.816 1.275 27.8 1.761 5.88 26.8 1.635 1674 27.4 5.356
25 0.397 28.1 17.707 1.729 26.6 18.426 8.7 26.3 16.355 2214 25.6 15.186
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Fig. 3. NOM concentration in retentate during NF operation at different initial
concentrations of NOM.

From Eq. (6), at a constant operating pressure, the increase
of osmotic pressure by NaCl could decrease permeate flux. In
addition, it was reported that the flux decline of solutions hav-
ing NaCl alone was caused by an increased osmotic effect, while
increasing flux decline of feed solution containing both salt and
NOM resulted from a combination of resistance from an NOM
deposition and an increasing osmotic effect [5]. The increase
of NOM concentration caused higher flux decline. At NOM
concentration of 25 mg L™!, permeate flux showed the greatest
flux reduction. According to membrane fouling model, increased
NOM concentrations from 5 mg L~! to 25 mg L~! changed foul-
ing mechanisms from pore blocking/pore constriction model
(at low NOM concentration) to cake formation model (at high
NOM concentration). Model parameters, permeate flux associ-
ated with the back-transport mass transfer (/*) and kinetic rate
constants, were obtained from minimizing sum squared error
(SSE) between experimental data and mathematical models. The
overall model parameters were tabulated in Table 1. Solutions
having high NOM concentration decreased permeate flux dur-
ing filtration. This was caused by increased NOM accumulation,
suggesting increased cake formation on the membrane surface.

Fig. 3 exhibits the increasing NOM concentration introduced
to membrane during the filtration processes while the process
performances of NF membrane, in terms of NOM rejection, at
different NOM concentrations were tabulated in Table 2. The
equation was used to calculate steady-state retentate concentra-
tion for NOM (Cgs,nom) and salt (Cgs s) based on overall mass

Table 2
Process performance of NF membrane caused by NOM concentration

Parameters NOM concentration (mgL~!)
0 5 10 15 25

CpNom (mgL~1h) - 1.08 1.93 3.2 2.9
Cssnom (mgL™h) - 21.2 455 79.06 122.1
Cp,s (molL™1) 0.011  0.0105 0.0104 0.0103 0.0102
Cs.s (mol L™1) 0.014  0.01426  0.01392  0.0138 0.0142
ReNowm (%) - 75.3 78.5 717 88.4
ReNoMm (%) - 94.9 95.8 95.9 97.6
Res (%) (salt) 3.51 43 5.4 4.6 5.7
Res (%) (salt) 21.4 26.3 253 254 28.2

balance reported by Kilduff et al. [5]. At 25-mgL~! NOM, the
feed rejection (R nom ) and retentate rejection of NOM (Ry.nom)
exhibited the highest value about 88.4% and 97.6%, respectively.
It was evident that increased NOM concentration increased feed
rejection of NOM from 75.3% to 88.4% while NOM rejections
based on retentate were relatively high from 94.9% to 97.6%.
At 25-mgL~! NOM concentration, the average feed rejection
shows the highest NOM rejection, indicating an increased NOM
accumulation on the membrane surface. In addition, permeate
flux curve corresponded with cake formation model, suggesting
increased NOM mass deposited on the membrane surface. The
steady-state NOM concentration of 25-mgL~! NOM concen-
tration was approximately 122.1 mg L~!. With increased NOM
concentration from OmgL~! to 25mgL~!, the rejections of
salt in the feed and retentate line increased in the range of
3.51-5.7% and 21.4-28.2%, respectively. This indicated a rel-
atively low rejection of salt concentration when compared with
an aromatic polyamide thin-film composite membrane (NF-70,
Dow-FilmTec, Minneapolis, MN) at the same condition studied
by Kilduff et al. [5]. They reported that the feed salt rejection
ranged from 46.3% to 72.7% with an increased NOM concen-
tration from OmgL~! to 25mgL~!. They also indicated an
increased with osmotic effect due to the presence of NOM, thus
increased salt rejection by the result of electrostatic repulsion
between Cl~ ions and charged functional groups on the NOM
molecules. However, in the absence of NOM, the salt rejection
can be caused by electrostatic repulsion between Cl~ ions and
negatively charged NF membrane. This may affect NF mem-
brane pores while the results were confirmed by pore blocking
model. These experimental results fitted relatively well with the
pore blocking model in the absence of NOM concentration.

4.2. Influence of ionic strength on permeate flux

Fig. 4 presents the influence of ionic strength on permeate
flux. Solutions contained no NOM and pH of 7, while ionic
strength concentrations were varied from 0.004M to 0.1 M
NaCl. Experimental results showed that increased ionic strength
from 0.004 M to 0.1 M NaCl decreased permeate flux curve,
These indicated an increased salt concentration on membrane

50
No NOM
i B8geao
I AA§§8D|%880°° C¢ o
= oSBAaRI0O NS 0006,
| Co AA.'_\.A DDDDDDO
= OooOgggaﬂA&i‘
5 35 ©c058
L=
% © 0.004 M NaCl
g 30+ 0 0.01 M NaCl
1™
@ A 0.05 M NaCl
o o5
© 0.1 M NaCl
20 T T T T
0 100 200 300 400 500

Operating period (min)

Fig. 4. Influence of ionic strength in the absence of NOM on permeate flux.
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Fig. 5. Influence of ionic strength in the presence of NOM on permeate flux.

surface, which can decrease permeate volume passing through
the NF membrane surface. Increased ionic strength can reduce
charge repulsion caused by charge interaction between posi-
tively charged Na* and negatively charged NF membrane, thus
enhancing a reduction of permeates flux and salt rejection. These
phenomena can also be explained by the effect of increasing
osmotic pressure in the system with higher concentration of
NaCl salt. Braghetta et al. [14] found that membrane fouling
increased by decreasing pH and increasing ionic strength.

In the presence of 10-mgL~! NOM, permeate flux curves
were investigated by varying ionic strengths from 0.004 M to
0.1M NaCl. Fig. 5 shows the effect of ionic strength in the
presence of NOM on permeate flux. Table 3 presents the model
parameters on ionic strength in the presence of NOM. It was
observed that increased ionic strength slightly increased per-
meate flux decline. At low ionic strength (0.004 M and 0.01 M
NaCl), the permeate flux curves were fitted with pore block-
ing model based on minimized sum squared error. This suggests
that charge interaction between positively charged Na* and neg-
atively charged NF membrane dominates permeate flux decline.
However, the permeate flux curves with high ionic strength
(0.05M and 0.1 M NaCl) were fitted relatively well with cake
formation model. This indicates the charge interaction between
positively charged Na* and negatively charged NOM functional
groups, causing NOM accumulation on the membrane surface.
Braghettaetal. [15] indicated that NOM accumulation increased
with high ionic strength, suggesting a reduction of charge repul-
sion and increased potential build-up on the membrane surface.

From Table 3, the kinetic rate constants for pore blocking
(ka) 0of 0.004 M and 0.01 M NaCl were approximately 0.263 h~!

Table 3
Model parameters on ionic strength in the presence of NOM
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Fig. 6. Influence of pH on permeate flux for ionic strength of 0.01 M NaCl.
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Fig. 7. Influence of pH on permeate flux for ionic strength of 0.05M NaCl.

and 0.246 h~!, while the minimum SSEs were about 0.516 and
5.31, respectively. The kinetic rate constants for cake formation
model (kp) of 0.05M and 0.1 M NaCl were about 156 hm—2
and 150 h m~2, while the minimum SSEs were 3.693 and 7.06,
respectively.

4.3. Influence of pH on permeate flux

Solution pH can influence permeate flux and rejection.
Figs. 6 and 7 show the influence of pH on permeate flux
for ionic strength of 0.01 M and 0.05M NaCl, respectively.
Dot points were the experimental data while solid lines were
followed with mathematical models. Table 4 presents model
parameters affected by solution pH. At low ionic strength of

Concentration ~ Model parameter

Pore blocking Pore constriction Intermediate Cake formation

ka (™) J*(@LMH) SSE kg m~®3h7%5) J¥*(LMH) SSE kc(m~!) J*(LMH) SSE kp(m?) J*(@LMH) SSE
0.004M NaCl  0.263 337 0.516  1.055 32.1 0.659 5.52 324 0951 120 314 0.977
0.01 M NaCl 0.246 32.3 5.31 0.968 30.2 5756 45 29.5 5.41 108 29 5.474
0.05M NaCl 0.355 33.1 3895 15 32 5.683 7.08 31.6 4906 156 30.6 3.693
0.1 M NaCl 0.325 31.5 7327 135 30 9.466 6.54 29.6 8.443 150 28.6 7.06
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Table 4
Model parameters affected by solution pH

Ionic strength ~ Model parameter

Pore blocking Pore constriction Intermediate Cake formation
ka(™" J*@MH) SSE kg (m % h=9%) ¥ (LMH) SSE kc(m~!) J¥*(@LMH) SSE kp(hm=2) J*(LMH) SSE
1S.=0.01M
pH 4 0.069 26.8 0.726  0.238 20.2 0.678 1.5 24.9 1.085 312 22.4 1.613
pH7 0.246 32.3 531 0.968 30.2 5756 4.5 29.5 541 108 29 5.474
pH 10 0.232 31.2 6.456  0.892 28.7 7.992  4.02 27.5 7.437  79.2 24.3 6.615
1S.=0.05M
pH 4 0.171 33.3 0263 0.637 30.7 0489 276 293 0.455  50.7 25.6 0.412
pH7 0.355 33.1 3805 1.5 32 5.683  7.08 31.6 4906 156 30.6 3.693
pH 10 0.317 32 341 1308 30.5 5135  6.12 29.9 4.406 132 28.42 3.317

0.01 M, increased solution pH from 4 to 7 increased permeate
flux decline. The retentate rejections of salt were determined in
the range of 16.0%, 25.5%, and 37.3% with increased solu-
tion pH of 4, 7, and 10, respectively. Solutions having high
solution pH of 7 and 10 showed greater salt rejection than
those having low solution pH. This indicated that increased salt
rejection increased permeate flux decline, suggesting increased
charge repulsion between negatively charged NF membrane and
functional groups in the NOM molecules for high solution pH.
Kilduff et al. [5] reported that the effect of pH on solution rejec-
tion was an important factor on permeate flux decline compared
with the effect of membrane permeability.

Solutions having solution pH of 4 exhibited relatively low
rejection. This can be affected by charge interaction between
positively charged H* and negatively charged NF membrane,
allowing salt passage through the NF membrane surface, and
decreasing salt rejection. Based on fitting mathematical models,
permeate flux curves were correlated with pore constriction and
pore blocking model. It was observed that the retentate rejections
of NOM were approximately 91.6-94.9%, indicating relatively
low rejections compared with those of high ionic strength of
0.05M. From Table 4, the kinetic rate constants of fouling
mechanisms for solution pH 4, 7, and 10 were about 0.238
(mh)~ 2 (kg, pore constriction), 0.246 h=! (ka, pore blocking),
and 0.232h~!(ka, pore blocking), respectively.

At high ionic strength of 0.05M NaCl, increased solution
pH from 4 to 10 showed similar trend for permeate flux curve
of low ionic strength of 0.01 M NaCl. The permeate flux curve
of pH 7 and 10 exhibited the greatest permeate flux reduction.
However, permeate flux curves of pH 7 and 10 show no sig-
nificant difference. The retentate rejections of salt were 17.9%,
15.9%, and 26.1% with increasing solution pH of 4, 7, and 10,
respectively. At low solution pH of 4, permeate flux curves were
related to pore blocking model, while permeate flux curves were
related to cake formation model at solution pH of 7 and 10. The
retentate rejections of NOM were approximately 95.3-96.4%
with increasing solution pH from 4 to 10. This suggests that
high ionic strengths (0.05 M NaCl) can dominate permeate flux
curve compared with the effect of solution pH on salt rejection.
Permeate flux decline can be caused by reduced charge repul-
sion between positively charged Na* and functional groups in
the NOM molecules, thus increased NOM accumulation on the

membrane surface. This was confirmed by permeate flux curves,
which correspond to cake formation model for solution pH of 7
and 10. From Table 4, the kinetic rate constants of fouling mech-
anisms for solution pH 4, 7, and 10 were about 0.171 h~! (ka,
pore blocking), 156 hm~2 (kp, cake formation), and 132hm™2
(kp, cake formation), respectively.

Saltrejection can affect permeate flux curve. Solutions having
high solution pH of 7 and 10 showed greater salt rejection than
those having low solution pH. Solution pH of 4 exhibited less
permeate flux decline than solution pH of 7 and 10. These were
observed for both low and high ionic strengths. Solutions having
low solution pH of 4 and high ionic strength can affect membrane
surface, reducing charge repulsion between positively charged
Na* and H* and negatively charged NF membrane. This allows
an increased salt passage through the NF membrane surface,
thus decreased salt rejection and permeate flux decline.

5. Conclusions

Performances of nanofiltration membrane in terms of NOM
rejection and permeate flux decline were influenced by NOM
concentration, ionic strength, and solution pH. Mathematical
fouling models were used to evaluate fouling mechanisms on the
membrane surface. The increase of NOM concentration from
O0mgL~! to 25mgL~! caused higher NOM rejection, mem-
brane fouling, and greater flux decline, as a result of NOM
accumulation on membrane surface. From low to high NOM
concentration, fouling mechanisms exhibited a change of foul-
ing patterns from pore blocking and pore constriction model
(low NOM concentration) to cake formation model (high NOM
concentration). In the absence of NOM, increased ionic strength
from 0.004M to 0.1 M decreased permeate flux, caused by
osmotic effect of feed solutions. In the presence of NOM,
feed solutions possessing high ionic strength of 0.05M NaCl
showed greater flux decline than those with low ionic strength of
0.01 M NaCl, possibly indicated by a combination of resistance
from NOM accumulation and osmotic effects. The experimen-
tal results were corresponded with cake formation model. The
increase of solution pH from 4 to 10 showed greater flux decline,
affected by increased salt concentrations on membrane surface
and/or pores. These results were related with pore blocking and
pore constriction model.
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The objective of this work was to characterize the main mass transfer resistance for CO, capture in the
gas-liquid membrane contacting process by both physical and chemical absorption conditions. The char-
acterization was performed based on the resistance-in-series model as well as the Wilson-plot method.
In addition, a multistage cascade model, which is able to predict the time for the system to reach a
steady-state condition, was developed to describe CO, absorption in the membrane contacting process.
The cascade model was numerically solved by using the MATLAB program.

It was found that the main mass transfer resistance of the physical absorption (using pure water as an
absorbent) and the chemical absorption (using 2 M NaOH as an absorbent) was in the liquid phase and
in the membrane, respectively. The membrane mass transfer resistance in the case of physical absorption
presented approximately 36% of the total resistances at a liquid velocity of 2.13 m/s. For the chemical
absorption condition applied, the membrane mass transfer resistance occupied around 99% of the total
resistance. The results of simulation by the cascade model agreed well with the experimental results
when the overall mass transfer coefficient obtained form the experiment was employed. The model can
potentially be used with various operating conditions including the liquid velocity, gas concentration, and
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reactive absorbent used.
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1. Introduction

CO, has been regarded as the main contributor to global climate
change which directly results in serious environmental problems.
Half of the anthropogenic CO, emission sources are emitted from
the combustion of fossil fuels in industries and power plants world-
wide [1]. This is because the majority of the world’s electricity
generation is based on the use of approximately 80% fossil fuels.
Nowadays, the environmental concern and energy conservation
are increasingly gaining attention; therefore, the low energy con-
sumption and efficient technologies for CO, capture and removal
from the gas mixtures released from industrial sources need to
be developed. These technologies are also applicable for CO,/CHy
separation from natural gas and biogas.

Membrane contacting process is a hybrid of gas absorption and
membrane separation processes. The hollow fiber membranes used
only act as a barrier between the liquid and gas phases. The use
of membrane contactors can potentially overcome the operational
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limitations of conventional dispersion processes such as flood-
ing, entraining, channeling and foaming, and offers a number of
advantages including high surface area per unit contact volume,
individual gas and liquid flow channels, compactness of structure,
easiness to scale up and known gas and liquid interfacial area.
Due to these advantages, the hollow fiber gas-liquid mem-
brane contacting process has been paid attention by a number
of researchers to employ for gas separation. Qi and Cussler [2]
originally utilized the polypropylene (PP) hollow fiber membrane
for CO, capture by using NaOH as an absorbent. Recently, the
gas-liquid membrane contactors have been broadly studied. Feron
and Jansen [3] reported the effect of operating conditions such as
CO, partial pressure, liquid loading and temperature on the CO,
removal by using PP hollow fiber membranes and CORAL as an
absorbent. deMontigny et al. [4] used the polytetrafluoroethylene
(PTFE) and PP hollow fiber membranes with monoethanolamine
and 2-amino-2-methyl-1-propanol as absorbents for CO, separa-
tion. They found that the PTFE membrane was more suitable than
the PP membrane because the system performance can be main-
tained for a longer operation time by using the PTFE membrane.
A pilot-scale plant of membrane contactor for CO, removal was
studied by Yeon et al. [5]. The CO, absorption rate per unit volume
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Nomenclature

At mass transfer area based on inside surface area of
gas-liquid contact (m?2)

Cg concentration of carbon dioxide in the gas phase
(molm3)

G concentration of carbon dioxide in the liquid phase
(molm3)

Cco,,r  concentration of carbon dioxide in feed stream
(molmol-1)

Cco,,r  concentration of carbon dioxide in retentate stream
(molmol-1)

AC,, logarithmic mean concentration difference of car-
bon dioxide in the liquid phase (mol m—3)

d; inside diameter of membrane (m)

din logarithmic mean diameter of membrane (m)

do outside diameter of membrane (m)

D diffusion coefficient of carbon dioxide in the liquid
phase (m2s-1)

G gas flow rate (m3h-1)

H Henry's constant

Jeo, CO,, flux (molm~—2s-1)

ke individual mass transfer coefficient of gas phase
(ms™1)

k individual mass transfer coefficient of liquid phase
(ms™1)

km individual mass transfer coefficient of membrane
(ms~1)

Ko overall mass transfer coefficient (ms=1)

Kojcor  overall mass transfer coefficient based on calcula-

tion from correlation (ms=1)

Kolexp ~ overall mass transfer coefficient based on the exper-
imental result (ms=1)

Im thickness of the hollow fiber (m)

L liquid flow rate (m3 h-1)

Q liquid volumetric flow rate (m3s—1)

Qn CO, transfer rate (molh—1)

Qr total gas flow rate in feed stream (m3s—1)

Qr total gas flow rate in retentate stream (m3s-1)

Re Reynold number

Sc Schmidt number

Sh Sherwood number

t time (h)

Tg gas temperature (K)

v velocity (ms—1)

Vg gas phase volume (m?3)

VL liquid phase volume (m?3)

X CO, concentration in liquid phase (mol m—3)

Y CO, concentration in gas phase (mol m—3)

Greek letters
&m porosity of the membrane
Tm tortuosity of the membrane

achieved from the membrane contactor was 2.7 times higher than
that from a packed column. The use of Potassium glycinate (PG) as
an absorbent with the PP membrane in the membrane contacting
process almost did not wet the membrane for a long period of oper-
ation performed by Yan et al. [6]. Based on these literatures, it can
be confirmed that the gas-liquid membrane contacting process is
practical and efficient to apply for CO, separation.

Process simulation can lead to a better insight on the pro-
cess characteristics. The mathematical modeling of the membrane

contactor has been performed by many researchers. For instance,
Karoor and Sirkar [ 7] investigated both experimentally and theoret-
ically the gas absorption of CO,, SO,, CO,-N, mixtures and SO, -air
mixtures in PP hollow fiber membrane contactors. Lee et al. [8]
conducted the mathematical simulation of CO, absorption and des-
orption in a hollow fiber membrane contactor by using potassium
carbonate solutions as an absorbent. The model was inserted with
the non-linear reversible term of CO, reacted with the absorbent.
The effect of membrane wetting on the PP hollow fiber membrane
by DEA solutions was theoretically studied by Wang et al. [9]. They
found that 5% of the membrane pores wetted may result in 20%
reduction of overall mass transfer coefficient. More recent studies
include Keshavarz et al. [10], Bottino et al. [11], and Al-Marzouqi
et al. [12]. The mathematical model developed by Keshavarz et al.
[10] has analyzed the effect of partially wetted membrane on the
absorption performance. The small fraction of membrane wetting
can significantly decrease the absorption flux. In addition, the effect
of chemical reaction inside the wetted membrane pores on pre-
dicting membrane wetting fraction was also considered. Bottino et
al. [11] developed the mathematical model for predicting the gas
removal efficiency of CO, separation from N, in gas-liquid mem-
brane contactors. The simulations were in good agreement with the
experimental results. The two-dimensional mathematical model
was proposed to simulate the CO,/CH,4 separation performance in
a membrane contactor by Al-Marzougi et al. [12]. This model was
developed based on the non-wetted mode of operation, laminar
parabolic velocity profile of gas flow in the tube side and Happel's
free surface model for characterizing the liquid flow in the shell
side. Good agreement between the simulated and experimental
results was found.

The present work aims to characterize the main mass transfer
resistance to CO, transfer in the gas-liquid membrane contacting
process both by physical and chemical absorption. The characteri-
zation was performed based on the resistance-in-series model and
Wilson-plot method. In addition, a multistage cascade model was
developed with the intention of predicting the CO, flux under vari-
ous operating conditions. This model is a dynamic one which is able
to predict the time for the system to reach a steady-state condition.
The simulation was conducted by using the overall mass transfer
coefficient achieved from the experiments.

2. Theory
2.1. Basic principle of mass transfer in a membrane contactor

For the gas-liquid membrane contacting process, the resistance-
in-series model has been used to describe the mass transfer
mechanism. Fig. 1 depicts the mass transport of the interested gas
for non-wetted mode of operation of membrane contactors, i.e.,
diffusion from the bulk gas through the membrane pores and dis-
solution in the liquid absorbent. The resistance-in-series model can
be expressed as

1 _ 1 Hd  Hdo
Ko - kl kmdln kgdi

(1)

where K, is the overall mass transfer coefficient based liquid-phase
(m/s), k;, km, and kg are the individual mass transfer coefficients
of the liquid phase, membrane and gas phase, respectively. H rep-
resents Henry’s constant. d;, do, and d,, are the inner, outer and
logarithmic mean diameters of the fibers, respectively. The overall
mass transfer resistance is the summation of mass transfer resis-
tance in each phase.
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Fig. 1. Mass transfer regions and resistance-in-series in non-wetted membrane contactor [18].

The overall mass transfer coefficient, K,;, can be calculated based
on experiments by the following equation [9]:

Gout — G
Kol _ Ql( l,out l,m) (2)
ATACl,av
The logarithmic mean concentration, A, is expressed as
Acl,av _ (Hcg.in - Cl,out) - (HCg,out - Cl,in) (3)

ln(HCg,in - Cl,out/HCg.out - Cl,in)

where Ar is the gas-liquid contact area, Cjj,, Cj oy are the liquid
phase inlet and outlet concentrations, Cg ,, Cgout are the gas phase
inlet and outlet concentrations, and Q, is the liquid volumetric flow
rate.

In the operation of a membrane contactor, either the gas phase
or liquid phase can be fed through the shell side or tube side of the
hollow fiber membrane module. However, flow of liquid in the tube
side takes more advantage than that in the shell side [4] which also
depends on the packing density of the membrane module used. In
addition, when asymmetric membranes used, the location of the
skin layer has to be considered in order to decide the flow config-
uration. For the tube side, the well-known Graetz-Lévéque mass
transfer correlation was widely used to predict the tube side mass
transfer coefficient [13,14]

d2V 1/3
_ i
= l.62< D >

where Sh is Sherwood number, D is the diffusion coefficient, L is the
tube length and V is the fluid velocity.

Many correlations have been proposed to determine the shell
side mass transfer coefficient [14-16]. However, each of them is
applicable to a certain limited range of operation. In general, it can
be expressed in the following form:

Sh = aRe®ScP

_ kldi

Sh D

(4)

(5)

where Re and Sc are Reynolds and Schmidt numbers, respectively.
The membrane mass transfer coefficient in a completely non-
wetted case can be calculated using the following equation [17]:

Dg,effgm

(6)

km ol

where Dy ff is the effective diffusion coefficient of pure gas filled in
the pores. It is calculated from the summation between the molec-
ular self-diffusion coefficient and the diffusion coefficient which

is the interaction of gas molecules and membrane wall [17]. &n,
Im are the porosity, thickness of the membrane provided by the
manufacturer, respectively. Ty, is the tortuosity achieving from the
correlation [18]. In order to estimate the overall mass transfer coef-
ficient based on Eq. (1), Egs. (4) and (6) were used to determine the
liquid phase and membrane mass transfer coefficients.

2.2. Wilson plot

The Wilson plot is the technique to experimentally determine
the membrane mass transfer resistance in the gas-liquid mem-
brane contacting process based on the resistance-in-series model.
A plot of 1/K,, versus 1/V* gives a straight line. The value of the
empirical, «, is chosen for achieving the best straight line. In the
gas-liquid membrane contacting process, if the resistance in the
gas phase is much smaller than the total resistance, the term H/kg
in Eq. (1) becomes negligible. Thus, the interception of the Wilson
plot represents the value of membrane mass transfer resistance.

2.3. Mathematical modeling

A multistage countercurrent extraction cascade model [19] was
applied to describe the CO, absorption flux operating in a mem-
brane contactor. In this study, the liquid absorbents which were
pure water or NaOH solution were fed through the lumen of
the membrane while the gas phase flowed in the shell side. The
membrane module was divided into N countercurrent stages, as
indicated in Fig. 2. A material balance at stage n was performed in
order to develop the main equations for the mathematical model.

For any given stage n, the material balance can be written as

(Rate of accumulation of mass of CO, in the system)
= (Mass flow of the CO, into the system)
— (Mass flow of the CO, out of the system)

+ (Rate of mass transfer of CO, into the system)

Thus, the material balance of CO, in the liquid can be expressed
as

dXn
dr —

Vi LXn—1 = Xn)+ Qn (7)
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Fig. 2. Multistage cascade model of hollow fiber membrane contactor.

The CO, balance in the gas phase is as follows

dYy

VGE = G(YrH—l - Yn) - Qn (8)
where
Qn = Kol(HYn —Xn) (9)

VL, Vi, L and G are the phase volumes of the liquid phase and gas
phase, liquid flow rate, and gas flow rate, respectively. X and Y are
CO, molar concentrations in the liquid phase and the gas phase,
respectively. Qy is the CO, rate transferred from the gas to liquid
phase.

The Egs. (7)-(9) were solved by using a built-in ordinary
differential equation (ODE) solver, i.e., ODE23 in the MATLAB pro-
gram. This solver is the numerical technique which comes from
Runge-Kutta method. Therefore, the mass balance error should be
estimated in order to confirm the accuracy of the numerical solu-
tion. The initial values which have to be previously input for solving
the model are the gas and liquid flow rates, the phase volume of gas
and liquid, CO, concentrations in the inlet gas and liquid phases, the
number of divided stages, and the overall mass transfer coefficient.

The overall mass transfer coefficient (K,;) can be obtained from
the resistance-in-series model (Egs. (1), (4)-(6)) or from the exper-
iments (Eq. (2)). This is a dynamic system since the term of time
exists in the main mass transfer model. However, the effect of oper-

S

Pressure gauge

Table 1

Specifications of the hollow fiber membrane module used

Fiber o.d. (m) 1000
Fiber i.d. (um) 650
Module i.d. (mm) 10
Membrane pore size (um) 0.2
Membrane porosity 0.75
Number of fibers 35
Effective module length (mm) 270
Effective contact area (m?) 0.019

ating condition on CO, absorption flux can be also obtained at
steady-state condition by collecting the data which do not change
with time for each condition.

3. Experimental

Hydrophobic porous polyvinylidenefluoride (PVDF) hollow fiber
membranes used in this work were kindly supplied by Memcor Aus-
tralia (South Windsor, New South Wales, Australia). Table 1 shows
the characteristics of the membranes used. A 99% grade NaOH pur-
chased from THASCO Chemical Co., Ltd., Thailand was mixed with
RO water to prepare an aqueous absorbent with desired concentra-
tions. Potassium hydrogen phthalate (KHP) were purchased from
Merck Ltd., Thailand. Methane (99.9%) and Carbon dioxide (99.8%)
were obtained from Thai Industrial Gases PLC, Thailand.

Fig. 3 shows the schematic diagram of the experimental setup.
Pure CO, or CO,/CH,4 mixture with a volume ratio of 50:50 or 20:80,
which is in the composition range of biogas and natural gas, was
used as the feed gas while the RO water or 2 M NaOH was employed
as the absorbent. In the experiment, the flow rate of the feed gas
supplied from compressed gas cylinders was adjusted and con-
trolled by Aalborg (GFC model) mass flow controllers, and then it
was fed through the shell side of the membrane module. The inlet
and outlet gas volume flow rates were measured by a digital bub-
ble meter. The liquid absorbent was pumped by a peristaltic pump
(L/S® Easy-load® II, Masterflex model 77201-62) from the feed tank
through a rotameter into the tube side of the hollow fibers. The
pressure gauges were used to indicate the inlet and outlet pressures
of the gas and liquid. When CO, /CH4 mixture was used as the feed
gas, Gas Chromatograph (6890 Hewlett Packard, TCD) was used to
analyze the inlet and outlet gas compositions. Potassium hydrogen
phthalate, which is a primary standard solution for titration, was
used for the confirmation of the absorbent concentration. All of the

MFC Q
[OF—C
Membrane
co, Q
| ] >
1 Io I L
Sample detector
MFC
rota meter
CH,

Feed tank

Fig. 3. Schematic diagrams of a gas-liquid membrane contactor unit.
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data were collected after the experiment had been operated for
30 min to ensure that the system reached steady state. The results
of each run were averaged from five times of sampling. The oper-
ating parameters, which influenced the process performance, i.e.,
CO, concentration in the feed, the gas flow rate, and the absorbent
flow rate were varied. The effect of liquid absorbent and gas phase
velocities were studied to characterize the mass transfer resistance
of the system in each phase for both using pure water and 2 M NaOH
solution as absorbents. All of the experiments were performed at
the room temperature; therefore, the gas phase temperature in this
work was approximately 30°C. In this work, the CO, flux which
was used to indicate the process efficiency was estimated by the
following equation [6]:

(Qr x Cco,,F — Qr x Cco,,r) x 273.15 x 1000
22.4 x Tg x At

Jeo, = (10)
where Jco, is the CO; flux. Cco,,F and Cco, g are the CO; concentra-
tions in the feed and retentate streams, respectively. Qr and Qg are
the gas flow rates at the inlet and outlet of the membrane module,
respectively. Tg is the gas temperature. At is the mass transfer area.

4. Results and discussion

4.1. Mass transfer analysis in physical and chemical absorption
process

In conventional absorption processes, the solute gas has to
encounter with two mass transfer resistances, i.e., the gas phase
and liquid phase boundary layers. For the gas-liquid membrane
contacting process, there is an additional mass transfer resistance
caused by the membranes. With the purpose of obtaining the bet-
ter understanding of membrane role in the process, the membrane
mass transfer resistance was quantitatively and qualitatively char-
acterized in this section.

Fig. 4 shows the effect of liquid absorbent velocity on the CO,
flux, where pure water and a 2 M NaOH solution were used as the
absorbents. The use of a chemical absorbent enhanced the CO, flux
due to the reaction between CO, and OH~. The increase of CO, flux
with the liquid velocity was the result of the increase of the liq-
uid phase mass transfer coefficient (k; in Eq. (4)). It can be seen
that increase of pure water velocity significantly resulted in CO,
flux increase. On the other hand, using a 2M NaOH solution as
an absorbent, the CO, flux was slightly affected with increasing
the velocity of the NaOH solution because the main mass trans-
fer resistance was not in the liquid phase. This result corresponds
with the previous studies [9,20]. The effect of gas phase velocity on
CO, flux was also studied and the results for both pure water and
a2 M NaOH solution used as absorbents are shown in Fig. 5. In the
case of using pure water as an absorbent, the CO, flux seemed to
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Fig. 4. Effect of pure water and 2 M NaOH absorbent velocity on CO, flux (absorbent
temperature: 30 °C, gas flow rate: 200 ml/min, feed gas: pure CO,).
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Fig. 5. Effect of gas phase (CO,) velocity on CO, flux (absorbent temperature: 30°C,
liquid velocity: 0.68 m/s, feed gas: pure CO;).

be constant when the gas velocity was increased. Due to the low
solubility of CO, in pure water, the increase of gas velocity had neg-
ligible effect of CO, flux. Wang et al. [9] reported the same trend of
results. Using 2 M NaOH as an absorbent, it was found that the CO,
flux was reduced at high gas velocity which was expected since the
contact time of the phases was decreased. Therefore, less amount
of gas was available for the reaction, and this obviously affected the
CO; flux.

Based on the above results of the effects of the liquid and gas
velocities on the CO, flux, it can be concluded that, for physical
absorption, the main mass transfer resistance was in the lig-
uid phase. For chemical absorption (NaOH solutions used as an
absorbent), the mass transfer was dominated by the membrane.
This is because the change of both gas and liquid phase velocity
hardly affected the mass transfer rate.

To quantitatively investigate the membrane mass transfer
resistance in the gas-liquid membrane contacting process, the
Wilson-plot method which employs the resistance-in-series model
was applied. Fig. 6 shows the Wilson plot of 1/K, versus V033
for pure water and pure CO, system using the experimental data
from Fig. 4. The equation which correlated the overall mass transfer
resistance with individual mass transfer resistances is as follows

1 _ 18087033 4 8082, R?=0.9798 (11)

Ko
where Ky is the overall mass transfer coefficient based on liquid
phase and V is the liquid velocity.

According to the above equation, the membrane mass transfer
resistance (Hd,/kmd),) of the PVDF membranes used in this work
can be obtained from the intercept value, i.e., 8082 s/m.

For physical absorption, it can be observed that the membrane
mass transfer resistance presented approximately 36% of the total
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Fig. 6. Wilson plot of PVDF hollow fiber membrane (pure CO,-water system, water
temperature: 30 °C, gas flow rate: 200 ml/min).
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Fig. 7. Comparison of the experimental results with the simulated results at various
divided stages (absorbent temperature: 30°C, gas flow rate: 200 ml/min, feed gas:
pure CO,, absorbent: pure water).

resistance ((Hdo/kmd,)/(1/Ky)) at a liquid velocity of 2.13 m/s. Due
to the pure CO, used as feed gas in the physical absorption exper-
iment, the gas phase mass transfer resistance can be neglected,
therefore, the liquid phase mass transfer resistance of this system
was 64% of the total resistance. If the liquid velocity increases, the
ratio of membrane mass transfer resistance to total mass trans-
fer resistance will increase. Since the liquid phase mass transfer
resistance decreases with increasing liquid velocity (mass transfer
coefficient in liquid phase increases).

For chemical absorption, the overall mass transfer resis-
tance (1/K,) achieving from the experiments for pure CO,
gas phase and 2M NaOH as an absorbent was 8128.7s/m at
2.13m/s liquid velocity. The membrane mass transfer resistance
for chemical absorption experiments can also be obtained from
Eq. (11) because the same membrane was used for both cases
(Hdo[kmd, =8082 s/m at 2.13m/s liquid velocity). Therefore, the
ratio of membrane mass transfer resistance to total mass transfer
resistance ((Hdo/kmdj,)/(1/K,))) exhibited around 99% for chemical
absorption.

4.2. Study on mathematical modeling

4.2.1. Model validation

In the present study, the multistage countercurrent extraction
cascade model was used to simulate the CO, absorption flux in
the gas-liquid membrane contacting process. Due to the numerical
solving method used, the estimated error of mass balance had to be
performed aiming to confirm the reliability of the model. For pure
water/pure CO, system studied, the average error of mass balance
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Fig. 8. Comparison of the experimental results with the predicted flux by overall
mass transfer coefficient achieved from the experiments and from the correla-
tions (absorbent temperature: 30°C, gas flow rate: 200 ml/min, feed gas: pure CO,,
absorbent: pure water).
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Fig. 9. Outlet CO, concentration with the operation time for various liquid velocity
(absorbent temperature: 30°C, gas flow rate: 200 ml/min, feed gas: pure CO,).

was around 3% which can be acceptable for the numerical solving
method.

In order to estimate the CO, flux by using the multistage cascade
model, the membrane module was divided into small stages. The
effect of the number of divided stages on estimated CO, flux was
shown in Fig. 7. The CO, flux achieved from 40 divided stages was
around 2% higher than that from 4 divided stages. Therefore, the
number of divided stages hardly influenced the predicted CO flux.
In this work, the simulated CO, flux was performed by dividing the
membrane module into five stages.

Fig. 8 depicts the CO, flux simulated by the multistage counter-
current extraction cascade model using the overall mass transfer
coefficients obtained from the experiments based on Eq. (11)
(Kolexp) and from the correlations (Ko cor). Kol cor Was calculated
from the individual mass transfer correlation (Egs. (4)-(6)) as well
as based on the resistance-in-series model in Eq. (1). It can be seen
that the predicted flux based on Ky ¢x, agreed well with the exper-
imental result. From the simulated result, the cascade model can
potentially be applied for predicting the CO, absorption flux in the
membrane contactor. It can also be suggested that this model will
be useful for scaling up the gas-liquid membrane contacting system
when the K, in each system is obtained from the experiment.

The simulated CO, fluxes obtaining from K ¢, was six times
higher than those from Ky exp- Referring to the previous work [21],
this may be explained that the membranes were partially wetted by
the absorbent. Therefore, the simulation results were higher than
the experimental results because Eq. (6) was used to estimate the
membrane mass transfer coefficient in the case of completely gas-
filled membrane pore [17].

4.2.2. Simulation for time to reach a steady state

Generally, the absorption performance of a gas-liquid mem-
brane contacting process is evaluated at the steady-state condition.
At a steady state, each process parameter such as CO, concentra-
tions in the gas and liquid outlets are independent of time. All
values of simulated CO, flux presented in this study were achieved
at steady state. Fig. 9 shows the CO, concentrations in the liquid
absorbent outlet at various liquid velocities. The system reached
the steady state at 6.84 and 10.80s at 2.8 and 0.5 m/s liquid veloc-
ity, respectively. It can be seen that as the liquid velocity increased,
the system rapidly reached the steady-state condition due to the
decrease of the retention time in the membrane module. This is
one of the advantages of using this dynamic model which is able
to predict the time to reach the process steady state. In addition,
it can also be found that the CO, concentration in the liquid phase
outlet decreased with increasing the liquid velocity since the gas
to liquid ratio in the membrane module was decreased. Similar
experimental results were reported in the literature [10].
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Fig. 10. CO, concentration in the liquid phase along the membrane module for var-
ious liquid velocities (absorbent temperature: 30°C, gas flow rate: 200 ml/min, feed
gas: pure CO,, absorbent: pure water).
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Fig. 11. Effect of physical and chemical absorption on CO, flux (absorbent temper-
ature: 30°C, gas flow rate: 200 ml/min, feed gas: pure CO,).

4.2.3. CO, concentration profile

Based on the cascade model used in this work, the membrane
module was divided into five small stages to simulate the CO, flux of
pure water-pure CO, system. Therefore, the change of CO, concen-
tration along the length of the membrane module can be estimated
from the outlet concentration of CO, in each small stage. Fig. 10
depicts the CO, concentration in the liquid phase as a function of
membrane module length by varying liquid phase velocity. The CO,
concentration increased along the length of membrane module. The
change of CO, concentration along the membrane module length
at a liquid flow rate of 2.8 m/s was less than that at 0.5 m/s liquid
flow rate due to the gas/liquid ratio in membrane module which
directly affected the contact time between two phases.
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Fig. 12. Effect of gas concentrations on CO; flux (absorbent temperature: 30°C, gas
flow rate: 200 ml/min, liquid absorbent: water).

4.2.4. Effects of operating parameters on CO, flux

The effect of liquid velocity on the CO, flux is shown in Fig. 11. For
physical absorption the predicted flux agreed well with the exper-
imental data with the maximum difference of 6%. It was observed
that the CO, flux in the case of using 2 M NaOH as an absorbent
was around three times higher than that of using pure water as an
absorbent in the system of pure CO, as feed gas (see Section 4.1).
In chemical absorption, the difference of CO, flux between experi-
mental and simulation results were around 20%. This appears to be
the limitation of this model when applied with the higher overall
mass transfer coefficient (K;) in the case of chemical absorption.

Fig. 12 shows the effect of gas concentration on CO, flux. The
pure CO,, 50/50 and 20/80 of CO,/CH4 mixture gas were used as
the feed gases while pure water was used as the absorbent. It was
found that the CO, flux increased with increasing CO, concentra-
tion as a result of the increase of the driving force of the system.
Additionally, it can be found that the simulated CO, fluxes were
in good agreement with the experimental observations for various
CO, concentrations in the feed gas.

In the process simulation, the overall mass transfer coefficient
for the system has to be achieved. For the pure CO, used as feed
gas, the overall mass transfer coefficient can be calculated based
on Eq. (11) which is the averaged overall mass transfer coeffi-
cient. For the gas mixture (50/50 and 20/80 CO,/CHy), the overall
mass transfer coefficient was obtained from Eq. (2) at each exper-
imental condition. Therefore, the perfect fit was obtained. It was
found that the simulated results were in good agreement with the
experimental results for the physical absorption scheme. There-
fore, the multistage cascade model can potentially be employed
to design the large-scale gas-liquid membrane contacting pro-
cess when the overall mass transfer coefficient of the system is
known.

5. Conclusions

The main mass transfer resistance in the gas-liquid membrane
contacting process was analyzed by a set of the experimental results
for both physical and chemical absorption conditions. It was found
that, for physical absorption, the system was controlled by the lig-
uid phase. In the case of chemical absorption, the mass transfer was
dominated by the membrane. The membrane mass transfer resis-
tance was quantitatively determined by the Wilson-plot method
and the resistance-in-series model. It was observed that membrane
mass transfer resistance was around 36% and 99% of the total mass
transfer resistances for physical and chemical absorption condi-
tions, respectively.

In addition, a multistage cascade model was developed to
estimate the CO, flux. The simulated CO, fluxes based on the
experimental overall mass transfer coefficient agreed well with the
experimental results. Therefore, the multistage cascade model can
potentially be used to design the larger scale system based on the
overall mass transfer coefficient obtained form the laboratory scale
in each system. Changing the CO, concentrations in the feed gas and
the use of NaOH as an absorbent, the simulated results were still in
good agreement with the experimental results. By using this model,
the time for the process to reach steady state can also be estimated.
As the liquid velocity increased, the system reached steady state
more rapidly. Additionally, the concentration profile along with the
membrane module was able to be simulated.
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A combined osmotic pressure and cake filtration model for crossflow nanofiltration of natural organic
matter (NOM) was developed and successfully used to determine model parameters (i.e. permeability
reduction factor (1) and specific cake resistance (oake ) for salt concentrations, NOM concentrations, and
ionic strength of salt species (Na* and Ca**).In the absence of NOM, with increasing salt concentration from
0.004 to 0.1 M, permeability reduction factor (1)) decreased from 0.99 to 0.72 and 0.94 to 0.44 for mono-
valent cation (Na*) and divalent cation (Ca**), respectively. This reduced membrane permeability was due
to salt concentrations and salt species. In the presence of NOM, specific cake resistance tended to increase
with increasing NOM concentration and ionic strength in the range of 0.85 x 10'°-3.66 x 10" mkg~!.
Solutions containing divalent cation exhibited higher normalized flux decline (Jy/Jvo =0.685-0.632) and
specific cake resistance (otcae =2.89 x 10'°-6.24 x 10> mkg~!) than those containing monovalent cation,
indicating a highly compacted NOM accumulation, thus increased permeate flow resistance during NF fil-
tration experiments. After membrane cleaning, divalent cation exhibited lower water flux recovery than
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monovalent cation, suggesting higher non-recoverable (Rnon-rec) resistance than monovalent cation.

© 2008 Elsevier B.V. All rights reserved.

1. Introduction

Nanofiltration (NF) is widely increasing in the application of
drinking water treatment due to high removal efficiency in nat-
ural organic matter (NOM), the disinfection by-product (DBP)
precursors during chlorination process, and in water softening
for removing divalent cations from natural waters [1]. Nanofiltra-
tion membranes have molecular weight cut-offs (MWCO) ranging
between 300 and 1000Da [2], while the performances of NF
membranes lie between reverse osmosis (RO) membranes (high
operating pressure from 1400 to 6800 kPa) and ultrafiltration (UF)
membranes (low operating pressure from <70 to 500 kPa) [3]. The
separation mechanism of NF membranes is described in terms of
charge and sieving effect [4]. Sieving effect is related to solute
size responsible for the rejection of uncharged solutes by NF
membranes, while charge effect is influenced by the electrostatic
interactions between the ion species/valence types and membrane
charges, as explained by the Donnan exclusion phenomena [5].

* Corresponding author. Tel.: +66 45 353 344; fax: +66 45 353 333.
E-mail addresses: mattas@ubu.ac.th, supatpong.m@hotmail.com (S. Mattaraj),
kjchalor@kmitl.ac.th (C. Jarusutthirak), ratana.jir@kmutt.ac.th (R. Jiraratananon).

0376-7388/$ - see front matter © 2008 Elsevier B.V. All rights reserved.
doi:10.1016/j.memsci.2008.05.049

Natural organic matter is considered as a major cause of
membrane fouling during NF [6]. NOM components consist of
a heterogeneous mixture of complex organic materials, includ-
ing humic substances, low molecular weight (hydrophilic) acids,
proteins, carbohydrates, carboxylic acids, amino acids, and hydro-
carbons [7]. Humic substances, the predominant compounds of
NOM in surface waters, are amorphous, acidic, yellow-to-brown in
color, hydrophilic, and chemically complex polyelectrolytes with
the molecular weights ranging from a few hundreds to tens of
thousands [8]. They comprise a large fraction of the dissolved
organic matter (DOM), typically 30-80% of dissolved organic carbon
(DOC) [9]. Molecular weight ranges of aquatic humic substances
are from 500 to 5000 [10]. The major functional groups include
carboxylic acids, phenolic hydroxyl, carbonyl, and hydroxyl groups
[9].

Solution chemistry (i.e. ionic strength, mono- and divalent
cations) can influence membrane performance (i.e. solution flux
decline and rejection [11]). Increased ionic strength can increase
solution flux decline, while divalent cation has a greater flux decline
than monovalent cation in membrane fouling [12]. Concentration
of salt solutions by NF membranes can result in enhanced rejections
depending on ion species [13]. Divalent cations have significant
effects on membrane surface charge [14], thus affecting mem-
brane performance. The rejections of divalent cation (calcium) and
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monovalent cation (sodium) were reported to range approximately
13-96% and 10-87%, respectively [15].

In our previous work [16], we investigated different factors
affecting crossflow nanofiltration performances in natural organic
matter rejection and flux decline. Four mathematical models (i.e.
pore blocking, pore constriction, intermediate, and cake formation)
were used to interpret membrane performances of NF membrane.
However, we could not apply those mathematical models for solu-
tions having salt alone. This was possibly affected by osmotic
pressure caused by high salt concentration at the membrane sur-
face. In addition, solutions having NOM were significantly affected
by cake formation, especially at high NOM concentration and ionic
strength, while model parameters were not characterized for spe-
cific cake resistance. Therefore, this paper integrates mathematical
models for osmotic pressure caused by salt solution and cake
filtration model obtained from NOM solution during crossflow
nanofiltration. The objective of this study was to determine model
parameters, i.e. permeability reduction factor (1) based on osmotic
pressure effect and specific cake resistance (oc,xe ) using a combined
osmotic pressure and cake filtration model. The results of this work
could provide an evidence for changes in the model parameters as
a function of salt concentrations, NOM concentrations, and ionic
strength of salt species (sodium and calcium). The model parame-
ters corresponded to the combination effects of osmotic pressure
by salts/ion species that changed membrane permeability and cake
formation caused by NOM accumulation at the membrane surface.
The model parameters could give an insight interpretation of flux
decline and rejection characteristics during crossflow NF of NOM
with the presence of salts. The effects of ion species/valence types
were investigated to compare solution flux curves with different
solution chemistry.

2. Theory
2.1. Mass balance

The overall system mass balance model can be determined
based on the bench-scale crossflow NF test cell with a recycle loop
[16]. It is described as a completely stirred tank reactor (CSTR). The
mass balance can be written as follows:

= Q—feed Cfeed —QretenCreten— Qperm Cperm —ka ( Css — Creten )
X Vsys ( 1)

where Viys is the system volume (about 72 mL); Q and C are the sub-
scriptions for flow and concentration in the feed line (feed), in the
retentate line (reten), and in the permeate line (perm); Cgs is the
steady-state concentration in the retentate line; k, is the overall
mass transfer coefficient (min=') (=kjas); kq is the mass trans-
fer coefficient (ms~1) equaling to the ratio between salt diffusion
coefficient (D) and boundary layer thickness (8); as is the volumet-
ric specific surface area (m? m—3) that equals to the ratio between
the effective membrane surface area and the system volume; ¢ is
the operating time (min). The units of flow and concentration are
mLmin~! and mgL-! or mol L1, respectively, depending on solu-
tion types. Using a fourth-order Runge-Kutta routine, the overall
mass transfer coefficient and the steady-state concentration were
varied to minimize the sum of squared error (SSE) for each feed
solution.

2.2. Solution flux

Solution flux can be determined as a function of membrane
permeability, L, (LMHkPa~!), and the net transmembrane pres-

sure gradient (AP — o Am) (kPa), while the non-recoverable fouling
occurs in many instances during filtration, imparting an additional
resistance to solution flux [3]:

(AP — oAm)

=L,(AP-0AT)= —————
Jv=Ly( ) (Rm =+ Rnon-rec)

(2)
where ], is the solution flux (Lm~2h-!, LMH); AP is the
averaged transmembrane pressure (kPa); o is the osmotic reflec-
tion coefficient (estimated by the intrinsic membrane rejection,
Rmem =1 — Cperm/Cmem); Cmem is the concentration at the mem-
brane surface; A is the difference in osmotic pressure of the
solution at the membrane and in permeate line, A7 = Tmem — Tperm
(kPa); R, is the membrane hydraulic resistance (m~1); and Ryon-rec
is the non-recoverable resistance occurring during filtration (m~1);
and p is the dynamic viscosity (kgm~1s-1).

Under constant-pressure operation, and assuming constant
membrane permeability and in the absence of NOM cake on mem-
brane surface, the change in solution flux is related to the change
in osmotic pressure as a result of solute accumulation at the mem-
brane surface:
djy o dAm

v 3
dt M(Rm + Rnon-rec) dt 3)

The osmotic pressure is directly related to salt concentra-
tion, with 7 (kPa)=0aC (molL-1), where «=4814.5 (NaCl) [3] and
o =7418.8 (CaCly) at 25°C (calculated using Van't Hoff equation).
The permeate concentration is correlated to the concentration at
the membrane surface by the rejection, Cperm =(1— Rmem)Cmem-
Making these substitutions,

djv oo <dcmem _ deerm)

dt a M(Rm + Rnon-rec) dt dt

O00Rmem (dcmem )
M(Rm + Rnon-rec) dt

(4)

The interface concentration (Cmem) is calculated from
0 A7 =0(Tmem — Tperm) Under steady-state condition. The value
of o is assumed to be equal to the intrinsic rejection for each salt
concentration. From the experiments, the ratio 8= Cmem/Creten (salt
concentration polarization) is related to salt concentration. Taking
this parameter in the above equation and having an additional
term of permeability reduction factor due to the effect of salt (),
the change in solution flux with time can be rewritten as follows:

dyv 00Rmem (dcreten )

dt _nﬂ(Rm + Rnon-rec) dt

(5)

where 7(1/(Rm + Rnon-rec)) = Nl =Lps = (1/(Rm,s + Rnon-rec))
(Lp,s is the membrane permeability in the presence of salt solution).
The membrane resistance in the presence of salt (Rm,s) including the
permeability reduction factor can be determined as follows:
Rm + (1 — )Rnon-r
Rms — m + ( 17)Rnon-rec (6)
n

In Eq. (5), the change in the retentate concentration with time

can be calculated from the mass balance as described in Eq. (1).

2.3. Combined osmotic pressure and cake filtration model

A combined osmotic pressure and cake filtration model can be
developed to describe the nanofiltration performance of a solution
containing both salt and NOM. From the previous work, the fouling
of nanofiltration membranes can be described by cake filtration
model [17,18]. The model has also been used to describe flux in
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ultrafiltration and microfiltration [ 19,20]. The cake filtration model
incorporates an additional term of cake resistance (R.) as follows:

(AP — oAm)

b= M(Rm,s + Rnon-rec + R¢)

(7)

In our work, we describe the combination effects of osmotic
pressure and cake with the change in solution flux as a function
of time. The change in solution flux is related to the change in
osmotic pressure as a result of salt concentration polarization, and
the change in the hydraulic resistance of the NOM cake formed on
the membrane surface:

djy 0sQsRmem,sBs (dcreten,s>

dat T M(Rm,s + Rnon-rec + Rc) dt

- Jv (%) (8)
(Rm,s + Rnon-rec + Rc) \ dt

Therefore, Eq. (8) is the combined osmotic pressure and cake fil-
tration model for crossflow nanofiltration. The subscript s refers to
salt species (i.e. NaCl or CaCl,). In the results, normalized solution
flux (Jy/Jvo) is determined by the ratio between solution flux (J, ) and
an initial solution flux (Jyo ). In the cake filtration with constant spe-
cific cake resistance (e ), the change in cake resistance is related
to the rate of change in cake mass, mq,e (kg), which equals to the
net rate of mass transport towards the membrane surface, i.e., the
convective flux, Jy, minus the effective flux, J* (LMH), associated
with back-transport resulting from crossflow. Therefore,

dR dm
T; = Ucake Ar:élze = acakecreten,NOM(t)(Jv —.’*) (9)

where o is the specific cake resistance (mkg='), CretenNom iS
the NOM concentration in the retentate line (kg m—3) and A, is the
membrane area (m2). The specific cake resistance, as predicted by
the Carman-Kozeny equation, can be determined as a function of
cake porosity (&cake) (-), density () (kg m—3), particle diameter (dp)
(m) as follows [21]:

]80(] - 8cake)2
o = —————— 10
cake ( ,0d283 ( )

P%cake

Eqgs. (8) and (9) can be determined using the fitting parameters
(i.e. specific cake resistance and the effective back-transport flux)
in a fourth-order Runge-Kutta routine in order to minimize the
sum squared errors between the experimental data and estimated
data from cake filtration model. In this work, the combined osmotic
pressure and cake filtration model (Eq. (8)) was applied with the
experimental results in order to determine model parameters with
different solution conditions.

3. Experimental
3.1. Natural organic matter (NOM) and Isolation

Natural organic matter, obtained from the surface water reser-
voir at Ubon Ratchathani’s University (UBU), Thailand, was isolated
by using a polyamide thin-film composite (TFC) reverse osmosis
membrane (model: AG4040F-spiral wound crossflow, GE osmon-
ics, USA). The isolation procedure was previously described by
Jarusutthirak et al.[16] and by Kilduff et al. [22]. Natural water char-
acteristics were previously shown by Jarusutthirak et al. [16]. The
feed solutions for NF experiments were prepared by mixing NOM
isolates and/or salts with deionized water to obtain the required
concentrations.

3.2. Crossflow nanofiltration experiments

Crossflow nanofiltration experiments were carried out by
using a bench-scale crossflow nanofiltration test cell with a
recycle loop [12,16]. The system volume (Vsys) was approx-
imately 72mL. This was obtained by a tracer study char-
acterized with the dispersion and tanks-in-series model as
described by Levenspiel [23]. Thin-film nanofiltration mem-
brane, obtained from GE Osmonics, Inc., USA, was used
to investigate flux decline and rejection characteristics dur-
ing NF experiments. The membrane information and filtra-
tion procedure was previously reported by Jarusutthirak et
al. [16]. Membrane sheets were cleaned and pre-compacted
with initial water flux of 45LMH. After membrane com-
paction, average membrane permeability (Lp) was approximately
4152 x 1078 £ 0.062 x 10-8 ms~! kPa~1(0.149 LMH kPa~!, number
of samples are 16 samples) (95% confidence interval) at 25°C. The
membrane hydraulic resistance (Rm =1/uLp) was also determined
to be 2.694 x 103 m~! (at 25°C). The nanofiltration sheets were
stored in 1% Na,S;05 and kept in a refrigerator (4 °C) to minimize
bacterial activity.

3.3. Analytical methods

NOM concentrations were measured as dissolved organic
matter using total organic carbon analyzer (Shimadzu cor-
poration, TOC-VCPH model, Japan). Standard solutions were
prepared using potassium hydrogen phthalate in deionized
water, which was used as a blank. UV absorbance was mea-
sured using a UV-vis spectrophotometer (Shimadzu corporation,
model UV mini 1240, Japan). Conductivity and solution pH
were measured using conductivity meter (model: inoLab cond
Level 2, Germany) and pH meter (model: inoLab pH level
1, Wissenschaftlich-Technische Werkstatten, GMBH, Germany),
respectively. lonic strength of samples was calculated using a corre-
lation between conductivity and ionic strength; for NaCl standards,
LS. (molL-1)=0.5%C;Z2=9.5 x 10~% (wScm~1) and for CaCl, stan-
dard, LS. (molL~1)=1.429 x 10~ (uScm~1).

3.4. Membrane cleaning

After filtration was terminated, two steps of cleaning, i.e. hydro-
dynamic cleaning followed by chemical cleaning, were performed:
first, for hydrodynamic cleaning, DI water was recirculated in the
recycle loop for 30 min with a crossflow velocity of 0.25 m/s, which
was higher than that during filtration operation. For chemical
cleaning, alkaline solution (using NaOH) with pH of 10 was first
used to recirculate in the system, and followed with acidic solu-
tion (using HCl) with pH of 3 at a crossflow velocity of 0.25m/s
for 30 min each. After each cleaning, water fluxes with different
operating pressures were measured to determine water flux recov-
ery.

4. Results and discussion

4.1. Effect of NaCl concentration on normalized solution flux and
model parameter

Fig. 1 illustrates the effect of NaCl concentration on normal-
ized solution flux. Dot points were the experimental data, while
the solid lines were the values obtained from the mathematical
model (Eq. (5)). Normalized solution flux curve decreased with
increasing NaCl concentration. The reason for a flux decline was
an increase of the osmotic pressure of the retentate as its con-
centration was increased due to a continuous removal of the
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Fig. 1. Effect of NaCl concentration on normalized solution flux.

permeate. Permeability reduction factor (1) was the model param-
eter fitted to the experimental data (based on Eq. (5)). Table 1
shows model parameters and nanofiltration performance at dif-
ferent initial salt concentrations. In the absence of NOM and pH
of 7, increased NaCl concentrations from 0.004 to 0.1 M reduced
normalized flux and permeability reduction factor from 0.864 to
0.788 and 0.99 to 0.72, respectively. This was possibly caused
by the increased osmotic pressure as mentioned earlier. Fig. 2
exhibits normalized retentate salt concentrations in a recycle loop
with different initial salt concentrations. The solid lines shown
in the figure were determined using the mass balance (Eq. (1)).
The lines were the ratio between retentate salt concentrations and
feed salt concentrations. It was observed that normalized retentate
salt concentrations decreased with increasing feed salt concen-
trations, possibly caused by the effect of salt rejection. Increased
salt concentrations from 0.004 to 0.1 M tended to decrease the
retentate salt rejections from 35.8% to 10% along with filtration
period (see Table 1). The results suggested that the effect of ions at
the membrane-solution interface enhanced a reduction of electri-
cal double layer thickness, thus allowing salt passage through the
membrane surface. Negatively charged chloride ion was possibly
repelled from the negatively charged membrane, while positively
charged sodium ion was attracted to the membrane surface, indi-
cating increased ion concentration in the membrane matrix and

Table 1
Model parameters and nanofiltration performance at different salt concentrations

Operating time (min)

Fig. 2. Normalized retentate salt concentrations during NF operation.

increased screening of charge moieties [24]. This can enhance
the changes in the membrane pore size due to polymer matrix
compaction. This corresponded to reduced permeability reduction
factor (decreased membrane permeability). With increasing salt
concentration from 0.004 to 0.1 M, the intrinsic membrane rejec-
tion decreased from 44.2% to 18%, while the salt concentration
polarization (8) decreased from 1.149 to 1.097. Similar trends were
observed with the results from Fig. 2. The ratios of J, /k; were rela-
tively constant about 0.318-0.3. The permeability reduction factors
(n) decreased from 0.99 to 0.72, indicating higher values than those
of tight polyamide NF-70 membrane, previously studied by Kilduff
et al. [3]. They reported that the permeability reduction factors ()
decreased from 0.96 to 0.52 with increasing salt concentration from
0.004 to 0.1 M NaCl. In addition, the averaged mass transfer coef-
ficient of 3.39 x 10~> ms~! showed a higher value than that of the
tight polyamide NF-70 membrane (1.6 x 10> ms~!) determined
using the same mass balance (Eq. (1)). This indicated less bound-
ary layer thickness () of salt solution for the loose NF membrane
than that for the tight NF membrane. For the tight NF membrane,
the intrinsic membrane rejection showed higher values than those
of the loose NF membrane. The rejections decreased from 90%
to 72.5% with increasing salt concentration from 0.004 to 0.1 M
NacCl.

Parameters NaCl concentration (M)
0.004 0.01 0.05 0.1
Jollvo (=) 0.864 0.848 0.808 0.788
Ju x 106 (ms~1) 10.8 10.6 10.1 9.85
Cmem (M) 0.0077 0.0162 0.0653 0.1216
Creten (M) 0.0067 0.0143 0.0589 0.1108
Cperm (M) 0.0043 0.0112 0.0513 0.0997
B (Cmem/Creten) 1.149 1133 1.109 1.097
Rteed (%) 5.6-18.0(6.9) 2.2-5.8(3.5) 1.4-5.9 (3.7) 0.1-3.0(1.6)
Rreten (%) 33.6-38.0(35.8) 19.3-22.0 (21.4) 12.3-14.4 (12.9) 8.1-10.6 (10.0)
Rmem (%) 442 30.9 214 18.0
n 0.99 0.94 0.78 0.72
nl, (ms~!1kPa~!)x 108 411 3.92 3.24 2.98
k; (ms~') x 10° 3.60 3.36 332 3.28
Julki 0.318 0.315 0.304 0.30

Average k; (ms™1)

3.39x10°

Operating conditions: initial flux=1.25x 10> ms~!,

crossflow velocity=0.1ms™",

4152 x 1078 £ 0.062 x 1083 ms~' kPa~' (0.149 LMH kPa~1). The values in the parenthesis are the averaged rejections.

recovery =0.85, temperature=25°C. Average membrane permeability (L,) was
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Fig. 3. Effect of NOM concentration on normalized solution flux.

4.2. Effect of NOM concentration on normalized solution flux and
model parameter

Fig. 3 shows the effect of NOM concentration on normalized
solution flux. Dot points were the experimental data, while the
solid lines were followed with the combined osmotic pressure and
cake filtration model (Eq. (8)). NOM concentration ranged from 0
to 25mgL-! with ionic strength of 0.01 M NaCl and solution pH of
7. Model parameters and nanofiltration performance on the influ-
ence of NOM concentration are tabulated in Table 2. In the absence
of NOM, normalized solution flux decreased based on the effect
of osmotic pressure caused by increased salt concentration at the
membrane surface. At the ionic strength of 0.01 M and pH of 7,
normalized solution flux and retentate salt rejection were approx-
imately 0.848 and 21.4%, respectively. In the presence of NOM,
normalized solution flux tended to decrease from 0.793 to 0.614
with increasing NOM concentration from 5 to 25 mgL~1, while the
retentate salt rejection slightly increased from 25.3% to 28.2%. In the
similar trend, increased NOM concentration from 5 to 25 mgL~!
increased the feed and retentate NOM rejections from 75.3% to
88.4% and 94.3% to 97.1%, respectively. Solutions having high NOM
concentration of 25 mgL~! resulted in the highest rejection of salt
and NOM rejection in the feed and retentate line, possibly due to
combination effects of osmotic pressure by salt concentration and
cake formation by NOM accumulation. The experimental results
suggest the reduction of charge repulsion due to charge interaction
between negatively charged NOM and positively charged sodium
ion, causing NOM cake formation at the membrane surface. In addi-
tion, the negatively charged NOM molecules can be repelled from
the membrane surface, indicating an increase in the averaged feed

Table 2
Model parameters and nanofiltration performance: effect of NOM concentration

1.0E+16 4
8.0E+15
30
|m i =
= 6.0E+15 —— Specific cake resistance =
: ‘ L20 2
= -0+ Effective flux =
% 4.0E+154 5
g
10
2.0E+154
0.0E+00 T T ' g : 0
0 5 10 15 20 25 30

NOM concentration (mg/L)

Fig. 4. Effect of NOM concentration on specific cake resistance and effective flux.

and retentate rejections of NOM. With the constant membrane
resistance in the presence of salt (Rms), the fitted parameters (i.e.
the specific cake resistance, o, and the effective flux, J*), can
be obtained using the combined osmotic pressure and cake filtra-
tion model (Eq. (8)). From the table, increased NOM concentration
ranging from 5 to 25 mg L1 increased specific cake resistance from
0.89 x 10" to 3.66 x 10> mkg~! (increased by 75.7%), while the
effective flux tended to decrease with increasing NOM concentra-
tion as shown in Fig. 4. The increase in specific cake resistance
can be explained by a decrease in cake porosity with increasing
NOM concentration, causing more compacted NOM accumulation
atthe membrane surface. This could be explained using Eq. (10). The
specific cake resistance can be sensitive to changes in solution prop-
erties. The membrane used in this study resulted in lower specific
cake resistance and flux decline than that of the tight polyamide
NF-70 membrane [3]. This suggests that membrane properties have
significant effects on changes in solution flux due to the combina-
tion effects of osmotic pressure by salt concentration and NOM cake
formation at the membrane surface.

4.3. Effect of ionic strength on normalized solution flux in the
presence of NOM

Solutions having constant 10mgL~! NOM and pH of 7 were
investigated at different ionic strengths. Fig. 5 shows the effect
of ionic strength on normalized solution flux. Dot points were
the experimental data while the solid lines were fitted well with
the combined osmotic pressure and cake filtration model (Eq.
(8)). Model parameters and nanofiltration performance on the
effect of ionic strength are tabulated in Table 3. With increas-
ing ionic strength from 0.004 to 0.1 M NaCl, normalized solution
flux decreased from 0.763 to 0.69. The increase in ionic strength

Parameters NOM concentration (mgL-!)
5 10 15 25
Jollvo (=) 0.793 0.739 0.676 0.614
Ju x 108 (ms—!) 9.9 9.2 8.5 7.7
Reeeds (%) 3.6-5.2 (4.3) 4.2-9.1 (5.4) 2.7-12.2 (4.6) 4.2-11.6 (5.7)

Rl‘eten,s (%)
Rreednom (%)
Rreten,NOM (%)

Ccake (Mkg1) x 10°1

J¥x10% (ms~1)

24.6-27.0 (26.3)
74.4-77.3 (75.3)
92.5-94.9 (94.3)
0.89
10.1

24.3-26.5(25.3)
76.4-81.0 (78.5)
92.7-95.8 (94.9)
0.95

9.9

22.9-27.6 (25.4)
75.1-83.9 (77.7)
93.3-95.9 (95.0)
2.70

9.1

23.5-30.5 (28.2)
87.0-91.1 (88.4)
96.0-97.6 (97.1)
3.66

8.1

The values in the parenthesis are the averaged rejections.
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Fig. 5. Effect of ionic strength on normalized solution flux.

decreased the salt rejection, indicating charge screening at the
membrane surface, thus increased salt passage through the mem-
brane. The feed and retentate salt rejections decreased from 9.6%
to 1.7% and from 28.4% to 11.2%, respectively. Braghetta et al. [24]
explained that increased ionic strength would normalize charge at
the membrane surface (sulfonated polysulfone NF membrane) and
compressed a double layer thickness (i.e. membrane compaction
occurred). Solutions having NOM showed higher salt rejection than
those having no NOM, especially at high ionic strength. This was
caused by reduced charge repulsion between positively charged
Na* and negatively charged NOM. The NOM rejections in the feed
(RfeedNom) and retentate line (Rretennom) Teduced from 78.5% to
64.7% and 95.3% to 91.3% with increasing ionic strengths. This sug-

gests the changes in NOM configuration due to reduced charge
repulsion between ionized functional groups on NOM molecules.
Previous study suggested that NOM molecules are configured
more as rigid, compact, and spherocolloidal macromolecules (small
hydrodynamic radius) at low pH and high ionic strength or high
NOM concentration [25]. This can enhance the passage of the sphe-
rocolloidal NOM molecules through the membrane surface, thus
decreased NOM rejection. Based on the combined osmotic pressure
and cake filtration model, the specific cake resistance increased
from 0.85 x 10" to 2.73 x 10> mkg~! (increased by about 69%)
with increasing ionic strengths from 0.004 to 0.1 M NaCl. The
experimental results were possibly explained by reduced charge
repulsion between NOM molecules, resulting in more densely com-
pacted NOM layer, thus decreased cake porosity at the membrane
surface.

4.4. Effect of divalent cations on normalized solution flux in the
presence of NOM

Divalent cation (i.e. Ca**) can significantly influence membrane
fouling on NF membrane [1,11]. Fig. 6 shows the effect of divalent
cation on normalized solution flux. Solid lines are model fitted to
the experimental data, represented as dot points. Model parame-
ters and nanofiltration performance due to the effect of divalent
cation are tabulated in Table 4. Solutions containing 10 mgL-!
NOM and pH of 7 were tested with different ionic strengths using
calcium chloride. It was observed that increased ionic strengths
from 0.004 to 0.1 M CaCl, decreased normalized solution flux from
0.685 to 0.632 (at 8-h operation). The salt rejections increased
with increasing ionic strengths using calcium chloride. The aver-
aged salt rejections in the feed and retentate line were about
4.7-11.3% and 24.2-37.9%, respectively. These showed higher salt
rejections than those of NaCl solution, indicating calcium-NOM
accumulation on the membrane surface. The permeability reduc-

Table 3
Model parameters and nanofiltration performance: effect of ionic strength
Parameters Ionic strength (M)
0.004 0.01 0.05 0.1
Jollvo (=) 0.763 0.739 0.723 0.69
Ju x 106 (ms~1) 9.5 9.2 9.0 8.6
Reeeds (%) 7.1-19.2 (9.6) 4.2-91(5.4) 0.6-8.7 (2.7) 0.1-10.0 (1.7)

Rreten.s (%)
Rteed Nom (%)
RretenNom (%)

cake (Mkg™1) x 10-1

27.0-31.9 (28.4)
75.9-82.1 (78.0)
93.4-96.0 (95.2)
0.85

24.3-26.5 (25.3)
76.4-81.0 (78.5)
92.7-95.8 (94.9)
0.95

12.1-15.9 (13.7)
76.3-81.3 (77.9)
92.3-96.4 (95.3)
1.53

10.2-15.9 (11.2)
61.6-72.5 (64.7)
89.5-92.2 (91.3)
2.73

J*x10% (ms~1) 9.93 9.9 9.4 8.99
The values in the parenthesis are the averaged rejections.
Table 4
Model parameters and nanofiltration performance: effect of divalent cation
Parameter CaCl, concentration (M)
0.004 0.01 0.05 0.1
Jullvo (=) 0.685 0.664 0.648 0.632
Jux 108 (ms1) 8.56 8.30 8.10 7.90
Reeeds (%) 1.5-13.8(5.2) 2.3-9.2 (4.7) 7.3-20.6 (11.3) 7.9-22.0(9.9)

Rieten;s (%)

/3 (Cmem/Creten)
Rfeea,Nom (%)
Rreten,NOM (%)

n
nlp (ms~'kPa~!) x 108
Ucake (mkgil) x10-1

J¥x10% (ms™!)

21.4-31.8 (30.9)
1272

66.4-78.3 (69.9)
91.1-96.2 (94.4)
0.94

3.90

2.89

9.12

23.2-26.2 (24.2)
1217

79.5-84.7 (82.3)
95.1-97.7 (97.0)
0.76

3.16

3.52

9.02

37.9-38.5 (37.9)
1.049

80.9-84.0 (82.0)
93.4-96.6 (95.7)
0.61

2.53

514

8.86

35.3-39.6 (37.8)
1.036

75.7-79.9 (77.3)
90.6-96.1 (94.4)
0.44

1.83

6.24

8.57

The values in the parenthesis are the averaged rejections.
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Fig. 6. Effect of divalent cation on normalized solution flux.

tion factor (1) decreased from 0.94 to 0.44 with increasing ionic
strengths. This was possibly caused by reduced charge repulsion
between positively charged Ca** ion and negatively charged NF
membrane, thus compressing a double layer thickness at the mem-
brane surface. Previous study found that divalent cation caused a
marked effect on membrane surface charge [14]. With increasing
ionic strengths, averaged NOM rejections in the feed and reten-
tate increased from 69.9% to 82.3% and 94.4% to 97%, respectively.
This showed the opposite trend with increasing ionic strengths
using monovalent (Na*) ion, where a change in NOM configura-
tion could dominate the rejection results. The rejections obtained
from the divalent cation illustrated relatively high rejections com-
pared with monovalent (Na*) ion. This resulted in the opposite
effect from monovalent (Na*) ion. This was possibly caused by
the dominant effect from a compacted NOM cake formation by
decreased charge repulsion between positively charged Ca*™ ion
and negatively charged NOM molecules, thus enhancing NOM accu-
mulation. This corresponds to high specific cake resistance (¢ae)
about 2.89 x 10'°-6.24 x 10'> mkg~!, respectively (increased by
53.7%). The increase in specific cake resistance could decrease
cake porosity, suggesting a densely packed NOM cake layer at
the membrane surface. Schafer et al. [1] confirmed that higher
calcium concentration caused severe NF fouling and increased non-
recoverable fouling. Previous study explained that calcium act with
humic carboxyl functional group, suggesting a reduction of NOM
charge and electrostatic repulsion between humic macromolecules
[11].

Mono- and divalent cations can influence nanofiltration per-
formance (i.e. solution flux and rejection). The model parameters
(i.e. permeability reduction factor and specific cake resistance)
can be evaluated with the combined osmotic pressure and cake
filtration model (Eq. (8)). This describes the effect of osmotic pres-
sure caused by increased salt concentration polarization, while
the effects of cake formation model are based on NOM cake for-
mation at the membrane surface. Fig. 7 exhibits the effect of
mono- and divalent cations on normalized solution flux. With sim-
ilar ionic strengths, solutions having divalent Ca** cation showed
greater solution flux decline than those having monovalent Na*
cation. This suggested that divalent cation had greater effects
on charge combination between membrane surface charge and
NOM macromolecules than monovalent cation. This could cause
higher salt and NOM rejections (previously described). In addi-
tion, model parameters could be changed with different ion

1
0.9
5 087
=
[
£ 071
% 10 mg/L NOM, pH 7
0
0.6
= — Model(Eq.8)
N & 0.01 M NaCl
g 0.54 o 0.1M NaCl
5 + 0.01 M CaClz
= 0.4 m 0.1 M CaClz
0.3 T T T T
0 100 200 300 400 500

Operating time (min)

Fig. 7. Effect of mono- and divalent cations on normalized solution flux.

species. Fig. 8 exhibits the effect of mono- and divalent cations
on permeability reduction factor (filled symbols) and specific cake
resistance (open symbols). Increased ionic strengths from 0.004
to 0.1 M using mono- and divalent cations tended to decrease
the permeability reduction factor and to increase the specific
cake resistance. Divalent Ca** cation showed greater values of
permeability reduction factor and specific cake resistance than
monovalent Na* cation. The decreases in permeability reduc-
tion factors of mono- and divalent cations were determined to
be 0.99-0.72 and 0.94-0.44, respectively. The increases in spe-
cific cake resistance of mono- and divalent cations were about
0.85 x 101°-2.73 x 1015 and 2.89 x 101°-6.24 x 10> mkg~1, respec-
tively. The experimental results indicated that divalent cation has
a marked effect on reduced charge repulsion between positively
charged divalent cation (Ca**) and negatively charged NF mem-
brane, causing a reduced double layer thickness at the membrane
surface. This corresponds to lower permeability reduction fac-
tor with increasing ionic strengths. Divalent cation influenced an
increase in cake formation on the membrane surface. This was
caused by a reduction of charge repulsion between NOM molecules
by increasing positive calcium ion concentrations. This resulted
in an increase in specific cake resistance with increasing ionic
strengths.

2.0E+16

1.6E+16 1

1.2E+16

8.0E+15

Ocake (I'I'I, kg -1)

4.0E+15 ]

0.0E+00 T T T T 0.0
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lonic strength (M)

Fig. 8. Effect of mono- and divalent cations on 7 (filled symbols) and o (open
symbols).
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Fig. 9. Water flux recovery after chemical cleaning for mono- and divalent cations.

4.5. Water flux recovery

Fig. 9 describes water flux recovery after chemical cleaning
for mono- and divalent cations. The experimental results were
taken after hydrodynamic and chemical cleaning of NOM solu-
tion. It was observed that water flux recovery was less than 1
for different salt species (Na* and Ca**). This suggested differ-
ent interactions between NOM-salt species and the membrane,
causing non-recoverable resistance (Rpon-rec) ON the membrane
surface. With increasing ionic strength from 0.004 to 0.1 M,
non-recoverable resistances for monovalent Na* cation were
approximately 2.91 x 102, 1.06 x 1012, 1.85 x 102, and 2.58 x 1012,
respectively. For divalent Ca** cation, non-recoverable resistances
were about 6.1 x 1012, 4,52 x 102, 4.99 x 1012, and 4.62 x 1012,
respectively. Divalent Ca** cation resulted in lower water flux
recovery (higher Ryon-rec) than movalent Na* cation. This indicated
a more compacted Ca—-NOM cake layer (lower cake porosity), and
thus increased permeate flow resistance during filtration experi-
ments. The experimental results agreed with the results from Wang
et al. [26]. They indicated that divalent cations seemed to be more
readily adsorbed on the membrane surface than monovalent ions
because divalent cations could act as a bridge between the mem-
brane surface and the negatively charged humic acid molecules and
also between the negatively charged function groups of humic acid
that were not in contact with the membrane, resulting a highly
compacted fouling layer at the membrane surface [26].

5. Conclusions

A combined osmotic pressure and cake filtration model for
crossflow nanofiltration of NOM solution can be used success-
fully to characterize model parameters (i.e. permeability reduction
factor and specific cake resistance) for salt concentrations, NOM
concentrations, ionic strength of salt species (Na* and Ca**). This
model can be explained in terms of salt and NOM combination,
while the mathematical models from the previous work [16] could
not be applied to interpret model parameters due to the effect of salt
alone and combined salt and NOM solution. Based on the combined
osmotic pressure and cake filtration model, permeability reduction
factor was used to describe the change in membrane permeabil-
ity in the presence of salt concentrations and ion species, while
specific cake resistance was used to interpret NOM accumulation
at the membrane surface. In the absence of NOM, increased NaCl

salt concentrations ranging from 0.004 to 0.1 M decreased normal-
ized solution flux, while permeability reduction factor decreased
from 0.99 to 0.72. With increasing ionic strengths, divalent cation
(Ca**) exhibited greater flux decline than monovalent cation (Na*),
thus corresponding a relatively low permeability reduction factor.
This indicated a reduction of charge repulsion between positively
charged salt and negatively charged NF membrane, thus decreased
double layer thickness at the membrane surface. The results sug-
gested significant effects of charge screening at the membrane
surface due to divalent cation. In the presence of NOM, solutions
having high NOM concentrations caused a reduction of normalized
solution flux, thus resulting in increased specific cake resistances.
Solutions having divalent cation presented higher salt rejection
and specific cake resistances than those having monovalent cation.
This resulted in a reduction of charge repulsion between calcium
and NOM functional groups, thus increasing a highly compacted
NOM accumulation at the membrane surface (lower cake porosity),
thus increased permeate flow resistance during filtration experi-
ments. After membrane cleaning, divalent cation exhibited lower
water flux recovery than monovalent cation, suggesting higher
non-recoverable (Rpon-rec) resistance than monovalent cation.
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Nomenclature

as volumetric specific surface area (m? m—3)

Am membrane area (m?)

Ceed concentration in the feed line (mgL~! or molL~1)

Cmem concentration at the membrane surface (mgL-! or
molL-1)

Cperm concentration in the permeate line (mgL-! or
molL-1)

Creten concentration in the retentate line (mgL-! or
molL-1)

CretenNom NOM concentration in the retentate line (kg m—3)

Cretens cConcentration in the retentate line in the presence
of salt (molL-1)

Css steady-state concentration in the retentate line
(mgL-! or molL-1)

dp particle diameter (m)

D salt diffusion coefficient (m2s—1)

J effective flux associated with back-transport result-
ing from crossflow (LMH)

e solution flux (Lm~2h~1, LMH)

Jvo initial solution flux (Lm~2h~!, LMH)

ka overall mass transfer coefficient (min=1) (=k;as)

kq mass transfer coefficient (ms-1)

Lp membrane permeability (LMH kPa~1)

Lps membrane permeability in the presence of salt
(LMHKkPa~1)

Mee  Cake mass (kg)
transmembrane pressure (kPa)

Qperm flow in the permeate line (mLmin—1)
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Qreten flow in the retentate line (mL min~1)

R cake resistance (m~1)

Rfeed rejection in the feed stream (-)

Rm membrane hydraulic resistance (m~1)

Rms membrane resistance in the presence of salt (m~1)

Rmem intrinsic membrane rejection (-)

Rmem;s intrinsic membrane rejection in the presence of salt
(=)

Rnon-rec Non-recoverable resistance (m~1)

Rreten rejection in the retentate stream (-)

t operating time (min)

Vsys system volume (mL)

Greek letters
o correlation between osmotic pressure and salt con-
centration (kPaLmol-1)

Ocake specific cake resistance (mkg=!)

B salt concentration polarization (-)

$ boundary layer thickness (m)

Ecake cake porosity (-)

n permeability reduction factor (-)

n dynamic viscosity (kgm~1s-1)

b osmotic pressure (kPa)

TTmem osmotic pressure at the membrane surface (kPa)

Tperm ~ OSmotic pressure in the permeate line (kPa)

0 density (kgm~3)

o osmotic reflection coefficient (-)
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Hollow fiber membrane contactors have been studied extensively in the last decade. Gas absorption mem-
brane (GAM) contactors are a developing technology that overcome the disadvantage of conventional
equipment. Three different membranes, including polytetrafluoroethylene (PTFE), polypropylene (PP),
and polyvinylidene fluoride (PVDF), were used to test the performance of a GAM system in both phys-
ical and chemical absorption studies. In the physical absorption experiments, pure CO, and de-ionized
water were used in the GAM system. A Wilson plot was used to determine the membrane resistance
in this work. From the results, the PVDF membrane had a higher CO, flux than PP membranes and the
highest membrane resistance. In the chemical absorption experiments, a simulated flue gas stream (15%
CO; and 85% air) was treated with monoethanolamine (MEA) solutions. Experimental results showed
that the CO, absorption performance can be ranked as PTFE > PVDF > PP. While the PTFE membrane had
the best performance in the GAM system, the PVDF membrane is an alternative membrane that could be
used. The stability of PTFE and PVDF membranes was tested continuously over 60 h of operation. The PTFE
membranes maintained their absorption performance, while the PVDF membranes did not maintain their
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absorption performance over the operating time.

© 2008 Elsevier B.V. All rights reserved.

1. Introduction

Most of the energy in the world comes from fossil fuels, such as
coal, oil and gas. However, the combustion of fossil fuels inevitably
results in the emission of air pollutants and a huge release of car-
bon dioxide (CO,). Since CO, is a major greenhouse gas, it should
be removed from industrial flue gas streams. Many methods exist
to remove CO, by absorption into aqueous solutions using con-
ventional equipment including packed columns, bubble columns,
and spray columns. The conventional equipment has operational
problems including flooding, channeling, entrainment, and foam-
ing [1]. Gas absorption membrane (GAM) systems are an alternative
technology for capturing CO,. In general, a microporous membrane
is used in the GAM system to separate the gas and liquid-phases
as shown in Fig. 1. Mass transfer occurs when CO, diffuses across
the membrane and absorbs into the absorbent. This configuration
offers many advantages including independent gas and liquid flow,
high surface area, and linear scale-up as reviewed by Li and Chen
[2].

* Corresponding author. Tel.: +1 306 337 2277; fax: +1 306 585 4855.
E-mail address: david.demontigny@uregina.ca (D. deMontigny).

1383-5866/$ - see front matter © 2008 Elsevier B.V. All rights reserved.
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GAM systems were first developed by Qi and Cussler for this
application [3,4]. In their work, they studied GAM systems in
terms of a mass transfer coefficient because the GAM system
has an interfacial area per unit volume that is higher than con-
ventional equipment. However, they found that the membrane
itself increases the overall mass transfer resistance significantly
if the membranes are wetted. This is because the membrane
morphology was changed, as reported by Wang et al. [5]. The non-
wetted mode of operation has been confirmed to offer the best
performance in GAM systems by several authors [5-8]. deMon-
tigny et al. [9] compared the overall mass transfer coefficient
between GAM systems and packed columns. Polytetrafluoroethy-
lene (PTFE) and polypropylene (PP) were used in the GAM system
and were compared with Sulzer DX structured packing in a packed
column. Experiments were carried out by absorbing CO, into aque-
ous monoethanolamine (MEA) and 2-amino-2-methyl-1-propanol
(AMP) solutions. The overall mass transfer coefficient in their GAM
system was higher than the packed column by roughly three times.
Nishikawa et al. [10] investigated the performance of GAM systems
and packed beds to compare both systems. It was found that the
PTFE membrane had an overall mass transfer coefficient that was
more than five times higher than the packed bed column. They
found that the PTFE membranes had stability for more than 6600 h.
Recently, PTFE, and PP membranes have been used in GAM systems
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Nomenclature

At mass transfer area based on outside surface area of
gas-liquid contact (m?2)

ay specific surface area (m?/m?3)

Ce concentration of carbon dioxide in gas-phase
(mol/m3)

@] concentration of carbon dioxide in liquid-phase
(mol/m3)

AC 4 logarithmic mean concentration difference of car-
bon dioxide in liquid-phase (mol/m?3)

d; inside diameter of membrane (m)

din logarithmic mean diameter of membrane (m)

do outside diameter of membrane (m)

Dg eff effective diffusion coefficient of gas in the gas-filled
membrane pores (m?2/s)

G inert gas flow rate (kmol/m? h)

H Henry'’s constant

J absorption flux (mol/m? s)

kg gas-phase mass transfer coefficient (m/s)

Kk liquid-phase mass transfer coefficient (m/s)

km membrane mass transfer coefficient (m/s)

Kg overall gas-phase mass transfer coefficient
(kmol/m?2 h kPa)

Ko overall liquid-phase mass transfer coefficient (m/s)

I membrane thickness (m)

Q liquid volumetric flow rate (m3/s)

P total system pressure (kPa)

v liquid velocity (m/s)

y CO, mole fraction in the bulk gas-phase

y CO, mole fraction in equilibrium with C,

Y mole ratio

Z membrane length (m)

Greek letters

o constant
Em membrane porosity
Tm membrane tortuosity

[5,10-12]. For example, Rangwala [12] studied PP membranes in
GAM systems using sodium hydroxide (NaOH) and diethanolamine
(DEA) as an absorbent. It was found that the membrane resistance
could be as high as 60% of total resistance in wetted mode of oper-
ation.

Atchariyawut et al. [13] studied the effect of three different
PVDF membrane structures on the mass transfer coefficient in GAM
systems that absorbed pure CO, into distilled water. The finger-
like portion and molecular weight cut off (MWCO) of the PVDF
membrane affected the overall mass transfer coefficient and CO,
absorption performance. They found that PVDF membranes are an
alternative membrane that could be used in GAM systems because
the manufacturing and material cost is cheaper than that of the
PTFE membrane. While, some authors have reported that PTFE
membranes have the best performance in GAM systems, they are
much more expensive than PP membranes [10,11]. Table 1 shows

Table 1

Cost of commercial hollow fiber membranes.

Membrane Cost ($US/m) Supplier

PVDF 0.36 Wenzhou New Century International Ltd. (China)
EIEE 11.50 Sumitomo Electric Fine Polymer (Japan)

PP 0.01 Mitsubishi Rayon Ltd. (Japan)

the cost comparison of PTFE, PP and PVDF commercial hollow fiber
membranes.

In this work, the performance of microporous PP, PTFE and PVDF
membranes were investigated in GAM systems for CO, capture.
PTFE and PP membranes were received from commercial vendors.
Tailor-made PVDF membranes were prepared via a phase inversion
method containing lithium chloride (LiCl) as a non-solvent addi-
tive in the manufacturing process. The membrane resistances were
determined using the Wilson plot method. In addition, the CO,
fluxes were determined for both physical and chemical absorption.

2. Theory
2.1. Resistance in series model

The film theory has been described in GAM systems as a
resistance in series model [12]. Membrane contactors have three
resistances in series including the liquid film resistance, the gas
film resistance and the membrane itself. This is shown schemati-
cally in Fig. 1. The overall mass transfer coefficient can be written
as follows [14]:

1 1 Hd, Hd,

= — 4 + 1
Ko ki kmdiy  Kkgd; M

(a)

Bulk liquid Liquid Microporous Gas Bulk gas
[Bulkauig | - [, Sa A" icroporous | Gas
layer layer

(b)

Bulk liquid quid | Microporous Gas Bulk gas
Boundary||  "ooporous [ Gar | [Bukees |
layer layer

Fig. 1. Mass transfer resistance in series model for membrane contactors (a) non-
wetted mode and (b) wetted mode.
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1_1 ., do d
Kg - Hk] kmdln kgdi

(2)

where K, and K are the overall liquid and gas-phase mass trans-
fer coefficient and kj, ki, and kg are the liquid, membrane and gas
mass transfer coefficients, respectively. H represents Henry’s con-
stant [15], and d,, d;, and d,,, are the outer, inner and logarithmic
mean diameters of the membrane. The K, term can be calculated
as follows [5]:

Ql(cl,out - Cl,in)

K, =
ol AT ACl,av

(3)

The logarithmic mean concentration is given by

(HCg,in - Cl,out) - (HCg,out - Cl,in)
ln((HCg,in — Clour \(HCg,0ut — Cpin))

where Q; is the liquid flow rate, Cj;; and Cj,, are the inlet and
outlet CO; concentration in the liquid-phase, Cgj, and Cg,our are the
inlet and outlet CO, concentration in the gas-phase, and Ar is the
gas-liquid contacting area.

The overall gas-phase mass transfer coefficient was calculated
using a method similar to the one used for packed columns. It can
be calculated as follows [11]:

G dy
P(y —y*) dz

(4)

ACl,ai/ =

Kga, = (5)
where Kgay is overall volumetric gas-phase mass transfer coeffi-
cient, G; is the inert gas flow rate, dY/dZ is the solute concentration
gradient.

In anon-wetted mode of operation, the membrane mass transfer
coefficient can be calculated using the following equation [16]:

Dy or€
ko — g.effem
m = (6)
where Dy is the effective diffusion coefficient of gas in the
gas-filled membrane pore, and &n, T, and Iy, are the porosity,
tortuosity, and thickness of the membrane, respectively.

2.2. Wilson plot

Wilson plots are an alternative technique for determining the
membrane resistance [1,13]. For gas absorption in GAM systems,
the gas-phase mass transfer resistance can be ignored [12] while
the liquid-phase mass transfer resistance is proportional to liquid
velocity. The Wilson plot equation can be plotted with 1/K,; versus
v~% where v is the liquid velocity and —« is the value that provides
the best straight line. It can be simplified from Eq. (1):

Hd,
kmdln

From this equation, the membrane resistance is given by the inter-
ception of the y-axis.

Civ %+ (7)

?01:

3. Experiment

The experiments were divided into two parts: physical absorp-
tion and chemical absorption. Hollow fiber PP, PTFE and PVDF
membranes were used in two experiments for comparing CO,
absorption performance. PP and PTFE membranes were received
from Mitsubishi Rayon Ltd. (Japan), and Sumitomo Electric Fine
Polymer (Japan), respectively. PVDF membranes were made using
the phase inversion method with lithium chloride as an additive.
Dimethylacetamide (DMAc) was used as a solvent to dissolve the
PVDF polymer and 30% dimethylacetamide/water solutions were
used as an internal coagulant to form the hollow fiber lumen. The

Table 2

Characteristics of hollow fiber membranes.

Description PVDF PP PTFE
Outer diameter (mm) 0.9 0.300 2.0
Inner diameter (mm) 0.8 0.244 1.0
Membrane length (m) 0.118 0.146 0.122
Membrane porosity (%) - 35 50
Membrane pore size? (m) 0.5 - 20
Fibers per module 240 1550 57
Outside fiber area (m?) 0.080 0.213 0.044
Module void fraction (%) 75.2 82.2 70.1
Reynolds number 5-26 3-14 10-46
Shell inside diameter (mm) 28

2 Determined from SEM images.

fabrication method, materials and procedure used to manufacture
the PVDF hollow fiber membranes that were used in this work were
reported by Xu et al. [17]. The membrane characteristics are listed
in Table 2. The experimental setup is shown in Fig. 2. The GAM
module was made from acrylic tubing with an inside and outside
diameter of 28 and 34 mm, respectively, while the module length
was roughly 0.25 m. Fig. 3 shows the schematic of the acrylic discs
that were used to pot the three hollow fiber membranes. Removable
membrane cartridges were designed to provide the best arrange-
ment and position of hollow fiber membranes in the module. This
design helps to control liquid channeling and dead zones when lig-
uid is fed in the shell side. A counter current mode of operation was
used in all experiments to obtain the best performance [11]. Liquid
solution was pumped with a centrifugal pump to the bottom of the
module and flowed upwards out the top of the module. This con-
figuration ensured that the liquid contacted all of the membrane
surface area. The liquid flow rate was controlled with a variable
area flow meter. A known volume was collected over time to cali-
brate the liquid flow rate. The feed gas stream was controlled using
a gas flow controller. The gas was introduced into the GAM module
before the liquid stream in order to prevent wetting problems. Each
run was operated at least 30 min before collecting any data to make
sure that steady state conditions had been reached.

In the physical and chemical absorption experiments, the liquid
flow rate was fed into the shell side of the GAM module while the
gas stream was fed into the fiber lumen. When the fiber lumen is
smaller than 100 wm, the pumping costs are excessive [18].

3.1. Physical absorption

The physical absorption tests were conducted with pure CO5 at
a constant gas flow rate of 300 ml/min. The de-ionized water flow
rate was varied. The absorbent was fed into the module shell side
while the pure CO, gas was fed into the membrane lumen side. At
steady conditions, the feed gas stream was measured using a bubble
flow meter.

3.2. Chemical absorption

Aqueous solutions of MEA were prepared to a desired concen-
tration using de-ionized water. Standard hydrochloric acid solution
(1N) was used as a titrant with methyl orange as an indicator. A
known volume was collected at steady state conditions for titra-
tion to determine the CO, loading in the MEA solution. CO, loading
was determined to make sure that the mass balance error between
the gas and liquid side was low, indicating the experiment was
valid. The CO, loading procedure can be found in the Association of
Official Analytical Chemists [19]. A simulated flue gas stream con-
taining 15% CO, and 85% air was prepared as a feed gas. An infrared
CO, analyzer was used to verify the desired concentration of CO,
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Fig. 2. Experimental setup for the gas absorption membrane contactor.

Fig. 3. Schematic of acrylic potting discs for hollow fiber membranes. (a) PP disc; (b) PTFE disc; (c) PVDF disc.

in the feed gas stream. At steady state conditions, the CO, outlet
concentration was measured using the infrared analyzer. An MEA
solution sample was taken at the top of module to find the CO,
loading in liquid side to make sure that the mass balance error was
not more than 10%.

4. Results and discussion
4.1. Physical absorption experiment
4.1.1. Effect of gas velocity on CO, absorption flux

PTFE membranes were used to test the effect of gas velocity.
Fig. 4 shows that the absorption flux remained constant while the

gas velocity increased. The gas velocity has no effect on absorption
flux and the overall mass transfer. This is because gas-phase mass
transfer resistance is not dominant. The controlling resistance in
the GAM system is the liquid side mass transfer resistance because
the CO, absorption occurs in the liquid film [9].

4.1.2. Membrane resistance analysis using a Wilson plot

The Wilson plot method can be used to find membrane resis-
tance. Fig. 5 shows the Wilson plot for the three membranes. The
power number of the liquid velocity was used to get the best
straight line, as has been done by previous researchers [13,20].
Recently, Atchariyawut et al. [ 13] have used this method to describe
the effect of membranes structure on membrane resistance. They



294 S. Khaisri et al. / Separation and Purification Technology 65 (2009) 290-297

5.0

4.5 1

4.0

3.5 4

J (mol/m?.s) x 10*
4
l
|
|
|
|
.
l
|
|
*
:
|
|
¢
:
|
|
|
°

3.0 A

2.5 T T T T T T T
150 200 250 300 350 400 450 500 550
Gas flow rate (ml/min)

Fig. 4. Effect of gas flow rate on CO; flux (PTFE membrane, pure CO; and pure water
system, constant water velocity at 26.10 m3/m? h).

® PIIFE
51 v PVDF
m PP
“ 44
=
" v
§ 31 [}
&
ge
=,
14 /
0 ; ; :
0 100 200 300

V-0.93
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plotted 1/K,; between v~993 to analyze PVDF and PP membrane
resistances when the liquid flowed in the shell side of membrane
module. They found that a finger-like pore portion had a signifi-
cant effect on membrane resistance. The increase of the finger-like
structure provided a lower membrane resistance. The structure of
the PVDF membranes used in this work will be discussed later.
Wilson equations and membrane resistances are shown in
Table 3. It was found that the PTFE, PP and PVDF membranes have
membrane resistances of 39%, 43% and 47%, respectively. When
the membrane is partially wetted by capillary condensation in the
pores, the membrane resistance increases, thus reducing the overall
mass transfer coefficient [21]. The hydrophobicity of membranes is
represented in terms of the contact angle between the water and
membrane. The contact angle value is an angle between liquid and
solid. In the case of water, a material is deemed to be hydrophobic

Table 3

Wilson equation and membrane resistance analysis.

Membrane Equation R [Riot? (%)
PTFE 1/Ky = 364.03 v=09 4 53566 39.87

PP 1/Ky = 845.15 v=09 + 143406 43.32
PVDF 1/Ky = 951.49 v=09 1 189049 47.23

2 Riot Was calculated at v = 0.003 m/s.

Table 4
Contact angle between water and membranes.
PVDF PP EIEE Reference
100° = = [26]
92° - - [25]
= 100° [27]
= 118° 127° [28]
- 104° 113° [29]
= = 133.5° [30]

if the contact angle is higher than 90°. In general, the hydrophobic-
ity of the membranes is in the order of PTFE > PP > PVDF, as shown
in Table 4, which indicates the resistance to wettability by water.
In a non-wetted mode of operation, the pores of the membrane
are completely filled by gas, and the membrane resistance should
not be more than 0.12% and 0.65% for PVDF and PTFE membranes
based on Eq. (6), respectively. If the membrane pores were par-
tially wetted by capillary condensation, the membrane resistance
increases [13]. From the results shown in Table 3, it was clear that
all of the membranes were partially wetted by water and/or water
vapor. A high contact angle can prevent a wetting problem because
of its natural hydrophobicity. From Table 4, the PTFE membrane
has a higher hydrophobicity than PP and PVDF membranes. It was
shown that PTFE membranes can prevent water penetration into
membrane pores better than PP membranes. The PTFE membrane
resistance was less than the PP and PVDF membranes due to its
hydrophobicity. When the liquid water penetrates into the pores,
the membrane resistance is increased. From the results, the liquid
water penetrated into the PP pores more than PTFE pores, and that
had an effect on the membrane resistance.

Surprisingly, the PVDF membrane had the highest membrane
resistance, but its absorption performance was higher than PP
membrane. However, structure, pore size and porosity of the mem-
brane also have an effect on membrane resistance and absorption
performance [13,17,22]. The cross section of the PTFE and PVDF
membranes were examined using a JSM-5600, JEOL Ltd. scan-
ning electron microscope (SEM). Fig. 6 shows PTFE and PVDF SEM
images. A microporous structure was formed in the inner surface of
hollow fiber membrane when 30%DMAc was used an internal coag-
ulant [17]. In addition, the mass transfer resistance is increased by
a dense skin layer. Referring to Fig. 6, the finger-like structure in
the PVDF membrane was over 50% of the membrane thickness.
When the finger-like structure is increased, the absorption per-
formance and membrane porosity increases while the membrane
resistance tends to decrease [13]. In general, the phase inversion
method for manufacturing membranes yields a higher membrane
porosity than the sintering method. Unfortunately, there is no data
for the porosity of the PVDF membrane, but it should be higher than
the porosity of the PP membranes due to its manufacturing pro-
cess. It can be reasonably concluded that the PVDF membrane had
higher absorption flux than the PP membrane because of porosity,
pore size and the structure of the hollow fiber membrane.

4.1.3. Comparing membrane performance

The PTFE, PP and PVDF membranes were evaluated for their
CO, absorption performance with respect to each other. The PTFE
and PP membranes were received from Mitsubishi Rayon Ltd.
(Japan), and Sumitomo Electric Fine Polymer (Japan), respectively.
The PVDF membranes were prepared by a phase inversion method
with lithium chloride as an additive. All membranes had CO, flux
increase with an increasing liquid velocity, due to an increase in the
mass transfer coefficient. This can be seen in Fig. 7. When the liquid
velocity increased, which affected the mass transfer coefficient, an
increase in absorption flux was observed. This confirmed that the
liquid film is the controlling step in the GAM system.
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Fig. 6. Cross sectional SEM images of hollow fiber membranes (a) PTFE membrane
and (b) PVDF membrane.

CO, flux comparisons produced surprising results for the PVDF
membranes. The PVDF membrane had a higher CO5 flux than the PP
membrane, but it was lower than the PTFE membrane by roughly
20%. The absorption flux depends on many parameters including
the membrane structure, membrane morphology, and operating
parameters. Asimakopoulou and Karabelas [23] studied the effect
of packing density on shell side liquid film mass transfer coeffi-
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Fig. 8. Effect of liquid velocity in chemical absorption experiments (1.0 M aqueous
MEA solution, CO, loading 0.20-0.21 mol CO,/mol amine, 15% CO,, inert gas flow
rate 0.30 mol/min).

cients. They found that there was no effect on the shell side mass
transfer coefficient when the packing density was less than 0.30.
The packing densities used in this work, fit this criteria.

Membrane porosity is also a significant factor that affects the
CO, absorption flux in GAM systems, as discussed before. However,
the cost of the membrane should be considered. PTFE and PVDF
membranes cost 11.5 $US/m (Sumitomo Electric Fine Polymer) and
0.36 $US/m (Wenzhou New Century International Ltd.), respec-
tively. The price of the PVDF membrane is considerably cheaper
than the PTFE membrane. When comparing between the price
and performance of PTFE and PVDF membranes. We can see that
the PVDF membrane is better than the PTFE membrane. From
the results, the PVDF membranes are suitable in the GAM system
because it had a CO, flux that was almost equal to the PTFE mem-
brane. In addition, the PVDF membranes are cheaper and easier to
manufacture.

4.2. Chemical absorption experiment

MEA solution was used as an absorbent to test the performance
of membranes. A counter-current mode of operation was used with
the gas flowing inside the membrane lumen and the liquid flowing
in the module shell side.

Figs. 8 and 9 show the absorption performance of PTFE, PVDF
and PP membranes in terms of CO; flux and the overall volumetric
gas-phase mass transfer coefficient (Kgay), respectively. It is clear
that the membrane performance was in order of PTFE > PVDF > PP in
terms of both the absorption flux and overall volumetric gas-phase
mass transfer coefficient. It can be seen that the PTFE membranes
performed better than the PVDF and PP membranes. The PTFE and
PP membranes had membrane porosities of 50% and 35%, respec-
tively. The higher membrane porosity led to a higher performance.
In chemical absorption tests, such as CO,-MEA and CO,-NaOH, the
membrane porosity had an effect on the mass transfer coefficient,
as reported by Matsumoto et al. [22]. The overall mass transfer
coefficient increased with an increase in the porosity because of
the liquid film boundary layer in the CO,-MEA system. When the
ratio between the thickness of the liquid film boundary layer and
the average distance between pores is small, the boundary layer is
close to the membrane surface. This can increase the mass transfer
coefficient in GAM systems. The PVDF membrane had the high-
est membrane resistance, but it had CO, fluxes higher than the
PP membrane. Fig. 6(b) shows the image of the PVDF membrane.
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There is a dense skin layer on the outer surface of PVDF mem-
brane, while the PTFE does not have any dense skin layers on either
side of the membrane. The dense skin layer decreases the mass
transfer coefficient. It is possible that the lower performance of the
PVDF membrane came from the dense skin layer. Xu et al. [17]
reported that skinless inner and outer hollow fiber membranes
could enhance the absorption rate in GAM systems.

The effect of MEA concentration on the CO, flux is shown in
Fig. 10. This experiment was done with PTFE membranes to study
the effect of solution concentration on the absorption performance.
MEA solution was used as an absorbent with concentrations of 1.0
and 3.0 M. It was clear that the CO, fluxes increased with an increas-
ing liquid velocity and solution concentration. When the solution
concentration and liquid velocity increased, more free amine was
available, leading to a higher reaction rate between CO, and amine.
However, solution viscosity has an effect on the absorption per-
formance when using a high solution concentration. According to
deMontigny et al. [9], absorption performance can decrease with
highly concentrated MEA solutions because of the effect of viscos-
ity.

The wettability of membranes was studied by many researchers
[5,11,13]. They found that membrane wetting has a significant effect
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Fig. 10. Effect of solution concentration on CO, flux (PTFE) (fresh aqueous MEA
solution, 15% CO, inert gas flow rate 0.30 mol/min).
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Fig. 11. Effect of operating time on membrane performance (1.0 M aqueous MEA
solution, CO, loading 0.20-0.22 mol CO,/mol amine, 15% CO,, inert gas flow rate
0.30 mol/min).

on CO, absorption flux as well as the overall mass transfer coeffi-
cient. The effect of operating time on PTFE and PVDF membranes is
shown in Fig. 11. The PTFE membranes maintained the CO, absorp-
tion flux after 60 h of operating time because of its hydrophobicity.
As reported by deMontigny et al. [11], the PTFE membranes could
maintain the same overall mass transfer coefficient after 80 h of
operation. As seen in Fig. 11, after 40 h of operation the PVDF mem-
branes had an absorption performance that dropped by roughly
33%. After 60h of operation the absorption performance had a
reduction by roughly 40%. When the membrane pore is totally filled
by liquid, the absorption flux does not increase with an increase the
liquid velocity. In Fig. 11, the absorption flux of PVDF membrane
decreased during operation. The reduction in absorption flux was
quite high after 40 h of operation. The performance dropped slightly
more after an additional 20 h of operation (60 h in total). The reduc-
tion in the PVDF membrane absorption performance indicated
that the PVDF membranes were partially wetted by MEA solution.
Membrane modification can increase hydrophobicity [24,25]. PVDF
membranes need to be extensively studied in GAM applications
because the performance is acceptable and the cost is significantly
cheaper than PTFE membranes.

5. Conclusions

Hollow fiber membrane contactors are an alternative technique
for absorption systems. There are many membranes that have been
studied in GAM systems. Recently, PVDF membranes have been
investigated by many researchers. In this work, PTFE, PP and PVDF
membranes were studied for comparing CO, absorption perfor-
mance and membrane resistance.

In physical absorption experiments, the PVDF membrane per-
formed better than the PP membrane. The PVDF membrane had a
membrane resistance around 47% of the total resistance, whereas
the PTFE and PP membranes had membrane resistances of 39% and
43%, respectively, of the total resistance. The membrane resistance
increased because of membrane wetting. In chemical absorption
experiments, the CO, absorption flux had the same results that
were seen in the physical experiment: PTFE > PVDF > PP. The PVDF
membrane performed better than PP membranes in the physical
and chemical absorption experiments. In terms of stability, the PTFE
membrane could maintain their performance after 60 h of oper-
ation, while the PVDF membrane had a reduction in absorption
performance. However, based on the cost of PVDF membranes, and
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their comparable performance to PTFE membranes, they remain a
membrane of interest.
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The aims of this work are to investigate the ozone mass transfer in the hollow fiber membrane contactor
for ozonation of dye solution and to study the effect of dyeing auxiliary reagents on decolorization per-
formance. Effects of hydraulic retention time (HRT) in the system and membrane on color removal were
also investigated in the continuous ozonation membrane contacting system. Dye used in this experiment
was C.I. Reactive Red 120 (RR 120) and sodium carbonate (Na,COs3) and sodium chloride (NaCl) were

Keywords: used as additives. It was found that the ozone flux increased with increasing liquid velocity for water
Membrane contactor . . . . . . .
Ozonation and dye solution as a liquid phase. Change in gas velocity did not influence the ozone flux. Therefore,

the main mass transfer resistance for ozonation in membrane contactor was in liquid phase for both
cases. The presence of Na,COs in the dye solution resulted in increasing the ozone flux, conversely, the
ozone flux decreased when NaCl was added. Decolorization performance by ozone was inhibited when
Na,COs; existed in the dye solution. For ozonation membrane contacting system, the dye color removal
performance increased with increasing HRT of the system. Additionally, decolorization of dye solution
increased with decreasing HRT in the membrane module.

Reactive dye
Decolorization
Auxiliary reagents

© 2008 Elsevier B.V. All rights reserved.

1. Introduction

Textile industry consumes and discharges high amount of water.
The effluents from textile industry contain high concentration of
organic and inorganic compounds, and are strong in color. The
majority of dyes used in the textile industry is the azo dyes, account-
ing for more than 50% of all commercial dyes. These dyes include
azo groups (N=N) mainly bound to substituted benzene or naph-
thalene rings. In addition, they contain sulphonic acid groups in
order to confirm both their solubility in the water and their abil-
ity to dye wool, silk, nylon, cotton, cellulose acetate and others.
Sulphonic acid group can be deactivated by electrophilic attack
and biological degradation taking place in the common wastewater
treatment process. Thus, treatment of the effluents by conventional
chemical coagulation and biological methods to reduce biologi-
cal oxygen demand (BOD), and chemical oxygen demand (COD),
and suspended solid are generally satisfactory, except the removal
of dye color. The azo dye removal in biological wastewater treat-
ment process is typically based on the anaerobic treatment concept
[1]. Advanced oxidation processes (AOP) including UV/H,0,, and
Fenton’s reagent have been applied [2,3] to decolorize the efflu-

* Corresponding author. Tel.: +66 2470 9222; fax: +66 2428 3534,
E-mail address: ratana.jir@kmutt.ac.th (R. Jiraratananon).

1383-5866/$ - see front matter © 2008 Elsevier B.V. All rights reserved.
doi:10.1016/j.seppur.2008.11.011

ents containing dyes. A comparison between different oxidants was
carried out [4] and it was found that ozone generally produces non-
toxic products which are finally converted to CO, and H,O if the
conditions are drastic enough.

In the previous study [5], the removal of direct dye by ozonation
was shown to be a promising technique. Ozonation is an attrac-
tive AOP technology because it can destroy the double bonds often
related with dye colors. Ozone is a powerful oxidant for water and
wastewater treatment. Once dissolved in water, ozone reacts with a
great number of organic compounds in two different ways: by direct
oxidation as molecular ozone or by indirect reaction through for-
mation of secondary oxidants like free radical species, in particular,
the hydroxyl radicals. Both ozone and hydroxyl radicals are strong
oxidants and are capable of oxidizing compounds such as dyes. The
benefit of ozone on environmental application is well known and
has been extensively discussed in the previous works [6,7].

A conventional equipment to perform ozonation is a bubble
column which is simple in design and operation [5,8,9]. However,
the disadvantages of the bubble column have been addressed, for
example, flooding, uploading, emulsion, and foaming. These prob-
lems can be avoided by using a gas-liquid membrane contactor
[10]. Gas-liquid membrane contactor is a membrane process in
which the hydrophobic porous membranes are employed as a bar-
rier to separate gas and liquid phases. Fig. 1 depicts the mass
transfer mechanism of the interested gas for a non-wetted (gas
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Fig. 1. Mass transfer regions and resistance-in-series in non-wetted membrane contactor.

filled pores) gas-liquid membrane contactor. It can be seen that the
feed gas has to encounter with three resistances in series, i.e. gas
phase boundary layer, membrane and liquid phase boundary layer.
The advantages of the membrane contactors over conventional
contactors lie in the high interfacial area and the hydrodynamic
decoupling of the phases. Membrane contactors have played an
important role in the processes such as liquid-liquid extraction and
gas-liquid absorption. The most widely application is the absorp-
tion of CO, by both physical and chemical absorption [10,11].

The reaction kinetics of ozonation of humic substances was stud-
ied using a hollow fiber membrane contactor [12]. Leiknes et al. [13]
carried out the decolorization of natural organic matter (NOM) by
ozonation using a tubular membrane module to study the effects of
the flow rates and temperatures of the liquid phase on ozone trans-
fer and on the enhancement of mass fluxes. Mass transfer study on
a flat-sheet membrane contactor for ozonation of NOM and indigo
reagent [ was also recently reported [14]. Ozonation of wastewaters
by membrane contactors were also reported by few investigators
[10,15].

Although there is a number of previous works on ozonation of
dye solution or dyeing effluent [5,8,9], these investigations used
conventional bubble columns for their studies. Due to the disad-
vantages of the bubble column mentioned earlier, it is the interest
of this work to apply a hollow fiber membrane contactor for ozona-
tion of dye solution. The objective of this work was to study the
mass transfer in the ozonation membrane contactor by varying
gas and liquid phase velocity. Effects of dyeing auxiliary reagents,
i.e. Na,CO5 ad NaCl were also investigated. The continuous ozona-
tion membrane contacting system was designed and examined
for decolorization of dye solution. The results of this work were
expected to provide useful experimental data for application of a
membrane contactor for ozonation of dyeing effluents.

2. Materials and methods
2.1. Ozone generator

The ozone generator used in this work was developed by the
Department of Hydraulic and Environmental Engineering, Nor-
wegian University of Science and Technology (NTNU) under the
Technology Enabled Universal Access to Safe Water (TECHNEAU)
project funded by the European Commission for achieving the
low-cost ozoniser for potable water treatment. Ozone generation
technology which was employed for the generator was dielec-

tric barrier discharge in the surface discharge configuration. It can
be called as PURION technology which was extremely flexible in
design, allowing easy adaptation of the generator to any specific
applications. The use of surface discharge in ozone generation is
relatively new, and was pioneered by Masuda et al. [16]. Under the
development project, ceramic material and high purity stainless
steel were selected to be used as dielectric layer and high voltage
electrode, respectively, in order to provide a high efficiency and
competitive price of ozoniser. Since, 68% of the energy input into
ozone generators is expended as heat; the heat has to be removed
from the discharge and reactor surfaces in order to enhance the
ozone production and efficiency. In the PURION ozone generator,
water was used to provide the more efficient cooling media.

2.2. Experimental setup

The Microza hollow fiber PVDF membrane module (UMP-153)
used in this work was purchased from Pall Corporation. The spec-
ifications of the membrane are listed in Table 1. The azo reactive
dye C.I. Reactive Red 120 manufactured and kindly provided by
DysStar Textilfarben GmbH & Co. and Dystar Thai, Ltd. Molecular for-
mula of RR 120 and its molecular weight are C44H24Cl;N14020SgHg
and 1337.34 g/mol, respectively. A reagent grade NaCl and Na;CO3
used as additives in dye solution were bought from Merck, Ltd. Pure
oxygen (99.8%) was used to produce ozone in all experiments.

The experimental works were divided into two parts. Firstly, the
mass transfer study and effect of dyeing auxiliary reagents on color
removal were carried out. The experimental setup is schematically
shown in Fig. 2. The ozone was produced with PURION ozone gen-
erator by pure oxygen. The ozone concentration in the gas phase
was measured by the ozone analyzer, BMT 961 (UV-photometric
method) with 1.5% measurement uncertainty. For all runs, the

Table 1
Specifications of the hollow fiber membrane module (UMP-153) used.

Membranes Polyvinylidene fluoride
Fiber o.d. (mm) 3.8

Fiber i.d. (mm) 2.6

Module i.d. (mm) 35

Membrane pore size (um) 0.2

Membrane porosity 0.7

Number of fibers 50

Effective module length (mm) 200.3

Effective contact area (m?) 0.084
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Fig. 2. Schematic diagrams of a gas-liquid membrane contactor unit.

ozone concentration in the feed stream was kept at 50 mg/1 and it
was fed through the shell side of the membrane module. The pure
water or dye solution was pumped by peristaltic pump (L/S® Easy-
load® 11, Masterflex) from the feed tank into the lumen side of the
hollow fibers. The liquid phase was fed as a single pass through and
the contact time was adjusted by tuning the liquid flow rate for this
part of the experiment. The second part is the study of continuous
ozonation membrane contacting system on a dye decolorization
performance. The experimental equipments were setup the same
as the first part, besides, an additional tank namely reactor tank was
added into the system as shown in Fig. 3. This reactor was used to
separate the effect of system retention time and the liquid phase
mass transfer coefficient. Therefore, the contact time of dye and
ozone in the system and the mass transfer coefficient in the mem-
brane can be independently controlled by using peristaltic pump
P1 and P2, respectively. This conceptual design provided the con-
tinuous ozonation membrane contacting system which is suitable
for the dye effluent treatment processes.

Ozone concentration in the water was measured by colorization
method by indigo reagent [17]. The ozone fluxes for pure water were
determined by mass balance in the liquid phase, whereas ozone
fluxes for dye solution were calculated by the mass balance in the
gas phase. For all experiments, the synthetic dye wastewater was
used. The dye concentration was kept to be constant at 300 mg/l and
the auxiliary reagents used were 40 g/l NaCl and Na,COs3. The color
of the RR 120 dye was measured with U 3000 spectrophotometer,
Hitachi at 535 nm wavelength. The conductivity and pH of the dye
solution after ozonation were determined by LF537 Microproces-
sor Conductivity Meter, WTW and ION83 Ion Meter Radiometer,
respectively. COD of the tested effluents were measured by COD
cuvette test provided by HACH LANGE GmbH.
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Fig. 3. Schematic diagrams of an ozonation membrane contacting system.
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3. Results and discussion
3.1. Mass transfer analysis in ozonation membrane contactor

With the aim of gaining a better understanding of the ozone
mass transfer phenomena in the membrane contactor, the effects
of gas and liquid velocities on the ozone flux were studied for both
in pure water (physical absorption) and in dye solution (chemical
absorption) system.

Fig. 4 depicts the effect of liquid phase velocity on ozone flux
using pure water and 300 mg/l dye solution as liquid phase. The
ozone flux increased with increasing liquid velocity for physical and
chemical experiments since the liquid phase mass transfer coef-
ficient (k;) was enhanced with the liquid velocity. The change of
ozone flux with water velocity was larger than that of dye solution.
Wang et al. [18] reported the similar trend of the results of effect
of liquid phase velocity on the flux for both physical and chemical
reaction systems. For the mass transfer system with the presence
of chemical reaction, the mass transfer rate can be improved as the
liquid mass transfer coefficient was increased. As ozone can chem-
ically react with dye; therefore, the ozone flux in dye solution was
higher than that in the pure water. The effects of gas velocity on the
ozone flux for pure water and 300 mg/1 dye solution were presented
in Fig. 5. It can be seen that the change of gas velocity did not affect
the ozone flux for both systems.

According to Fig. 1, it can be seen that there are three mass trans-
fer steps for ozone transport in the membrane contacting process,
i.e. gas phase, membrane and liquid phase. The overall mass transfer
resistance is a summation of the individual mass transfer resistance
in each phase, which can be shown as:

1 1 do do

Ko i Hkmdiy  Fgdh W

where K, is the overall mass transfer coefficient-based liquid-
phase (m/s), kj, km, kg are the individual mass transfer coefficients
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Fig. 5. Effect of gas velocity on ozone flux (liquid flow rate: 18 ml/min; operating
temperature: 25 °C; Re: 165).
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of the liquid phase, membrane and gas phase, respectively. H
represents Henry’s constant. d;, do, d), are the inner, outer and
logarithmic mean diameters of the fibers, respectively.

At 295K, the Henry’s constant (H) for ozone in water is 3.823
(mg/l)g/(mg/l); [14]. Therefore, for ozonation in pure water, the
overall mass transfer coefficient was in the range of 5.30 x 10~7
to 1.84 x 10> m/s for these experimental conditions as the liquid
velocity was varied from 0.01 to 0.5 m/s (see also Fig. 4). The over-
all mass transfer coefficient also increased with liquid velocity. The
trend of the overall mass transfer coefficient should be the same for
ozonation of dye solutions. Unfortunately, the overall mass transfer
coefficient for ozone and dye solution system cannot be determined
due to lack of Henry’s constant data of dye and ozone. However, it
would be expected that the overall mass transfer coefficient of the
ozone in the dye solution should be higher than that in pure water
according to the chemical reaction between ozone and dyes.

Referring to the above results and Eq. (1), it can be suggested that
the main mass transfer resistance was in the liquid phase for these
two cases (pure water and 300 mg/l dye solution used as liquid
phase). The study of mass transfer would be useful in the operation
of membrane contacting system for ozonation dye effluents.

3.2. Effect of auxiliary reagent on dye effluent treatment

NaCl and Na,;CO3 are generally used as the auxiliary reagents
since they can act as exhausting and retarding agents. Fig. 6 shows
the effect of dye additives on the ozone flux. It can be seen that the
ozone flux increased when the Na,;CO3 was in dye solution. The pH
of dye solution was increased when Na,;CO3 was added leading to
decomposition of ozone molecule to be OH* radical. This resulted
in increasing the mass transfer coefficient in the liquid phase due
to the enhancement of ozone concentration difference between gas
and liquid phases. When NaCl was added into the dye solution, the
ozone fluxes were found to be decreased due to the decrease of gas
solubility in the salt solution (salting out effect) [19].

The effects of dye auxiliaries on the ozonation performance
were presented as a function of ozonation time. The decolorization
performances of ozone in dye solution with and without addi-
tive reagents are shown in Fig. 7 where Ay and A represent the
absorbance of dye solution before and after ozonation, respectively.
It was found that, after 30 min ozonation time, the color in the
dye solution without any additives decreased around 64% and the
decolorization of the dye solution with the presence of Na;CO3
as an additive was around 40% of the initial dye concentration.
Na,COs3 in the dye solution inhibited the decolorization perfor-
mance of the ozone. For the effect of NaCl in the dye solution, it
can be found that the addition of NaCl slightly affected the decol-
orization performance of the ozone. Ozone can react with dyes in
two different ways, i.e. direct ozone molecular and indirect rad-
ical type chain reactions. At the high pH of the dye solution, O
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Fig. 6. Effects of liquid velocity and dye auxiliary reagents on ozone flux (gas flow
rate: 350 ml/min; operating temperature: 25 °C).
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Fig. 7. Effects of ozonation time and dye auxiliary reagents on decolorization (gas
flow rate: 350 ml/min; operating temperature: 25°C).

molecules can decompose into OH* radical which is less selective
than ozone molecule. The pH of the solution was around 11 (also
see Fig. 8) when 40g/l Na,CO3 was added into the dye solution.
Therefore, when the solution was consisted of Na,COs, the decol-
orization performance of the dye solution was decreased due to the
decrease of the double bond selectivity. In addition, OH* radical can
be scavenged by CO32~ resulted in wasting the OH® oxidant with
dye [8].

The effects of ozonation time and auxiliary reagents on pH of
the dye solution are presented in the Fig. 8. The pH of 300 mg/I dye
solution decreased from 7.44 to 3.18 during 30 min operation time.
The decrease of pH was caused by the oxidation of azo groups and
aromatic rings which produced organic and inorganic acid such as
oxalic and formic acid [20]. When the dye solution contained 40 g/1
Na,COs, the pH of the solution maintained roughly 11 throughout
30 min of ozonation due to the high concentration of Na;CO3. The
addition of NaCl into the dye solution did not influence the change
of pH solution as well as the ozonation oxidation performance.

Table 2 shows the effect of ozonation time and dye auxiliaries
on the solution conductivity. For the dye solution without addi-
tives, the solution conductivity increased with operation time from
2.7 x 10~ to 5.8 x 10~4 mS/cm. This is because the dye molecules
were decomposed by the ozone resulting in generating small ions
such as organic acids, SO,2~, NO,~, NO3~, and NH4*. The decom-
position pathways of azo reactive dye C.I. Reactive Red 120 was
presented in the literature [20]. Changing in conductivity of the dye
solution can confirm that the dye molecules were decomposed by
ozonation. For the dye solution in the presence of assisting reagents,
the observed solution conductivity was found to be constant with
the ozonation time due to the high concentration of additives.

The effect of ozonation time on COD removal of the dye solution
and dye solution consisting of 40 g/l Na,CO3 were shown in Fig. 9.
The COD removal of dye solution increased with increasing ozone
contacting time. The COD decreased by roughly 32 and 23% of the

—— 300 mg/l Dye
8 1 -8 300mg/IDye+40g/INa2CO3"
—&— 300 mg/l Dye + 40 g/l NaCl

T 6
= - 300 mg/l Dye + 40 g/l Na2CO3 + 40 g/l NaCl
4 "
* —4
2 o
0 T T T T T T
0 5 10 15 20 25 30 35

Contact time (min)

Fig. 8. Effects of ozonation time and dye auxiliary reagents on pH (gas flow rate:
350 ml/min; operating temperature: 25 °C).
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Table 2

Effects of ozonation time and dye auxiliary reagents on conductivity (gas flow rate: 350 ml/min; operating temperature: 25°C).

Contact time (min) Conductivity (mS/cm)

300 mg/l dye 300 mg/1 dye +40 g/l Na,CO5 300 mg/1 dye +40 g/l NaCl 300 mg/1 dye +40 g/l Na,CO3 +40 g/l NaCl

0 2.65 x 104 384 55.8 782

1 2.90 x 104 38.6 55.9 78.1

5 3.70 x 104 385 55.9 783
10 450x 104 38.6 56.0 783
20 5.40 x 104 383 56.1 78.2
30 5.80 x 104 383 56.1 782
initial COD for 300 mg/I dye solution and 300 mg/1 dye containing 1.0
40 g/1 NaCOs5 solution, respectively. The COD removal efficiency of o VT ke i HRCT et 0.1 it
ozonation process was inhibited when the Na;CO3; was added into 0.8 1
the dye solution. This is because ozone was scavenged with CO32~ ~#—-HRT systom 4 hrs., HRT: membrane 0.1 natn
resulted in losing ozone oxidizing power with dye in the solution < 067
[8]. The COD determination cannot be carried out when the solution %
composed with NaCl because of positive interference of chloride 04
ions (Cl~) with the COD measurement.

The ratio of O3 used/COD eliminated is one of the appropriate 021

parameters indicating the ozonation efficiency for COD removal in 00 ‘ . . ‘ .
the dyeing effluent treatment processes. At 30 min residence time 0 100 200 300 400 500 600

0of 300 mg/1 dye solution in the membrane module, the O3 used/COD
eliminated ratio was approximately 1.85 g O3 /g COD. It means that
one gram of COD removal was required to utilize 1.85 g of ozone. The
ratio of O3 used/COD eliminated was 5.15 g O3 /g COD at 5 min resi-
dence time of dye solution. This indicated that as the residence time
increased the ozonation efficiency increased. In order to gain the
highest ozonation efficiency, the residence time of the dye solution
has to be considered.

3.3. Decolorization performance in ozonation membrane
contactor system

Wastewater from dyeing process is generally treated in a con-
tinuous system due to the large volume of the effluent. In this part,
the study of ozonation in membrane contacting system was car-
ried out by adding the reactor tank (see also in Fig. 3) in order to
achieve the continuous concept. In addition, the effect of hydraulic
retention time (HRT) in the membrane and system can be individ-
ually investigated. HRT of dye solution in the system can be varied
by adjusting the dye solution flow rate using peristaltic pump P1
(see Fig. 3). The change of dye solution flow rate resulted in the
ozone-dye contacting time. In addition, the HRT of the membrane
was controlled by using peristaltic pump P2 (see Fig. 3). The mass
transfer in the system can be individually controlled by tuning the
HRT in the membrane contactor.

The effects of HRT system on dye decolorization is presented
in Fig. 10. It can be found that the color removal performance

1.00
= 080r
=1
=]
]
=
=
S oeor
—— 300 mg/l Dye
—#— 300 mg/l + 40 g/l Na2CO3
0.40 L L L - i .
0 5 10 15 20 25 30 35

Contact time (min)

Fig. 9. Effects of ozonation time and Na,COs; on COD removal (gas flow rate:
350 ml/min; operating temperature: 25 °C).

Operation time (min)

Fig. 10. Effects of ozonation time and HRT system on decolorization (gas flow rate:
350 ml/min; operating temperature: 25 °C).

decreased with decreasing the retention time in the system. The
dye decolorization at steady state was found to be 44 and 68% for
2 and 4h of HRT system at the same 0.1 min of HRT membrane,
respectively. Fig. 11 shows the comparison of HRT membrane with
the same 4 h HRT system on dye decolorizaiton performance. As the
HRT membrane was decreased by increasing the liquid flow rate,
the decolorization performance increased. It can be explained that
the mass transfer coefficient was increased with increasing liquid
velocity. It is clear that the decolorization performance depends
upon both HRT system and membrane. Long system retention
time and low retention time in the membrane were the suitable
conditions for color removal by ozonation membrane contacting
system.

Fig. 12 illustrates the effect of auxiliary dyeing reagents on the
decolorization performance in the ozonation membrane contacting
system. The experiments were performed at 4 h HRT system and 0.1
HRT membranes for both cases. The decolorization performance
decreased around 10% when the auxiliary reagents existed in the
dye solution as discussed in Section 3.2. Thus, the use of ozonation
membrane contactor system can help to decrease the dye color in
the effluent. In addition, this process can be continuously operated
and provided the good performance for dye effluent decoloriza-
tion.

1
0.8
= 06
<
< 044
—&— HRT system 4 hrs.. HRT membrane 0.1 min
0.24
—&— HRT system 4 hrs.. HRT membrane 0.5 min
0 T T T T T
0 100 200 300 400 500 600

Operation time (min)

Fig. 11. Effects of ozonation time and HRT membrane on decolorization (gas flow
rate: 350 ml/min; operating temperature: 25°C).
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1
—&— 300 mg/l Dye
0.8
—8— 300 mg/l Dye + 40 g/l NaCl + 40 g/l Na2CO3
= 061
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< 0.4
0.2
0 T T T T T
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Operation time (min)

Fig. 12. Effects of ozonation time and dye auxiliary reagents on decolorization (gas
flow rate: 350 ml/min; operating temperature: 25 °C; HRT system: 4 h; HRT mem-
brane: 0.1 min).

4. Conclusions

Mass transfer of ozone in membrane contactor was studied by
changing the gas and liquid flow rate. It was found that the ozone
flux increased with liquid velocity for water and 300 mg/I dye solu-
tion used as liquid phase. On the other hand, the ozone flux did
not change with increasing the gas flow rate. Therefore, it was clear
that the main mass transfer resistance was in the liquid phase for
both cases. Na,CO3 and NaCl were utilized as the auxiliary reagents
for dyeing process and their effects on the ozonation process in
the effluents were studied. When the Na,CO3 was present in the
dye solution, the ozone flux increased since the ozone molecules
was decomposed to OH* radical resulted in increase mass transfer
coefficient in the liquid. The ozone flux decreased with adding NaCl
due to the salting out effect. The reagents inhibited the decoloriza-
tion performance of the ozone due to lesser double bond selectivity
of OH* radical. After 30 min ozonation time, the COD of the dye
solution was reduced around 32% which was an advantage of using
ozone in dye effluent.

The reactor tank was added in order to separate the effect
of HRT system and membrane and to achieve the continuous
mode of operation. The decolorization performance was devel-
oped with increasing the HRT in the system and decreasing
the HRT in the membrane. The increase of HRT system was an
increase of the contact time between ozone and dye solution.
The decreasing in HRT membrane was equal to the increase of
liquid velocity which resulted in the increase of mass trans-
fer coefficient in the liquid phase. The dye removal efficiency
decreased around 10% when the auxiliary reagents were added in
the dye solution. The continuous ozonation membrane contacting
system showed that the dye color was removed roughly 68% in the
4 h HRT system and 0.1 min HRT membrane.
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velocities, system temperatures on the ethanol removal of ethanol solution and wine by using osmotic
distillation (OD) process were investigated along with the mass transfer study. The experiments were
performed by the membrane contactor unit using 0.2 wm pore size diameter microporous PVDF hollow
fibers. Three different types of stripping solutions (pure water, 50% (w/w) glycerol, 40% (w/w) CaCl, ) were
used to compare the dealcoholization performance of the process. Aroma loss study was also carried out
by using ethyl acetate and iso-amyl alcohol solutions to represent the major aroma compounds presenting
in the real wine. Long-term tests for ethanol solution and wine were also performed in order to evaluate
Osmotic distillation the dealcoholization performance of OD process.

Stripping solutions Using water as a stripper presented more promising result compared with the others because it pro-
Wine vided higher ethanol flux and lower counter transport of water due to the water activity differences. The
results of the study showed that the ethanol flux and ethanol removal performance were enhanced by
the increase of feed and stripping solution velocities and system temperatures. Aroma components were
significantly lost during the process operation. The ethanol concentration in the wine can be reduced to
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roughly 34% of the initial concentration for 360 min operation.
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1. Introduction

Wine is the one of alcoholic beverages which is mainly made
from the fermentation of grape juice. Generally, wines are com-
posed of 10-15% (v/v) alcohol, sugars, proteins, antioxidant agents,
and vitamins. Many benefits have been found in moderate drinkers
of red wines such as cancer protection, cardioprotection. However,
itis arguable that one of the major defects in many modern wines is
excessive ethanol. There is considerable worldwide interest today,
for heath reason, in the methods for selective removal of alcohol
from wines with minimum effects on their taste, odor or mouthfeel
[1,2].

There have been many processes applicable to produce low
alcohol content beverages. Spinning cone column [3,4] is oper-
ated by two stages, i.e. aroma recovery and ethanol removal. The
aroma fraction is added back into dealcoholized wines, thus, it leads
to a costly process operation. The membrane processes including
reverse osmosis [5,6], vacuum membrane distillation [7], pervapo-
ration [8,9], can also be utilized in reducing alcohol in the beverages.
However, the operations of these membrane processes require the
high energy consumption for conditioning the suitable operating
pressure.

* Corresponding author. Tel.: +66 2470 9222; fax: +66 2428 3534,
E-mail address: ratana.jir@kmutt.ac.th (R. Jiraratananon).

1383-5866/$ - see front matter © 2008 Elsevier B.V. All rights reserved.
doi:10.1016/j.seppur.2008.12.011

The alternative membrane process which operates at low tem-
perature and atmospheric pressure has been studied and it is
called osmotic distillation (OD) [2]. The separation by OD depends
upon the vapor pressure differences between feed and stripping
streams. OD process is a membrane contactor technique in which
the porous hydrophobic membrane separates two aqueous solu-
tions and prevents the solution penetration into the membrane
pores. The important advantages of this process are avoiding the
thermal damage to components or aroma and flavor loss and low
energy consumption. The main application of OD is to concentrate
the fruit juices by using brines as stripping solutions. In fruit juice
concentration by OD, water transfers from the feed side to the strip-
ping side due to the water activity differences [10,11]. OD process
can concentrate the solutions to very high concentrations (60-70°
Brix) [12,13].

Due to the advantages of OD, it can be applied as alternative pro-
cess for removal of alcohol from the alcoholic beverages. There are
a few works focusing on the dealcoholization of wines by using
OD process. Hogan et al. [2] proposed the concept of using OD
for removal ethanol content from wines. It was quoted that OD of
high alcohol-content wine at a temperature of 10-20°C using plain
water as the stripping agent can rapidly reduce its alcohol content
to 6% with minimum loss of its flavor and fragrance components. In
arecent study, Diban et al. [ 14] investigated the possibility of using
hollow fiber membrane contactor to partial dealcoholize synthetic
wine solutions at room temperature. The results showed that a par-
tial dealcoholization of 2% (v/v) gave acceptable aroma losses that
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Nomenclature

A constant in Antoine equation

B constant in Antoine equation

C constant in Antoine equation

Crp solute concentration of bulk feed stream (%, v/v)

Crm solute concentration at the membrane surface on
feed side (%, v/v)

Gp solute concentration of bulk stripping stream (%,
v/v)

Csm solute concentration at the membrane surface on
stripping side(%, v/v)

dp hydraulic diameter (mm)

do outside diameter of fiber (mm)

D; inner diameter of module (mm)

Je ethanol flux (kg/m? h)

ks mass transfer coefficient in feed side(m/s)

km mass transfer coefficient in membrane (m/s)

ks mass transfer coefficient in stripping side(m/s)

Kov overall mass transfer coefficient (m/s)

L effective module length (mm)

n number of fiber

Pl.Sat saturation pressure of i component (Pa)

Pespy ethanol vapor pressure of bulk feed stream (mmHg)

Pepm ethanol vapor pressure at the membrane surface on
feed side (mmHg)

P )y ethanol vapor pressure of bulk stripping stream
(mmHg)

Pes,m ethanol vapor pressure at the membrane surface on
stripping side (mmHg)

APy, ethanol vapor pressure difference (mmHg)

Re Reynolds number

Sc Schmidt number

Sh Sherwood number

T temperature (K)

vy feed velocity (m/s)

Vs stripping solution velocity (m/s)

Greek letters

¢ packing density (%)

De ethanol density (g/cm?3)

did not damage the final perceived quality of the product. However,
aroma compound losses can reach almost 100% for the most volatile
compound when residence time of the feed stream was larger.
The mass transfer in the dealcoholization of wines by OD is
different from that of fruit juices. In the concentration of fruit
juices by OD, water is the major volatile component transferred
through the membrane from the feed side to the stripping side
(usually brines). However, in dealcoholization of wines, there is
simultaneous transport of both alcohol and water. The direction
of water transport depends on the types of stripping solutions
and this can affect the performance. In this work, we examined
both ethanol flux and water flux of ethanol solution and wine.
The main objective of the present work is to study the dealco-
holization performance of OD process of ethanol solution and wine.
The parameters studied were feed and stripping velocities, sys-
tem temperature, and types of stripping solutions. Three kinds
of stripping solutions, i.e. pure water, glycerol and CaCl, aque-
ous solution were selected to be used for evaluating the process
performance in term of ethanol and water flux. Water can be
potentially used as a stripper for dealcoholization of OD process
because it is cheap, convenient, and non-corrosive [14]. CaCl, and
glycerol solutions have been widely utilized in fruit juice concen-

tration by OD process [11,15,16] since they provide the low water
activity and non-toxic. However, CaCl, solution causes equipments
corrosion while glycerol solution has a higher viscosity than salt
solutions. These three stripping solutions presented the advantages
and weaknesses, therefore, it is interesting to use them for compar-
ison of dealcoholization performance in OD process because there
is no published work reported on the comparison of ethanol and
water transfer, and the analysis of mass transfer coefficients. In this
work, the losses of aromas (ethyl acetate and iso-amyl alcohol) dur-
ing the process operation were also investigated. In addition, the
long-term performance of OD process for dealcoholization was also
reported.

2. Theory

Osmotic distillation is an isothermal membrane transport
process which can be operated at ambient temperature and atmo-
spheric pressure. Membranes used for OD are the microporous
hydrophobic membranes in order to prevent the aqueous solu-
tion penetrating into the pores. The driving force of the process
is the partial pressure or vapors pressure differences of the volatile
solute in feed and stripping solutions. In the present work, the per-
formances of dealcoholization of real wine and ethanol aqueous
solution were investigated. The theory involving ethanol transport
in OD process is briefly reviewed as follows.

The transport mechanism of ethanol in dealcoholization by OD
process can be divided into three steps: (i) evaporation of ethanol
at the membrane pores on the feed side, (ii) diffusion of ethanol
vapor through the membrane pores, and (iii) condensation of
ethanol vapor in the stripping solution at the membrane pore exit
as illustrated in Fig. 1. The flux obtained from the OD can be usually
expressed by Eq. (1) in which the driving force corresponds to the
bulk concentrations for both sides.

]e = KouApb (1)

where J is the ethanol flux, APy(Pefp — Pesp) is the ethanol vapor
difference between bulks of feed and stripping sides, and K,y is the
overall mass transfer coefficient which can be given by:

1 1 1 1

= 44— 2
Kov  Kf + km + ks (2)
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Fig. 1. Concentration profile of ethanol in dealcoholization process by OD.
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where kf. km, and ks represent the mass transfer coefficients of
feed boundary layer, membrane, and stripping boundary layer,
respectively.

In the dealcoholization process operation, the ethanol vapor
transport from the feed side results in the decrease of ethanol
concentration at the membrane surface (see Fig. 1). Therefore,
it leads to a concentration difference between the bulk and the
membrane surface. This phenomenon is known as concentra-
tion polarization (CP) affecting the driving force of the process.
According to the mass balance across the feed boundary layer at
steady state condition, the relationship between bulk concentra-
tion (Csp) and the concentration at membrane surface (Cy, ) is given
by:

Crm = Csp — (Cop — Crp)/ exp (Je/ peky) (3)

From Eq. (3), in order to obtain C¢p, Je and C p can be determined
experimentally. The mass transfer coefficient (ks) can be estimated
from the appropriate mass transfer correlations.

Therefore, the concentration polarization effect can be quanti-
tatively determined by:

CPratio = Cf—m (4)

For the mass transfer in the tube side of the hollow fiber mem-
brane, the well-known Graetz-Leveque mass transfer correlation,
Eq. (5) has been widely used to predict accurately the tube side
mass transfer coefficient (k) [11,17].

dj 1/3
Sh=1.615 (Re-Sc- T) (5)

where Sh, Re, and Sc are the Sherwood number, Reynolds number,
and Schmidt number, respectively.

For the mass transfer in the shell side, several correlations have
been proposed [18,19]. However, those correlations were derived
for evaluating the shell side mass transfer coefficients for solvent
extraction or gas stripping system. Therefore, the correlations may
be appropriate for those systems and for a limited range of con-
ditions studied. In the present study, the shell side mass transfer
correlation for the OD system using hollow fiber membranes pre-
sented by Thanadgunbawon et al. [20], Eq. (6) which includes the
effect of membrane packing density was applied to calculate the
shell side mass transfer coefficient (k).

Sh = (—0.4575¢ + 0.3993¢) — 0.0475)

Re(4.0103¢2 —4.4296¢+1 '5585)5(:0'33 (6)

This correlation is applicable when the membrane module
packing density (¢) is between 30 and 60% and for laminar
flow. The packing density of the membrane module is defined
below;

2

6 = Npers x (dD—) 7)

where ngpers is number of fibers, d, and D; are the outside diameter
of fiber and inner diameter of module, respectively.

Table 2
Physical properties of aromas [14,22].

Table 1

Specifications of PVDF hollow fiber module.

Membrane pore size (um) 0.2
Inner diameter (mm) 0.650
Outside diameter (mm) 1.000
Membrane thickness (um) 170
Membrane porosity (&) (%) 64
Number of fibers 36
Total length of module (mm) 250
Total effective length (mm) 180
Effective area (cm?) 132.26
Cross-section flow area of the fiber side (mm?) 11.94
Cross-section flow area of the shell side (mm?) 20.73
Packing density (%) 57

3. Materials and methods
3.1. Materials

The hydrophobic porous polyvinylidenefluoride (PVDF) hollow
fiber membranes kindly provided by Memcor, Australia (South
Windsor, New South Wales, Australia) were used in the experi-
ments. The specifications of the membrane and module are shown
in Table 1. Red wine was purchased from Siam Winery, Thai-
land. Its ethanol content was determined to be 13.2% (v/v). A
99.9% grade ethanol obtained from Merck Ltd., Thailand, a 99.5%
grade glycerol purchased from Ajax finechem, and a 99.5% grade
CaCl;-2H,0 (Chem-Supply Pty. Ltd., Australia) were mixed with RO
water, respectively, to prepare aqueous feed and stripping solu-
tions at desired concentrations. Ethyl acetate (supplied by Lab
Scan Asia Co. Ltd., Thailand) and iso-amyl alcohol (purchased from
QReC, New Zealand) were also mixed with RO water to prepare
the aroma solutions at concentration of 50 and 400 mg/l, respec-
tively. Table 2 summarizes the physical properties of both aroma
compounds.

3.2. Experimental setup

The experimental setup of the OD system is schematically shown
in Fig. 2. The membrane module was established in a vertical posi-
tion. The feed and stripping solutions were fed into the module by
the peristaltic pumps (Easy-Load II, Masterflex model 77201-62).
Feed and stripping solutions were co-currently circulated through
tube and shell side, respectively. The feed and stripping solution
tanks were 1255 and 2000 ml, respectively. The temperatures of
feed and stripping side were controlled by water bath (YCW-010
series, KK) attached with temperature controller. The ethanol fluxes
were obtained by measuring the feed volume over 1h operating
time in the pipette connected to the feed tank.

3.3. Experimental conditions

The operating parameters which affect the ethanol removal
performance, i.e. feed velocity, stripping solution velocity, and tem-
perature were investigated. The feed and stripping velocities were
varied in the range of 0.1-0.7 m/s (laminar flow region). In order to
study the effect of temperature on the separation performance, the
system temperature was adjusted at 30, 35, and 40°C. The effect
of types of stripping solutions, i.e. pure water, 50% (w/w) glycerol,
and 40% (w/w) CaCl; on the ethanol removal were studied. 50 mg|/1

Aroma Chemical structure MW (kg/kg mol) Density (kg/m?) Boiling point (°C) Vapor water 35 °C (Pa) Water solubility 25 °C (mg/1)
Ethyl acetate CH3CO,C,Hs 88.10 902 77.10 2.04 x 10* 29,930
Iso-amyl alcohol (CH3)CHCH,CH,0H 88.14 810 132.00 942.59 41,580




316

Peristaltic

pump
Feed tank

S. Varavuth et al. / Separation and Purification Technology 66 (2009) 313-321

Ts

Tg

Peristaltic

pump
Stripping tank

Fig. 2. Osmotic distillation experimental setup: (1) water bath, (2) thermometer, (3) pipette, (4) flow meter, (5) pressure gauge, (6) thermocouples, and (7) hollow fiber

membrane.

ethyl acetate and 400 mg/l iso-amyl alcohol solutions were used to
study the aroma loss in dealcoholization process.

3.4. Components analysis and physical properties

The experiments were performed using ethanol solution (13%,
v/v),red wine, and aroma solutions as feeds. Ethanol concentrations
were determined by Gas Chromatograph (6890 Hewlett Packard,
TCD). The concentrations of ethyl acetate and iso-amyl ethanol were
also analyzed by Gas Chromatograph (6890 Hewlett Packard, FID).
The physical properties (i.e. densities, viscosities, and diffusivities)
of ethanol and stripping solution were obtained from literature
[15,21,22].

3.5. Membrane cleaning

After the membrane module was used, it was cleaned by thor-
oughly flushing the system with RO water both in the tube and shell
side without recycling for 5 min. Subsequently, a 1% (w/w) NaOH
solution was circulated for 1 h. Finally, the system was rinsed with
RO water without recycling for 10 min and then it was dried by using
nitrogen gas.

4. Results and discussion
4.1. Types of stripping solutions

The performance of three stripping solution, i.e. pure water, 50%
(w/w) glycerol, and 40% (w/w) CaCl,, for dealcoholization of 13%
(v/v) ethanol solution was compared in terms of ethanol flux, water
flux and the reduction of ethanol concentration, as the followings.

4.1.1. Ethanol flux

The ethanol fluxes for three stripping solutions were plotted as
a function of stripping solution velocity as depicted in Fig. 3. As
the stripping solution velocity was increased, the ethanol fluxes
were enhanced due to the increase of Reynolds numbers (see Eq.
(6)). Fig. 3 also shows that when pure water was used as a strip-
ping solution, the ethanol flux was higher compared with those of
glycerol and CaCl; solutions. This can be supported by the viscosity
values of the stripping solutions. At 30 °C, the viscosity of water is
0.008 g/cm s, which is much lower than that of 50% (w/w) glycerol
(0.045 g/cm s)and 40% (w/w) CaCl; (0.082 g/cm s)[21]. Therefore, at
the same stripping solution velocity, the Reynolds number for water
was higher, resulting in higher ethanol flux. The results can also
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Fig. 3. Effects of stripping solution velocity on ethanol flux for using pure water, 50% (w/w) glycerol, 40% (w/w) CaCl, as stripping solutions (feed: 13% (v/v) ethanol solution,

system temperature: 30 °C, feed velocity: 0.4 m/s).
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Fig. 4. Effects of stripping solution velocity on water flux for using pure water, 50% (w/w) glycerol, 40% (w/w) CaCl; as stripping solutions (feed: 13% (v/v) ethanol solution,

system temperature: 30 °C, feed velocity: 0.4 m/s).

be explained by the diffusion coefficient of ethanol in the stripping
agents. The increase of solution viscosity reduces the diffusion coef-
ficients according to the Wilke-Chang equation [22]. This confirms
that water is the most suitable stripping solution for dealcoholiza-
tion when all factors (cost, non-toxicity, and availability) are taken
into account.

4.1.2. Water flux

In the removal of ethanol by OD, there is simultaneous trans-
fer of both ethanol and water vapor. When water is used as a
stripping solution, ethanol transfers from the feed side to the strip-
ping side due to the vapor pressure difference, while water vapor
transfers in the opposite direction, i.e. from the stripping side to
the feed side as a results of higher water activity of pure water
(1.0) compared with that of 13% (v/v) ethanol solution (0.939)
[23]. Conversely, water transfers from the feed side to the strip-
ping side when 50% (w/w) glycerol (water activity 0.818) and 40%
(w/w) CaCl, (water activity 0.387) [15] are the stripping solutions.
The water fluxes increased with the stripping solution velocity
(see Fig. 4) due to the increase of Reynolds numbers as men-
tioned earlier. The magnitudes of water fluxes were in the following

order: 40% (w/w) CaCl, >50% (w/w) glycerol > pure water. In prac-
tice, the water flux should be of low value so that it least affects
the final concentration of ethanol solution or wines. Therefore,
this is another advantage of using pure water as a stripping solu-
tion.

4.1.3. The reduction of ethanol concentration

Fig. 5 shows the effect of stripping velocity on the ethanol reduc-
tion performance for pure water, 50% (w/w) glycerol and 40% (w/w)
CaCl;, used as the stripping solutions. The ethanol concentration in
case of using water as a stripper was lower than others. This can be
explained that, apart from the ethanol transport, there was diffu-
sion of water vapor from the stripping to feed side due to the water
activity differences (as mentioned in Section 4.1.2) which resulted
in decreasing ethanol concentration. Conversely, in case of glycerol
and CaCl; solutions used as stripping solutions, water transferred
from feed to stripping side; therefore, ethanol concentration in the
feed side was increased.

According to the above results, it can be suggested that the water
was more appropriate to be used as the stripping solution for deal-
coholization in OD process as the water flux was lowest.
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Fig. 5. Effects of stripping solution velocity on retentate ethanol concentration for pure water, 50% (w/w) glycerol, 40% (w/w) CaCl, as stripping solutions (feed: 13% (v/v)

ethanol solution, system temperature: 30°C, feed velocity: 0.4 m/s).
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Fig. 6. Effects of feed velocity on ethanol and water flux, and retentate concentration of ethanol solution and wine (stripping solution: water, system temperature: 30°C,

stripping solution velocity: 0.4 m/s).
4.2. Effect of feed velocity

The ethanol fluxes, ethanol concentrations after 1 h of operation
and the reversed water flux from the stripping side are plotted as
function with feed velocity for both ethanol solution and wine as
presented in Fig. 6. It can be found that the ethanol flux increased
with increasing feed side velocity due to increasing the mass trans-
fer coefficient (see also Table 3). The similar trend of the results
was found in literatures [ 11,24]. The mass transfer coefficients were
determined by using Eq. (5). Additionally, the overall mass transfer
coefficients based on the experimental results were also calculated
by using the following equations.

J
ACay

Koy = (8)

The logarithmic mean concentration, ACj g, is expressed as

ACy = (Cf,in - Cs,in) - (Cf,out — Cs,out) (©)

Crin—Cs,in
ln ( Cf,{)ut"-‘f,out )

The overall mass transfer coefficients of the ethanol solution
were higher than those of wine. The result revealed that the mass
transfer of the system was controlled by the mass transfer in the
stripping side.

Ethanol fluxes of ethanol solution and wine was increased from
0.79 to 1.04 and from 0.72 to 0.99 kg/m? h, respectively, with the
feed velocity varying from 0.3 to 0.7 m/s. The ethanol flux of wine
was lower than that of ethanol solution. It was likely that the
complex nature of wine can result in fouling on the membrane
surface such that evaporation of ethanol was partially prohibited.
Eq. (4) was used for evaluating the concentration polarization for
both wine and ethanol solution. CP in case of ethanol solution

Table 3

used as feed was (0.9850-0.9870), higher than that of using wine
(0.9725-0.9727). The results of CP together with the mass transfer
coefficients (ks) presenting in Table 3 supported the experimental
results that ethanol flux for wine was lower than that of ethanol
solution.

From Fig. 6, the remaining ethanol concentration in the feed tank
after operation was in the range of 12.04-11.74% (v/v) for ethanol
solution and 12.36-12.04% (v/v) for wine. Due to the water activ-
ity difference between the feed and stripping solution (pure water)
as discussed in Section 4.1, there was the water transfer from the
stripping side to the feed side. The water flux in case of ethanol solu-
tion and wine were in the range of 0.09-0.20 and 0.10-0.18 kg/m? h,
respectively. It can be seen that the water flux was quite low com-
pared with the ethanol flux because the difference in water partial
pressure was low. Hogan et al. [2] reported that ethanol has the
highest evaporation ability in the wines due to its lower boiling
point. The vapor pressure of ethanol and water at 30 °C were 78.44
and 31.74 mmHg [25], respectively.

4.3. Effect of stripping solution velocity

The effect of stripping solution velocity on the ethanol flux, the
water flux, and remaining ethanol concentration in the feed were
shown in Fig. 7. The ethanol flux increased from 0.82 to 1.01 kg/m? h
and the ethanol concentration in the feed tank decreased from 13
to 12.01 — 11.77% (v/v) with increasing stripping velocities in the
range of 0.1-0.7 m/s. The countered water flux from stripping side
to feed side also increased in the range of 0.12-0.21 kg/m? h with
stripping velocity. The increase of stripping side velocity enhanced
the mass transfer coefficient, ks in the shell side. The shell side mass
transfer coefficients was estimated by using empirical correlation
Eq. (6) as presented in Table 3. Comparison between the mass

Calculation of tube (feed) and shell (stripping) side mass transfer coefficients (feed: 13% (v/v) ethanol solution and wine, stripping solution: water, system temperature:

30°C).

Tube side (feed) (stripping solution velocity: 0.4 m/s)

Shell side (stripping) (feed velocity: 0.4 m/s)

Feed: ethanol 13% (v/v) Feed: wine vs (m/s) Re; ks (m/s)
vy (m/s) Reg ke(m/s) Koy (m/s) vy (m/s) Ref kr (m/s) Koy (m/s)

0.1 37.56 1.12E-05 1.74E—-06 0.1 75.20 2.32E-06
0.3 112.68 1.61E-05 2.29E-06 0.3 110.09 1.59E-05 2.03E-06 0.3 225.61 3.36E-06
0.5 187.80 1.91E-05 2.89E-06 0.5 183.49 1.89E-05 2.49E-06 0.5 376.02 4.00E-06
0.7 262.92 2.14E-05 3.15E-06 0.7 256.88 2.11E-05 2.94E-06 0.7 526.43 4.48E—06
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transfer coefficients in the feed side to the stripping side indi-
cated that the mass transfer coefficients in feed side were higher
than those in stripping side. Hence, the change in feed velocity
influenced more significantly on flux than the stripping velocity.

4.4. Effect of temperature

The temperature of the system was varied from 30 to 40°C
in order to investigate its effect on dealcoholization performance.
The results displayed in Fig. 8 showed that ethanol flux increased
from 0.95 to 1.47 kg/m?2 h, the water flux increased from 0.16 to
0.61 kg/m? h, while the ethanol concentration was reduced from 13
to 11.14% (v/v). The significant increase of fluxes can be supported
by the exponential increase of vapor pressure with temperature as
described by the Antoine’s equation as follows:

B
=
where P53 is the saturation pressure of i (mmHg), T is temperature
(°C) A, B, and Cis a constant, A=8.07, B=1730.63, and C=233.43 for
water and A=8.11, B=1592.86, and C=226.18 for ethanol [25].

In addition, the diffusion coefficients of vapor also increase
with temperature [26]. The reduction of solution viscosities with

increasing system temperature also enhanced the Reynolds num-
bers. As a result, the mass transfer coefficients for both feed and

log P = [ - (10)

stripping solutions can be improved. Table 4 presents the values of
mass transfer coefficients for feed (k;) and stripping solution (k).

4.5. Study of aroma losses

There are many kinds of aroma compounds presenting in the
wines. Carbonyls, alcohols, esters acetic, acids, furanones are the
major chemical functional groups of flavors, aromas, and fragrances
of the wines [1]. In order to achieve the goal of dealcoholization
of wine where the alcohol content is reduced, meanwhile other
components should be not spoiled or lost.

In the present study, ethyl acetate and iso-amyl alcohol were
selected to prepare the model solutions containing the aroma com-
pounds. Figs. 9 and 10 depict the effect of operating time on the

Table 4

Calculation of tube (feed) and shell (stripping) side mass transfer coefficients (feed:
13% (v/v) ethanol, stripping solution: water, feed velocity: 0.4 m/s, stripping solution
velocity: 0.5 m/s).

Operating temperature (°C) Tube side (feed) Shell side (stripping)

Rey ks (m/s) Res ks (m/s)
30 150.23 1.77E-05 376.00 3.99E-06
35 175.66 1.87E-05 416.70 414E-06
40 201.51 1.96E-05 458.76 4.28E-06
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Fig. 9. Ethyl acetate concentration and percentage loss versus time (feed: 50 mg/1 ethyl acetate, stripping solution: water, system temperature: 35 °C, feed velocity: 0.5 m/s,

stripping solution velocity: 0.4 m/s).

aroma loss. For both types of aroma used, the same trends of the
results were found. The reduction of aroma concentration increased
with operating time. The concentrations rapidly decreased in the
first 10 min of operation due to the high concentration difference
(driving force). The percentages of ethyl acetate and iso-amyl alco-
hol loss were approximately 47 and 23%, respectively, in the early
stage. At the end of the operation (360 min), the reduction of ethyl
acetate and iso-amyl alcohol were found to be roughly 70 and 44% of
the initial concentrations, respectively. The decrease of ethyl acetate
concentration was higher than that of iso-amyl alcohol due to the
higher vapor pressure as presented in Table 2.

Similar trend of the aroma loss results were also reported by
other researchers. Diban et al. [14] also investigated the loss of
aroma compound, i.e. ethyl acetate and iso-amyl alcohol by using
OD process using water as stripping solution. The losses of ethyl
acetate and iso-amyl alcohol were in the range of 37.4-65.2 and
13.7-50.9%, respectively, at 25 °C. The performance of orange juice
concentration by using osmotic distillation and membrane distilla-
tion were compared by Alves and Coelhoso [27]. The model solution
consisting of 45% (w/w) sucrose and 18 ppm aroma compounds, i.e.
citral and ethyl butyrate were studied. The percentage losses of cit-

ral and ethyl butyrate were 49 and 51%, respectively. In order to
minimize the loss of aroma in OD process, it is necessary to reduce
the system temperature. However, this will be traded off by the
reduction of fluxes which may be compensated by the increase of
the membrane area. The low system temperature will also guaran-
tee the product quality.

4.6. Long-term performance of OD process for dealcoholization

The dealcoholization performance of 13% (v/v) ethanol solution
and real wine (13.20% (v/v) ethanol) at 35 °C over 360 min of oper-
ation is presented in Fig. 11. In the beginning of the operation, the
ethanol concentration for both cases rapidly decreased due to the
higher driving force (ethanol concentration differences between
feed and stripping sides). At the end of the experiment, the con-
centration of ethanol solution and wine can be reduced roughly 38
and 34% of the initial concentration, respectively. It can be seen that
the ethanol removal performance in case of using 13% (v/v) ethanol
solution as feed was slightly higher than that of using real wine.
As mentioned earlier (see Section 4.2), this could be due to the dif-
ference in composition of ethanol solution and wine. At the end of
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Fig. 10. Iso-amyl alcohol concentration and percentage loss versus time (feed: 400 mg/l iso-amyl alcohol, stripping solution: water, system temperature: 35 °C, feed velocity:

0.5m/s, stripping solution velocity: 0.4 m/s).
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the experiments, the total solid in the wine was approximately the
same as its initial value (0.80 g/30 ml) while its turbidity increased
from 0.48 NTU to 1.31 NTU. The increase in turbidity could be due to
the reaction between wine and sunlight responsible the off-flavor
that the beverages can develop when they are exposed to light [28].

5. Conclusion

The potential of wine dealcoholization by using osmotic distil-
lation process was evaluated via a series of experimental studies
in a combination with mass transfer analysis. Three different types
of stripping solution were selected to be used for comparison the
ethanol removal performance. The use of water as the stripper
provided the better performance in term of ethanol flux, removal
ethanol performance and water flux than others. It was also found
that the increase of feed and stripping velocity, and operating tem-
perature resulted in increasing the ethanol flux as well as ethanol
removal performance. For aroma losses study, the reduction of
ethyl acetate and iso-amyl alcohol were approximately 70 and 44%,
respectively after 360 min of operation. The ethanol removal per-
formance in the long-term test of OD was performed over 360 min
operating time for both ethanol solution and wine. The ethanol con-
tent in ethanol solution and wine can be reduced around 38 and 34%
of the initial concentration, respectively.
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This work studied modification of hydrophobic membrane by chitosan solution for the purpose of reduc-
ing protein fouling. The membrane used was flatsheet polyvinylidenefluoride (PVDF) of 0.22 wm pore size.
The membranes were modified by 3 different methods, i.e. immersion method, flow through method and
the combined flow through and surface flow method. Chitosan solution concentration and modification
time were varied. The modified membranes were then neutralized with NaOH solution. The results of
scanning electron microscopy (SEM) and Fourier transform infrared spectroscopy (FTIR) study of mod-
ified membranes compared to unmodified membranes confirmed that there was chitosan coated on
the membrane surfaces. The water contact angles and water fluxes decreased with increasing chitosan
concentration and modification time. The result also indicated that modified membranes had higher
hydrophilicity than unmodified membrane. In protein fouling experiment, bovine serum albumin (BSA)
was used as a protein model solution. Modified membranes exhibited good anti-fouling properties in
reducing the irreversible membrane fouling. The membrane modified by a combined flow through and
surface flow method showed the best anti-fouling properties compared with other methods. Protein
adsorption on the modified membrane was highest at the isoelectric point (IEP) of BSA solution and
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decreased as the solution pH was far from the IEP.

© 2009 Elsevier B.V. All rights reserved.

1. Introduction

Poly(vinylidene fluoride) (PVDF) membrane is widely used in
microfiltration, ultrafiltration and nanofiltration due to its excellent
chemical resistance, good thermal and mechanical properties [1-3].
However, in the application involving protein solution, the protein
adsorption on the membrane surface and in the membrane pores
due to the inherent hydrophobic characteristic of PVDF often causes
serious membrane fouling and a rapid decline of permeation flux.

Protein fouling in membrane processes is a complicated mech-
anism due to many factors affecting fouling formation. It is
known that the electrostatic force and the hydrophobic interaction
between certain domains in protein molecules and the hydrophobic
membrane surfaces as well as between protein molecules are the
main factors affecting membrane fouling [4,5]. Huisman et al. [6]
reported that membrane-protein interactions influenced the foul-
ing behavior in the initial stage of filtration and in the later stage of
filtration, protein-protein interactions dictated the overall perfor-
mance. The interactions also depend on other parameters such as
membrane materials, solution type and operating conditions.

* Corresponding author. Tel.: +66 2470 9222; fax: +66 2428 3534,
E-mail address: ratana.jir@kmutt.ac.th (R. Jiraratananon).

0376-7388/$ - see front matter © 2009 Elsevier B.V. All rights reserved.
doi:10.1016/j.memsci.2009.06.022

Solution pH is an important factor which can strongly affect
membrane fouling and filtration performance. It was reported that
change in pH could cause fouling in protein filtration. Zhao et al.
[7] found that BSA adsorption on chitosan/PES (polyethersulfone)
composite MF membrane was highest at the IEP (isoelectric point)
and at low pH (3.0-4.7), the MF composite membranes had higher
adsorption capacities of BSA than at higher pH range (6.0-8.0). Mo
et al. [8] emphasized the effect of pH on BSA fouling in RO pro-
cess. The study found that the most severe BSA fouling occurred at
pH near IEP of BSA, where the electrostatic repulsion between BSA
molecules was weakest.

To obtain a hydrophilic surface with anti-fouling property,
several techniques have been studied. The modification by adsorb-
ing suitable hydrophilic polymer on the membrane surface
can introduce the repulsive force between membrane surface
and protein molecules. Previous works reported that increas-
ing membrane surface hydrophilicity such as modification by
hydrophilic polymer through blending, coating and surface graft-
ing could effectively reduce irreversible membrane fouling [9,10].
Many hydrophilic polymers have been coated on different base
membranes, for examples, chitosan/poly(acrylonitrile) [11], car-
boxylmethyl chitosan/poly(ethersulfone) [7], chitosan/polystyrene
[12] and polyvinyl alcohol/polypropylene [13]. The hydrophilic
polymers may be casted onto the membrane surfaces [14] or the
membranes were immersed in the hydrophilic polymer solution
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[7]. These methods are limited by the fact that the hydrophilic mod-
ification occurs only on the membrane surface, while internal pores
remain susceptible to fouling. A promising method to modify sur-
face of internal pores is to force the hydrophilic polymer solution
to flow through the membrane pores.

Chitosan is the hydrophilic polymer of interest for modify-
ing the membrane in this work. Chitosan has been identified
as hydrophilic, non-toxic, biodegradable, antibacterial, and bio-
compatible. It has been widely used for coating on hydrophobic
membranes to increase hydrophilicity [11,12].

Only a few studies of coating hydrophilic polymer on PVDF
membrane have been reported [15]. It may be because PVDF
membranes are highly hydrophobic which make them difficult
to be coated by hydrophilic polymers. The complicated methods
are often applied in PVDF membranes modification such as UV-
modification and grafting [15].

The present work focuses on modification of hydrophobic micro-
filtration PVDF membrane to obtain the hydrophilic ultrafiltration
membrane with anti-fouling properties. In this work, the PVDF
commercial membrane was modified by chitosan solution using 3
different methods, i.e. (1) an immersion method, (2) a flow through
method and (3) a combined flow through and surface flow method.
The effects of chitosan concentration, modification time were inves-
tigated. In addition, protein fouling and adsorption behavior of the
modified membranes at various pH were also reported.

2. Methodology
2.1. Materials

PVDF flat sheet membrane with reported pore size of 0.22 um
was purchased from the Millipore Co. Ltd. Chitosan (M, = 50,000 Da,
85% deacetylation) was procured from NNC Production Co. Ltd.,
Thailand. Polyethylene glycols (PEG) with molecular weights 4, 15,
35, 100 and 400 kDa were supplied by Fluka. Dextran with molec-
ular weight of 162 kDa was obtained from Sigma. Bovine serum
albumin (BSA) was purchased from Fluka. It's molecular weight
and IEP were 67,000Da and 4.7, respectively. All chemicals were
analytical grade. Deionized (DI) water was used for preparing all
solutions.

2.2. Experimental setup
The schematic diagram for the filtration experiments is dis-

played in Fig. 1. The feed solution was supplied from the feed tank
(21 in volume) by a peristaltic pump (Masterflex, Model 77201-

Pressure gauge @

L

Flow meter

Peristaltic pump

Membrane
module

Valve

2 —’_|

1

Feed tank

Permeate tank 8

Fig. 1. Schematic diagram of the radial cross flow ultrafiltration (UF) unit.

62) through the flow meter and a pressure gauge before entering
the membrane module. The module was a radial cross flow type
that can be equipped with a circular flat sheet membrane with
an effective area of 19.638 cm2. When the experimental setup was
applied for membrane modification, both permeate and retentate
were returned to the feed tank. For filtration experiments, the per-
meate was collected at different time intervals (to determine flux)
and was then returned to the feed tank. The feed flow rate was fixed
to 0.877 I/min for all experiments.

2.3. Membrane modification

Prior to modification, the water flux of the original mem-
brane was determined at fixed conditions (flow rate of 0.877 1/min,
applied pressure 1.5 bar, temperature 25 °C). We noticed variation
in water flux for different pieces of membrane. Therefore, the mem-
branes with water flux in range of 1510 &+ 1001/m? h were selected
for further modification. Before modification process, the mem-
branes were wetted by filtering DI water for 5 min.

The chitosan was dissolved in 2 wt% aqueous acetic solution. The
amount of chitosan was varied to obtain the chitosan solution with
concentrations between 0.1 and 2.5 wt%. Three methods of modifi-
cation were studied. For each method, chitosan concentration and
time were varied.

e Method 1: Immersion method. The membrane was immersed in
the chitosan solution with specific concentration and time.

e Method 2: A flow through method. The chitosan solution was fed
at an applied pressure of 2 bar, through the membrane module.

e Method 3: A combined flow through and surface flow method.
This method involved 2 steps of modification, each with equal
time. The chitosan was fed through the membrane at an applied
pressure of 2 bar. The operation was then switched to a surface
flow mode in which the chitosan solution flowed (without apply-
ing any pressure) tangentially over the membrane surface.

The modified membranes from methods 1, 2 and 3 were dried by
annealing in a vacuum oven at 60 °C for 45 min. After that the dried
membranes were neutralized by filtering NaOH solution (1.0 M in
50%v water—ethanol mixture) for 30 min to ensure that all chi-
tosan acetate was converted to chitosan. Then the membranes were
cleaned by filtering 50%v ethanol solution for 10 min to remove the
remaining NaOH and to prevent the osmotic crack, and followed
by washing with DI water for 30 min. Finally, the membranes were
dried at 25°C.

2.4. Analysis

The concentrations of PEG and dextran were analyzed by Gel Per-
meation Chromatography (GPC) column (Polysep 4000) with HPLC
[16,17]. UV-vis spectrometer (HP 8433) was used for analyzing BSA
concentration.

2.5. Membrane characterizations

2.5.1. Fourier transform infrared spectroscopy (FTIR) study

To investigate the chemical structures of PVDF membrane, chi-
tosan and modified membranes, Thermo-Nicolet Magna 550 FTIR
was used with 50° angle of incidence. Each spectrum was collected

by cumulating 32 scans at a resolution of 4cm!.

2.5.2. Membrane morphology study

The surface and the cross-sectional morphology of the mem-
branes were characterized by scanning electron microscopy (SEM,
LEO model 1455VP). All samples were dried in vacuum for 12 h at
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room temperature and were gold-coated. The scanning was per-
formed at an accelerating voltage of 10kV. The cross-section of
membranes was prepared by fracturing in liquid nitrogen.

2.5.3. Water contact angle

Membrane hydrophilicity was studied by measuring contact
angles (Kruss, Model DSA 10 MK 2) of the membranes at 25 °C. The
DI water was dropped on the membrane sample surface at 5 differ-
ent points, the average of measured values was taken as its water
contact angle.

2.5.4. Flux measurement

The experiment setup depicted in Fig. 1 was used for determin-
ing water flux, solution flux of the base membrane and modified
membranes. The operating conditions were at a flow rate of
0.8771/min, 25°C and an applied pressure of 1.5bar. The steady
state values were recorded.

2.5.5. Determination of molecular weight cut offs (MWCO)

In order to estimate the MWCO of the modified membranes,
rejections of PEG solution (2wt% concentration), BSA solution
(1 wt% concentration, pH 7) and 0.25 wt% of dextran solution were
determined.

2.5.6. Membrane stability test

The stability of the modified membrane was tested by the fol-
lowing steps. The modified membranes were applied for filtering
DI water for 20 h. The water flux was measured every 2 h during the
operation. The modified membranes after filtration of water were
thendried at the room temperature for 12 h. In order to compare the
membrane structure with the newly modified membrane (without
water filtration), the SEM images were taken, the FTIR study and
the contact angle measurement were also performed.

2.6. Fouling study

2.6.1. Protein filtration

The objective of this part of the experiments was to assess the
performance of the modified membranes on protein fouling. BSA
protein was used as a protein model solution in order to compare
the protein fouling on the unmodified and modified membranes.
BSA (1.0 g/l) was dissolved in phosphate buffered saline solution
consisting of 0.03M Nay,HPOy4, 0.03M KH;P0O4 and 0.03M NaOH
in DI water [16]. The pH was adjusted to IEP of BSA (pH 4.7). The
fouling experiment was performed using the experimental setup
in Fig. 1. The phosphate buffered saline solution (without BSA) flux
was also measured under fixed conditions (flow rate 0.877 I/min
and 1.5 bar pressure) until the steady state flux (Jo) was obtained.
Then, BSA solution flux (J;) was determined. After that, the fouled
membrane was cleaned by filtration of DI water for 30 min, and then
the phosphate buffered saline solution flux of cleaned membrane
was measured for period of 30 min. Next, the membrane was chem-
ically cleaned by 0.1 wt% NaOH for 30 min. Then the permeation
flux of buffer solution was measured for another 30 min. Finally,
BSA flux was again determined. These procedures allowed for the
observation of flux recovery of the membranes.

2.6.2. Protein adsorption

BSA (1.0 g/1) in phosphate buffered saline solution was prepared
to carry out the static adsorption of protein on the membrane sur-
face. Sodium azide (0.02 wt%) was used as a bactericide [7]. The
pH was adjusted to 3.0, 4.7, 5.0, 7.0 and 9.7 by adding 0.1 M NaOH
or 0.1 M HClI solution. The membrane samples were cut into small
pieces (1cm x 2cm) and were immersed in the BSA solution in
test tubes at 25°C for 24 h to allow for adsorption equilibrium.

The amount of BSA adsorbed on the membrane samples was cal-
culated by a mass balance using initial and final solutions of BSA
concentrations measured by UV-vis. spectrometer (HP 8453) at the
wavelength of 280 nm.

3. Results and discussions
3.1. Membrane characterizations

3.1.1. Chemical structures on membrane surface

The chemical structures of the modified and unmodified mem-
branes were characterized by FTIR. Fig. 2 presents the FTIR spectra
for chitosan, unmodified PVDF membrane and modified membrane
with chitosan concentration of 0.5 and 1.0 wt% (method 2). For the
FTIR spectra of chitosan, the bands at 900 and 1150 cm™! referred
to -N-H wagging mode and =C-0-C stretching, respectively. The
absorption peaks appearing at 1030 and 1050 cm~! were assigned
to —C-0 stretching in cyclic alcohols. Also, the bands at 1590 and
1650 cm~! were the characteristics of -N-H deformation in amino
group and >C=0 stretching of N-acetyl group, respectively. The
broad and strong band ranging from 3200 to 3600 cm~! indicated
the presence of —-O-H and -NH, groups in chitosan.

For the unmodified PVDF membrane, the absorption peaks of
-CF, stretching and C=C stretching modes of PVDF were shown at
1200 and 1475 cm~1, respectively [ 18]. The absorption peaks at 795,
850 and 1280 cm~! were the typical characteristic of PVDF.

Comparing between unmodified membrane and two modified
membranes (at 0.5 and 1.0wt% chitosan solution), the six new
absorption peaks (900, 1030, 1050, 1150, 1590 and 1650 cm~!) were
shown in the FTIR spectra of the modified PVDF membranes. The
new peaks were the typical peaks of chitosan as described previ-
ously [11]. The results confirmed that, there was chitosan coated
on the PVDF membrane surface. In addition, an increase of chitosan
concentration also led to an increase in the amount of chitosan
depositing on the membrane surface which can be seen from the
higher chitosan peaks.

Chitosan

PVDF membrane

Ny

with 1.0 %wt chitosansolution
Modified membrane, with In/
0.5 % wt chitosansolution r\P

3650 3150 2650 2150 1650 1150 650
cm!

%T

Fig. 2. FTIR spectra of the chitosan, unmodified PVDF membrane and membranes
modified (by method 2, a flow through method) with 0.5 and 1.0 wt% chitosan, 90 s
modification time.
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3.1.2. Morphology of the modified PVDF membranes

The membrane morphologies were shown by SEM images as
presented in Fig. 3. Compared to porous top surface of unmod-
ified membrane (Fig. 3a), the membranes modified by method
2 with 0.5wt% chitosan (Fig. 3c) and 2.0wt% chitosan (Fig. 3e)
showed dense layers of chitosan blocking the surface pores. In addi-
tion, modification with high concentration (2.0 wt% chitosan) gave
denser coated layer than that at low chitosan concentration. From
cross-sectional SEM images, there was no difference between skin
layer thickness of the modified and unmodified membranes which
means that the chitosan layer on membrane surface was very thin. It
seemed that there was some chitosan in the membrane pores when
modified by high chitosan concentration (2.0 wt%, Fig. 3f). However,
we have found that the SEM images of the membrane structure
modified with three different methods were not significantly dif-
ferent. Therefore, the membrane hydrophilicity was compared in
terms of water contact angle and water flux.

¥ = A L
Mag= 309KX SEI  Dats @Fab 2008
EHT= 500K WD= 1fmm 683 Time 105443

X Signal A= SE1  Date 22 May 2008
500K/ WD= 11mm PhatoNo. = 1370 Time 1040566

Signsl A=SE1  Date 8 Feb 2008
Phota Ho. = 885 Time :11:0233

3.1.3. Hydrophilicity of modified membranes

The water contact angle measurement is one of the methods
for characterization the hydrophilic property of the membrane sur-
face. Theoretically, a hydrophilic surface gives a low contact angle
(less than 90°), while a hydrophobic surface provides a high contact
angle [19]. The results of contact angle measurement showed that
the base membrane had a contact angle of 115 + 2°. The membrane
modified by method 2 for 90s using the chitosan concentrations
of 0.1, 0.5, 1.0 and 1.5wt% gave the contact angles of 77°, 70°,
65° and 61°, respectively. Thus, the hydrophilicity of the mem-
branes increased with chitosan concentration due to the increased
amount of chitosan deposit. The dependence of contact angle on
the modification time also showed the same trend. Increasing the
modification time from 30 to 120 s (1.0 wt% chitosan) resulted in the
decreased of contact angles from 70° to 57°. The increased amount
of chitosan deposit was responsible for the increased hydrophilic-
ity of the modified membranes. The contact angles of membranes

Ilir J00KX Signal A = SE1 mmmzwe
EHT = S00k¥  WD= 27mm Photo No. =671 Time :12:00:22

Signal A=SE1  Date
Phato No. =678 Time

Fig. 3. SEM images of top surface and cross-section of unmodified membrane (a and b), modified membranes (method 2) 0.5 wt% chitosan (c and d), and 2.0 wt% chitosan (e

and f). Modification time 90s.
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Table 1
Characterization of membranes modified with 3 different methods using 1.0 wt%
chitosan, 90 s modification time.

Method Contact angle Water flux MWCO
(theta) (1/m? h)? (kDa)®
1. Immersion 73 972 + 105 >162
2. A flow through 65 444 + 50 >162
3. A combined flow through 61.5 247 £ 55 >162

and surface flow

@ Measured at 1.5 bar.
b Measured using PEG and dextran solutions.

modified with different methods were shown in Table 1. The mem-
brane modified by method 3 gave the highest hydrophilicity with
contact angle of 61.5° while the membrane modified by immer-
sion method (method 1) provided the lowest hydrophilicity. It can
be explained that for the membranes modified by a flow through
method (method 2), chitosan was deposited on both surface and
pore wall. For the membranes modified by method 3, it was possi-
ble chitosan deposit on membrane surface was thicker compared
with method 2, while for method 1, chitosan was only coated on
the membrane surface. From the results, it can be concluded that
the hydrophilicity of modified membranes increased with chitosan
concentration and modification time. By using method 3, chitosan
which is a highly hydrophilic polymer can deposit on both the
membrane surface and in the membrane pores, resulting in higher
hydrophilicity.

The results of water fluxes of the modified membranes depicted
in Table 1 indicated that the membrane modified by method 1 gave
highest flux, followed by those of method 2 and method 3, respec-
tively. The membrane modified by method 3 had lowest contact
angle (more hydrophilic), but its water flux was also lowest. This is
not surprising because for modification by method 3, chitosan can
be accumulated both on the membrane surface and in the mem-
brane pores. These increased the membrane thickness, reduced the
pore volume, resulting in the decreased of water flux due to the
increase of membrane resistance.

3.1.4. Molecular weight cut offs (MWCO)

In this work, the MWCO is defined as MW which is 90% rejected.
The experiments were carried out using solutes of different molec-
ular weights which were PEG, BSA and dextran. Fig. 4 shows the
effect of chitosan concentration on solute rejections for membranes
modified by a flow through method. It can be seen that the unmod-
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Fig. 4. Solute rejection of membranes modified by a flow through method using
different chitosan concentrations, 90 s modification time.
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Fig. 5. Solute rejection of membranes modified with different methods, 2.0 wt%
chitosan concentration, 90 s modification time.

ified PVDF base membrane did not reject any solutes in range of
0-162 kDa. In case of membranes modified with low chitosan con-
centration (0.5 and 1.0 wt%), the MWCO of modified membranes
were still larger than 162 kDa due to the small amount of chitosan
deposit on the membrane surface and pore wall, while the mem-
branes modified with 1.5, 2.0 and 2.5wt% gave MWCO of 152.5,
90 and 63.5kDa, respectively. This suggested that the increase
of chitosan concentration caused a reduction of membrane pore
sizes.

The MWCO curves of membranes modified with different meth-
ods at 2.0 wt% chitosan was shown in Fig. 5. The modification of
membrane by methods 1, 2 and 3 gave MWCO of 91, 90 and 72 kDa,
respectively. Interestingly, the solute rejection curves of the mem-
brane modified by methods 2 and 3 were sharper than that of
membrane modified by immersion technique. The shape of solute
rejection curve can reflect the pore size distribution of modified
membranes. The sharper curve means more narrow pore size dis-
tribution [11]. From the results, it can be explained that for the
membrane modified by methods 2 and 3, the chitosan solution was
coated uniformly on surface and pore wall. In case of immersion
method (method 1), the base membrane was only immersed in
chitosan solution without giving any pressure, chitosan can be only
coated on membrane surface.

3.1.5. Membrane stability

In order to verify the integrity of chitosan deposit on the mem-
brane surface and pores, the modified membranes were tested by
water filtration. The water fluxes for period of 20h of modified
membranes were depicted in Fig. 6. It was observed that the flux
decline was not significant.

To confirm the existence chitosan layer coated on membrane
surface after 20 h water filtration, the contact angle of used mem-
brane was again measured, together with the FTIR study. The result
of FTIR measurement showed insignificant change of the FTIR peaks
(positions and heights) of modified membrane before and after fil-
tration test. The contact angles of membranes modified by flow
through method with 0.5 wt% chitosan before and after filtration
test were 70° and 73°, respectively. It clearly showed that only the
small amount of chitosan might be lost by filtration with water.
Fig. 7 shows the SEM pictures of the membranes modified by
method 2 with 0.5wt% chitosan before and after 20h filtration
of water. It is shown that the coated chitosan layer was stable
on membrane surface. The results of water flux, contact angle,
FTIR study and SEM images confirmed that chitosan was strongly
deposited on PVDF membrane. The stabilization of chitosan layer on
base membrane by neutralizing with 1.0 M NaOH was an effective
method to provide the chitosan layer stability on the base mem-
brane.
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Fig. 6. Water fluxes of membranes modified by flow through method for a period
of 20 h.

3.2. Fouling of membrane by protein

3.2.1. Effect of chitosan concentration on protein fouling

To investigate the anti-fouling properties of the modified mem-
branes, filtration of BSA solution by unmodified membrane and
membranes modified with different chitosan concentrations were
performed. Fig. 8 shows normalized flux of unmodified and mem-
branes modified with 0.5, 1.0 and 1.5 wt% chitosan. The normalized
flux is the ratio of instantaneous BSA flux (J;) divided by flux
of buffer solution (Jp). It is clearly shown that the flux decline
of unmodified membrane was higher than those of modified
membranes indicating higher fouling of unmodified membrane.
In case of modified membranes, it appeared that the fouling of
BSA decreased with increasing chitosan concentration due to an
increase of hydrophilicity (Section 3.1.3).

3.2.2. Effect of modification method on protein fouling

Fig. 9 shows BSA normalized flux of unmodified PVDF membrane
and modified with different methods. The unmodified membrane
had the highest normalized flux decline during protein filtration.
In case of modified membranes, the modification methods signif-
icantly affected flux decline. The lowest flux declined appeared in
case of membrane modified by method 3 and the membrane mod-
ified by immersion (method 1) had highest flux decline. For the
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Fig. 8. Normalized fluxes of BSA solution of membranes modified with different
chitosan concentrations (method 2); 90 s modification times, pH 4.7 (IEP of BSA).
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Fig. 9. Normalized fluxes of BSA solution of membranes modified with different
techniques, 1.0 wt% chitosan, 90 s modification time at IEP of BSA.

membrane modified by a flow through and surface flow method,
the chitosan was forced to flow though the membranes under a
given pressure (2 bar). Chitosan can deposit on both surface and
in the pores, resulting in prevention of BSA adsorption. While, the
membrane modified by immersion, chitosan deposited only on the
membrane surface. Therefore, BSA could be adsorbed easily on the

450KX SigralA=SEl  Date 22 May 2008
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Fig. 7. SEM images of the top surface of membranes modified (by method 2) with 0.5 wt% chitosan concentration, 90 s modification time (a) before filtering with water, (b)

after 20 h filtration of water.
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Fig. 10. Normalized flux recovery of (¢) unmodified and (3J) modified membrane
(method 2) with 1.0 wt% chitosan, 90 s modification time at IEP of BSA. Buffer 1—after
cleaning with DI water; Buffer 2—after cleaning with 0.1 M NaOH.

pore walls which led to high flux decline and irreversible fouling
(see Section 3.2.4).

3.2.3. Flux recovery of protein filtration

The results from the experimental procedure described in Sec-
tion 2.6.1 are displayed in Fig. 10. The first zone, on the left hand side,
compares the normalized fluxes between unmodified and modified
membranes. Flux recoveries after cleaning with DI water (Buffer
1) for unmodified and modified membranes were 8% and 45%,
respectively. After cleaning with 0.1 M NaOH solution, the recov-
eries (Buffer 2) were 10 and 57%. The normalized flux of protein
filtration in the last stage was comparable to that of the first stage.
The higher flux recovery of modified membrane suggested that pro-
tein fouling on chitosan layer was partially reversible because of the
hydrophilicity of modified membrane.

3.2.4. Resistance analysis

In order to investigate the anti-fouling property of the modified
membrane, resistance in series model was used to characterize the
degree of membrane fouling [16,20]. The permeation flux is define
as

AP

I= & (1)
where

Rt = R +Rep + Ry (2)
and

R = Rys + Ryyg (3)

where J is the permeation flux, AP, the trans-membrane pres-
sure, Ry, the total resistance, R;;;, the inherent membrane resistance,
and Ry is the concentration polarization resistance which can be
removed by washing with DI water. Ry is the fouling resistance con-
sisted of reversible fouling resistance (R,) which can be cleaned by
chemical cleaning (0.1 M NaOH) and irreversible fouling resistance
(Rir). These resistances can be calculated from the solution flux data
and from clean water flux before and after membrane cleaning. The
details were described elsewhere [21,22]

As shown in Fig. 11, the resistances R, Ry and R;; decreased
with increasing chitosan concentration. The value of R; for mem-
brane modified with 1.5 wt% chitosan was 1.22 x 1012 m~1, which
was only 21.32% of that of unmodified membrane while, Rr was
half of unmodified membrane. Both R;f and R;s indicate the degree
of fouling and overall performance during protein filtration. The
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Fig. 11. Transport resistances due to BSA filtration of the membrane modified by
a flow through method using different chitosan concentrations, 90 s modification
time.

value of Ry reflects the degree of irreversible fouling. The sharp
decrease of R;y with increasing chitosan concentration indicated
that the amount of chitosan on membrane surface and pores help
protect the irreversible fouling of the modified membranes. The
increase of membrane resistance R;; with chitosan concentration
confirmed the previous discussion (Section 3.1.3) that accumula-
tion of chitosan on the membrane surface and in the pores increased
the membrane thickness, reduced the pore volume, leading to the
increase of membrane resistance.

3.2.5. Protein adsorption

Fig. 12 shows the results of static BSA adsorption on the mem-
brane surface at different pH of BSA solutions. It can be seen that the
unmodified PVDF membrane had higher amount of BSA adsorption
than the modified membranes due to high hydrophobicity of the
PVDF membrane. In addition, the membrane modified with higher
chitosan concentration gave lower BSA adsorption since chitosan
can improve the hydrophilicity of the membrane.

The highest BSA adsorption appeared at pH 4.7 (isoelectric point,
IEP of BSA) for all membranes. At IEP of BSA, the repulsive force
between membrane surface and BSA is weakest and BSA can be
easily adsorbed on the membrane surface. The extent of electro-
static repulsion was dependent on the magnitude of membrane
surface charge [7] which was a function of the difference between
BSA solution pH and IEP. In addition the change in pH causes the
changes in structure and conformation of protein, which also affect

90
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time
= 1.0%wt, 90 sec modification
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Fig. 12. The amount of BSA adsorbed on unmodified membrane and membrane
modified by a flow through method using two different chitosan concentrations.
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adsorption mechanisms. For the pH which was far from BSA IEP, the
electrostatic repulsion was high, BSA adsorption was small. When
pH of solution was adjusted to below BSA IEP and above chitosan
IEP, the charges of both membrane surface and BSA were posi-
tive and negative, respectively. This induced strong repulsive force
between membrane and BSA. Therefore, a small amount of BSA was
adsorbed on membrane. It can be concluded that, the amount of BSA
adsorption can be reduced by adjusting the pH of the solution.

4. Conclusion

The modification of hydrophobic PVDF membrane with chi-
tosan was performed in order to increase the hydrophilicity and
to reduce protein fouling. From the SEM and FTIR results, it con-
firmed that there was chitosan deposited on the membrane surfaces
and in the pores. The hydrophilicity of the modified membrane
increased (water contact angle decreased) with increasing chitosan
concentration and modification time. However, as the chitosan
concentration and modification time was increased, the water per-
meate flux was decreased. Moreover, the modification method
significantly affected the deposition of chitosan on membrane sur-
face and pore wall.

In the protein fouling study, the normalized flux during the
BSA filtration slightly declined when membrane was modified with
high chitosan concentration. The modification of PVDF membrane
with chitosan could effectively prevent protein fouling on mem-
brane. Fluxes recovery of modified membrane was better than the
unmodified membrane. The membrane modified by a combined
flow through and surface flow method showed the best anti-fouling
properties compared with other methods. Protein adsorption on the
modified membrane was highest at the BSA IEP while the adsorp-
tion decreased at the BSA solution pH was far from the IEP.
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The membrane wetting by the liquid absorbents is an important problem in the operation of gas-liquid
membrane contacting process. In order to gain a better understanding on the role of absorbents on mem-
brane wetting, monoethanolamine (MEA, primary amine), diethanolamine (DEA, secondary amine), and
2-amino-2-methyl-1-propanol (AMP, sterically hindred amine) were applied as absorbent solutions. The
membrane used for the experiments was the hollow fiber polyvinylidenefluoride (PVDF) membrane. The
performance of both single and mixed amine solutions on the CO, absorption capacity and membrane
wetting potential were investigated. In addition, sodium chloride (NaCl, inorganic salt) and sodium gly-
cinate (SG, organic salt) were added into the MEA aqueous solution to observe CO; flux and membrane
wetting.

The results revealed that the use of MEA solution and SG as absorbents gave highest CO, flux. The
overall mass transfer coefficients obtained from the experiments also showed the same trend as CO; flux,
i.e, the values were in the following order: MEA> AMP > DEA. However, the long-term flux was monitored
and it was found that MEA also gave lowest flux decline due to the membrane wetting. The use of mixed
amine solutions and the addition of NaCl did not help protect the membrane wetting. On the contrary,
the addition of SG in to MEA solution can improve flux and resulted in stable CO, flux indicating that the
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Membrane contactors
Membrane wetting
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membrane wetting was negligible.

© 2009 Elsevier B.V. All rights reserved.

1. Introduction

Carbon dioxide (CO;) is the main gaseous component of the
greenhouse gases in the atmosphere, representing about 80%. CO,
has been known to contribute significantly to global warming. The
effective and economical technology for CO, capture is, thus, nec-
essary. Conventional gas absorption process for removal of CO,,
including chemical absorption by reactive absorbents, is normally
carried out by packed and spray columns. The methods suffer many
drawbacks such as flooding, foaming, and high capital and operat-
ing costs. These problems can be overcome by using hollow fiber
membrane contactors [1].

Membrane contactors are devices that employ porous
hydrophobic membrane as a phase barrier allowing two flu-
ids to come to contact with each other for the purpose of mass
transfer without dispersion of one phase into the other. This
typical process offers several practical advantages including high
surface area per unit volume, especially, when the hollow fiber

* Corresponding author. Tel.: +66 2470 9222; fax: +66 2428 3534.
E-mail address: ratana.jir@kmutt.ac.th (R. Jiraratananon).

1383-5866/$ - see front matter © 2009 Elsevier B.V. All rights reserved.
doi:10.1016/j.seppur.2009.07.009

membrane modules are used. Recent reviews of CO, absorption
using hollow fiber membrane contactors are given in the literature
[1,2].

Although the membrane contactors offer many advantages over
the conventional contacting equipment, additional mass transfer
resistance is introduced due to the membrane. Depending on the
membrane material, the liquid absorbent nature and the pressure
of the two phases, the membrane pores may be filled with gas or
liquid, which corresponds to the non-wetted mode and the wetted
mode. In the gas absorption case, the non-wetted mode is pre-
ferred because if the membrane pores are wetted by liquid the
membrane resistance will increase, resulting in low flux. Wang
et al. [3] reported that the reduction of the overall mass trans-
fer coefficient may reach 20% even if the membrane pores were
5% wetted. The study of membrane wetting has been the sub-
ject of interest [3-5]. The membrane with high hydrophobicity
is more resistant to wetting. The hydrophobicity of membranes
is represented in terms of the contact angle between the liquid
absorbent and membrane. In general, the hydrophobicity of the
membranes is in the order of PTFE (polytetrafluoroethelene) > PP
(polypropylene) > PVDF (polyvinylidenefluoride) based on the con-
tact angle data [6]. For a given membrane material and structure,
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Nomenclature

At mass-transfer area based on inside surface area of
gas-liquid contact (m?2)

G concentration of carbon dioxide in the liquid phase
(molm3)

Ce concentration of carbon dioxide in the gas phase
(molm3)

AQC ,, logarithmic mean concentration difference of car-

bon dioxide in the liquid phase (molm~3)

Cco,,r  concentration of carbon dioxide in feed stream
(molmol-1)

Cco, .k concentration of carbon dioxide in retentate stream
(molmol-1)

D diffusion coefficient of carbon dioxide in the liquid
phase (m2s-1)

Dg eff effective diffusion coefficient of gas in the pores
(m?s71)

d; inside diameter of membrane (m)

din logarithmic mean diameter of membrane (m)

do outside diameter of membrane (m)

H Henry’s constant

Jeo, CO, flux (molm=—2s-1)

Koy overall mass transfer coefficient (ms=1)

ki individual mass transfer coefficient of liquid phase
(ms™1)

km individual mass transfer coefficient of membrane
(ms™1)

kg individual mass transfer coefficient of gas phase
(ms™1)

L effective length of the membrane module (m)

Im thickness of the hollow fiber (m)

AP penetration pressure (Pa)

Qr total gas flow rate in feed stream (m3s—1!)

Q liquid flow rate (m3s-1)

Qr total gas flow rate in retentate stream (m3s-1)

p membrane pore radius (m)

Sh Sherwood number

Tg gas temperature (K)

1% velocity (ms—1)

Greek letters

Em membrane porosity

0 contact angle (°)

o surface tension (MmN m~1)
Tm membrane tortuosity

its hydrophobic character may be altered due to morphological
change by the interaction of liquid. Khaisai et al. [6] compared the
CO, absorption performance of PTFE, PP, and PVDF membranes.
They concluded that based on the cost of PVDF membranes, and
its comparable performance to PTFE membrane, PVDF remains a
membrane of interest.

Important measures to prevent the wetting problem include the
selection of liquids with suitable surface tension. It was reported
that when the liquid surface tension decreased (which may be
due to the presence of organic compounds) from about 33 mN/m
to 30 mN/m, the transmembrane pressure difference of the PP
membrane was decreased from about 0.9bar to 0.1 bar leading
to the rapid increase of membrane wetting [7]. The study of Yan
et al. [4] on CO, removal using PP membrane by aqueous solu-
tions of potassium glycinate (PG), monoethanolamine (MEA), and
methyldiethanolamine (MDEA) revealed that aqueous PG solution
has a lower potential of membrane wetting due to its suitable phys-

ical properties (e.g. surface tension). PG also has good reactivity
towards CO, compared with MEA and MDEA.

To achieve high CO, absorption rate, reactive absorbents are
widely employed in practice. The commonly used absorbents for
CO, capture are aqueous solutions of amines which are weak
bases that react with CO, to form complexes with weak chemical
bonds. These chemical bonds are easily broken upon mild heat-
ing, leading to absorbent regeneration. The preferred amines are
MEA, diethanolamine (DEA), and MDEA in terms of high CO, load-
ing capacity, rapid absorption rate and low cost for regeneration.
MEA, a primary amine, has been used extensively because of its
high reactivity and low cost. However, its maximum loading is lim-
ited by stoichiometry to 0.5 mol CO, per mole of amine. DEA is less
corrosive with reasonable CO, absorption rate. The advantages of
MDEA, a tertiary amine, over MEA include its higher loading capac-
ity and its low heat of reaction leading to low energy requirement
for regeneration.

The use of mixed absorbents for CO, removal is of increasing
interest. Glasscock et al. [8] investigated CO, absorption by mixed
amines inabatchliquid continuous gas-stirred cell reactor. The sim-
ulation of CO, absorption was carried out. A differential equation
based model was developed and used to study the reaction kinetics
for CO, with MEA, DEA, MDEA and the mixtures of MEA/MDEA and
DEA/MDEA. It was demonstrated that MDEA participated in the DEA
kinetics, but not the MEA kinetics. Finally, it was concluded that the
performance of the MEA/MDEA system was much more sensitive
to loading than the DEA/MDEA system. The absorption of CO, into
aqueous solution of amine mixtures was also reported by Mandol
et al. [9]. It was found that the addition of small amount of MEA
to aqueous solutions of MDEA or AMP significantly enhanced the
enhancement factor and rate of absorption for both solvents. Apart
from the mixtures of MEA, DEA, AMP and MDEA, the use of piper-
azine (PZ) as the activator for those amines is also the subject of
interest [10-12].

The use of mixed amines is an interesting and promising
approach since it may bring about improvement in gas absorp-
tion and in reducing energy requirement for regeneration. However,
previous works [9-12] on using mixed absorbents did not include
the long-term flux, wetting characteristics, and there was a lack
of important data (contact angle, surface tension, and viscos-
ity) influencing the membrane wetting. Mixed amines may also
result in different membrane wetting characteristics of the system.
Accordingly, it is the interest of the present work to systemati-
cally investigate the removal of CO, by a hollow fiber membrane
contactor using both single and mixed amine solutions. PVDF mem-
brane was selected for the study. Mixed amines of MEA, DEA, and
AMP including SG (sodium glycinate) as well as inorganic salt,
sodium chloride (NaCl), at different compositions were used for
CO, removal. The wetting study was carried out by monitoring the
long-term CO, flux of the mixed amine solutions. In addition, the
effect of salts, i.e. SG and NaCl on CO,, flux and on membrane wetting
was also presented.

2. Theory

2.1. Basic principle of mass transfer in gas-liquid membrane
contactor

The resistance-in-series model has been widely applied to
describe the mass transfer mechanism in the gas-liquid membrane
contacting process. Fig. 1 illustrates the mass transport of the inter-
ested gas for non-wetted operating mode of membrane contactors,
i.e., diffusion from the bulk gas through the membrane pores and
dissolution in the liquid absorbent. The resistance-in-series model
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Fig. 1. Schematic drawing of mass transfer regions and resistance-in-series in non-
wetted membrane contactor.

can be expressed as Eq. (1).

1 1, Hdy _Hd,
Ko - kl kmdln kgdi

(1)

where K, is the overall mass transfer coefficient based liquid phase
(m/s), k;, km, kg are the individual mass transfer coefficients of
the liquid phase, membrane and gas phase, respectively. d,, do, dj
are the inner, outer and logarithmic mean diameters of the fibers,
respectively. H represents Henry’s constant. For the dissolution of
CO, in 1M MEA, 1 M DEA, and 1 M AMP, the Henry's constants were
reported to be 0.831 [13], 0.665 [14], 0.767 [15], and 0.689 [16],
respectively.

The overall mass transfer coefficient, K, can be calculated based
on the experiments by the following equation [13]:

Ql(Cl,out - Cl,in)

Ko =
ol ATACI,av

(2)

The logarithmic mean concentration, ACj ,y, is expressed as

(Hcg,in - Cl,out) - (HCg,OUt - Cl,in)
In (Hcg,in - Cl.out/HCg,out - Cl,in)

AQ ay = (3)

where Ar is the gas-liquid contact area, Cjj,, Cj oy are the liquid
phase inlet and outlet concentrations, Cg i, Cgout are the gas phase
inlet and outlet concentrations, Q; is the liquid volumetric flow rate.

In the operation of a membrane contactor, either the gas phase
or liquid phase can be fed through the shell side or tube side of the
hollow fiber membrane module. However, flow of liquid in the tube
side takes more advantage than that in the shell side [17] which also
depends on the packing density of the membrane module used.
In addition, when asymmetric membranes are used, the location
of the skin layer has to be considered in order to decide the flow
configuration. For the tube side, the well-known Graetz-Lévéque
mass transfer correlation was widely used to predict the tube side
mass-transfer coefficient [1,18];

. dZV 1/3
5h=k1d1=1.62(' ) (4)

D LD

where Sh is Sherwood number, D is the diffusion coefficient, L is the
tube length and V is the fluid velocity.

Many correlations have been proposed to determine the shell
side mass transfer coefficient [18-20]. However, each of them is
applicable to a certain limited range of operation. In general, it can
be expressed in the following form:

Sh = aRe®Sc# (5)

where Re and Sc are Reynolds and Schmidt numbers, respectively.

The membrane mass transfer coefficient in a completely non-
wetted case can be calculated using the following equation [21]:

Dg effém
km — —getrm

" (6)
where Dy o is the effective diffusion coefficient of pure gas filled in
the pores. It is calculated from the summation between the molec-
ular self-diffusion coefficient and the diffusion coefficient which
is the interaction of gas molecules and membrane wall [21]. e,
Im are the porosity, thickness of the membrane provided by the
manufacturer, respectively. T, is the tortuosity achieving from the
correlation [22]. In order to estimate the overall mass transfer coef-
ficient based on Eq. (1), Egs. (4) and (6) were used to determine the
liquid phase and membrane mass transfer coefficients.

In this study, the CO flux which was used to indicate the process
efficiency can be estimated by the following Eq. [4];

(QF X CC02,F - QR X CCOZ,R) x 273.15 x 1000

Jeo, = 22.4 x Tg x At 7)

where Jco, is the CO; flux. Cco,,r and Cco, r are the CO, concentra-
tions in the feed and retentate streams, respectively. Qr and Qg are
the gas flow rates at the inlet and outlet of the membrane module,
respectively. Ty is the gas temperature. At is the mass transfer area.

2.2. Penetration pressure

There are two possible operating modes in the gas-liquid mem-
brane contacting process, i.e. dry and wet modes. The operation in
dry mode (gas-filled membrane pore) is more advantageous than
that in the wet mode (liquid-filled membrane pore) owing to the
higher gas diffusivity. The liquid will not penetrate into the mem-
brane pores when pressure difference between liquid and gas phase
stream in membrane pores is lower than the penetration pressure
[1] defined as follows:

AP — —20 cos 6 (8)
p

where AP is the penetration pressure or wetting pressure. o is the

surface tension of the liquid. 8 is the contact angle formed between

fluid and the membrane pore. rp is the membrane pore radius.

3. Experimental

Hydrophobic porous polyvinylidenefluoride (PVDF) hollow fiber
membrane used in all experiments was supplied by Memcor Aus-
tralia (South Windsor, New South Wales, Australia). The membrane
characteristics are shown in Table 1. Carbon dioxide (99.8%) and
nitrogen gases (99%) were obtained from Thai Industrial Gases PLC,
Thailand. All chemicals used in the experiment are analytical grade.
The purities and suppliers of the chemicals are; monoethanolamine
(MEA) 97% (Unilab), diethanolamine (DEA) 99% (Fisher scientific),
2-amino-2-methyl-1-propanol (AMP) 90% (Fluka), sodium glyci-
nate (SG)99% (Sigma, for use as standard solution), sodium chloride
(NaCl) 99.5% (Carlo Ebra), glycinate (for synthesis of sodium glyci-
nate) 99% (Merck), and sodium hydroxide (NaOH) 97% (Carlo Ebra).

Table 1

Specifications of the hollow fiber membrane module.

Fiber o.d. (um) 1300
Fiber i.d. (urn) 800
Module i.d. (mm) 10
Membrane pore size (urn) 0.2
Membrane porosity 0.60
Number of fibers 35
Effective module length (mm) 295

Effective contact area (m?)
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Table 2
Surface tensions, viscosities of the absorbents and the contact angles of the
absorbents and membrane.

Table 3
Experimental plan. All experiments were carried out at room temperature (30°C)
and at a constant gas flow rate of 200 ml/min.

Absorbents Surface tension Viscosity Contact angle
(mN/m) (mPas) (degree)
Water 70.98 0.91 91.77
MEAO0.1M 70.58 0.924 91.50
MEA 0.25 M 64.25 0.95 -
MEA0.5M 63.96 1.006 91.27
MEA1M 61.54 1.119 90.12
Pure MEA 48.55 - -
DEATM 59.12 1.22 87.92
AMP1M 58.81 1.426 86.95
SG1M 63.95 1.186 93.91
DEA 0.25M+ AMP 0.25M 58.28 1.113 85.18
MEA 0.25M+AMP 0.25M 60.96 1.051 87.64
MEA 0.25 M +DEA 0.25 M 61.96 1.046 89.62
MEA 0.25 M +NaCl 0.125 M 64.16 0.974 91.28
MEA 0.25M +NaCl 0.25M 64.08 0.976 88.34
MEA 0.25 M +SG0.125 M 64.21 0.99 88.94
MEA 0.25 M +SG 0.25 M 64.03 1.015 91.1

De-ionized (DI) water was used for preparation of all solutions.

Sodium glycinate (1 mol/l, 201) was prepared from the reac-
tion between glycine and sodium hydroxide [23,24]. Ten liters of
NaOH solution (2 mol/l) was mixed with 101 of standard glycine
solution (2 mol/l) and stirred at room temperature for 20 min. The
conductivity and pH of the mixture were measured and compared
with those of standard sodium glycinate solution to ensure that the
reaction was completed.

The viscosity, surface tension of the absorbents, and the contact
angle of the membrane and the absorbents were also measured by
the viscometer (C-75, Canon), surface tension meter (TD2, Laude)
and contact angle meter (DCAT 11, Dataphysics), respectively. These
values are reported in Table 2.

Fig. 2 shows the experimental setup of a gas-liquid membrane
contacting process. The mixture of N,/CO, with a volume ratio
of 80:20, which is in the composition range of flue gas was used
as the feed gas composition whereas DI water, MEA, DEA, AMP
and their blended aqueous solutions were employed as absorbents.
The effect of addition of organic salt (SG) and inorganic salt (NaCl)
into the MEA solution on the CO, separation performance were
also investigated. Table 3 summarizes the experimental plan. All
experiments were carried out at room temperature (30° C). The lig-
uid flow rates were at 400 ml/min, 560 ml/min, 760 ml/min, and
1000 ml/min whereas the gas flow was fixed at 200 ml/min. In the
experiment, the feed gas flow rate supplied from compressed gas
cylinders was adjusted and controlled by Aalborg (GFC model) mass
flow controllers, and then it was fed through the shell side of the
membrane module. Digital bubble meter was used to determine
the inlet and outlet gas volume flow rates. The liquid absorbent
was pumped by a peristaltic pump (L/S® Easy-load® II, Masterflex

Pressure gauge

Membrane

Sample detector
MFC

0 o7

Fig. 2. Experimental setup of a gas-liquid membrane contactor unit.

rotameter

Feed tank

Experiment Concentration of absorbents and salts (mol/L) Absorbent flow rate
MEA DEA AMP SG NaCl (ml/min)
1 0.25 400, 560760, 1000
2 0.5
3 1.0
4 1.0
5 0.5
6 1.0
7 1.0
8 0.25 0.25
9 0.25 0.25
10 0.25 0.25
11 0.25 0.125
12 0.25 0.25
13 0.25 0.125
14 0.25 0.25
15 DI water

model 77201-62) from the feed tank through a rotameter, after that
itwas fed into the tube side of the hollow fibers. The pressure gauges
were used to indicate the inlet and outlet pressures of the gas and
liquid phase. Gas Chromatograph (6890 Hewlett Packard, TCD) was
used to analyze the inlet and outlet gas compositions. All of exper-
imental results data were collected after the experiment had been
operated for 30 min in order to ensure that the system reached the
steady state. The results of each run were averaged from five times
of sampling.

4. Results and discussion
4.1. CO, absorption performance with various absorbents

4.1.1. Single absorbents

Fig. 3 shows the effects of liquid phase velocity and types of
absorbent on the CO, absorption flux. It can be found that the
CO, absorption flux increased with increasing liquid phase veloc-
ity since the mass transfer coefficient in the liquid phase was
enhanced [13]. In the experiments, high absorbent flow rate was
used compared with the gas flow rate. For the gas-liquid mem-
brane contacting process, the ratio of liquid and gas flow rate does
not much affect the operability of the system since gas and liquid
flow rate can be independently controlled. In this process, the mass
transfer resistance in the liquid phase is high or controls the sys-
tem. The increase in the liquid flow rate does not cause flooding
as commonly found in a usual absorption process, but benefits or
increases the system performance. It should also be noted that the
ratio of mole of CO, to mole of liquid absorbent was low. We used
many single and mixed amine solutions. These amines are different
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Fig. 3. Effects of absorbent velocity and types of amine solutions on CO, flux.
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Fig. 4. Intermediates produced from the reaction between CO, and (1) MEA, (2) DEA, (3) AMP, and (4) SG.

in rates of reactions and absorption capacity, varying from low to
high. The low ratio (mole of CO,/mole of absorbent) allowed for bet-
ter comparison of the results. In case of SG used as an absorbent,
at low liquid velocity, the CO, flux slightly changed with the lig-
uid velocity. This corresponds with the study of Yan et al. [4]. They
reported that the CO, flux obtained from using potassium glycinate
(PG) as an absorbent increased slightly in the low liquid velocity
range (0.025-0.1 m/s). Although, at high liquid velocity, the CO,
flux decreased with increasing liquid velocity due to the decrease in
contact time between gas and liquid phase. Another possible reason
for the unsuccessive decrease of CO, flux was the change of mass
transfer resistance from the liquid phase to the gas phase.

From the above results, it was found that the CO, absorp-
tion fluxes of the different absorbents at 1M concentration
were in the sequence of SG (amino acid salt)>MEA (primary
amine)>AMP (sterically hindered primary amine)>DEA (sec-
ondary amine)>water (physical absorbent). The results can be
explained by the chemical reaction mechanism between CO, and
amine. The example of reaction mechanism between amine solu-
tion and CO is as follows [11]:

RORAINH + €O, «+ RURGINHTCOO~ 9)

(zwitterion intermediate)

BH*

(carbamateion)

R(WR@NH 4 CO0™ + B < RPRZINCOO™ + (10)

For MEA, R(1) =(CH,),0H, R(?) =H and B denotes OH~ or H,O.

The above chemical reaction mechanism between amine and
CO, is called zwitterion reaction which produces the intermediate,
i.e. RDREINH*COO~. R(M and R are hydrogen or alkyl group as
shown in Fig. 4. This intermediate can react with B to create the
carbamate ion. Therefore, the chemical reaction rate between CO,
and amine depends on the stability of the intermediate. If the inter-
mediate is not stable, it would be easier to continuously react as in
Eq. (10), giving the carbamate ion which provides higher chemical
reaction rate constant.

From Fig. 3 the CO, flux in case of using MEA as absorbent
was higher than those of using AMP and DEA. For MEA used as
absorbent, R(?) in Eq. (9) stands for hydrogen atom which is an
electron-withdrawing group attached at the nitrogen atom of the
intermediate. This induces a cation at the nitrogen atom. The inter-
mediate from the reaction between CO, and MEA is not stable and
it can instantaneously react, as in Eq. (10) to form a carbamate ion.
Therefore, the chemical reaction rate between CO, and MEA is high
leading to the high CO, absorption flux.

For using DEA as an absorbent, R(?) in Eq. (9) represents the
ethanol group ((CH;),OH) which is called an electron-donating
group. The intermediate resultant from DEA is thus, more stable
than that from reaction between MEA and CO,. Therefore, CO, flux
of DEA was lower. In case of using AMP, R(1) in Eq. (9) represents
hydrogen atom. However, R(2) of AMP molecule (C(CH;),CH30H) is
larger than that of MEA. This can introduce the steric effect. There-
fore, the CO, absorption flux of using AMP absorbent was lower
than that of using MEA absorbent. Wang et al. [25] and deMon-

tigny et al. [17] reported the same trend of the results. Moreover,
the results can also be supported that by the values of rate con-
stant of the reactions between MEA/DEA/AMP with CO, available
in the literature [26] which reported that the rate constants of
MEA > AMP > DEA.

The CO, flux in case of using SG as absorbent was higher than
that of using MEA since the pH of 1M SG solution (pH 12.87) is
higher than that of 1M MEA solution (pH 11.91). The higher pH
value of the SG solution may result in higher OH~ concentration
than that in MEA solution. Thus, the chemical reaction rate between
OH~ and CO, of SG solution was higher than that of MEA solution
resulting in higher CO, flux. Yan et al. [4] presented the similar
results when PG (potassium glycinate) was used as an absorbent.
In other words, SG gave higher flux than MEA because the car-
boxylic group attached to the nitrogen atom of the intermediate
has a higher electro-negativity than the ethanol group of MEA.

From the above experimental results, the overall mass transfer
coefficient (K, ) can also be estimated based on Egs. (2)and (3). Fig.5
depicts the effects of different types of amine used and solution
velocity on the calculated K. The K, values showed the same trend
with measured CO, absorption flux or they were in the order of
MEA > AMP > DEA > water. Unfortunately, the K, of the SG solution
cannot be estimated due to the lack of Henry’s constant for SG.
The K, for all amine solutions increased with increasing in liquid
velocity due to the increasing in mass transfer coefficient in the
liquid phase (see also Eq. (1)).

Fig. 6 shows the effect of MEA solution concentrations on the CO,
flux. The higher MEA concentration used, the higher the CO, flux
achieved. This is because the increase in absorbent concentration
resulted in increasing the chemical reaction rate between CO, and
MEA. Similar observations on the effect of absorbent concentration
on the mass transfer rate were reported in literatures [4,25].

4.1.2. Mixed absorbents

4.1.2.1. Absorption capacity of mixed absorbents. The comparison of
CO; flux by using single amine solutions, i.e. MEA, AMP, and DEA
at 0.5M concentration and mixed amine solutions, i.e. MEA/DEA,
DEA/AMP, and MEA/AMP of 1:1 mole ratio at 0.5 M total concentra-
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Fig. 5. Effects of absorbent solution velocity and various types of amine solutions
on overall mass transfer coefficient (K;).
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Fig. 6. Effects of absorbent solution velocity and MEA solution concentrations on
CO; flux.

tionis shown in Fig. 7. The aim of this figure was to present the effect
of mixed amine solution type on the absorption performance. These
results were as expected. We expected that the absorption perfor-
mance would be controlled by the amine with the higher reaction
rate and absorption capacity. The CO, flux for mixed absorbents
used was in the sequence of MEA/AMP > MEA/DEA > DEA/AMP. The
mixed absorbent which was composed of MEA provided the high
capacity in CO, absorption since the MEA is a primary amine hav-
ing the higher chemical reaction rate constant with CO, than DEA
and AMP (see also Section 4.1.1). The CO, flux when MEA/AMP
and MEA/DEA of 0.5 M total concentration were used as absorbents
were close to the CO, flux of using 1M AMP and DEA. The similar
observations were also reported by Mandal and Bandyopadhyay [9]
and Paul et al. [27].

When the price and CO, absorption capacity of each amine solu-
tion are considered, the mixed amine solution of MEA/AMP shows
the better potential to be used as absorbent solution in gas-liquid
membrane contacting process. In addition, Pei et al. [28] reported
that the mixed absorbent of MEA/AMP required less energy con-
sumption in solution recovery than MEA solution.

4.1.2.2. Organic and inorganic salt addition into amine solution. In
order to investigate the absorption performance affected by the
presence of salt, the inorganic and organic salts were added into
the amine absorbent (MEA). The organic and inorganic salts used in
this study were sodium glycinate (SG) and sodium chloride (NaCl),
respectively. Salts concentration was varied with the intention of
investigating its influences on the CO, absorption performance.
For NaCl addition, previous results [13] which showed the reduced
flux was expected. For the addition of SG, the increase of flux was
expected since SG can react with CO,, Fig. 8 shows the effect of NaCl
and SG in 0.25 M MEA solution on the CO, absorption flux. It was
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Fig. 7. Effects of absorbent solution velocity of single amines and mixed amines on
CO, flux.
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Fig. 8. Effects of NaCl and SG addition into MEA solution on CO; flux.

found that CO, flux decreased with increasing the NaCl concentra-
tion as a result of salting out effect. The salting out effect is the
phenomenon which gas solubility in the liquid is decreased with
increasing salt concentration. Atchariyawut et al. [13] reported that
the presence of NaCl in NaOH solution resulted in decreasing CO,
absorption flux and product gas humidity.

The effect of SG presence in 0.25 M MEA solution on the CO, flux
is also depicted in Fig. 8. It can be seen that the CO, flux increased
with increasing SG concentration. SG is an organic salt which can
also lead to the salting effect, and the decrease of gas solubility. Nev-
ertheless, the result indicated that the addition of SG could improve
the CO, flux since SG can chemically react with CO, as described
previously.

4.2. Long-term performance of gas-liquid membrane contacting
process with various absorbents

The membrane wetting by liquid absorbent is one of the sig-
nificant problems in gas-liquid membrane contacting process
operation. Wetting of membrane may occur after a certain period
of operation due to a number of reasons. In the wetted membrane,
the gas absorption flux is decreased as the membrane resistance
is increased. Various type of liquid absorbents used in membrane
contacting process may exhibit different phenomena of mem-
brane wetting. In this section, the effects of various types of liquid
absorbents and additives on the long-term CO, absorption perfor-
mance are presented.

4.2.1. Effect of amine solution concentration
Fig. 9 shows the effect of MEA concentrations on CO, flux
throughout 12 days of operation. It was found that the CO, flux
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Fig. 9. Effects of MEA concentration on long-term performance of membrane con-
tacting process.
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Fig. 10. Effects of various types of amine solutions on long-term performance of
membrane contacting process.

decline increased obviously with increasing MEA concentration.
The CO, flux of using 0.25M, 0.5M, and 1M MEA solution as
absorbent continuously decreased about 19%, 23%, and 26% of the
initial flux, respectively. The decrease of CO, flux reflected the
increase in the membrane mass transfer resistance due to mem-
brane wetting. According to Eq. (8) and Table 2, the contact angle
(0) and surface tension (o) can be used to assess the possibility of
membrane wetting. As the MEA concentration was increased, the
contact angle and surface tension decreased. In the literature [4]
it was also reported that the surface tension of MEA and MDEA
solution decreased with concentration. Therefore, the probability
of membrane wetting was more pronounced at high concentration,
leading to higher flux decline.

4.2.2. Effect of different types of amine solutions

The influence of different types of amine solutions used as lig-
uid absorbent on the CO, long-term flux was shown in Fig. 10. The
MEA, DEA, and AMP solutions of 1M were used for comparison
during 12 days of operation. CO, flux of MEA, AMP, and DEA used
as absorbents continuously declined roughly 26%, 39%, and 78% of
initial flux, respectively. The decrease in CO; flux for 1 M MEA was
lowest. The data on contact angle and surface tension of 1M MEA
(see Table 2)in comparison with those of 1 M AMP and 1 M DEA well
supported the results. It was also found that when pure water used
as absorbent, the CO; flux seemed to be constant during 12 days of
operating period. Similar result was reported in the literature [13].

However, for comparison between DEA and AMP solutions used
as absorbents, the percentage of CO, flux reduction of 1 M DEA was
higher than that 1 M AMP. Nevertheless, the measured surface ten-
sion and contact angle of AMP were slightly lower than DEA. The
result may be explained by the value of viscosity. The viscosity of
1M AMP was higher than that of 1M DEA, therefore, it was more
difficult for AMP to penetrate into the membrane pores, leading to
less membrane wetting. Similar explanation related to the viscosity
and wetting ability of liquid absorbent was published by Lin et al.
[12]. They found that the increase of piperazine concentration in
AMP solution resulted in the increase of liquid absorbent viscosity
and led to the decrease wetting ratio of PVDF membrane.

According to above CO, flux results, the overall mass transfer
coefficient (K, ) can be estimated based on Egs. (2) and (3). The sim-
ilar trend between the CO, flux and K,,; was found. The overall mass
transfer coefficients (K,) of MEA, AMP and DEA used as absorbents
continuously dropped approximately 38%, 41%, and 78% of initial
value during 12 days of operating time, respectively. The decrease
of K,; was due to the increase of membrane mass transfer resistance
caused by the membrane wetting.

Fig. 11 illustrates the effect of using mixed absorbents on long-
term flux of CO,. The mixed absorbents used in the study included
MEA/DEA, DEA/AMP, and MEA/AMP of 1:1 mole ratio at 0.5M of

0.0004
- - - 025M MEA +025M AMP
- - -025M MEA +0.25 M DEA
- -A- = 025M AMP + 0.25 M DEA
‘:;; 0.0003 4 —&—0.5 M MEA
£ —e—0.5M AMP
-
S
E 0.00024
L
E
=
=)
0.0001 4
&
0 T T T T T T
0 2 4 6 8 10 12 14

Operating time (day)

Fig. 11. Effects of mixed amine solutions on long-term performance of membrane
contacting process.

total concentration. The results indicated that the use of mixed
absorbent solutions could not protect the membrane wetting. The
reduction of CO, flux using mixed amine solutions was in the
following order; of DEA/AMP > MEA/AMP > MEA/DEA. The experi-
mental results were consistent with the measured contact angles
and surface tensions according to Table 2. However, the viscosities
of these mixed absorbents were close in values. Therefore, in this
case the membrane wetting was not affected by viscosity.

4.2.3. Effect of salt addition

There was no previous report on the effect of salt addition on
the long-term performance or the membrane wetting. NaCl and
SG which are inorganic and organic salts, respectively, were used
as additives in 0.25M MEA solution in order to observe CO, flux
and membrane wetting. According to Fig. 12, the addition of NaCl
reduced flux due to salting out effect discussed previously. From
Table 2, the surface tension of 0.25 M MEA solution, with the pres-
ence of NaCl, did not seem to change. However, the addition of NaCl
into 0.25 M MEA solution increased the viscosity; thus, flux decline
was not significant since membrane wetting was less important
when the viscosity of the absorbent was increased [12]. From the
results, the increase of salt (NaCl) concentrations from 0.125M to
0.25 M slightly reduced flux decline (16%, 14%, respectively).

When SG was mixed with 0.25 M MEA solution the CO, flux was
enhanced due to the chemical reaction between SG and MEA (see
also Fig. 8). CO, flux decline was also negligible or it was less than
the case of NaCl addition. The reason for this can be found from
Table 2 in which the surface tension, viscosity, and the contact angle
of the two cases are compared.

The results presented in Figs. 9-12 showed that flux decline,
for several cases studied, was due to the membrane wetting since
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Fig.12. Effects of NaCland SG addition into MEA solution on long-term performance
of membrane contacting process.
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other experimental parameters were maintained constant, or only
operating time was varied. It was also observed that the color of
wetted PVDF membrane changed from the white to gray after the
PVDF membrane contacted with MEA solution for about 2 days.
On the other hand, the color of non-wetted PVDF membrane when
using SG with MEA solution as absorbent did not change during
long-term performance test period.

5. Conclusions

The CO, absorption capability and membrane wetting of vari-
ous types of amine absorbents were investigated. Single and mixed
amine solutions of MEA, DEA and AMP were selected to be used.
NaCl and SG are the inorganic and organic salts, respectively, were
employed as additives in the amine solutions. It was found that the
absorption performance of single absorbents was in the order of
MEA> AMP > DEA > water. The mixed amine absorbents consisted
of MEA provided higher absorption flux and CO, flux was in the
sequence of MEA/AMP > MEA/DEA > DEA/AMP. The addition of NaCl
in to MEA introduced the salting out effect leading to the decrease of
CO, flux. Conversely the addition of SG into MEA solution enhanced
CO, flux due to the chemical reactions of both SG and MEA with CO,.

The long-term CO, flux was investigated for single absorbent,
mixed absorbent and absorbent with the presence of salts. The use
of mixed absorbents was not able to protect the membrane wetting.
The order of flux reduction of mixed absorbent was in the order of
DEA/AMP > MEA/AMP > MEA/DEA. The addition of NaCl into 0.25 M
MEA solution reduced CO, flux, but flux decline was improved. The
addition of SG into 0.25 M MEA solution showed promising result
since CO, flux was enhanced and flux decline due to the membrane
wetting was not significant.
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ABSTRACT

A mathematical model was developed to simulate the concentration profile in a gas absorption membrane
(GAM) system. Carbon dioxide (CO,) absorption into an aqueous solution of monoethanolamine (MEA)
was investigated in the GAM system. Three GAM modules were potted with polytetrafluoroethylene
(PTFE) membranes and connected in series to measure CO, concentration and CO, loading profiles along
the length of the GAM system. The model predictions for CO, concentration and CO, loading profiles
along the length of GAM column were in excellent agreement with the experimental results. The average
absolute deviation between the model and experimental results was 1.49%. The Wilson plot method
was used to determine the membrane resistance, which was compared with a theoretical membrane
resistance. It was found that the membrane mass transfer resistance calculated using the Wilson plot
method could predict the CO, concentration profile with a higher accuracy than the theoretical method.
Partial membrane wetting was modeled to investigate the effect of membrane mass transfer resistance
on the absorption performance and the overall mass transfer coefficient. The results showed that an
acceptable membrane wetting for CO, absorption in MEA solutions in GAM systems was 40%. A higher
lean solution temperature increased the membrane wetting in the GAM system. The membrane mass
transfer resistance in completely liquid-filled membrane pores accounted for 92% of overall mass transfer

resistance.

© 2009 Elsevier B.V. All rights reserved.

1. Introduction

Carbon dioxide (CO,) is a major greenhouse gas that is released
to the environment during the combustion of fossil fuels. There are
many methods for removing CO, from flue gas streams such as
packed columns, bubble columns, and membrane contactors. Gas
absorption membrane (GAM) systems are an alternative method
that has seen increasing development in the past decade. GAM
systems have advantages over conventional equipment because
they do not suffer from flooding, channeling, entrainment, and
foaming [1]. A microporous membrane is used in GAM systems
to separate the gas and liquid-phases. Mass transfer in GAM sys-
tems is shown in Fig. 1. Mass transfer occurs when CO, diffuses
across the membrane and is absorbed into the absorbent. The dis-
advantage of GAM systems is the membrane itself adds to the
overall mass transfer resistance. Wang et al. [2] reported that the
membrane mass transfer resistance had a significant effect on the

* Corresponding author at: University of Regina, Faculty of Engineering and
Applied Science, 3737 Wascana Parkway, Regina, Saskatchewan, Canada S4S 0A2.
Tel.: +1 306 337 2277; fax: +1 306 585 4855.
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0376-7388/$ - see front matter © 2009 Elsevier B.V. All rights reserved.
doi:10.1016/j.memsci.2009.10.028

overall mass transfer coefficient when the membrane was wet-
ted by the absorbent solution. They found that the non-wetted
mode of operation had an absorption rate that was about six times
higher than the wetted mode of operation. deMontigny et al. [3]
compared the performance between packed columns and GAM
systems. Polytetrafluoroethylene (PTFE) and polypropylene (PP)
membranes were used in the GAM system and were compared
with Sulzer DX structured packing in a packed column. The over-
all mass transfer coefficient in the GAM system was found to be
higher than the packed column by the factor of three. They reported
that the PTFE membranes maintained their overall mass transfer
coefficients in GAM systems with monoethanolamine (MEA) as
the absorbent solution for over 85h of operation time while the
PP membranes suffered a loss in performance due to membrane
wetting. Atchariyawut et al. [4] also studied mass transfer in GAM
systems. The membrane mass transfer resistance was determined
by the Wilson plot method. Physical and chemical absorption
were predicted with a mathematical model. Polyvinylidene fluo-
ride (PVDF) membranes were used in their work. Sodium hydroxide
solution (2 M) and water were used as the absorbent solutions in
the chemical and physical absorption experiments, respectively.
The simulated results that used the mass transfer coefficient from
the experiments were in good agreement with the experimental
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Fig. 1. Mass transfer resistance in series model for membrane contactors (adapted
from Atchariyawut et al. [4]): (a) non-wetted, (b) wetted and (c) partially wetted.

results. They found that the membrane mass transfer resistance in
the physical and chemical tests represented, 36% and 99% of the
overall mass transfer resistance in the GAM systems, respectively.
The high membrane mass transfer resistance in both cases was
attributed to a membrane wetting problem because PVDF mem-
branes were used in their work.

The membrane wetting mechanism for CO,-alkanolamine
absorption in GAM systems was investigated by Lu et al. [5]. The
experimental results were validated with a mathematical model.
A resistance in series model, the Laplace equation, and pore size

distributions were used to study the effect of membrane wetting
on mass transfer coefficients. The porosity, type of absorbent, and
operation temperature had an effect on the wetting problem in the
hydrophobic membranes. The temperature of the absorbent had
a big effect on the wetting problem. They also reported that high
membrane porosity had a significant effect on the mass transfer
coefficient. Mavroudi et al. [6] developed a mathematical model
based on a resistance in series model to study membrane wetting
in GAM systems. In the case of liquid-filled membrane pores, the
membrane mass transfer resistance accounted for 20-50% of the
total resistance.

In this work, a mathematical model was developed to simu-
late concentration profiles and absorption performance in GAM
systems. The model took into account the individual gas, liquid,
and membrane mass transfer resistances, the heat transfer resis-
tance and heat effects from the absorption, solvent evaporation,
and condensation. The Wilson plot method was used to deter-
mine the membrane mass transfer resistance, which was compared
with a calculated theoretical membrane mass transfer resistance.
A partially wetted membrane was simulated to study the effect
of membrane wetting on the absorption performance and overall
mass transfer coefficient. From previous work [7], the PTFE mem-
branes were shown to maintain their absorption performance over
60 h of operation time in the MEA-CO, system. PTFE hollow fiber
membranes were used in this work to ensure that a non-wetted
mode of operation was achieved during the experiments.

2. Theory
2.1. Resistance in series model

Film theory has been used to describe a resistance in series
model in gas-liquid systems. Fig. 1 shows the concentration profile
for the transport of gas to the liquid-phase in GAM systems. There
are three resistances in the resistance in series model including gas
film resistance, liquid film resistance, and the membrane itself. The
resistance in series model for three modes of operation including
non-wetted, wetted, and partially wetted can be written as follows
[8]:

Non-wetted mode:
1 H 1 1

=+ 1
KGdi Ek?dl kMdln kcdo ( )
Wetted mode:

1 H H 1

= + +— 2

Kcd, Ek?di Ek;wd;,1 kcdo (2)
Partially wetted mode:

1 H H 1 1

(3)

= + + +—
Kedine — EKOd; ~ Ekyd,  kmdn ~ kedo

where K is the overall gas-phase mass transfer coefficient and k;,
kg, km, and kj, are the liquid, gas, membrane for gas-filled pores, and
membrane for liquid-filled pores mass transfer coefficients, respec-
tively. H represents Henry’s constant, and do, d;, din, djy, and dj,
are the outer, inner, interfacial, and logarithmic mean diameters
of non-wetted and wetted of the membrane, respectively. E is the
enhancement factor.

2.2. Individual mass transfer coefficients

The correlations used for predicting mass transfer coefficients
are important in mathematical models used for mass transfer
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Fig. 2. Differential section of the GAM system (adapted from Pandya [13]).

equipment design, including GAM systems. Mass transfer coeffi-
cients can be predicted from a general equation of the form:

Sh = f(Re, Sc) 4)

where Sh is the Sherwood number, Re is the Reynolds number, and
Sc is the Schmidt number.

For liquid flowing in the fiber lumen, the liquid film mass trans-
fer coefficient in physical absorption can be calculated by using the
Leveque correlation as reported by Yang and Cussler [9]:

0.33

Kod,
_fad ReSc) (5)

Sh= di

L

=1.62 (
iL
Eq. (5) is valid for Gz> 20 to predict the tube side mass transfer.
For gas flowing in the shell-side, Yang and Cussler [9] also
proposed the correlation to predict the gas side mass transfer coef-
ficient for gas absorption and stripping:

0.93

sh= Ko _q 55 (Re@> 5033 (6)
D;i¢ L

where dj, and L are the hydraulic diameter and membrane length.

Eq. (6) is valid for 0.5 <Re <500. Packing densities of 0.03 and 0.26

were tested in their work.

The membrane mass transfer coefficient depends on the mode of
operation, i.e. non-wetted, wetted or partially wetted. For entirely
gas-filled membrane pores, the membrane mass transfer resistance
is the non-wetted mode. On the other hand, completely liquid-filled
membrane pores represent the wetted mode. For the non-wetted
mode of operation, the membrane mass transfer coefficient can be
calculated by [10]:

D,
k= (7)

T‘Sdry

where Dg . is the effective diffusion coefficient of gas in the gas-
filled membrane pores, and ¢, 7, and 8, are the porosity, tortuosity,
and dry thickness of the membrane, respectively.

The effective diffusion coefficient is a combination of molecular
and Knudsen diffusivity. The effective diffusion coefficient in gas-
filled membrane pores is given as:

11,1
Dger Dim  Dikn

(8)

where D; s and D g, are the molecular and Knudsen diffusion coef-
ficients, respectively.

For the wetted mode of operation, the membrane mass transfer
coefficient depends on the diffusion coefficient of species i into the
liquid.

Di,LS

(9)

ky =
M
T wetted

where D;; is the diffusion coefficient of speciesiin the liquid-phase,
and §,yereq is the wetted thickness of the membrane.

The partially wetted membrane mass transfer coefficient is a
combination of the non-wetted and wetted membrane mass trans-
fer coefficients [11]. As shown in Fig. 1(C), there are four resistances
during the transport process: liquid film resistance, partially liquid-
filled membrane pores resistance, partially gas-filled membrane
poresresistance, and gas film resistance. The partially wetted mem-
brane mass transfer resistance can be calculated from:

1 1 1
1_1.1 10
kR, (10)

where k,’\’/, is the partially wetted membrane mass transfer coeffi-
cient.
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Fig. 3. Flowchart diagram for the GAM simulation model.

2.3. Wilson plots

The Wilson plot method is an effective technique for deter-
mining membrane resistance from experimental results [1]. From
the resistance in series model, the overall gas-phase mass transfer
resistance is proportional to liquid velocity. Using Eqs. (1) and (4),
we can get the following expression:

1 i 1 1
E:Cﬂ) +d,‘ (m-‘t—kcido) (11)
From this equation, a plot of 1/K¢ versus v~933 should thus give a
straight line with a y-intercept equal to the sum of the gas-phase
and membrane resistance.

The overall gas-phase mass transfer coefficient in the membrane
contactor was calculated using a method similar to the one used for
packed columns. It can be calculated as follows [12]:

Gg  dYu

Kca= —M —
T Pya-y;) dz

(12)

where Kga is the overall volumetric gas-phase mass transfer coef-
ficient, Gg is the inert gas flow rate, and dY,/dZ is the solute
concentration gradient.

3. Mathematical model development

A mathematical model for gas absorption with chemical reac-
tion in adiabatic packed towers was introduced by Pandya [13].
Pandya’s model examined the heat effect from absorption, chemi-
cal reaction, solvent evaporation, and condensation as well as heat
and mass transfer resistance in both phases. Aboudheir et al. [14]
developed a rigorous model from Pandya’s model to simulate the
CO, absorption in 2-amino-2-methy-1-propanol (AMP) aqueous
solutions in packed columns. A vapor-liquid equilibrium (VLE) and
termolecular-kinetics model were developed by Aboudheir et al.
[15] for use in the rigorous packed towers model. The termolec-
ular mechanism assumes that the reaction between amine and
CO,, is a single step. The initial product is not a zwitterion but the
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Table 1
Physical and chemical property equations.

Parameter

Liquid density (gcm=3) [18]

Liquid viscosity (mPas) [18]

Solubility of CO, in MEA solution (kPam? kmol~') [19-21]

Diffusivity of CO, in MEA solution (cm?s-1) [21,22]

Diffusivity of MEA in MEA solution (cm?s~') [21,23]

Molecular diffusivity (cm? s=1) [24]

Knudsen diffusivity (cm? s~1) [25]

Second-order reaction rate constant (m3 kmol~!s=1) [15]

Equation
o XmEAMMEA +XH20‘1/V1H20 + Xco, Mco, (30)
nn _ exp[(a9+b)T+(CQ+d¥£a(89+ﬂ+g)+ 1] (31)*
H,0

Hco,  mea = Hn,0,mEA(Hco, /HN, 0 )in water
3

Hn,o.mea =€Xp | R+ E ®;InHy,0,i
j=2
Dco,,mea = Dn,o,mEA(Dco, /DNy )i water

Dn,o,m4 = (bo + b1[MEA] + b2 [MEAT*) exp

(32)"

( bs + bs[MEA] ) (33)*
T

s 13.26 x 10~°
MEAH0 = = 174 1/0.589
H0 nl\/lEA (34)
H,0
Dwea = Dmea ny0 2
TIMEA
0.002625 T3/2
Dy= =" (35)
PM,, UAAQD

/T
Dyn = 4850 dpore A (36)

ka = krnu, [RNH2 ] + ki, 0[H20]
_4412
i (37)

ku,0 = 4.55 x 10° exp (7372_87)

ke, = 4.61 x 10° exp

"Please refer to the individual publications for the values of parameters.

reaction proceeds via a loosely bound encounter complex as an
initial product. The simulation results agreed well with the exper-
imental results from the pilot plant data.

In this work, a mathematical model was developed from Aboud-
heir’'s model and Pandya’s model to simulate the CO, concentration
profilesin GAM systems. The VLE and termolecular model that were
developed by Aboudheir et al. [15] were used in this work. Most
researchers [4-6] ignored the gas-phase mass transfer resistance
in their mathematical model. Rangwala [11] reported that the gas-
phase mass transfer resistance had a very small value in comparison
with that of liquid-film mass transfer resistance. However, in this
work the gas-phase mass transfer resistance was included in the
mathematical model to develop a rigorous mathematical model for
a GAM system. The Wilson plot method was used to determine
the membrane mass transfer coefficient from the experimental
results. Partially wetted membranes were investigated and sim-
ulated to study the effect of membrane mass transfer resistance on
the absorption performance and overall mass transfer coefficient.

Fig. 2 shows a differential section of a GAM system. The mass
transfer process has three steps in GAM systems: (1) diffusion from
the gas-phase (Section 1) to the outer surface of membrane, (2) dif-
fusion through the membrane pores (Section 2), and (3) diffusion
into the liquid-phase (Section 3). For the non-wetted mode, the
reaction between CO, and absorbent occurs in the liquid-phase. For
the wetted and partially wetted mode, the reaction between CO,
and absorbent occurs in the liquid-phase and wetted membrane
pores where the liquid solution penetrates into the membrane
pores.

The assumptions used in this work were developed from
Pandya’s model to write the main equations for mass and energy
balances. The assumptions are based on the film theory [14]:

(1) Thereaction is fast and takes place in the liquid film and wetted
membrane pores.

(2) The heat transfer resistance in the liquid-phase is small com-
pared to that in the gas-phase.

(3) The liquid-phase mass transfer resistance of volatile solvent
(water) is negligible.

(4) The interfacial area of heat and mass transfer is the same.
(5) The CO, and water vapor can only transport across the interface.

The system is assumed to be under steady state conditions.
Based on the assumptions, the main equations for mass and energy
balances were written for the GAM system. Considering the gas-
phase, only CO, (component A) and water vapor (component S) can
transfer across the interface. The concentration gradients for both
solute gas (A) and water vapor (S) are calculated from following
two equations:

dYs  —kgextaP(ya,c —Ya.i)

7 G (13)
dYs  —ksext@P(ysc —s.i)
Z Ca (14)

The temperature gradients for the gas and liquid-phases are given
as follows:
dTg —hca(Tg —Tp)

-6 _ 15
dZ — Gg(Cpp + YaCpa + YsCps) (15)

dT; G, dT, dY.
TZL = ﬁ ((CPB +YaCpa + YSCPS)TZG + (Cps(Tg — To) + )LS)TZS
dv,
HCoa(Te ~ To) ~ AHR(To. )2 ) (16)

where h, Cp, A, and AHpg are the heat transfer coefficient, heat
capacity, latent heat of vaporization, and heat of chemical reaction,
respectively. This data can be found in Pandya [13] for the CO, and
MEA system.

The gas concentration at the interface can be obtained from the
combination of mass balance equations in the gas, membrane, and
liquid-phases:

D= ba+ (kL,ext(di/do)E)/(kG,ext)CAe
AT T (Rp exe(di[do)E)/HKG ext

where pg;=H x Ca;; Cpe, and E are the equilibrium concentration
and enhancement factor, respectively. The k¢ ex, ksexe and Ky exr are

(17)
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defined for three cases including non-wetted, wetted, and partially
wetted as follows:

Non-wetted mode:

kG,ext = 7 +(]<A,Cl7la<7,\(/;,)(do/dzn) "
ks ext = 1+(ksycfi};)(do/dln) "
ke ext = kf >
Wetted mode:

e 1)
ks ext = ks G .
ki ext = k? >

1+ (k?/k;w)(di/d;n)
Partially wetted mode:

kA,G

K _ 24
Ct = T (kao/km)(do/dpn) ey
ks c
_ , 2
Ks.ext 1+ (ks,c/km)(do/dpy) @
kO
kL,ext = L (26)

1 +(k?/k;w)(d,~/d;n)

where kj ¢ and ks ¢ are the gas-phase and water vapor mass trans-
fer coefficient, respectively.

The enhancement factor is the ratio of the absorption flux in the
presence of chemical reaction to the absorption flux in the absence
of chemical reaction. The enhancement factor for gas absorption
with second-order irreversible reaction is given by [16]:

—Ha? Ha* E* Ha?
E= + + == +1 27
2E, - 1) \/4(5;1)2 -1 (27)

The asymptotic infinite enhancement factor based on Leveque’s
model is given by the following:

13
E: = (1 1 CroDr ) (DA) (28)

VRCa,iDa / \Dr
where vy is a stoichiometric coefficient of reaction and Cg is the
amine concentration at the inlet. D4 and Dy are the diffusivity of
CO, and amine in amine solution, respectively.
The Hatta number (Ha) is the ratio of maximum possible con-
version to maximum transportation. The Hatta number is given
as:

k DaC
Ha — v/ k2, MEADACR (29)

kL, ext

where k; g4 is the second-order reaction rate constant.

For a counter-current mode of operation in absorption columns
and GAM systems, the gas and liquid conditions at the inlet of the
absorber are known, while the liquid and gas outlet conditions
are unknown. This boundary value problem was solved with the
shooting method [17]. The model begins by assuming that the tem-
perature and moisture content of the outlet gas is in equilibrium
with the inlet gas. The outlet liquid compositions are determined by
applying mass and energy balances around the absorber. The shoot-
ing method starts from the top of the column and moves downward
along the column. The temperature and concentration profiles are
computed until the desired outlet CO, concentration is reached.

Gas
bypass

Ys | [

Gas
bypass

Y?,Ol.lt

Fig. 4. Schematic of three GAM modules in series.

The new gas outlet conditions are guessed and the calculation pro-
cedures are repeated if the results at the bottom of column do not
converge with the initially assumed conditions. Fig. 3 shows the
flowchart methodology used to solve the equations. The system of
equations (Egs. (13)-(29)) was solved using MATLAB. The physical
and chemical properties are called as a function for use in the main
program at each operating condition. The physical and chemical
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Table 2 Table 3

Hollow fiber membrane and membrane module characteristics. Experimental operating conditions.
Description PTFE membrane Operating condition Range
Outer diameter (mm) 2.0 Inert gas flow rate (kmolm~2h-') 41.8
Inner diameter (mm) 1.0 CO; feed concentration (%) 15.0
Membrane porosity (%) 50 Liquid velocity (m>m—2h-1) 52.3-265.0
Membrane length per module (mm) 122 MEA concentration (kmol m—3) 3.0
Membrane tortuosity? 3.0 Lean CO; loading (molco, moly;,) 0.15-0.30
Membrane pore diameter® (wm) 2.50
Fibers per module 57
Shell inside diameter (mm) 28
Module void fraction (%) 70.9 upwards out the top of the module. The liquid flow rate was con-

@ Reported by Rangwala [11].
b Determined from SEM image.

properties that are required in the model include density, viscosity,
diffusivity, solubility, and the kinetic reaction rate constant. Table 1
lists the references and equations that were used as parameters in
the main program.

4. Experimental work

The GAM system used in this work was originally developed by
deMontigny et al. [12] and connects three membrane cartridges in
series, as shown in Fig. 4. This design provides gas and liquid sam-
pling points along the column. The GAM module was made from
acrylic tubing with an inside and outside diameter of 28 and 34 mm,
respectively. The PTFE hollow fiber membranes were potted with
57 fibers per cartridge. Each membrane cartridge has a membrane
length of 122 mm. Table 2 shows the characteristics of the PTFE
membrane and modules used in the experiment and mathematical
model.

A counter-current mode of operation was used in all experi-
ments to obtain the best performance. Liquid solution was pumped
with a centrifugal pump to the bottom of the module and flowed

AIR O

Gas Flow Controllers

Gas Mixer

trolled with a variable area flow meter. An absorbent solution was
fed into the lumen while a gas stream was fed through the shell-
side. A known volume of liquid was collected over time to calibrate
the liquid flow rate. The feed gas stream was controlled using a
gas flow controller. The gas was introduced into the GAM mod-
ule before the liquid stream in order to prevent wetting problems.
Each run was operated at least 30 min before collecting any data
to make sure that steady state conditions had been reached. The
experimental set up is shown in Fig. 5.

Aqueous monoethanolamine (MEA) solution was used as
an absorbent. Solutions were prepared to a concentration of
3.0kmol/m3 using de-ionized water. Standard hydrochloric acid
solution (1N) was used as a titrant with methyl orange as an indi-
cator. A known volume was collected at steady state conditions for
titration to determine the CO, loading in the MEA solution. CO,
loading was determined to make sure that the mass balance error
between the gas and liquid side was low, indicating the experiment
was valid. The CO, loading procedure can be found in the Associa-
tion of Official Analytical Chemists [26]. A simulated flue gas stream
containing 15% CO, and 85% air was prepared as a feed gas. An
infrared CO, analyzer was used to verify the desired concentration
of CO; in the feed gas stream. At steady state conditions, the CO,
concentrations along the length of column were measured using
the infrared analyzer. The experimental procedure was provided
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Fig. 5. Experimental set up for the GAM contactor.
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Fig. 6. Wilson plot of two different CO, loading lean solutions.

in detail elsewhere [7]. Table 3 lists the experimental operating
conditions in this work.

5. Results and discussion
5.1. Wilson plot analysis

An effective method to determine the membrane mass transfer
coefficient is the Wilson plot method. Fig. 6 shows the Wilson plot
analysis for the experiments in this study. When the membrane
and gas mass flow rate are the same, the y-intercept that repre-
sents the membrane and gas-phase mass transfer resistance should
also be the same. The same y-intercept can be seen in Fig. 6 for
two different solution CO, loadings. The free amine in the system
decreases with an increase in CO, loading in the solution, which
affected the enhancement factor but did not have any effect on the
gas-phase mass transfer coefficient. The CO; loading only has an
effect on a chemical liquid mass transfer coefficient. The gas-phase
mass transfer coefficient can be calculated from Eq. (6). Thus, the
membrane resistance from the Wilson plot method can be calcu-
lated from the y-intercept in Fig. 6. Previous work [7,12] showed
that the PTFE membrane system could maintain its performance
over prolonged periods of operation time. It can be confirmed that
membrane mass transfer resistance from the Wilson plot method
represents a totally gas-filled membrane pore system.

5.2. Comparing membrane resistances

A theoretical non-wetted membrane mass transfer coefficient
was calculated from Eq. (7) and compared to the value determined
by the Wilson plot method. Table 4 shows the calculation results
for both cases. Fig. 7 shows simulation results using two different
membrane resistances. The CO, concentrations in the gas-phase
were simulated along the column and were compared with exper-
imental data. The average absolute deviation (AAD), for N data
points, used to measure an error between the predicted and exper-

Table 4
Comparing membrane mass transfer coefficients from the Wilson plot and theoret-
ical methods.

Calculation method Membrane coefficient (cms~1) AAD%
Wilson plot 0.0770 0.60
Theoretical method? (Eq. (7)) 0.3370 0.80

2 Calculated at 20°C.

Height from bottom (cm)

Fig.7. Comparing the membrane resistance from the Wilson plot and the theoretical
method (v=97.0m3>m2h"!, «=0.30).

imental results can be calculated as follows:

N
o |(yEXp — _VCalc)/yexp‘
AAD% = 100 | ) P —esoer (38)
i=1

The membrane mass transfer resistance from the Wilson plot
method had an AAD of 0.60% while the theoretical membrane mass
transfer resistance had an AAD 0.80%. When the membrane mass
transfer coefficient from the Wilson plot method was used in the
mathematical model, the prediction results of the CO, concentra-
tion profile were in excellent agreement with the experimental
data. The membrane mass transfer resistance from theory was
calculated by approximating the tortuosity and membrane pore
diameter. A tortuosity of 3.0 was reported by Rangwala [11], and
the PTFE membrane pore diameter was determined by scanning
electron microscope (SEM), JSM-5600, JEOL Ltd. The membrane and
module properties were shown in Table 2.

Figs. 8 and 9 show the parity plot obtained using the membrane
mass transfer resistance from the Wilson plot and theoretical meth-
ods, respectively. A slight improvement of the simulation results
can be seen in Fig. 8 when the membrane mass transfer coefficient
from the Wilson plot method was used in the model. Higher accu-
racy predictions were obtained with the membrane mass transfer
resistance that came from the Wilson plot method. The theoretical
membrane mass transfer resistance was calculated from Eq. (7).
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Fig. 8. Parity plot for the model using the Wilson plot membrane resistance.
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The assumptions in this equation are cylindrical membrane pores,
constant tortuosity and lognormal distribution of membrane pore
size [5,27]. These assumptions likely led to an overestimation of the
membrane mass transfer resistance. In short, the membrane mass
transfer resistance that was determined experimentally produced
more accurate results than the theoretical value.

The effect of CO, loading in the MEA solution on the physical
and chemical properties was taken into account in the mathemat-
ical model. The CO, loading in the liquid-phase has a significant
effect on physical and chemical properties including viscosity,
density, diffusivity, and reaction rate constant. The top and bot-
tom of the GAM column represent the high and low CO, loading
regions, respectively, in the liquid-phase. The model predictions
agreed well with the experimental data at high and low CO,
loadings in the solution when the membrane resistance value
from the Wilson plot method was used in the model, as seen in
Fig. 8.

The CO, concentration profiles in the liquid-phase along col-
umn were simulated and compared with the experimental data, as
shownin Fig. 10. The model predictions agreed well with the exper-
imental results. The average absolute deviation of the predicted CO,
loading from the measured CO; loading was 0.65%. The CO; loading
in the liquid-phase increased along the column because of the reac-
tion between CO, and MEA solution. The model predictions were
in excellent agreement with experimental results when the mem-

0.36
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—— Simulation

0.344

CO, loading (mol ., mol™..)

0.324

0.304

0.284

0 10 20 30 40
Height from bottom (cm)

Fig. 10. Comparing CO, loading profiles from the simulation and experimental
results using the Wilson plot membrane resistance (v=97.0m?>m~2 h~!, «=0.30).
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Fig. 11. Simulation of the effect of membrane wetting on the absorption perfor-
mance (v=97.0m>m-2h-!, «=0.30).

brane mass transfer resistance from the Wilson plot method was
used to simulate the CO, loading in the model.

5.3. Effect of membrane wetting on absorption performance

Membrane wetting has a significant effect on the overall mass
transfer coefficient. Aqueous organic solutions, especially alka-
nolamine, can penetrate into the membrane pores over prolonged
periods of operation time. The effect of partial wetting in the mem-
brane pores on the absorption flux was simulated as shown in
Fig. 11.

The CO, flux decreased with an increase in the percentage of
membrane wetting. The absorption performance dropped roughly
56%, 72%, 85% and 90% at the 10%, 20%, 50% and 100% wetting,
respectively. The membrane resistance in the wetted and partially
wetted mode was calculated from Egs. (9) and (10), respectively.
The membrane mass transfer resistance in the liquid-filled mem-
brane pores depends on the diffusivity of gas in the liquid-phase,
while the membrane mass transfer resistance in the gas-filled
membrane pores depends on the molecular and Knudsen diffu-
sivity. Based on the diffusion coefficients in Table 1, the ratio of
diffusivity between totally gas-filled and completely liquid-filled
membrane pores is about 8000:1 at room temperature. This fac-
tor directly affects the membrane mass transfer resistance and
absorption flux as well as the overall mass transfer coefficient.
Similar results were reported in the literature [2,7,12,28]. How-
ever, membrane wettability also depends on several factors such
as contact angle, surface tension, membrane pore size, and break-
through pressure [1,29]. When completely liquid-filled membrane
pores occurred in the GAM system, the membrane mass transfer
resistance was 92% of the total mass transfer resistance. The lig-
uid velocity had a minor effect on the CO, absorption flux when
the membrane pores were totally liquid-filled. This is due to the
fact that the membrane mass transfer resistance is the main mass
transfer resistance in the case of totally liquid-filled membrane
pores, as shown in Fig. 12. In traditional gas-liquid absorbers,
as well as in GAM systems, the liquid-phase mass transfer coef-
ficient increases with an increase the liquid velocity [3]. When
liquid penetrates into the membrane pores, the membrane mass
transfer resistance increases rapidly. The membrane mass transfer
resistance increases with an increase in the percent of membrane
wetting due to the penetration of absorbent in the membrane pores.
As seenin Figs. 11 and 12, it can be concluded that membrane mass
transfer resistance, in the case of partially liquid-filled membrane
pores, has a significant effect on the absorption performance. In
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(v=97.0m>m—2h', ®=0.30).

GAM systems, membrane wettability should be prevented to have
the best performance. Li and Chen [29] suggested several methods
to prevent membrane wetting problems in GAM systems including
membrane surface modification, using a hydrophobic membrane,
optimized operating conditions, and using suitable liquid surface
tension solvents.

Fig. 13 shows the effect of membrane wetting on the overall
gas-phase mass transfer coefficient (K¢ ). Results show that the Kg
decreased with an increase in the membrane wetting percentage.
The membrane mass transfer resistance has a significant effect
on the overall mass transfer resistance. The membrane resistance
was transformed into the dominating resistance to mass trans-
fer when the membrane pores were wetted with liquid solution.
The absorption performance deteriorated with an increase in the
membrane wetting. As seen in Fig. 13, the slope gradient decreases
sharply when the membrane pores were partially filled by the lig-
uid solution. The overall mass transfer coefficient decreased sharply
until 40% membrane wetting is reached, as seen from the slope.
When the membrane pores were partially liquid-filled, the over-
all mass transfer coefficient starts deteriorating. At 40% membrane
wetting, the slope gradient is more constant in comparison with
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Fig. 13. Simulation of the effect of percent membrane wetting on the volumetric
overall mass transfer coefficient (v=97.0m>m2h-!, =0.30, Y=0.173).
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Fig. 14. Simulation of the effect of lean solution temperature on the absorption
performance (v=97.0m3>m=2h-', «=0.30).

that of previous membrane wetting. The membrane wetting can
be approximated by measuring absorption efficiency. When mem-
brane wetting occurs in GAM systems, the absorption flux and
overall mass transfer coefficient will drop in comparison with that
of a fresh membrane (non-wetted mode of operation). The absorp-
tion flux and overall mass transfer coefficient dropped roughly 78%
and 86%, respectively, from the non-wetted mode of operation by
the time the membrane was 40% wet. Membrane cartridges should
be replaced once they reach 40% membrane wetting in order to
maintain the absorption performance. With this in mind, there is
another way to maintain the performance of GAM systems. Wang
et al. [2] increased the operating pressure on the gas side of the
GAM system. By doing this, some liquids in the membrane pores
were pushed back to the inside of the membrane and the CO, flux
was restored to 90% of the non-wetted mode of operation.

5.4. Effect of lean solution temperature on membrane wetting

The effect of lean solution temperatures was simulated to inves-
tigate any change in absorption performance in the GAM system as
seen in Fig. 14. The absorption performance dropped by roughly
90% and 76% from a non-wetted mode to a totally wetted mode at
20 and 40°C lean solution temperature, respectively. An increas-
ing solution temperature leads to a greater second-order reaction
rate constant, which can increase the overall mass transfer coeffi-
cient. Although the overall mass transfer coefficient increases with
anincreased temperature, the absorption efficiency will deteriorate
at too high a temperature. This is because the reaction between CO,
and MEA solution is a reversible exothermic reaction. An increase in
temperature can enhance the absorption performance in the GAM
system, but the chance of membrane wetting also increases. Fig. 14
shows that the absorption performance dropped roughly 26% with
a decrease of lean solution temperature in the non-wetted mode
of operation. The chemical reaction rate constant and the overall
mass transfer coefficient are affected by temperature.

At 40% partial membrane wetting the absorption performance
dropped roughly 55% with a decrease in lean solution temperature
from 40 to 20 °C. The non-wetted mode of operation had the lowest
reduction of absorption flux when the lean solution temperature
decreased from 40 to 20 °C. It can be concluded that an increase in
lean solution temperature had an effect on membrane wetting and
absorption performance in the GAM systems. The liquid entry pres-
sure tends to decrease with an increase in temperature as reported
by Garcia-Payo et al. [30]. This leads to an easier wetting of the
membrane pores at high operation temperatures in GAM systems.
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An increase in lean solution temperatures had a significant effect
on the chemical and physical properties including the density, vis-
cosity, solubility, diffusivity, and reaction rate constant, as well as
membrane wetting in the GAM system.

6. Conclusion

A gas absorption membrane mathematical model was devel-
oped and validated with experimental results. PTFE hollow fiber
membranes were used in the experiment, which absorbed CO, into
MEA solutions. The membrane mass transfer resistance was deter-
mined using the Wilson plot method and a theoretical approach.
The membrane resistance values from the two methods were used
in the mathematical model, and the simulation results were com-
puted. It was found that the membrane mass transfer resistance
from the Wilson plot method could predict the CO, concentra-
tion profiles with a higher accuracy than the theoretical method.
The predicted CO, concentration and CO; loading profiles agreed
well with the experimental results. Partial membrane wetting was
investigated to determine the effect of membrane mass transfer
resistance on the absorption performance and the overall mass
transfer coefficient. An increase in the percent wetting decreased
the absorption flux and overall mass transfer coefficient. The maxi-
mum acceptable percent wetting of the membrane in GAM systems
was found to be 40%. After 40% wetting, membrane cartridges
should be changed to maintain the best conditions for operation.
The operation temperature had a significant effect on membrane
wetting in the GAM system. This factor enhances the chance for
membrane wetting.

Nomenclature

a specific surface area (m? m—3)

C concentration (kmol m—3)

Cpj heat capacity of solution j (k] kmol-1K-1)

Cpr heat capacity of solution (k] kmol-1 K-1)

dn hydraulic diameter (m)

d; inside diameter of membrane (m)

dine interfacial diameter (m)

dn logarithmic mean diameter of dry membrane (m), dj, =

do—d;

d logarithmic mean diameter of wetted membrane (m),

d = Gin=di
In = In(dy, /d;)

do outside diameter of membrane (m)

dpore diameter of membrane pore (cm)

D; diffusivity of species i (m2s-1)

Dg eff effective diffusion coefficient of gas in the gas-filled mem-
brane pores (m%s-1)

E enhancement factor (dimensionless)

EX asymptotic enhancement factor (dimensionless)

Gg inert gas flow rate (kmolm=2h-1)

h heat transfer coefficient (k] s~ cm—2 K1)

H Henry's constant (dimensionless or kPam?3 kmol~1)

Ha Hatta number (dimensionless)

AHg heat of chemical reaction between A and R (k] kmol~1)

kg, gas-phase mass transfer coefficient for component j
(ms™1)

k? physical liquid-phase mass transfer coefficient (ms=1)

ku gas-filled membrane pores mass transfer coefficient
(ms™1)

ki liquid-filled membrane pores mass transfer coefficient
(ms™1)

K¢ overall gas-phase  mass  transfer  coefficient

(kmolm=—2kPa-1h-1)

L membrane length (m)

molar liquid flow rate (kmolm=—2s-1)
molecular weight of component i

total system pressure (kPa)

heat transfer flux of componenti (kjm=2s-1)
excess Henry’s coefficient (kPam3 kmol~-1)
Reynolds number (dimensionless)
Schmidt number (dimensionless)
Sherwood number (dimensionless)
temperature (K)

liquid velocity (ms=1)

molar volume of solution (cm3 mol-1)
mole fraction

CO, mole fraction in the bulk gas-phase
CO, mole fraction in equilibrium

mole ratio

membrane length (m)

—
S =

Ss=-gwEme v

*

=< x

N <

Greek letters

mass percent of amine

collision integral for molecular diffusion
volume faction of component j

CO, loading (mol mol-1)

membrane thickness (m)

membrane porosity (dimensionless)
latent heat of vaporization (k] kmol-1)
viscosity (mPas)

density (gcm—3)

membrane tortuosity (dimensionless)

i~

9T I >0 >R 600

Subscript

base for enthalpy

component A, solute gas

component B, inert gas

equilibrium

gas

interface or component i

liquid

non-volatile reactive component of solution
volatile component of solution
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1. Introduction

Heavy metal ion contaminants in wastewaters have been a serious
environmental problem and require proper treatments. Various
treatment techniques have been employed to remove metal ions,
such as chemical precipitation [1,2], ion exchange [3], coagulation—-
flocculation [4], flotation [5,6] and adsorption [7-9]. However, these
methods may not be cost-effective and energy efficient. Attempts
have been made in developing alternative methods which are more
practical and efficient.

Micellar-enhanced ultrafiltration (MEUF) is a technique to
separate metal ions [10-22], organic pollutants [21-23] or inorganic
compounds [24,25] from aqueous streams. In MEUF process, the
surfactant over its critical micelle concentration (CMC) is added to
form micelles in the aqueous stream. Metal ions and organic
compounds tend to be soluble in the micelles by electrostatic or Van
der Waals force. Micelles containing solubilized metal ions or organic
compounds with sizes bigger than the membrane pore size are
rejected by the membrane during the ultrafiltration process.

In removal of metal ions by MEUF, the anionic surfactants such as
sodium dodecyl sulfate (SDS) have been shown to be very effective
[12-14,22] since it has opposite charge with metal ions. However, the
concentrations of surfactants greater than their CMC must be used for

* Corresponding author. Tel.: +66 24709222; fax: +66 24283534.
E-mail address: ratana.jir@kmutt.ac.th (R. Jiraratananon).

0011-9164/$ - see front matter © 2009 Elsevier B.V. All rights reserved.
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effective separation. Since CMC of anionic surfactants are relatively
high, large amount of surfactants must be used. This resulted in
excessive concentration polarization, fouling and contamination of
surfactants in the permeate. In order to decrease the amount of
anionic surfactants used, the nonionic surfactants such as nonylphe-
nol polyethoxylate (NPE) [15,17], monoalkylphenol polyethoxylate
(OP-10) [16] and Triton X-100 (TX-100) [18,21] have been added into
anionic surfactants [15-18,21] to reduce the repulsive force between
anionic charges resulting in a decrease of anionic surfactant CMC.

Pb?* is one of the harmful metal ions [8,26,27] found in
wastewaters from various industries such as metal plating and
battery plants. It is a very toxic element which can damage the
nervous system, kidneys and reproductive system [27]. MEUF was
used to remove Pb?" and other metal ions using cetylpyridinium
chloride (CPC) as surfactant [19]. Ethylenediaminetetraacetic acid
(EDTA) with equal molar ratio to metal ions must be added to form
Pb-EDTA?~ complex which had an affinity to CPC cationic surfactant.
In order to obtain rejection of Pb?>™ over 90%, high concentration of
CPC, i.e., 10 mM (11.3 CMC) must be used [19].

There has been no report on MEUF of Pb?"™ using mixed
surfactants. The objective of this research was to apply MEUF for
removal of Pb?* from aqueous solutions using mixed surfactants. SDS
was selected as anionic surfactant since it has been reported to be very
effective for removal of many heavy metals [12-18]. TX-100 which is
widely used and polyoxyethylene nonylphenyl ether (NP12) which
can form complex with some metal ions [16] were used as nonionic
surfactants in order to study the effect of ethylene oxide (EO) groups.
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The aqueous model solutions of Pb?>* ions were used in the
experiments. Moreover, the wastewater from a battery factory was
also used in order to study a practical application of MEUF.

The focus of this work also includes the study of flux decline due to
concentration polarization and fouling. Fouled membranes need to be
frequently cleaned by chemicals resulting in high operating cost and
shortening of the membrane life. A serious flux decline during MEUF
of metal ions (Cd, Cu, Pb and Zn) using CPC surfactant and EDTA
chelating agent was reported [19]. In MEUF of Cu?" ions using SDS/
TX-100 with hydrophilic regenerated cellulose membrane (Millipore,
YM10), membrane fouling was found to be totally reversible [28].
However, for polyethersulfone membrane, some irreversible fouling
was observed in removal of alachlor using nonionic surfactants,
ocytylphenol ethoxylates (Triton series) and alcohol ethoxylates [29].
In this work, the extent of flux decline due to concentration
polarization and fouling was interpreted in terms of transport
resistances using resistance-in-series model.

2. Analysis of transport resistances

In the resistance-in-series model, the total resistance is defined as
in the following equations;

R =Rn + Ry, + Re (1)
where

Re = total resistance (m~ ')

Rn = membrane resistance (m~ )

R, =  polarization resistance (m™ 1

Re = fouling resistance (m~—').

From the experimental data on solution flux (J,), the total
resistance can be calculated from;

AP
R, = 2
Comdy @)
where
AP = applied pressure (Pa)
I, =  permeate viscosity (Pas).

The membrane resistance (Ry,) is available from the pure water
flux data, i.e.,

AP
- 3
T )
where
Jw = water flux (m?/m?s)
Iy =  viscosity of pure water (Pas).

The polarization resistance (R,,) is assumed to be reversible and
can be removed by water cleaning. If J',, is the pure water flux after
water cleaning, R, + Ry is thus calculated from

AP

Rm+Rf:—H ],
wlw

(4)

Therefore, by systematic experimental and cleaning procedure, all
transport resistances can be calculated.

3. Materials and method
3.1. Materials and analysis

All reagents used were of analytical grade. Lead (II) chloride
(PbCl,, 98% purity) and SDS (96% purity) were obtained from Ajax
Finechem. TX-100, 99% purity was supplied by Panreac. NP12 (Igepal
CO-720) with 99% purity was supplied by Aldrich. The properties of
surfactants are listed in Table 1. Deionized water was used throughout
the experiments to prepare the aqueous solutions. A sample of
wastewater from GS Battery with total solid and suspended solid of
4800 mg/1 and 12 mg/l, respectively, and pH of 2.2 was also tested. A
sample was filtered with 0.2 pm paper filter before use.

Concentration of Pb?>* ions was measured by Atomic Absorption
Spectrophotometer, AA (Hitachi, Model Z8200). SDS concentration
was determined by lon Chromatography, IC (Alltech, Model 650)
using conductivity detector (Alltech). High-performance liquid
chromatography, HPLC (Waters-Model 600E) with UV detector
(Waters 2487 dual) was used to measure TX-100 and NP12
concentrations at 229 nm [30]. In order to determine the SDS
concentration and nonionic surfactant concentration in permeate
and retentate of wastewater, the samples were neutralized with
NH40H to prevent the damage of equipment. In addition, the
viscosities of surfactant solutions were also measured by a viscometer
(HAKKE VT 500).

3.2. Experimental

The experimental setup is shown in Fig. 1. Feed was recirculated by
a peristaltic pump (Masterflex, model 7520-47). The membrane
module was a radial flow across a flat circular membrane sheet.
Polyethersulfone (PES) flat sheet membrane with molecular weight
cut off (MWCO) 10 kDa obtained from Millipore Corporation was
used. The effective membrane area was 19.64 cm?. The water flux of
new membranes was around 183 1/m?h at an applied pressure of
10 kPa and at a room temperature (25 °C).

In the preparation of feed solutions, lead chloride and surfactant(s)
were mixed at the required concentrations. The mixture was then
stirred at 230 rpm for 15 min to allow for the formation of micelles.
Then, the solution was fed to the membrane module at a flow rate of
551/h, and at the applied pressure of 10 kPa. Both retentate and
permeate were returned to a feed tank to maintain a constant
concentration. The permeation fluxes (J,) were measured every
10 min, and the permeate collected was quickly returned to the feed
tank. It was found that the permeation fluxes were almost constant
after 1h of operation. Then, the retentate and permeate were
collected to analyze for the concentrations. The temperature was
kept constant at room temperature about 25 °C for all experiments.
The experiments were carried out in duplicates. The reported values
were the averages.

In order to find the transport resistances, the used membrane was
washed continuously with deionized water at a flow rate of 70 I/h and
an applied pressure of 10 kPa for 30 min. Then, the water flux of
membrane after water washing was measured (Jiy). The membrane
was then cleaned with 0.1 N NaOH until the water flux was close to

Table 1
Properties of surfactants [31-33].

Name Chemical formula MW CMC  Aggregation MW of

(gmol~') (mM) number micelle

SDS CHs(CH;)10CH,0S03Na™ 288 8.2 80 23,040

TX-100 (CH3)3CCH,C(CH3)2(CsHy) 625 024 140 87,500
[CH40]o.5H

NP12  (CoHi9(CsHa)O[CoH4O]H, 749 0.082 54 40,446
n=10.5-12
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Fig. 1. A schematic of ultrafiltration experimental setup.

the original value (of the new membrane). From the data of J,, J,, and
Jw, all the transport resistances can be determined as outlined in
Section 2. The condition for measuring water flux was the same as the
UF condition of solution (55 I/h, 10 kPa).

In this work, the Pb?* concentration was kept constant at 0.1 mM
(20 ppm), an approximate concentration in wastewater from a
battery industry. In the study of removal of Pb?>" using single
surfactants, the concentrations of SDS, TX-100 and NP12 used were
0.5 CMC, 1 CMC and 1.5 CMC. In case of using mixed surfactants, SDS/
TX-100 and SDS/NP12, SDS concentrations were fixed at 4.1 mM,
8.2 mM and 12.3 mM while mole fractions of TX-100 and NP12 were
varied between 0.01 and 0.3. The corresponding concentrations of TX-
100 and NP12 for each mole fraction are shown in Table 3.

The effectiveness of MEUF process was represented by percentage
rejection of Pb?>* ions and surfactants as follows.

%R = (1—&) x 100% (5)
Gr

where Cp and Cg denote the concentrations of solutes in permeate and
retentate, respectively.

4. Results and discussion

4.1. Effect of surfactant concentrations on flux and rejection for single
surfactant systems

The effects of surfactant concentrations on fluxes and rejections of
Pb%* and surfactants are shown in Fig. 2 for SDS, TX-100 and NP12.

1201 ®. 508
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100 1 NP12
801
60 1
40
201

0

10n

Flux (/m%h)

% Reject

0 01 02 03 04 4 6 & 10 12 14

Surfactant concentration (mM)

Fig. 2. Effect of surfactant concentration on flux and rejections of Pb** ions and
surfactants; SDS: —F— %R SDS, —fl— %R Pb**, - {3 - - flux; TX-100: —_A__ %R

TX-100, — & %R Pb>*, - A__ flux; NP12: —O— %R NP12, —@— %R Pb>*,
- - flux.

For all surfactants, an increase of surfactant concentration resulted in
an increase of Pb?™ and surfactant rejections. In order to explain this
behavior, the distribution coefficient (D) and the equilibrium
distribution constant (Ks) were calculated. Distribution coefficient is
the ratio of Pb?>* concentration in retentate and in permeate. An
increase in the value of D indicates that more and more surfactant
molecules join the micellar phase, binding more and more metal ions
[14].

The equilibrium distribution constant, Ks, which represents the
relative affinity of Pb®™ ions for the micelles was calculated by the
following [14].

2+
K = P
[Pb** ]S
where [Pb?*],, and [Pb*T], are the concentration of Pb?* ions
dissolved in the micelles and in the bulk water (free Pb?>* ions),

respectively. S, is the concentration of surfactants present in micelle
form. The higher K represents the higher affinity of Pb>* ions for the
micelle. It is assumed that only free Pb®" ions and surfactants in
monomer form pass the membrane and the concentration of Pb?™
ions and surfactants in free form in retentate is the same as the
concentration of Pb?>* ions and surfactants (in monomer form) that
pass the membrane or in the permeate, therefore [14],

Cn=GG

where C,, is the concentration of Pb>* ions dissolved in the micelles
or the concentration surfactants present in micelle form (mM). For
mixed surfactant systems, Sy, was calculated by combination of S,,, of
SDS and of nonionic surfactant.

The calculated Sy, D and K; values for single surfactant systems
are shown in Table 2. At higher surfactant concentration, the number
of active sites of surfactant to bind with Pb?>" ijons increased.
Therefore, the binding between Pb?* ions and surfactant, represented
by D in Table 2, increased. In addition, higher amount of surfactant
presented in micelle form (higher S;,) at higher surfactant concen-
tration, in other words, lower surfactant in monomer form [34] also
led to high rejection of surfactants. These resulted in higher rejection
for Pb2*". However, the equilibrium distribution constant, K,
decreased as the surfactant concentration increased due to an
increase of amount of surfactant in micelle form [14]. The increase
in number of the micelles was also the reason for flux decline as
surfactant concentration was increased.

At surfactant concentrations below the CMC (0.5 CMC), there were
still some rejections of surfactants as well as the Pb®* ions. This was
supposed to be due to accumulation of surfactant molecules on the
membrane surface which enabled the surfactant concentration to
exceed the CMC. Therefore, micelles can be formed in this region
[12,18,28]. Furthermore, in case of SDS, the CMC of SDS may decrease
when Pb?" counterions were presented in SDS solution because of the
reduction of repulsive force between the micelle heads [35].

Table 2
Sm» D and K; for single surfactant systems.
Surfactant Concentration Shn D K
(mM) (mM) (mM~1)
SDS 4.1 0.80 2.24 1.55
8.2 435 7.83 1.57
12.3 8.83 14.06 1.48
TX-100 0.12 0.05 1.10 2.21
0.24 0.17 1.19 1.11
0.36 0.27 1.23 0.85
NP12 0.041 0.02 1.35 19.68
0.082 0.06 1.51 9.09
0.123 0.10 1.60 6.25
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Fig. 3. Effect of mole fraction of nonionic surfactants on rejections of surfactants; [SDS] =
4.1 mM, 1=SDS/TX-100 and 2 =SDS/NP12.
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Fig. 4. Effect of mole fraction of nonionic surfactants on permeation flux and rejection of
Pb%* ions; [SDS]=4.1 mM, 1=SDS/TX-100 and 2 = SDS/NP12.

4.2. Effect of type of surfactants on flux and rejection for single
surfactants

The rejection of Pb?>* jons when using anionic surfactant SDS was
relatively high compared to nonionic surfactants (see Fig. 2). Since
SDS micelles have negative charges, therefore, cationic Pb>" can
solubilize in SDS micelles by ionic interaction. By using nonionic
surfactants, the Pb?>™ ions rejections were low, about 9%-18% for TX-
100 and 30%-37% for NP12. The complex formation between the Pb?*
ions and EO groups of TX-100 and NP12 is believed to be the reason
for rejections. Since the number of EO groups of NP12 was higher than
that of TX-100, the binding between Pb?* jons and NP12 was higher
which can be seen from higher values of both D and K for NP12 than
TX-100 (Table 2). Therefore, the Pb>* rejection using NP12 was
higher. A previous work reported that Ni?>* rejection was higher than
40% by using OP-10 (or NP10, nonionic surfactant) [16] but rejection
of Cu®™ ion using TX-100 was extremely low [28].

SDS gave high Pb?* rejection (90% at the CMC), however, SDS
rejection was below 50%. This resulted in contamination of SDS in the
permeate (3-5 mM) which means that it must be separated from the

wastewater. In addition, large amount of the surfactant must be used
to compensate the loss in the permeate during ultrafiltration. The
reasons can be the following. The formation of SDS micelles may be
difficult due to the repulsive force between negative charges of
micelle heads. Therefore, there may be a large number of free SDS
molecules, resulting in low SDS rejection. In case of TX-100 and NP12
which are nonionic surfactants, the micelles can be formed easier
since there is no repulsive force between the micelle heads. Thus, the
rejections of both TX-100 and NP12 were high. The rejection of TX-
100 was slightly higher than NP12 due to higher micelle molecular
weight.

From Fig. 2, it can be also seen that the permeation fluxes were in
the following order, SDS>NP12>TX-100, which corresponded to their
micelle molecular weights, i.e., 23,040 Da, 40,446 Da and 87,500 Da,
respectively (Table 1).

4.3. Effect of mole fraction of nonionic surfactants on flux and rejection
for mixed surfactants

4.3.1. SDS rejection

The rejections of SDS for both SDS/TX-100 and SDS/NP12 mixed
surfactant systems were much higher than that of SDS single system
(Fig. 3). In addition, the SDS rejection increased with the mole fraction
of nonionic surfactants. The addition of nonionic surfactants reduced
the repulsive force of negative charges between micelle heads,
therefore, the CMC of SDS decreased with increasing nonionic
surfactant concentration [17]. Accordingly, more SDS became avail-
able in the micelle form [18] or there was low SDS in monomer form.
In other words, the number of micelles was increased, resulting in an
increase of SDS rejection at higher mole fraction of nonionic
surfactants.

4.3.2. Nonionic surfactant rejections

From Fig. 3, when mole fractions of nonionic surfactants were
increased, the rejections of TX-100 and NP12 also increased due to
higher number of micelles as described. The similar results were
reported for SDS/TX-100 and SDS/Brij-35 in MEUF of cadmium ions
[18].

4.3.3. Pb’7 ion rejection

The rejections of Pb?>* ions were significantly increased by the
addition of nonionic surfactant and then they slightly decreased for
further addition (Fig. 4). As described earlier, the number of micelles
increased with increasing nonionic surfactant concentration which
enhanced the surfactant rejection and rejection of Pb?* ions
solubilized in the micelles of surfactants. However, when the mole
fraction of nonionic surfactant in the micelles was further increased,
the micelle charge density decreased and the counter ion binding
capacity reduced [18] which resulted in decreases of D and K; for both
SDS/TX-100 and SDS/NP12 (Table 3). This had negative effect on
rejection of Pb?>* ion. These trends agreed well with the mixed

Table 3
Sm» D and K; for mixed surfactant systems.
[SDS] Mole fraction of [Nonionic surfactants] St D Ks
(mM) nonionic surfactants (mM) (mM) (mM~1)
SDS/TX-100 SDS/NP12 SDS/TX-100 SDS/NP12 SDS/TX-100 SDS/NP12
4.1 0.1 0.46 3.28 3.14 27.92 29.98 8.21 9.23
0.2 1.03 3.88 3.90 21.28 25.58 522 6.30
0.3 1.76 5.23 5.11 13.53 13.92 2.39 2.53
8.2 0.1 091 9.60 7.76 40.22 49.73 4,08 6.28
0.2 2.05 11.13 10.04 30.13 32.94 2.62 3.18
0.3 3.51 12.95 11.58 20.02 20.74 147 1.71
123 0.1 137 1233 12.11 64.38 75.67 514 6.16
0.2 3.08 14.50 14.59 42.58 50.20 2.87 3.37
0.3 5.27 17.62 17.74 26.15 26.99 143 1.47
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Table 4
Viscosity of surfactant/Pb?* mixtures.

[SDS] Mole fraction of Viscosity (10~ 3 Pas)
(mM) nonionic surfactants SDS/TX-100 SDS/NP12
4.1 0.1 0.914 0.922

0.2 1.193 1.235

0.3 1.282 1.312
123 0.1 1.058 1.160

0.2 1.258 1.290

0.3 1.286 1.359

surfactant systems of SDS/TX-100 and SDS/Brij-35 for cadmium ions
[18] and SDS/NPE for zinc ions [15].

4.3.4. Flux

The addition of both nonionic surfactants, TX-100 and NP12
resulted in a decrease of permeation flux at fixed SDS concentration as
shown in Fig. 4. Since the CMC of SDS decreases with increasing
nonionic surfactant concentration [17], therefore, the number of SDS
micelles may increase, leading to higher concentration polarization
near the membrane surface. In addition, the nonionic surfactant
screened the charged groups between different micelles allowing
closer micelle to micelle distances and a denser gel layer. Moreover,
the viscosity of feed solution increased by the addition of nonionic
surfactants [16,17] as shown in Table 4. All these were accounted for
the reduction of flux.

4.4. Effect of SDS concentration on flux and rejection for mixed
surfactants

Effects of SDS concentration on rejections and fluxes are presented
in Figs. 5 and 6 for SDS/TX-100 mixed surfactant system. The results
for SDS/NP12 mixed surfactant system also showed similar trends. It
can be clearly seen from Fig. 5 that the SDS concentration had much
effect on SDS rejection. It was probably because the number of
micelles increased with SDS concentrations. High number of micelles
at high SDS concentration also resulted in low permeation flux
(Fig. 6).

The effect of SDS concentration on rejection of TX-100 (and NP12
also) was small, especially when mole fraction of nonionic surfactants
was equal to 0.1 or higher as shown in Fig. 5. At these mole fractions,
nonionic surfactant concentrations were higher than their CMC,
therefore most of the nonionic surfactants were presented in the
micelle form, resulting in very high rejections (>97%).

For pure SDS surfactant used, the SDS concentration had much
effect on Pb®" ion rejection. The effect of SDS concentration was
reduced for mixed surfactant systems (Fig. 6). It was possible that the
formation of micelles was easier when nonionic surfactants were
added into anionic surfactant, even at low SDS concentration.

When SDS concentration was increased, the amount of SDS
forming the micelles and the number of active sites of surfactant
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for SDS/TX-100 systems with different SDS concentrations.

were increased, leading to an increase of D (Table 3) and Pb**
rejection consequently. From the above results, SDS concentration of
only 4.1 mM with 0.1 mole fraction (0.46 mM) of nonionic surfactants
showed excellent MEUF performances, i.e., high rejection of Pb®* ions
and nonionic surfactants as well as high flux. However, if the high SDS
rejections are required, high SDS concentration must be used.

4.5. Effect of type of nonionic surfactant on flux and rejection for mixed
surfactants

SDS/NP12 system gave higher rejection of Pb?>* ions and SDS than
SDS/TX-100 system as seen in Figs. 3 and 4 which may be attributed to
higher number of hydrophilic EO groups of NP12 which led to higher D
and K (Table 3). The permeation flux of SDS/NP12 was slightly higher
than that of SDS/TX-100 system, probably due to higher number of EO
groups of NP12. Moreover, NP12 had a less bulky alkyl side chain and
could more effectively insert itself into micelle to screen the charged
groups in the polar outer layer. The micelle could therefore have been
smaller and thus had lower concentration polarization. These also
caused a low fouling resistance (see Section 4.8).

4.6. MEUF of wastewater

The amount of nonionic surfactant should be optimized to get high
number of micelles as well as high micelle charge density which
would give highest Pb>* ion rejection. The optimum amount of
nonionic surfactant was shown at a mole fraction of 0.1 for both SDS/
TX-100 and SDS/NP12 systems. The highest Pb>* ion rejection was
achieved at 12.3 mM with the mole fraction of nonionic surfactants of
0.1. High rejections of SDS, TX-100 and NP12 were also obtained.
Therefore, these conditions were used to test the MEUF of wastewater
from a battery factory. Furthermore, the SDS concentration of 4.1 mM
was also used, since it gave excellent MEUF results with low amount
of surfactant used. The results are shown in Fig. 7 compared with
MEUF of aqueous model solution (Section 4.3-4.5). It can be seen that
rejections of surfactants and Pb2™ ions of wastewater were a little bit
lower than the model solutions. Therefore, the results showed
promising application of MEUF for removal of Pb?>* ions from real
wastewater. However, flux of wastewater was much lower than that
of model solutions which may be due to the contaminants in
wastewater.

4.7. Transport resistances for single surfactant systems

The resistance-in-series model was used to determine the
significance of fouling in MEUF. The resistances to permeation were
divided into membrane resistance (Ry,), polarization resistance, Ry,
(reversible) and fouling resistance (Ry, irreversible).

It can be seen from Fig. 8 that R, was the dominant resistance to
permeation flux in MEUF of Pb?* ions with TX-100 and NP12. For SDS,
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the system was controlled by the membrane resistance. Fouling
resistances were low for all systems. Since the heads of all micelles
were hydrophilic, though there was no charge for nonionic surfac-
tants, the interaction between hydrophilic micelles and hydrophobic
membrane was weak, resulting in low fouling.

Polarization resistance and fouling resistance increased with
surfactant concentration (Fig. 8). Since the number of micelles
increased with surfactant concentration, the accumulation of micelles
on the membrane surface was, thus, accounted for the increase of
polarization resistance. Furthermore, the probability of the accumu-
lated micelles to foul the membrane surface also increased.

From Fig. 8, it can be also seen that SDS system had the lowest R,
though its concentration was highest. It was probably because SDS has
the lowest molecular weight of micelle (see Table 1), resulting in the
lowest accumulation of SDS micelle on the membrane surface. R, of
NP12 was lower than that of TX-100 due to lower micelle molecular
weight of NP12.

SDS surfactant also gave the lowest Ry due to its highest
hydrophilicity of negative charges of micelles. TX-100 had higher R¢
than NP12 because TX-100 had lower number of EO groups which are
hydrophilic.

4.8. Transport resistances for mixed surfactants

Fig. 9 shows resistances in MEUF of Pb?* with SDS/TX-100 and
SDS/NP12 mixed surfactants for fixed SDS concentration of 4.1 mM.
The resistances for fixed SDS concentration of 8.2 mM and 12.3 mM
also showed similar trend. The resistance to permeation in MEUF with
mixed surfactants was dominated by polarization resistance as in the
case of single surfactants. MEUF with mixed surfactants also gave very
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Fig. 9. Resistances in MEUF of Pb?* jons with mixed surfactants at fixed [SDS] = 4.1 mM;
1=SDS/TX-100 and 2 =SDS/NP12.

low fouling resistance. An addition of nonionic surfactant caused a
slight increase of fouling resistance compared to SDS pure surfactant
(see Fig. 10). In the concentration range studied, Ry of mixed
surfactants with both nonionic surfactants were only about 0.9-1.8
times of that of pure SDS surfactant. However, R; of mixed surfactants
was lower than that of both pure nonionic surfactants (Figs. 9 and 8),
though the concentration of nonionic surfactants used in mixed
surfactants (0.46 mM- 5.23 mM) was much higher than in pure
surfactants (0.12 mM-0.36 mM for TX-100 and 0.041 mM-0.123 mM
for NP12).

As the mole fraction of nonionic surfactants increased, the
polarization resistance rapidly increased (Fig. 11). The number of
micelles increased with the concentration of nonionic surfactant,
leading to higher accumulation of micelles on the membrane surface,
therefore, polarization resistance increased. This also increased the
probability of fouling as seen in Fig. 10. The above reasons can be used

1.0E+12

—a—4lmM, ] —a—82mM,] —e—123mM, |
-&-- 123 mM, 2

9.0E+111 g 41mM.2 ---a--82mM,2 -
8.0E+111
o T.0E+11 A
E 6.0E+111
& 5.0E+11]
4.0E+117
3.0E+11 785

2.0E+11
0

0.1 0.2 0.3
Mole fraction of nonionic surfactant

Fig. 10. Fouling resistance in MEUF of Pb?>* ions with mixed surfactants for different
SDS concentrations; 1= SDS/TX-100 and 2 = SDS/NP12.
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to explain the increase of both R, and Rf with increasing SDS
concentration.

At the same SDS mole fraction in which the concentrations of TX-
100 and NP12 were equal, R, of SDS/TX-100 and SDS/NP12 systems
were very close. It was likely that micelle sizes of SDS/TX-100 and SDS/
NP12 were not significantly different. However, lower Rs was obtained
from SDS/NP12 system because NP12 had higher number of EO groups.

In MEUF of Pb?* ions with single surfactant, the percentage of each
resistance to total resistance was Ry, 13.4%-64.0%, Rr=8.3%-19.1%,
and R, =27.5%-80.3%. For mixed surfactant systems, it was found
that Rn=32.5%-50.7%, Rr=6.1%-12.7% and R,=43.5%-54.8% of
total resistance. These results agreed well with the report of Doulia
and Xiarchos [29] for PES membrane and Triton series surfactant.
However, no irreversible fouling was reported for regenerated
cellulose membrane and SDS/TX-100 surfactant [28]. The difference
may be due to higher hydrophobicity of PES membrane used in this
study.

In other UF processes, it was reported that R was about 10.8%-35%
in UF of passion fruit juice with PS membrane [36]. For UF of bovine
serum albumin (BSA) protein with cellulose acetate/silica blend
membrane, Ry was about 25%-39% of total resistance [37]. Therefore, it
seemed that fouling in MEUF was less significant in comparison with
other UF processes, such as fruit juice and protein.

5. Conclusions

For single surfactants, rejections of Pb?>" jons and surfactants
increased with surfactant concentrations while the permeation fluxes
decreased. SDS gave high Pb>" ion rejection but low SDS rejection. On
the contrary, TX-100 and NP12 gave low Pb?" ion rejection and high
SDS rejection.

The use of mixed surfactants between anionic (SDS) and nonionic
(TX-100 and NP12) surfactants can effectively enhance the Pb?>* ion
and surfactant rejections. The Pb®™ ion rejection of over 92% can be
achieved for all concentrations of SDS studied. The optimum amount
of nonionic surfactants added was at their mole fractions of 0.1 for
both SDS/TX-100 and SDS/NP12 systems in which the highest Pb%*
ion rejection can be achieved. At this mole fraction (1.37 mM) of TX-
100 and NP12 with 12.3 mM of SDS, the Pb?>* ion rejections were
98.4% and 98.7%, respectively. High rejections of SDS (80%), TX-100
and NP12 (>99%) were also obtained.

Polarization resistance was the dominant resistance in MEUF of
Pb?*. Fouling appeared to be very low for MEUF using both single
surfactants and mixed surfactants. Fouling of mixed surfactants was
higher than that of pure SDS but lower than pure nonionic surfactants,
TX-100 and NP12. Thus, the application of MEUF may be practical if
membrane lifetime is concerned since there is no need of frequent
chemical cleaning of membranes.

For mixed surfactants, as the mole fraction of nonionic surfactants
increased, flux and Pb?* ion rejection decreased while rejections of
SDS and TX-100 or NP12 increased. Moreover, R; increased with mole
fraction of nonionic surfactant. Since the reduction of Pb®>" ion
rejection with increasing nonionic mole fraction was not significant,
therefore, mixing of SDS with low concentration of nonionic
surfactant seemed to be better.

Flux and rejections of Pb?* ions and SDS of SDS/NP12 system were
slightly higher than those of SDS/TX-100 system and R¢ was lower,
while NP12 or TX-100 rejection was almost the same. Therefore,
addition of NP12 nonionic surfactant with higher numbers of EO
groups showed a little better performance than TX-100.
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1. Introduction

Reverse osmosis (RO) is the well-known membrane separation
process which can be applied for seawater and brackish water
desalination, softening, disinfection by-product control, and removal
of organics and specific inorganic contaminants such as arsenic,
barium, nitrite, nitrate, and other inorganic contaminants [1,2]. The
application of membranes has been increasingly used for water
treatment in order to control a precursor of the formation of
disinfection by-products such as natural organic matter (NOM)
during chlorination operation in conventional water treatment [3].
However, fouling of membranes caused by NOM and inorganic salts
on the membrane surface can be a major cause of a significant loss of
water productivity [4-6].

Membrane fouling can be dependent on membrane characteristics
(i.e. pore size, charge, and roughness) [7,8], solution compositions (i.e.
humic acid concentration, pH, ionic strength, and calcium concentra-
tion) [9,10], and hydrodynamic conditions (i.e. flux, pressure, and
crossflow velocity) [10,11]. Fouling can also lead to decreased solution
flux due to adsorption/deposition of solute on the membrane surface
and in the membrane pores, and cake formation at the membrane
surface. Tang et al. [10] indicated that flux reduction during RO of
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humic acid increased with increasing initial flux (i.e. increased
operating pressure), while the tight RO showed less flux decline
than the more permeable membranes. Higher operating pressure in
NF of humic acids increased flux decline, while higher crossflow
velocity increased solution flux due to increased back-transport of
solute to the bulk solution, thus decreasing solute accumulation at the
membrane surface [12]. Zhu and Elimelech [13] studied the fouling
mechanisms during RO of silica colloids. They found that higher
permeate flux caused by increasing transmembrane pressure resulted
in a greater rate of particle deposition onto membrane surface, and
thus an increased rate of membrane fouling. However, previous work
showed different results indicating that the specific flux normalized to
the initial value was found to be inversely related to the initial
permeate rate [14]. The specific resistance of particle deposits on
membranes decreased as the initial permeation rate increased,
suggesting that cake morphology was an important parameter in
determining permeate flux [14]. Kilduff et al. [15] indicated that the
rate of flux decline increased with increasing recovery because of the
increase of solute concentration on the membrane surface caused by
enhancing the convective transport of mass to the membrane surface.
Previous studies indicated that the operating conditions could
influence membrane performance with different membrane uses
and solutions [10], but there is a lack of characterization of model
parameters and development of the empirical relationship among
membrane operating conditions and solution chemistry.

The objective of this study was to investigate the effects of
operating conditions on model parameters (i.e. steady-state flux, J*
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and specific cake resistance, oae) With different ionic strengths
during reverse osmosis of natural organic matter and to develop an
empirical relationship among membrane operating conditions and
solution chemistry. The empirical equations for J* and o e Were
developed with dependent variables for operating pressure (AP),
crossflow velocity (v), recovery (R), and ionic strength (I). Experi-
mental results exhibited flux decline and rejection with different
operating conditions and ionic strengths. The model parameters were
determined using the combined osmotic pressure and cake filtration
model, while a resistance-in-series model was used to characterize
fouling resistances of tight RO system operation. The experimental
results of this work could provide an insight evidence for changes in
the model parameters as a function of system operating conditions
and solution chemistry during crossflow RO.

2. Theory
2.1. Resistance-in-series model

Resistance-in-series model has been widely applied to describe the
permeation flux of the membrane processes. This model incorporates
membrane hydraulic resistance (Ry) and hydraulic resistances of
fouling layer (Rf) on membrane surface. The membrane hydraulic
resistance can be determined from the pure water flux without
materials deposited on the membrane surface or within the
membrane pore by using Darcy's law as shown in Eq. (1).

1av AP
Jo= A.dt — pR, (1)
where J, is the clean water flux (LMH), t is the filtration time (min), Vis
the permeate volume (L), AP is the transmembrane pressure (kPa), Ap,
is the membrane area (m?), y is the dynamic viscosity (kg m~ s~ 1).
Eq. (2) accounts for total hydraulic resistance (Rpota) due to the
combination between membrane hydraulic resistance (Ry,) and the
hydraulic resistances of fouling layer (R) caused by a combination of salt
concentration polarization and/or cake formation, and resistant fouling
as follows:

], = AP—O AT AP—0 Am 2
! H(Rm + Rf) H(Rm + Rcl + RCZ + Rc3 + Rnon—rec)

where J, is the solution flux (LMH), ois the osmotic reflection coefficient
(—), mis the osmotic pressure (kPa), R is the fouling resistance caused
by salt concentration polarization and/or cake formation, which can be
recovered by hydrodynamic cleaning (m~!), Ry, is the recoverable
fouling resistance caused by salt layer using acidic cleaning (m™!), Rz is
the reversibly adsorbed NOM layer resistance recoverable using alkaline
cleaning (m™ '), and Ryon-rec is the “non-recoverable” resistance (Ryon-rec)
that remains after hydrodynamic and chemical cleaning (m™1!).

2.2. Combined osmotic pressure and cake filtration model

The combined osmotic pressure and cake filtration model was
previously described by Mattaraj et al. [16]. The model has been
previously used to characterize the nanofiltration performance of a
solution containing both salt and NOM. The change in solution flux
with time is related to the change in osmotic pressure as a result of
salt concentration polarization, and the change in the hydraulic
resistance of the NOM cake accumulated on the membrane surface as
shown below:

d]v — OS asRmem.sBs <dcreten‘s>

E N _H(Rms + Rl‘lOl‘l*l’EC + RC) dt

_ Jy (di)
(Rm,s + Rnon—rec + Rc) dt

where the subscript s refers to salt species (i.e. NaCl). The first term in
the right-handed side describes the osmotic pressure model based on
increased salt concentration, while the second term illustrates the
additional resistance due to cake formation of NOM accumulation on
the membrane surface. In the cake filtration with constant specific
cake resistance (Qake), the change in cake resistance with time is
related to the rate of change in cake mass, mcae (kg), which equals to
the net rate of mass transport towards the membrane surface; i.e., the
convective flux, J,, minus the steady-state flux, J* (LMH), associated
with back-transport resulting from crossflow velocity. Therefore,

dRc — dmcake

— 5 = ke g = OcareC O, —J* 4
dt cake Amdl’ cake reten,NOM( )(]v ]) ( )

where o is the specific cake resistance (m kg™ '), Cetennom iS the
NOM concentration in the retentate (kg m~>). Eqs. (3) and (4) can be
determined using the fitting model parameters (i.e. steady-state flux,
J* and specific cake resistance, cae ) in a fourth-order Runge-Kutta
routine in order to minimize the sum squared errors between the
experimental data and estimated data from the combined mathe-
matical fouling model. The fitted model parameters were determined
based on 95% confidence interval for non-linear regression described
by Draper and Smith [17]. In this work, the combined osmotic
pressure and cake filtration model (Eq. (3)) was used to determine
model parameters with different operating conditions and ionic
strengths.

3. Experimental
3.1. Natural organic matter (NOM)

Natural organic matter (NOM) was obtained from the surface
water reservoir at Ubon Ratchathani's University (UBU), Thailand. A
polyamide thin-film composite (TFC) reverse osmosis (RO) mem-
brane (model: AG4040F-spiral wound crossflow, GE osmonics, USA)
was used to isolate NOM components and subsequently applied the
isolated NOM for the crossflow reverse osmosis experiments. The
isolation procedure was previously described by Kilduff et al. [18]. The
characteristics of natural water were previously described by
Jarusutthirak et al. [19]. The isolated NOM and salt were diluted and
mixed with deionized water to obtain the required concentrations for
both NOM and ionic strengths.

3.2. Crossflow filtration experiments

A bench-scale crossflow test cell with a recycle loop was used for
crossflow filtration experiments. A thin-film polyamide reverse
osmosis (Model AG 2540F1328 spiral wound crossflow), obtained
from GE Osmonics, Inc. USA, was used to investigate membrane
performance during filtration experiments. According to manufac-
turer's information, averaged salt (NaCl) rejection (based on a
2000 mg L~ ! NaCl solution, pH 7.5, 15% recovery, and 25 °C) is about
99.5% at 1551 kPa. Typical operating pressure is approximately
1379 kPa. The operating pH is in the range of 4-11, while the
cleaning pH is in the range of 2-12. The maximum operating
temperature is about 45 °C. Membrane sheets were initially cleaned
and pre-compacted with deionized water. Clean water flux was
determined with a function of operating pressure. After membrane
compaction, averaged RO membrane permeability was approximately
1.231x107840.053x 108 m s~ 'kPa~ '(0.0443 LMH kPa~ !, number
of samples are 17 samples within 95% confidence interval). The mem-
brane hydraulic resistance (Rn,) for RO was about 9.39x 10> m~1. All
filtration experiments were conducted at room temperature at about
26 °C. Membrane sheets were stored in 1% Na,S;0s and kept in a
refrigerator at about 4 °C to minimize bacterial activity.
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For filtration experiments, NaCl solution contained salt concen-
tration (NaCl) with ionic strengths (I) of 0.01 M and 0.05 M, while
feed NOM concentration was maintained at 10 mg L™ ! with solution
pH of 7. System operation was adjusted to achieve an initial solution
flux of 30 LMH, while membrane operating pressure was kept
constant during filtration experiments. The operating conditions
tested included operating pressures (AP) in the range of 551.4 to
965 kPa, crossflow velocity (v) in the range of 0.1 to 0.4 ms™ !, and
recovery (R= Qperm/Qrecd) in the range of 75 to 95%.

3.3. Analytical methods

Salt concentrations were determined using a conductivity meter
(model: inoLab cond Level 2, Germany). Solution pH was measured with
pH meter (model: inolLab pH level 1, Wissenschaftlich-Technische
Werkstatten, GMBH, Germany). lonic strength of samples was calcu-
lated using a correlation between conductivity and ionic strength; for
NaCl standards, 1S.[molL™'|=0.53CZ2=9.5x10"°%x (uScm™") at
25 °C (R*=0.999). NOM concentrations were measured as dissolved
organic matter (DOC) using total organic carbon (TOC) analyzer
(Shimadzu Corporation, TOC-VCPH model, Japan). Standard solutions
were prepared using potassium hydrogen phthalate in deionized water.
UV absorbance was measured using a UV-visible spectrophotometer
(Shimadzu Corporation, model UV mini 1240, Japan). The weight-
averaged molecular weights of NOM were determined using high
pressure size exclusion chromatography (HPSEC) (Shimadzu Corpora-
tion, model CTO-10Avp, Japan). The procedure was employed as
described by Chin et al. [20]. Poly(styrene sulfonate) standards (MW
4300, 6800, 17,000, and 32,000 Da) were used as standard solutions.
Low molecular weight standard included benzoic acid (Na™* form) (MW
122 g/mol), which was detected at wavelength of 254 nm, for standard
solution with correlation: log MW = —0.3702 x t + 7.1471, R> = 0.987.
NOM mass balance was determined using a series of ultrafiltration
membranes including 1, 3, 5, 10, 30, and 100 kDa molecular weight
cutoff (MWCO).

3.4. Membrane cleaning

Cleaning procedure included hydrodynamic cleaning followed by
chemical cleaning incorporating acidic and alkaline cleaning. First, for
hydrodynamic cleaning, deionized water was recirculated in the
recycle loop for 30 min at high crossflow velocity of 0.2 to 0.4 m s~ .
Deionized water was subsequently used to determine permeate flow
as a function of operating pressures. For chemical cleaning, acidic
solutions (using citric acid) with pH 4 and followed with alkaline
solutions (using sodium hydroxide) with pH of 10 were used to
remove inorganic salt and adsorbed NOM with 30-min each for
recirculation in the system. Deionized water was further used to
measure water flux with different operating pressures. After each
cleaning, the water flux as a function of operating pressures was used
to determine the recoverable fouling resistances (Rc1, Rc2, and Rc3)
and the non-recoverable resistance (Ryon-rec)-

4. Results and discussion
4.1. NOM molecular weight

Fig. 1 shows the NOM molecular size distribution. The response of
UV354 nm Was presented in wide range of high molecular weight
(10,000-100,000 Da) and low molecular weight (less than 5000 Da).
The weight-averaged NOM molecular weight (M,,) was approximate-
ly 4144 Da, while the number-averaged NOM molecular weight (M)
was about 244 Da. The polydispersity of NOM solution (the ratio of the
weight- (M,,) to number-averaged (M,) molecular weights) was
approximately 16.98, indicating wide molecular size distribution.
NOM was further fractionated using several molecular weights of
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Fig. 1. NOM molecular size distribution.

ultrafiltration (UF). It was found that organic carbons of NOM were
approximately 18.6%, 11.1%, 17.9%, 11.5% and 40.9% for less than 1K,
1-5K, 5-30 K, 30-100 K, and greater than 100 K UF, respectively. The
organic carbon fractions of greater than 5 K were relatively high, more
than 70%, indicating higher molecular weight fractions than relatively
low molecular weight fractions.

4.2. Effect of operating pressure on normalized flux and rejection

Fig. 2 presents the effect of operating pressure on normalized flux,
while the reverse osmosis performance is tabulated in Table 1. Dot
points were the experimental data, while the solid lines were the values
obtained from the combined osmotic pressure and cake filtration model
(Eq. (3)). Experimental results revealed that increased operating
pressures resulted in increased initial solution flux (graph not shown)
and significantly increased steady-state solution flux at the end of
filtration (as determined within 95% confidence interval shown in
Table 1), indicating a pressure-dependent solution flux. Solutions
having low operating pressure showed greater flux decline than those
having high operating pressure, especially at low ionic strength. At high
ionic strength of 0.05 M, the normalized fluxes were slightly increased
with operating pressures ranging from 551.4 kPa to 965 kPa, while
normalized fluxes of low and high ionic strengths ranged from 0.369 to
0.499 and 0.175 to 0.209, respectively. Fig. 3 illustrates the best fit values
of the steady-state flux with a function of operating pressures. The
model correlates linearly in the log-log plot with the slopes of 1.134
(1.07,1.205) and 0.96 (0.937,0.987) for low and high ionic strength,

1.2

10 mg/L NOM, pH 7, 85% recovery — Model (Eq.3)
0.1 m.s~"crossflow velocity ¢ 551.4kPa
- ! O 689.3kPa
g A 965 kPa
= 0.8 1.S. = 0.01 M NaCl * 5514kPa
= B 689.3kPa
2 A 965kPa
e 0.6
@ R fr .
N sR TRy, 2 EEEETH
® 4
£ 0.4
T
S S
0.2 1 > aa = E-=-=-S-= ='="="C
1.8.= 0.05 M NaCl
0 T T T T 1
0 100 200 300 400 500

Operating period (min)

Fig. 2. Effect of operating pressure on normalized flux.
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Table 1
Effect of operating pressure on reverse osmosis performance.
Parameters 1.5.=0.01 M Nacl [.S.=0.05 M NaCl
Operating pressure (kPa) Operating pressure (kPa)
5514 689.3 965 5514 689.3 965
Jollvo (—) 0.369 0.489 0.499 0.175 0.190 0.209
J* (ms—')x10° 2.82 (2.68-2.96) 3.922 (3.84-4.0) 5371 (5.32-5.421) 1.292 (1.226-1.358) 1.536 (1.506-1.565) 2.2 (2.125-2.275)
Creten,s (M) 0.0569 0.0617 0.0626 0.1179 0.1349 0.1782
Coerm,s (M) 0.0033 0.0035 0.0034 0.0341 0.0261 0.0333
Reeedss (%) 68.7 63.7 68.2 36.8 41.0 40.8
Rreten,s (%) 94.2 94.3 94.6 71.1 80.7 813
Rretennom (%) 97.0 97.1 97.0 95.1 95.9 96.4
Rms (m~1)x10=14 2.029 2.159 1.535 2.050 1.564 1.659
Ruon-rec (M~ 1)x 10714 0.0491 0.0462 0.037 0.0494 0.0639 0.0559

Qeae (Mkg™1)x 1077 3.163 (2.664-3.66)  2.418 (2.151-2.685)

0.826 (0.778-0.874)

18.572 (17.268-19.876)  10.828 (10.565-11.09)  7.31 (6.723-7.898)

The membrane hydraulic resistance (Ry,) for RO was about 9.39x 10> m~'. The Cyeens and Cperm,s are the salt concentration in the retentate and permeate. The Ryeeds, Rreten,s and
Rretennom are the rejections in the feed and retentate for salt and in the retentate for NOM, respectively. The values in parenthesis indicate the 95% confidence interval for the model

parameters.

respectively. The values in the parenthesis indicate the 95% confidence
interval for the fitted parameters. Experimental data and calculated
results were shown to be in good agreement with high correlation R? of
greater than 0.98. For both low and high ionic strengths, the averaged
salt rejections in the retentate (Ryetens) increased from 94.2% to 94.6%
and 71.1% to 81.3% with increased operating pressures. The results
corresponded to an increased salt concentration in the retentate with
operating pressure, while the ratio between the salt concentration in the
retentate (Creten,s) and in the feed (Creeq s) decreased with ionic strength
as a continuous removal of salt concentration in the permeate (Cperm,s)
(values shown in Table 1). The reduction in salt rejection at high ionic
strength was caused by reduced charge repulsion between negatively
charged membrane and positively charged sodium, enhancing de-
creased double layer thickness at the membrane surface, thus lowering
salt rejection [16]. Solution flux in the presence of salt could enhance a
reduction in flux decline. This indicated a decreased in membrane
permeability, thus increased membrane hydraulic resistance [6].
The membrane hydraulic resistance with the presence of salt can be
determined based on the change in solution flux due to increased
salt concentration as described by Mattaraj et al. [16]. Salt effects
could cause membrane pore structure due to decreased electrostatic
repulsion (or charge neutralization at the membrane surface),
causing a change in membrane porosity [21]. The membrane
hydraulic resistances in the presence of salt (Ry,s) were in the
range of 1.535x10' to 2.159x 10 m~!, higher than membrane
hydraulic resistances of 9.39x10"> m~! (increased by 1.63 to 2.3

1.0E-04
< (1)1.5.= 0.01 M NaCl
O (2) 1.S. = 0.05 M NaCl
(1) J* = 2.26x10°%(1.38x10°%,3.60x10 %) (p) - 134(1.07.1.205)
1.0E-05 R%-0.983
% /
£
*
= B/Z/El
1.0E-06
(2) J* = 2.96x10°°(2.416x10°%,3.57x10 %) ()2 96(0-957.0.986)
R’=0.993
1.0E-07 ,
100 1000 10000

Operating pressure (kPa)

Fig. 3. Best fit values of steady-state flux with a function of operating pressure. The
values in parenthesis indicate the 95% confidence interval for the fitted parameters.

times). Based on the combined osmotic pressure and cake filtration
model (Eq. (3)), the specific cake resistance (¢ .ke) decreased with
increased operating pressures, while the specific cake resistance
increased with increased ionic strengths. Chellam and Wiesner [14]
indicated that the specific cake resistance of particle deposits on
crossflow membrane decreased as the initial permeate rate
increased. Increased ionic strengths resulted in an increase of
specific cake resistance during nanofiltration of NOM [6,16]. At low
operating pressures of 551.4 kPa, the specific cake resistances of
low and high ionic strengths were about 3.163x10'” mkg~' and
1.857x 10" mkg™ !, respectively. This indicated that solution flux
decreased as a result of the combined salt and NOM accumulation at
the membrane surface. The averaged NOM rejections were relative-
ly high in the trend of increased operating pressures about 97% to
97.1% and 95.1% to 96.4% for low and high ionic strength,
respectively. The results suggested that RO could possibly remove
most organic carbon fractions in NOM components (i.e. large NOM
molecular weight), while some organic carbon fractions (i.e. small
NOM molecular weights) could pass through the membrane surface
depending on solution chemistry (i.e. high ionic strength). Increased
ionic strength decreased NOM rejection, possibly due to more
compacted NOM configuration (possibly becoming more a rigid, coiled,
and spherical) on nanofiltration membrane [6]. The effect of a thin
foulant deposit layer may cause significant flux decline through
enhanced salt concentration polarization, thus enhancing salt passage
through the membrane surface [22]. After hydrodynamic and chemical
cleaning, the non-recoverable resistances (Ryon_rec) Were relatively low
in the range of 3.7x 102 m~ ! t0 491x 10 m~ ! and 494x 10 m™!
t0 6.39x 10> m™ ! for low and high ionic strength, respectively.

35
— Model (Eq.3)
10 mg/L NOM, pH 7, 85% recovery 0.1 m/s
30 0.2m/s

0.4 m/s
0.1 m/s

>PEeD>OCC

Solution flux (LMH)

T T T T
0 100 200 300 400 500
Operating period (min)

Fig. 4. Effect of crossflow velocity on solution flux.
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Fig. 5. Best fit values of steady-state flux with a function of crossflow velocity. The
values in parenthesis indicate the 95% confidence interval for the fitted parameters.

4.3. Effect of crossflow velocity on normalized flux and rejection

Fig. 4 exhibits the effect of crossflow velocity on solution flux. The
reverse osmosis performance with crossflow velocity effects is shown in
Table 1. Increased crossflow velocity showed no significant effect at the
initial rate of solution flux, while it enhanced significant effect in flux
decline for longer period of filtration. The initial rates of solution flux
decline were caused primarily by salt concentration polarization and
membrane permeability reduction (i.e. increased membrane hydraulic
resistances, R, s). The permeate flux decline of initial stage of colloid
crossflow filtration was independent of shear rate [23]. Increased
crossflow velocity ranging from 0.1 to 0.4 m s~ ! increased steady-state
solution flux from 3.663x 10~ °m s~ ! t0 4.531x 10~ ®m s~ ! and from
1.264x10"°ms™! to 2031x10"®ms~! for low and high ionic
strength, respectively. The results corresponded to decrease in flux
decline with increased crossflow velocity, thus decreased solute
accumulation swept away from the membrane surface at high crossflow
velocity. Fig. 5 shows the best fit values of the steady-state flux with a
function of crossflow velocity. The log-log plot between the steady-state
flux and crossflow velocity exhibits high correlation with a slope of
0.153 (0.152,0.154) and 0.342 (0.3417,0.3427) for low and high ionic
strength, respectively. The results suggested system operation in the
range of laminar flow condition, previously described by Cheryan [24].
Based on the combined osmotic pressure and cake filtration model, the
specific cake resistances ((are) at low ionic strength of 0.01 M NaCl
decreased from 2.484x107 mkg~! to 0.414x107 mkg~! with
increasing crossflow velocity. Similar trend was found for solutions
having high ionic strength, indicating greater specific cake resistances
than those having low ionic strength. Increased salt concentration could

Table 2
Effect of crossflow velocity on reverse osmosis performance.

7E+14
00.1 m/s (0.05 M NaCl)
6E+14 - 0.2 m/s (0.05 M NaCl)

B0.4 m/s (0.05 M NaCl)

B0.1 m/s (0.05 M NaCl + 10 mg/L NOM)
0.2 m/s (0.05 M NaCl + 10 mg/L NOM)
B0.4 m/s (0.05 M NaCl + 10 mg/L NOM)

S5E+14

4E+14 4

3E+14 -

Resistance (m™)

2E+14 -

1E+14 4

0+

e P, N |
Rnon-rec RTotal

Rc2 Rc3

Fig. 6. Resistance parameters due to crossflow velocity effects (R, =0.939x 10> m~1).

reduce charge repulsion at the membrane surface, thus increased Ry, s
and lowered salt rejection (Rretens) (data shown in Table 2). Salt
concentration could present in the cake layer possibly reduced charge
repulsion between ionized functional groups on single NOM molecule
and between NOM molecules. The results in more compact configura-
tion and NOM cake, suggesting in lower cake porosity. The specific cake
resistances described by the Carman-Kozeny equation can be written in
terms of cake porosity (geae) (—), density (p) (kg m~3), and particle
diameter (d,,) (m) [25].

180(1—ccqie)”
Qupe = | —5 5 5
cake ( p d]z) egake ( )

The above equation indicates that the specific cake resistance is
inversely related to &2, and is linearly corresponded to (1 — &cake)?.
Therefore, the equation predicts that decreases in cake porosity result
in an increase in the specific cake resistance due to increased NOM
cake compaction with the presence of high salt concentration.

A resistance-in-series model was used to determine fouling
resistances after hydrodynamic and chemical cleaning. Fig. 6 presents
the resistance parameters due to crossflow velocity effects. In the
absence of NOM (solution flux not shown), the increased recoverable
fouling resistances (R.;) were caused by increased salt concentration
polarization, while the combined effects of salt concentration and
compacted NOM cake enhanced relatively high in recoverable fouling
resistances. It was observed that the recoverable fouling resistance (R.;)
decreased from 5.27x10m™! to 2.92x10""m™" with increased
crossflow velocity. The parameter showed greater values than other

Parameters .S.=0.01 M NacCl 1.S.=0.05 M NacCl

Crossflow (ms~— 1) Crossflow (ms~1)

0.1 0.2 0.4 0.1 0.2 0.4
Jollvo (=) 0.429 0.473 0.540 0.152 0.171 0.234
T (ms~')x10° 3663 (3.615-3.712)  3.964 (3.906-4.023)  4.531 (4.465-4596)  1.264 (1.211-1317) 1.46 (1.431-1.49) 2031 (1.945-2.118)
Cretens (M) 0.0561 0.0572 0.0597 0.1316 0.1376 0.1325
Coerms (M) 0.0036 0.0038 0.0035 0.0309 0.0291 0.0360
Reed,s (%) 67.9 64.0 64.2 39.7 42.7 36.1
Rretens (%) 93.6 934 94.1 76.5 789 72.8
Reetenom (%) 95.2 953 96.2 945 95.4 95.2
Rms (M~ 1) x 10~ 4 2.081 1.109 1.069 1321 1.093 1.339
Roonrec (M~ 1)x 10" 0.0375 0.0501 0011 0.1312 0.0462 0.0529

Ceake (Mkg~1)x 10717 2.484 (2.335-2633)  0.681 (0.574-0789)

0.414 (0.345-0.483)

17.545 (17.065-18.02)  14.33 (13.49-15.174)  13.94 (12.69-15.18)

The membrane hydraulic resistance (R,) for RO was about 9.39x 10> m~ . Initial solution flux is about 30 LMH. The values in parenthesis indicate the 95% confidence interval for

the model parameters.
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Fig. 7. Effect of recovery on solution flux.

resistance parameters (Rc,, Rc3, and Ry on-rec) ranging relatively low from
1.1x10" t0 5.44x 10" m™ . System cleaning (i.e. hydrodynamic and
chemical cleaning) could effectively remove salt concentration and
adsorbed NOM components from the membrane surface and/or pores,
suggesting less fouling resistances from the membrane surface due to
large NOM molecular weight fractions removed with relatively high
NOM rejection.

4.4. Effect of recovery on normalized flux and rejection

Fig. 7 illustrates the effect of recovery on solution flux. The reverse
osmosis performance is tabulated in Table 3. Increased recovery from
75% to 95% resulted in greater flux decline, possibly caused by
increased solute accumulation at the membrane surface. Solution flux
decline was more pronounced at the highest recovery of 95%.
Solutions having high ionic strength of 0.05 M NaCl showed greater
flux decline than those having low ionic strength of 0.01 M NaCl. With
increasing recovery from 75% to 95%, normalized flux decreased from
0.519 to 0.369 and 0.195 to 0.136 for low and high ionic strength,
respectively. The rate of flux decline increased with increasing
recovery because of the increase of solute concentration on the
membrane surface caused by enhancing the convective transport of
mass to the membrane surface [15]. The salt rejections in the retentate
(Rretens) decreased with increasing recovery as a result of increased
salt concentration at the membrane surface. Averaged salt rejections
decreased from 93.4%-94.6% to 72.6%-81.2% with increased ionic
strengths, while averaged NOM rejections were relatively high
ranging from 94.4% to 95.9% (possibly due to large molecular weight
fractions). Fig. 8 shows the effect of ionic strength on salt
concentration in the retentate (Ceetens). Dot points represent the
experimental results during filtration experiments, while solid lines

0.2
— Mass balance model
10 mg/L NOM, pH 7, < 1.8, =0.01 M NaCl
SN i s O 1.S. = 0.05 M NaCl
. 0.1 m.s~ crossflow velocity
) ] ]
g 0121 & =
w
e
2
2 .
o 0.08
<
C
0.04 4
0 T T T T T
100 200 300 400 500

Operating period (min)

Fig. 8. Effect of ionic strength on salt concentration in the retentate (Creten.s)-

demonstrate the mathematical model from mass balance equation,
previously studied by Mattaraj et al. [16]. From this figure, solutions
having high ionic strength of 0.05 M NaCl showed greater values than
those having low ionic strength of 0.01 M NaCl. The steady-state salt
concentrations for high ionic strength exhibited greater values (about
2.2 times) than those for low ionic strength. Recovery effects can
enhance NOM concentration on the membrane surface, suggesting
increased specific cake resistances. Increased recovery from 75% to
95% increased specific cake resistances from 1.02x10'" mkg~! to
4.405%x10"7 mkg~'and 7.222x 10" mkg~ ' to 3.242x10"¥ mkg !
for low and high ionic strengths, respectively. The specific cake
resistance was the highest values at high ionic strength of 0.05 M NaCl
at high recovery of 95%. The results suggested the combined effects of
salt concentration and NOM accumulation by adopting more
compacted NOM molecules at the membrane surface. Fig. 9 presents
the best fit values of specific cake resistance (ct.are) With a function of
recovery. The correlation was found to be in good agreement with
relatively high correlation (R?>>0.99). The slopes of the graph were
ranged from 6.207(5.728,6.812) to 6.367(6.118,6.577) with 95%
confidence interval. After system cleaning, the non-recoverable
resistances (Rnon-rec) Showed relatively high at high ionic strength
of 0.05 M NaCl, when compared the values with low ionic strength.
This suggested that NOM cake accumulation could result in a highly
compacted fouling layer at the membrane surface.

4.5. Relationship among operating conditions and ionic strengths on
model parameters

Membrane system operation and solution chemistry could signifi-
cantly affect reverse osmosis performance and model parameters (i.e.

Table 3
Effect of recovery on reverse osmosis performance.
Parameters 1.S.=0.01 M NacCl .S.=0.05 M NacCl
Recovery (%) Recovery (%)
75 85 95 75 85 95
Jollvo (=) 0.519 0.429 0.369 0.195 0.152 0.136
J* (ms—1)x10° 4289 (4.181-4.396)  3.663 (3.615-3.712)  3.188 (3.144-3.233)  1.542 (1.502-1.583)  1.264 (1.211-1.317) 1.194 (1.136-1.252)
Creten;s (M) 0.0569 0.0561 0.0575 0.1302 0.1316 0.129
Gz (M) 0.0031 0.0036 0.0038 0.0245 0.0309 0.0354
Reeeds (%) 70.3 67.9 64.1 493 39.7 304
Rretens (%) 94.6 93.6 93.4 81.2 76.5 72.6
Rretennom (%) 95.9 95.2 95.0 95.7 94.5 194.4
Rs (m™1)x 10714 1.179 2.081 0.9834 1.025 1.321 1.457
Rnon-rec (M~ 1)x 1014 0.0033 0.0375 0.0396 0.9046 0.1312 0.9090

Oare (Mkg=1)x 10717 1.0201 (0.84-120)  2.484 (2.335-2.633)

4.405 (4.175-4.635)

7.222 (6.81-7.633) 17.545 (17.065-18.02)  32.415 (28.75-36.08)

The membrane hydraulic resistance (Ry,) for RO was about 9.39 x 10'> m~ . Initial solution flux is about 30 LMH. The values in parenthesis indicate the 95% confidence interval for

the model parameters.



44 S. Mattaraj et al. / Desalination 253 (2010) 38-45

1.0E+20
& (1)1.8.=0.01 M NaCl
O (2) 1.S. = 0.05 M NaCl
2 = 8.56x10°%(3.50x10%,2.41x108)RE-367(6.118.6.577)
8 1.0E+19- @) cake (859 )
2 R? = 0.995
[]
8
@
W o~
8
@ X 1.0E+18-
=
© £
u S
2
=
o
2 1.0E+17
& .
(1) e = 2.427x10°(1.40x10" 2.23x1 08)RE207(5-728.6.812)
R? = 0.992
1.0E+16 ;
10 100 1000

Recovery (%)

Fig. 9. Best fit values of specific cake resistance (oake) with a function of recovery. The
values in parenthesis indicate the 95% confidence interval for the fitted parameters.

steady-state flux, J* and specific cake resistance, o), Which were
evaluated based on the combined osmotic pressure and cake filtration
model (Eq. (3)). The steady-state fluxes and specific cake resistances
were previously characterized to depend on membrane operating
pressure (AP), crossflow velocity (v), recovery (R), and feed ionic
strength (I), while solution pH of 7 and NOM concentration of 10 mg L™
were maintained constant for all filtration experiments. The fouling in
membrane pores caused by NOM molecular size was assumed to be less
significant effect due to tight RO membrane with relatively high NOM
rejection and low non-recoverable fouling (Rnon-rec). The model
parameters can be determined using an empirical relationship with a
function of operating conditions and ionic strength (J*=aAPvRIF,
where a, b, ¢, d, and e are the empirical constants). This empirical
relationship can be rearranged in the log-log scale as follows:

logJ* = loga + blog AP + clogv + dlogR + elogl. (6)

A multiple linear regression using log J* (m s~ ') as the dependent
variable and log AP (kPa), log v (ms™!),log R (—) and log I (M) as the
dependent variables produces an intercept [equal to log a] and slopes
equal to b, ¢, d, and e. Based on the statistical analysis on experimental
data, the empirical equation can be written as follow:

J* = 9.12 x 10~ A" 04028 R118 7039 (R2 — 0 9g9) 7)

The slopes for operating pressure, crossflow velocity, recovery,
and ionic strength are 1.04, 0.223, —1.18, and —0.590, respectively.
The correlation coefficient is relatively high with R? of 0.989. The
95% confidence interval for a, b, c, d, and e ranged from (7.762 x
1078,1.072x10~7), (1.01,1.08), (0.219,0.229), (—1.16,—1.21),
and (—0.58,—0.601), respectively. The negative values indicate a
decreased steady-state flux with recovery (d=—1.18) and ionic
strength (e = —0.590), while the positive values suggest an increased
in steady-state flux with operating pressure (b=1.04) and crossflow
velocity (c=0.223). The empirical constants (b) and (c) indicate a
pressure-dependent steady-state flux and system operation under
laminar flow condition, respectively. Recovery effect and ionic strength
showed the worst flux decline, indicating negative values for empirical
constants. Increased high ionic strength resulted in a reduction of
electrostatic charge repulsion (reducing charge interaction between a
negatively charged NOM macromolecule and positively charged salt,
thus causing a densely packed cake layer, NOM accumulation and
increasing permeate flow resistance) [26].

Specific cake resistance, tcaie, (M kg~ ) obtained from Eq. (3) can
be developed with a function of operating condition and ionic
strength (Qcake =fAPSV'R'F, where f, g, h, i, and j are the empirical
constants). The statistical analysis with multiple linear regressions
can be successfully used to evaluate empirical constants in the log-log
scale relationship. The empirical equation of specific cake resistance
can be written as follows:

Qe = 7.943 x 1O]ZAP72.03V70.739R6.2911.37 (RZ _ 094) (8)

The 95% confidence interval for fis in the range of 1.995x 10'? and
1.585x10"3. The slopes for g, h, i, and j are —2.03(—1.98,—2.07),
—0.739(—0.706,—0.779), 6.29(6.15,6.47), and 1.37(1.34,1.41), re-
spectively. The values in parenthesis were determined within 95%
confidence interval. The correlation coefficient is relatively high with
R? of 0.94. The results showed negative values for operating pressures
(g=—2.03) and crossflow velocity (h= —0.739), indicating de-
creased specific cake resistances. Similar observation was observed by
Chellam and Wiesner [14]. They indicated that the specific resistance
of particle deposits on membranes decreased as the initial permeation
rate increased [14]. The increase in Qe can be observed with
positive values of recovery (i =6.29) and ionic strength (j =1.37). The
results corresponded to the highest specific cake resistance with
solutions having high ionic strength at recovery of 95%. Both empirical
equations with combined operating conditions and feed solution
chemistry can be successfully determined to interpret reverse osmosis
performance.

5. Conclusions

The performance of crossflow reverse osmosis process of NOM with
different solution chemistry was analyzed using resistance-in-series
model, the combined osmotic and cake filtration model, and the empirical
model. The empirical equations for steady-state flux (J*) and specific cake
resistances (0(axe) Were successfully developed with combined depen-
dent variables of operating pressure (AP), crossflow velocity (v), recovery
(R). Steady-state flux increased with increased operating pressure and
crossflow velocity, while the flux decreased with increased recovery
effects and ionic strength. The experimental results indicated a pressure-
dependent steady-state flux under laminar flow condition. Flux decline at
the initial stage of filtration was due to salt concentration polarization
affecting membrane permeability reduction. The specific cake resistance
was inversely related to increased operating pressure and crossflow
velocity (Qae = 7.943 x 1012AP~ 203y = 0739R6297137) "\yhjle the specific
cake resistance increased linearly with recovery effects and ionic strength.
Recovery with high ionic strength resulted in the significant flux decline,
thus increased specific cake resistance (i.e. lowering cake porosity) due to
combined salt concentration polarization and NOM cake compaction near
the membrane surface.

Nomenclature

atoj empirical constants

Am membrane area (m?)

salt concentration in the feed (mol L™ 1)

Cperm,s  Salt concentration in the permeate (mol L=
Cretennom  NOM concentration in the retentate (kg m—3)

Cfeed,s

Cretens  salt concentration in the retentate (mol L™ ')

dp particle diameter (m)

I ionic strength (M)

Jo clean water flux (Lm~2h~!, LMH)

Jv solution flux (Lm~2h~!, LMH)

J steady-state flux associated with back-transport resulting
from crossflow (LMH)

Meake cake mass (kg)

M, number-averaged NOM molecular weight (Da)

M,y weight-averaged NOM molecular weight (Da)
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AP transmembrane pressure (kPa)

Qfeed flow in the feed (mL min—1)

Qperm flow in the permeate (mL min~ ')

R recovery (—)

R cake resistance (m~')

Ry fouling resistance by concentration polarization and/or cake
formation (m~")

R recoverable resistant fouling caused by salt layer (m™')

R reversibly adsorbed NOM layer resistance (m™!)

Re hydraulic resistance of fouling layer (m~!)

Rfeed;s salt rejection in the feed (—)

R membrane hydraulic resistance (m~1)

Rms membrane resistance in the presence of salt (m~!)

Ruonrec  NON-recoverable resistance (m~ 1)

Rretens  rejection in the retentate for salt (—)
Rretennom  Tejection in the retentate for NOM (—)

Rrotal total hydraulic resistance (m~ 1)
t operating time (min)

v crossflow velocity (m s~ 1)

Vv permeate volume (L)

Greek letters

o correlation between osmotic pressure and salt concentra-
tion (kPa Lmol ™)

Qeake specific cake resistance (m kg~ !)

Bs salt concentration polarization (—)

Ecake cake porosity (—)

p density (kg m™3)

u dynamic viscosity (kgm™ s~ 1)

m osmotic pressure (kPa)

o osmotic reflection coefficient (—)
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This work aimed to study the decolorization of dye wastewater by ozonation membrane contacting
process. Three different dyes, i.e., Direct red 23, Acid blue 113 and Reactive red 120 were selected to be
used in this work. The effects of operating parameters which were gas and liquid velocity, liquid phase
temperature, dye auxiliary reagents were investigated along with the mass transfer study. Membranes
used in this work were PVDF and PTFE hollow fiber membranes. The ozone mass transfer performance

Keywords: and long term performance in ozonation by these two different types of membrane were studied. In
Decolorization " s T . el . .
Dyes addition, decolorization performance and kinetic study of ozonation in the batch system with various
Membrane contactor operating parameters and dye types were myestlgated. o . o . o

Ozonation From the results, the ozone mass transfer increased with increasing liquid velocity, liquid phase tem-

PTFE membrane
PVDF membrane

perature, and with the presence of Na,COs. On the contrary, the ozone flux was not influenced by gas
velocity. PVDF membrane provided higher ozone flux than PTFE, but PTFE membrane gave more stable
and higher flux than PVDF for a long operation period. The ozone flux of different types of dye was in
the following order: Direct red 23 > Reactive red 120 > Acid blue 113. Conversely, the decolorization per-
formance of Acid blue 113 was higher than those of Direct red 23 and Reactive red 120. Kinetic analysis
showed that decolorization of dyes followed the first order kinetics and the rate constants were in the

following order: Acid blue 113 >Reactive red 120> Direct red 23.

© 2010 Elsevier B.V. All rights reserved.

1. Introduction

Textile industry generates large amount of wastewater which
varies greatly in quantity and compositions. Treatment of textile
wastewater by chemical coagulation and biological methods can
usually reduce biological oxygen demand (BOD) and chemical oxy-
gen demand (COD) satisfactorily, except for the removal of dye
color. A direct solution to this problem is treatment by chemical
oxidation. Bouwers [1] reported the comparison between differ-
ent oxidants such as Cl,, H;0,, KMnO4 and Os. It was found that
ozone generally produced non-toxic breakdown products which
were finally converted to CO, and H,O if the conditions were dras-
ticenough. Excess ozone decomposes after a few minutes to oxygen
without harmful residue, as opposed other inorganic oxidants.

Ozone is a powerful oxidant for water and wastewater treat-
ment. Depending on the pH of the liquid phase, ozone may react
with a great number of organic compounds by direct oxidation
as molecular ozone or by indirect reaction through formation of
secondary oxidants like hydroxyl radical [2]. Conventional ozone

* Corresponding author. Tel.: +66 0 2470 9222; fax: +66 0 2428 3534.
E-mail address: ratana.jir@kmutt.ac.th (R. Jiraratananon).

1383-5866/$ - see front matter © 2010 Elsevier B.V. All rights reserved.
doi:10.1016/j.seppur.2010.02.006

contacting methods include bubble column, impellers, and others.
The conventional reactors to perform ozonation mentioned above
are easy to set up and operate as reported in the literature [3-5].
However, there are the problems that hinder the use of those tech-
niques such as, flooding, uploading, and foaming. Further study is
needed to enhance the mass transfer rate and to avoid those prob-
lems. Due to the low solubility of ozone in water a high contact area
would increase the ozone transfer from the gas to liquid phase. A
recent study of Chu et al. [6] on the application of microbubble
technology in ozonation process reported that a specific surface
area, mass transfer, and oxidation of ozone were enhanced. How-
ever, they concluded that the total energy cost should be further
analysed.

As far as the specific surface area for mass transfer is concerned,
the application of a bubbleless membrane contactor system for
ozonation is the potential approach, especially when the hollow
fibers are used. A gas-liquid membrane contactor is a membrane
process in which the hydrophobic porous membrane acts as a bar-
rier separating gas phase and liquid phase. The mass transfer in a
membrane contactor for absorption gas into the liquid phase con-
sists of a transport of the interested gas from the bulk of gas phase
to the interface between gas phase and a membrane, transport
of gas through the membrane pores, and the dissolution of a gas



S. Bamperng et al. / Separation and Purification Technology 72 (2010) 186-193 187

Nomenclature

a parameter in Eq. (3)

C concentration of dye at any reaction times, mol m—3

Co initial dye concentration, molm—3

D diffusion coefficient of ozone in the liquid phase,
m2s-!

Da continuum gas diffusion coefficient, m? s~!

Dy Knudsen diffusion coefficient, m? s—!

Dg eff effective diffusion coefficient of gas in the pores,
m2s-!

d; inside diameter of membrane, m

din logarithmic mean diameter of membrane, m

do outside diameter of membrane, m

E enhancement factor

H Henry’s constant

Ko overall mass transfer coefficient, ms~!

k pseudo-first-order rate constant, min~!

ki individual mass transfer coefficient of liquid phase,
ms~!

km individual mass transfer coefficient of membrane,
ms~!

kg individual mass transfer coefficient of gas phase,
ms~!

L effective length of the membrane module, m

Im thickness of the hollow fiber, m

R gas constant, 8.314 Pam3 mol~1 K-!

Re Reynolds number

p membrane pore size, m

Sc Schmidt number

Sh Sherwood number

T temperature, K

t time, min

1% velocity, ms~!

Greek letters

o parameter in Eq. (3)

B parameter in Eq. (3)
€m membrane porosity
OAB characteristic length, A
Tm membrane tortuosity
2p collision integral

component into a liquid (with or without the reaction). The mass
transfer in the hollow fiber membrane contacting process is shown
in Fig. 1. Membrane contactors have been widely studied for the
process such as liquid-liquid extraction, gas-liquid absorption, for
example, the absorption of CO, [7,8].

Most studies on the application of membrane contactors for
ozonation involve liquid feeds which were solutions of NOM (nat-
ural organic matter) [9,10] and humic substance [11]. We recently
published our work [12] on ozonation membrane contacting sys-
tem for dye wastewater treatment using PVDF (polyvinylidene
fluoride) hollow fiber membrane (UMP-153, Pall Corperation). In
that study the ozone mass transfer, the effects of HRT (hydraulic
retention time) on color removal were investigated.

The polymer membranes which have been used as contactors
are usually made from PP (polypropylene), PVDF (polyvinyli-
dene fluoride), and PTFE (polytetrafluoroethylene). In general, the
hydrophobicity is in the order of PTFE > PVDF > PP [13]. For ozona-
tion by membrane contactors it is important that the membranes
are resistant to ozone which is a strong oxidant. Mori et al. [14]
reported that the ozone resistance was in the following order;
PTFE >PVDF>PE (Polyethylene). However, in previous research

[9-12] only PVDF membranes were selected for the study and
there has been no investigation on the comparison of the long-
term performance of PVDF and PTFE membranes for ozonation
of dye wastewater. Accordingly, the main objective of this work
was to study the performance of both PVDF and PTFE membranes
for decolorization of dye wastewater by ozonation. Three types of
azo dye, i.e., Reactive red 120, Direct red 23, and Acid blue 113
were selected for the study. The effects of auxiliary reagents (NaCl,
Na,SO4)were also investigated. In addition, this study also included
the reaction kinetics of these dyes with ozone.

2. Basic principle of mass transfer in gas-liquid membrane
contactor

The mass transfer mechanism in the gas-liquid membrane con-
tacting process can be described by using the resistance-in-series
model. Fig. 1 demonstrates the mass transport of gas in dry oper-
ating mode of membrane contactors, i.e., diffusion from the bulk
gas through the membrane pores and dissolution in the liquid
absorbent. The resistance-in-series model can be expressed as Eq.

(1).

11 do do
Hkmdy, = Hkgd;

Kol B ﬁq (])
where K, is the overall mass transfer coefficient based liquid phase
(m/s), E is the enhancement factor which is included to account
for the effect of the reaction. ki, km, kg are the individual mass
transfer coefficients of the liquid phase, membrane and gas phase,
respectively. d;, do, d), are the inner, outer and logarithmic mean
diameters of the fibers, respectively. H represents Henry’s constant.
For the dissolution of ozone in water at 295 K, the Henry’s constant
is 3.823 (mg/l)g/(mg/1), [12].

In the operation of a membrane contactor, either the gas phase
or liquid phase can be fed through the shell side or tube side of
the hollow fiber membrane module. In our work liquid was fed
through the tube while gas was fed into the shell side. The well-
known Graetz-Lévéque mass transfer correlation was widely used
to predict the tube side mass-transfer coefficient [7,15];

: dzv 1/3
Sh— "1[;1' - 1.62( e ) 2)

where Sh is Sherwood number, D is the diffusion coefficient, L is the
tube length and V is the fluid velocity.

Many correlations have been proposed to determine the shell
side mass transfer coefficient [15-17]. However, each of them is
applicable to a certain limited range of operation. In general, it can
be expressed in the following form:

Sh = aRe*Sc# (3)

where Re and Sc are Reynolds and Schmidt numbers, respectively.
The membrane mass transfer coefficient can be calculated indepen-
dently using the pore structure properties [18]:

Dg offém
ke = g eff

4
ol (4)
where ¢y, is the membrane porosity, I, is the membrane thickness,
and 1y, is tortuosity which can be calculated from the following
empirical correlation [19].

_(2-¢em)
=il

Tm (5)
Eq. (5) is recommended and has been successfully employed for
polymer membrane manufactured by phase inversion method. In
Eq. (4), Dgefr is the diffusion coefficient of gas in the membrane
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Fig. 1. Mass transfer regions and resistance-in-series in non-wetted membrane contactor.

pores governed by both the continuum and Knudsen diffusion coef-
ficients, and is expressed by [20]:
1 1 1

_ .1 6
Dg,eff Dp Dy ( )

where Dy is the continuum gas diffusion coefficient, while Dy is the
Knudsen diffusion coefficient which can be expressed as:

0.00266T3/2

= (7)
PM, 02,2
2r, [S8RT

D=3\ 7m, (8)

InEqs.(7)and (8), Tis the absolute temperature (K), P is the pressure
(bar), Mag =2[1/Mja + 1/Msg] ! Mj and Mg are molecular weights
of gas A and B, 0,3 is the characteristic length (A), £2p is the colli-
sion integral, rp is the membrane pore radius, R is the gas constant.
Therefore, each mass transfer coefficient in Eq. (1) can be evaluated
asoutlined above provided that the physical properties of the mem-
brane and those of ozone gas and dye solution are available. K, is
then obtained. Alternatively, K,; may be calculated from the exper-
imental data [8] which also requires the value of Henry’s constant
of the ozone-dye system.

3. Experimental

The hollow fiber polyvinylidenefluoride (PVDF) membrane sup-
plied by Memcor Australia (South Windsor, New South Wales,
Australia) and polytetrafluoroethylene (PTFE) membrane provided
by Markel Corporation (PA, USA) was used in the experiments.
The specifications of the membranes are listed in Table 1. The azo

Table 1
Specifications of the hollow fiber membrane module used.

Membranes Polyvinylidene Polytetrafluoroethylene
fluoride

Fiber o.d. (mm) 1.00 1.97

Fiber i.d. (mm) 0.65 1.60

Module i.d. (mm) 10 10

Membrane pore size (urn) 0.2 0.3

Membrane porosity 0.75 04

Number of fibers 70 25

Effective module length (mm) 320 320

Effective contact area (m?) 0.0377 0.0327

reactive dye C.I. Reactive Red 120 was kindly provided by DyStar
Textilfarben GmbH & Co. and Dystar Thai Ltd. Molecular formula
of RR 120 and its molecular weight are C44H54Cl;N14050SgHg and
1337.34 g/mol, respectively. The Acid blue 113 (C33H31N5Na;0gSa,
681 g/mol) and Direct red 23 (C35H25N7Nay01¢S2, 814 g/mol) were
supplied by Modern Dyestuff & Pigment. A reagent grade NaCl and
Na,CO3 used as additives in dye solution were bought from Merck
Ltd. Pure oxygen (99.8%) was used to produce ozone in all experi-
ments.

The mass transfer study and effect of dyeing auxiliary reagents
on color removal were carried out. The experimental setup is
schematically shown in Fig. 2. The ozone was produced with ozone
generator (Model: VGsa 010, Siamese twins Ltd., Thailand) by pure
oxygen. The ozone concentration in the gas phase was measured
by the ozone analyser, QuantOzon’2, Erwin sander Ltd. with 1.5%
measurement uncertainty. For all runs, the ozone concentration in
the feed stream was kept at 40 mg/l and it was fed to the top of
the membrane module which was oriented vertically (through the
shell side of the membrane module). The pure water or dye solution
was pumped by peristaltic pump (L/S® Easy-load® II, Masterflex)
from the feed tank to the bottom of the module, through the lumen
side of the hollow fibers. The flow of both liquid and gas stream was
once through. The outlet liquid was sampled for the analysis (after a
steady state was reached) and it was then collected for further dis-
posal. For studying of the dye removal efficiency and kinetic part,
the experimental equipments were setup the same as the above
part, besides, the dyeing solution volume was kept at 500 ml and

‘—&H—l

Ozone
analyzer

ozone
generator

Bubble

Rota meter
g2 mete flow meter

Ozone
analyzer

Feed tank

Fig. 2. Schematic diagrams of a gas-liquid membrane contactor unit.
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Table 2 1.00E-03 -
The mass transfer coefficient of liquid phase (k) for physical absorption. o
A A
Liquid velocity (m/s) Rep ki (m/s) 8.00E-04 - . « x x
0.46 354 3.42 x10°5 NE x
0.62 483 3.79 x 105 > - =
0.76 588 4.05x 1075 = SI00B0A =
0.89 687 426 x10-5 £ .
= - .
% 4.00E-04 - o
it was re-circulated through the membrane, then back to the feed 8
tank until the required ozonation time was reached. 2.00E-04 - A Direct red 23 X Reactive red 120
Ozone concentration in the water was measured by colorization B Acidblue 113 @ water
method by indigo reagent [21]. The ozone fluxes for pure water o
were determined by mass balance in the liquid phase, whereas 03 04 05 0.6 07 08 0.0 N
ozone fluxes for dye solution were calculated by the mass balance Liquid velocity (m/s)

in the gas phase. For all experiments, the synthetic dye wastewa-
ter was used. The colors of the dye solution were measured with U
3000 spectrophotometer, Hitachi at 535 nm wavelength.

Fig. 3. Effect of liquid velocity on ozone flux. (Membrane: PVDF, Dye concentration:
100 mg/l, Operating temperature: 28 °C, Gas phase velocity: 0.12 m/s).

4. Results and discussion
9.00E-04
. o A A A A
4.1. Effects of operating conditions on ozone mass transfer
performance NE 7.00E-04 1
. . . L = n ' = o
The effects of various operating parameters, i.e., liquid and B e
gas phase velocity, operating temperature, and dyeing auxiliary i R
reagent on the ozone mass transfer performance were investigated 5 o * e e
with the intention of gaining a better understanding in choosing & 3.00E-04 A Dircet red 23
the appropriate conditions for dyeing wastewater treatment. B Acidblue 113
® water
o ) 1.00E-04 . . . . i — ;
4.1.1. Liquid phase velocity and types of dye 008 01 012 014 016 018 02 022 024

Before the experiments on ozonation of dye solution were car-
ried out, the experiments on physical absorption (using pure water
and ozone) were performed in order to compare the results with
chemical absorption and to estimate k; (the liquid side mass trans-
fer coefficient). The result in Table 2 showed that the increase of
liquid velocity resulted in the increase of k;, according to Eq. (2). The
low values of k; in comparison with the membrane mass transfer
coefficients (see also Table 3) implied that the main mass transfer
resistance was in the liquid phase as reported in previous literature
in membrane gas absorption processes [8,12,13].

The effects of liquid phase velocity and types of dye on the ozone
mass transfer performance are presented in Fig. 3. Three different
dye solutions, i.e., Direct red 23, Acid blue 113 and Reactive red 120
as well as pure water were selected to be used as liquid phase. It
was found that the ozone flux was in the sequence of Direct red
23 >Reactive red 120> Acid blue 113 > water. In case of water used
as liquid phase (physical absorption), the ozone flux depends on its
solubility in water or there is no chemical reaction between water
and ozone gas, therefore, the ozone flux was lowest. The ozone flux
of Direct red 23 dye solution was higher than those of Reactive
red 120 and Acid blue 113. The pH of Direct red 23 dye solution
(pH=6.83) was higher than Reactive red 120 (pH=6.74) and Acid
blue 113 (pH=6.14).

At higher pH, the indirect reaction pathway involves radicals as
follows:

03 +0H™ — 0,7* + HO,* 9)
The first step is the decay of ozone, accelerated by initialtors, e.g.,
OH-, to form secondary oxidants such as hydroxyl radical (OH*).

Table 3

Gas velocity (m/s)

Fig. 4. Effect of gas velocity on ozone flux. (Membrane: PVDF, Dye concentration:
100 mg/l, Operating temperature: 28 °C, Liquid phase velocity: 0.46 m/s).

They react nonselectively and immediately (k=108-1010M-1s-1)
with solute. On the contrary, at low pH, there is direct oxi-
dation reaction rate constant, typically being in the range of
k=1.0-103M-1s1,

At higher pH, Direct red 23 (pH=6.83) and Reactive red
(pH=6.74), there is more OH~ which induces ozone decay to OH*
[23]resulting in higher concentration gradient between gas and liq-
uid phases. So, more ozone can be dissolved into the liquid phase
and thus increases the mass transfer flux of ozone. The difference
in rate constant of direct and indirect reaction cited above confirms
that, at higher pH, more ozone can be quickly consumed by indirect
reaction

It can also be found that the ozone mass transfer flux increased
with increasing liquid phase velocity for both physical and chem-
ical absorption since the mass transfer coefficient was increased
resulted in the mass transfer driving force. The similar trends of
the results regarding effect of liquid phase velocity on the gas flux
for both physical and chemical reaction systems were reported in
the literature [8].

4.1.2. Gas phase velocity

The effect of gas phase velocity on the ozone mass transfer per-
formance was studied. The experimental results are shown in Fig. 4.
The gas phase velocity was varied from 0.12-0.22 m/s and the ozone

Comparison of membrane mass transfer coefficients at 28 °C between PVDF and PTFE.

Membrane type &m T rp (pm) I;m (M) Dp (m?/s) Dy (m?/s) Dy e (M?/s) km (m/s)
PVDF 0.75 2.08 0.10 1.75x 104 2.08 x 10> 243 x 107> 1.12x 103 2.31x 102
PTFE 0.40 6.40 0.15 1.86x 104 2.08x 107> 3.64x 1073 1.32x10°° 0.44 x 1072
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Fig.5. Effectofliquid phase temperature on ozone flux.(Membrane: PVDF, Dye con-
centration: 100 mg/l, Liquid phase velocity: 0.46 m/s, Gas phase velocity: 0.12 m/s).

concentration was set as 40 mg/1. It can be found that for both water
and dye solution used as liquid phase the ozone flux was constant
with increasing gas phase velocity. This can be explained that the
mass transfer resistance was mainly controlled by the liquid phase
as previously discussed, therefore, the change of gas phase velocity
did not influence the ozone mass transfer performance [12].

4.1.3. Operating temperature

Fig. 5 depicts the effect of operating temperature on the ozone
mass transfer flux for water, Direct red 23 and Acid blue 113 used as
liquid phase. The experiments were carried out by varying the oper-
ating temperatures in the range of 28-50°C. The results showed
two different trends. For dye solution used as liquid phase, the
ozone flux increased with increasing operating temperature. This
is due to the increase of chemical reaction rate between ozone
and dye in which the chemical reaction rate constant of ozone is
temperature-dependent [23]. Conversely, in case of using water as
liquid phase, the ozone flux was decreased as the operating tem-
perature was increased owing to the decrease of gas solubility in
the water. The ozone solubility in the water can be estimated by
Henry’s constants for the temperature range of 273-333 K [24]:

Ho, 1230
g — "9 ) _512--220 (10)
(1<Pam3moll > T(K)

The ozonation of dyeing solution process will take an advantage
of higher ozone flux since the dye wastewater has normally high
temperature.

4.1.4. Dye auxiliary reagents

Normally, NaCl and Na;CO;3 are utilized as dye auxiliary
reagents. Fig. 6 shows the effect of dye additives on the ozone flux.
It can be found that the ozone flux increased when the Na,CO3; was
presented in dye solution. The pH of dye solution (Acid blue 113)
increased from 6.14 to 10.1 when Na,;CO3 was added. The decom-
position of ozone molecule to OH* radical at high pH enhanced the
oxidation ability resulted in increasing the mass transfer in the lig-
uid phase (ozone concentration difference between gas and liquid
phase increased). The similar trends of the results were reported
in the literature [12]. When NaCl was added into the dye solution,
the ozone fluxes were found to decrease due to the decrease of gas
solubility in the salts solution (salting out effect) [25].

4.2. Effects of types of membrane on ozone mass transfer
performance

In the gas-liquid membrane contacting process, the membrane
wetting which leads to the separation performance deterioration

1.00E-03 P
*
< 8.00E-04 - = -
£ o
B A
= A
] A 3¢ X
E 04 -
= 6.00E-04 % X
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Fig. 6. Effect of dye auxiliary reagents on ozone flux. (Membrane: PVDF, Operating
temperature: 28 °C, Gas phase velocity: 0.12 m/s).

has been considered as a challenging problem. The approach pro-
moting the membrane contactor to be industrially competitive
with the conventional processes is that the system performance
has to be maintained during the prolonged period of operation
(preventing the membrane wetting). Membrane wetting depends
on a number of parameters. One of crucial parameters is the
type of membrane used. In this work, the two different types of
membranes, i.e., PVDF and PTFE which have different degrees of
hydrophobicity [13] and characteristics were selected to be used as
membrane contactor in order to compare their ozone mass transfer
performance for dye decolorizaiton.

The effect of different membrane types on the ozone mass trans-
fer performance for both using water and dye solution as liquid
phases is presented in Fig. 7. It can be seen that, for both condi-
tions, the ozone mass transfer flux of PVDF membrane was higher
than that of PTFE membrane. This can be quantitatively explained
that the membrane porosity of PVDF membrane (0.75) was higher
than that of PTFE membrane (0.40). In addition, the result can be
confirmed by the values of membrane mass transfer coefficient (k)
in Table 3. The membrane mass transfer coefficient for ozone gas
of PVDF membrane (2.31 x 10~2 m/s) was higher than that of PTFE
(0.44 x 10-2 m/s) by approximately 5 times. The high values of k,,
compared to k; (Table 2) confirmed that the main mass transfer
resistance was in the liquid phase as mentioned earlier.

The comparison of ozone mass transfer flux in the long-term
test of PVDF and PTFE membranes by using Direct Red 23 solution
as the liquid phase was carried out. The experimental results are
shown in Fig. 8. The ozone flux was constant through 16 h of test-
ing when PTFE membrane was used. For using PVDF membrane
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Fig. 7. Comparison of ozone mass transfer performance between PTFE and PVDF
membranes used (Dye concentration: 100 mg/l, Operating temperature: 28 °C, Gas
phase velocity: 0.12 m/s).
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Fig. 8. Long term performance of PTFE and PVDF membranes with 100 mg/l Direct
Red dye solution (Operating temperature: 28°C, Re.: 483 Gas phase velocity:
0.12m/s).

as a membrane contactor, the ozone flux reduced approximately
30% of the initial flux during the testing period. The decrease in
the ozone flux for PVDF membrane was likely due to the increase
of the total mass transfer resistance. Since the operating condi-
tions were the same for both membranes, obviously, the membrane
contributed to the increase of overall mass transfer resistance as a
result of the membrane wetting and possibly due to the change of
membrane morphology because of the ozone oxidation. We exam-
ined the surface structure of PVDF membrane before and after
long-term operation. The SEM images showed obvious change of
membrane structure. Previous studies [13,14] indicated that PTFE
membrane was more hydrophobic than PVDF membrane and was
more resistant to ozone attack. Therefore, it can be concluded that
PTFE membrane was more suitable to be used as membrane con-
tactor for ozonation since it gives high and stable flux throughout
the long operation period.

4.3. Effects of operating conditions and dye auxiliary reagent on
dye removal efficiency

In this part, the experimental equipment was set up as in Fig. 2,
but the volume of dye solution in the feed tank was kept constant
at 500 ml and the outlet solution was re-circulated to the feed tank.

4.3.1. Effects of dye solution type and dye solution velocity

Fig. 9 illustrates the decolorization of Acid blue 113 and Direct
red 23 at the different liquid velocity flow rate against ozonation
time. The decolorization performance of Acid blue 113 was higher
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—— Acid blue 113 (V = 0.46 m/s)
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Fig. 9. Effect of liquid phase velocity and dye type on decolorization efficiency.
(Membrane: PVDF, Initial dye concentration: 300 mg/l, Gas phase velocity: 0.12 m/s).
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Fig. 10. Effect of operating temperature on the Acid blue 113 removal efficiency
(Membrane: PVDF, Initial dye concentration: 300 mg/l, Liquid phase velocity:
0.46 m/s, Gas phase velocity: 0.12 m/s).

than that of Direct red 23. After 60 min of ozonation time, the color
of Acid blue 113, and Direct red 23 decreased around 97% and 72%
of the initial dye concentration. The reason is that for Acid blue 113
solution in which the pH (6.14) was lower than that of Direct red
23 pH (6.83), therefore, most ozone was presented as molecules.
Ozone molecule is selective and attacks preferentially the unsat-
urated bonds of chromophores. For this reason, color removal by
action of the ozone is fast [22].

It is also found that the decolorization performance was
increased with increasing liquid velocity. The increase of liquid
velocity resulted in increase of mass transfer coefficient of the sys-
tem. The decolorization performances was increased from 97 to
99% and 73 to 84% for Acid blue 113 and Direct red 23, respectively,
when the liquid velocity was increased from 0.46 m/s to 0.89 m/s.

4.3.2. Effect of liquid phase temperature

The effect of liquid phase temperature on the decolorization
performance of the ozonation was carried out and is presented in
Fig. 10. When the temperature was increased from 28°C to 40°C,
the decolorization performance of Acid blue 113 at 60 min ozona-
tion time was increased from 97% to 99%. The results can also be
explained that the increase of temperature led to enhancing the
chemical reaction rate constant between ozone and dye molecule
(see also Section 4.1.3).

4.3.3. Effect of dye auxiliary reagent

NaCl and Na,CO;3 are widely utilized as the dye auxiliary
reagents. The effect of dye auxiliary reagent on decolorization
performance is shown in Fig. 11. At 60 min ozonation time, decol-
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Fig. 11. Effect of dyeing auxiliary reagents on the Acid blue 113 removal efficiency.
(Membrane: PVDF, Liquid phase velocity: 0.46 m/s, Gas phase velocity: 0.12 m/s,
Operating temperature: 28°C).
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Fig. 12. Kinetics of ozonation for dye decolorization of Direct red 23, Acid blue 113
and Reactive red 120. (Membrane: PVDF, Initial dye concentration: 300 mg/l, Lig-
uid phase velocity: 0.46 m/s, Gas phase velocity: 0.12 m/s, Operating temperature:
28°C).

orization of Acid blue 113 decreased from 97% to 87% when the
Na,CO3 was added into dye solution. This can be explained that
the pH of dye solution was increased when Na,CO3 was added into
dye solution (see Section 4.1.4) leading to decomposition of ozone
molecules to OH* radical. As previously mentioned, the ozone
molecule has more double bond selectivity than OH* radical. There-
fore, the decolorization performance of dye solution was reduced
when Na,;CO3; was presented in dye solution. The decolorization
performance of dye solution with presence of NaCl decreased from
97 to 93% due to the decrease of gas solubility in the salt solution
(see also Section 4.1.4).

4.4. Ozonation reaction kinetic for dye solution

The ozonation kinetic of dye solution plays an important role in
evaluating the efficiency and feasibility of decolorization process.
In the present study, the pseudo-first order behavior with respect
to the dye concentration was observed in all experimental runs. The
kinetics of dye ozonation were assessed by plotting In(C/Cp) values
versus reaction time as the following equation [4,26,27]:

In (c%) -kt (1)

where C and Cy are dye concentrations at any reaction time (t) dur-
ing ozonation and the initial dye concentration, respectively. The k
is pseudo-first-order rate constant (min=1).

The kinetic study experiments were carried out for three dif-
ferent types of dye solutions at 300 mg/l dye concentration. The
liquid temperature was kept at 28 °C. The ozone gas concentration
of 40 mg/l was applied.

Fig. 12 shows that the curves were well fitted to the pseudo-first-
order kinetics, and the square of the relative correlative coefficients
(R?) of the experimental results were higher than 0.97 for all dye
solutions. The slopes of the curves correspond to pseudo-first-order
rate constants and were 0.023 min—!,0.036 min—!, and 0.065 min~!
of Direct red 23, Reactive red 120, and Acid blue 113, respectively.
Therefore, the decolorization rate of Acid blue 113 was highest.
Since pH of Acid blue 113 dye solution was lowest, hence, most
ozone was presented as molecules. As previously mentioned, ozone
molecule is more selective in attacking the unsaturated bond of
chromophores. The similar result was reported in the literatures
[28,29].

5. Conclusions

The potential of gas-liquid membrane contactor for dye decol-
orization by ozone was investigated by means of experimental

study in combination with mass transfer analysis. It was found
that the ozone flux was in the order of Direct red 23 > Reactive red
120> Acid blue 113 >water. The ozone flux did not change with
gas phase velocity for both water and dye solution used as liquid
phase. As the liquid phase temperature was increased, the ozone
flux was also increased. Conversely, for water used as liquid phase,
the ozone flux decreased with liquid phase temperature. When the
Na,CO3; was added into dye solution as the auxiliary reagent, the
ozone flux was enhanced due to the increase of solution pH. The
PTFE membrane exhibited the better long-term performance than
PVDF membrane in ozonation process since ozone flux was kept
almost unchanged over 16 h of operation. The decolorizaton perfor-
mance of the process was increased with liquid phase velocity and
temperature. The decolorization performance was in the sequence
of Acid blue 113 >Reactive red 120 > Direct red 23. The values of
kinetic rate constants confirmed the decolorization performance
of ozone.
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Nanofiltration performance of lead solutions: effects
of solution pH and ionic strength
Wuthikorn Saikaew, Supatpong Mattaraj and Ratana Jiraratananon

ABSTRACT

Nanofiltration performance (i.e. rejection and flux decline) of lead solutions was investigated
using a dead-end test cell at room temperature. An aromatic polyamide NF-90 membrane was
chosen to determine the impacts of solution chemistry. The experimental results revealed that
solution flux decline was dependent on solution pH, ionic strength, and type of lead solutions.
Solution flux conducted with different types of lead solutions (i.e. PbCl, and Pb(NO3),) decreased
with increased solution pH. Solutions having high pH exhibited greater flux decline than those
having low solution pH, while lead ion rejections were relatively high. Increased ionic strengths
resulted in a greater flux decline, while lead ion rejections decreased with decreasing solution
pH and increasing ionic strengths. Such results were related to low solution pH, suggesting an
increase in fixed charge of proton (H*), decreasing electrical double layer thickness within
membrane, thus allowing increased lead concentration passing through the membrane surface.
Solution flux and rejection decreased further at higher ionic strengths, which caused a reduced
negatively charged membrane, and thus decreased rejections. It was also found that lead ion for
PbCl, solution exhibited higher rejections than that of Pb(NO3), solution.
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INTRODUCTION

Membrane technologies have been widely used in the field
of water treatment due to stringent water quality regulations
(Hong & Elimelech 1997). They are efficient technologies to
remove feed source water in terms of natural organic matter
(NOM) (Cho et al. 1999; Kilduff et al. 2004; Mattaraj et al.
2008), inorganic scalants (Lisdonk et al. 2000; Lin et al. 2006;
Jarusutthirak et al. 2007), salt solution (Anne et al. 200r;
Labbez et al. 2003; Childress & Elimelech 2007) and heavy
metals (Mehiguene et al. 1999; Molinari et al. 200r1; Ipek
2005; Ku et al. 2005; Turek et al. 2007). Nanofiltration (NF),
one of membrane technologies, is a relatively new mem-
brane process, which is considered to be intermediate
between ultrafiltration (UF) and reverse osmosis (RO) in
terms of operating conditions. NF membrane processes
operate at pressures between 50 and 150 psi much lower

doi: 10.2166/ws.2010.062

King Mongkut’s University of Technology Thonburi,
Bangkok 10140,
Thailand

than RO (200 to 1,000 psi), but higher than UF (10 to
70 psi). At the present time, NF is increasingly applied in the
field of water treatment. For example, ground waters
containing high color due to dissolved organic matter
(DOM), partially decomposed from plant materials, high
hardness from the composition of calcium (Ca**) and
magnesium (Mg? ™), and high iron (Fe*") and manganese
(Mn?") concentration. NF can provide high water quality
and large amount of water production in the short period of
operation. It can give water quality within drinking water
standards. However, membrane fouling caused by organic
and inorganic substances can be a major factor limiting
more widespread use of membrane technologies, reducing
long-term filtration performance (i.e. water production),
and increasing costs for membrane operation through
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higher labor, frequent chemical cleaning, and membrane
replacement.

Inorganic fouling (i.e. negative and positive ions) can be
a significant factor that enhances permeate flux decline
during filtration. This may cause an increased concentration
polarization that exceeds solubility limit, resulting precipi-
tative fouling of scale-forming species (i.e. Ca*™, Mg®™,
CO3%", SO77, and PO3"). This has been recently investi-
gated by Jarusutthirak et al. (2007). Molinari et al. (2001)
investigated the interactions between membranes (RO and
NF) and inorganic pollutants (i.e. SiO,, NO3, Mn?*, and
humic acid). They showed that increased flux decline was
caused by the interactions between the membranes and
other ions. Other factors, which can increase flux decline,
are solution pH, ionic strength, concentration, operating
conditions, and solution compositions. In addition, inor-
ganic fouling caused by the presence of metal ion in the
aquatic environment has also been a subject of importance
because of its toxicity for human health and environment,
while the applications of nanofiltration for removing metal
ions are recently limited in terms of solution chemistry
affecting NF performance during filtration period. However,
previous study mentioned the efficient use of membrane
separation processes for the control of lead and copper
corrosion (Taylor & Jacobs 1996), and the feasible recovery
of valuable metals (Ku et al. 2005). The metallic ions can
also produce stable complexes with organic compounds,
which can be more resistant to metal oxidation in natural
water. Lead (Pb?™), known to occur widely as a result of
lead plumbing materials and the action of corrosive water, is
one of interested inorganic materials used in this study due
to relatively low maximum contaminant levels in primary
standards (affecting directly to human health) for water
quality regulations (Cotruvo & Vogt 1990), while there is a
lack of nanofiltration performance of lead solution using
various solution pHs and ionic strengths. Therefore, the
objective of this paper was to investigate the effects of
solution chemistry on nanofiltration performance of differ-
ent types of lead solutions. The effects of solution chemistry
(i.e. solution pH and ionic strength) were determined to
evaluate nanofiltration performance of lead solutions. The
results of this study could be used to provide system
performance of membrane filtration throughout the long
operating period.

MATERIALS AND METHODS
Nanofiltration membrane characteristics

An aromatic polyamide thin-film composite NF-90 mem-
brane, produced by Dow-FilmTec., was chosen to determine
the effect of solution chemistry on nanofiltration perform-
ance of different types of lead solutions. The molecular weight
cut-off MWCO) of the NF-90 membrane was about 90 Da,
indicating a tight NF membrane (Tahaikt et al. 2007).
According to the manufacturer’s information, the maximum
operating pressure is 4,137.6 kPa, maximum feed flow rate is
3.6m>hr™ !, maximum operating temperature is 45°C and the
operating pH ranges from 1 to 12. Free chlorine tolerance is
less than 0.1 ppm. NF-90 is generally a tight NF membrane
with a very high surface roughness (Bellona & Drewes 2005).

In operation, membrane flat sheets were stored in 1%
sodium meta-bisulfite (Na,;S,0s5) and kept in refrigerator at
4°C to prevent microbial activity. The water flux character-
istics were determined for 30-min operation with clean
water for membrane compaction. The membrane per-
meability was determined from the clean water flux data
at different operating pressures.

Analytical method

Lead concentration was measured by using atomic absorp-
tion (AA) spectrometry (AAnalyst 200 Version 2, Perkin
Elmer Corp.). Measurements of solution pH, conductivity
and temperature were made using pH meter (Inolab pH
level 1, Weilheim, Germany), and conductivity meter
connected with temperature (Inolab cond. level 2, Weil-
heim, Germany), respectively. Ionic strengths of samples
were calculated using a correlation between conductivity
and ionic strength of NaCl standards, 1.S.[M] = 0.5%C;Z?
(C; is the ion concentration and Z; is the number of ions).

Flux decline experiments

The experiments were carried out with three liters of
solution containing lead solutions (PbCl, and Pb(NOs),)
at fixed concentration about 20 mgL ™!, while solution pH
from 4 to 6 and ionic strengths (0.01, 0.05M as NaCl) were
varied in this study. As shown in Figure 1, the experiments
were tested by using a 400-ml dead end membrane filtration
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Figure 1 | Schematic diagram of the experimental setup.

apparatus (Amicon 8400, USA) with magnetic stirrer
(LABINCO, LD-12), while the magnetic spin bar fitted
into the cell provided the agitation. While the dead end
filtration system may not be practical compared with the
crossflow one, it has been widely used in the laboratory
study in order to simulate the situation of severe flux decline
and fouling. The stirring speed was about 300 rpm.
A membrane sheet was fitted to the cell with the membrane
active area of 41.38cm? The operating pressure was
employed via high-pressure regulator of nitrogen cylinder.
The permeate volume was determined during filtration by
using the electrical balances (Mettler Toledo Monobloc
PB-3002-S, USA). After filtration was terminated, two steps
of cleaning, i.e. hydrodynamic cleaning followed by chemi-
cal cleaning, were performed. For hydrodynamic cleaning,
the membrane sheet was cleaned with deionized (DI) water,
then followed with chemical cleaning, acidic solution (using
citric acid) with pH of 4 for 30-min each. After each
cleaning, water fluxes at different operating pressures were
measured to determine water flux recovery. For the next run
of the experiment, new membrane sheet was used in order
to avoid non-recoverable resistance from the previous
filtration experiment. New membrane sheet was initially
used to characterize clean water flux for membrane
compaction, and subsequently used to determine water
flux after hydrodynamic and chemical cleaning.

Analysis of results

The parameters taken into account were:
The volumetric flux J, (Lm ?h~! or LMH) was
determined by measuring the volume of permeate collected

in a given time interval divided with membrane area by
the relation:

Jo = Lp(AP — 0Am) = % (1)

where L, is the membrane permeability (LMH kPa'); AP
is the transmembrane pressure (kPa); o is the osmotic
reflection coefficient (—); 7 is the osmotic pressure (kPa);
Q, and A represent flow rate of permeate (Lh™') and the
membrane area (m?), respectively.

The observed rejection was calculated by the following
relation:

%Rz(l —&)XIOO 2)
C;
where C, and C; are the solution concentrations in the
permeate (mgL '), and in the initial feed solution (mgL '),
respectively.

RESULTS AND DISCUSSION
Water flux characteristics

Before the experiments, the membrane permeability was
measured after membrane compaction by measuring water
flux as a function of operating pressure using DI water. The
effect of osmotic pressure in Equation (1) was neglected for
DI water. Clean water flux increased linearly with increased
operating pressure with the correlation coefficient of 0.999.
The slope represents the membrane permeability (L,) of
0.0714 LMHKkPa!. The measured membrane permeability
was considered as reference to evaluate cleaning procedure
and water flux recovery after system cleaning.

After filtration experiments, the membrane sheets were
cleaned with DI water and followed with citric acid in order
to investigate water flux recovery. As shown in Figure 2,
the clean water flux after system cleaning of PbCl, and
Pb(NOs), solutions at pH 6 was similar to clean water
flux after membrane compaction, while water flux
observed after hydrodynamic cleaning was lower when
compared with clean water flux after membrane compaction.
This suggested the inorganic lead resulted in an increase
in flow resistance during filtration experiments. Increased
flux caused by chemical cleaning was possibly due to
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Figure 2 | Clean water flux after system cleaning; (a) PbCl, and (b) Pb(NOg),.

protons from acid, which could efficiently dissolve inor-
ganic lead from the membrane surface, thus enhancing
flux recovery. This suggested that an increase in water
flux recovery was found for the membrane sheets cleaned
by deionized (clean) water and chemical cleaning agent.
The comparisons of clean water fluxes were similarly
found with two types of lead solutions. This indicated
that ionic lead (PbCl, and Pb(INOs), solutions) showed less
non-recoverable resistance after system cleaning, indicating
high water flux recovery.

Effects of solution pH on flux and rejection

The effect of solution pH on flux decline of PbCl,
and Pb(NOs3), solutions were carried out at pH 4, 5 and
6 with constant ionic strength 0.01M as NaCl at
413.6kPa operating pressure. Feed concentration was kept
at 20mgL~!. Figure 3 shows the effect of solution pH on
relative flux. It was evident that the extent of flux decline
increased with increasing solution pH for both PbCl, and
Pb(NOs), solutions. For higher pH, relative fluxes of

-

~
o

=
—
=3
(2

(b) 1.05

—_

e
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Operating pressure (kPa)

50

Pb(NOs), solution (J,/J,0 = 0.88 at pH 6) showed higher
flux decline than those of low solution pH (J,/J,0 = 0.90 at
pH 4). At low pH, it suggested an increased fixed charge
of H*, which decreased electrical double layer thickness
within membrane or both, thus decreased concentration at
the membrane surface. At high pH of 6, the membrane
surface and pores became more negatively charged, while
the anions from lead dissociation was presented in the feed
solution. As a result, the pore size of the membrane was
reduced because of the electrostatic repulsion between
neighboring negatively charged groups, thus adopting an
extended conformation (Schaep & Vandecasteele 200r;
Teixeira et al. 2005). In addition, the osmotic pressure
near the membrane surface increased due to high salt
rejection, resulting in a decrease of the net driving pressure,
thus affecting flux reduction. These mechanisms resulted in
a decrease of permeate flux and an increase in salt rejection
with increased solution pH.

Figure 4 shows the effect of solution pH on lead ion
rejection. It was observed that lead ion rejection was
relatively constant throughout filtration period. This indi-
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Figure 3 | Effect of solution pH on relative flux; (a) PbCl, and (b) Pb(NO3),.
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Figure 4 | Effect of solution pH on lead ion rejection; (a) PbCl, and (b) Pb(NOs),.

cated that high diffusive transport became more important
than convective transport for the tight NF membrane at
constant operating pressure (413.7 kPa). With increasing
pressure, convective transport becomes more important and
retention, therefore, increases (Mehiguene et al. 1999).
However, concentration polarization can also increase
with increasing pressure, which results in a decrease in
retention. The counteracting contributions of increased
convective transport and increased concentration polariz-
ation result in a constant retention value in the pressure
range of 5-15atm (Mehiguene et al. 1999). Lead ion
rejection was found to decrease with decreasing solution
pH. At higher solution pH, membrane surface became more
negatively charged, thus attracting more lead ions. Conse-
quently, for PbCl,, at solution pH of 5-6, higher ion
rejections were achieved (about 96-98%), while solution
with low pH exhibited lower rejections about 88-91%. For
Pb(NOs), solution, the ion rejection percentages of high

Operating time (min)

solution pH (5-6) and low solution pH of 4 were 91-94%
and 76-81%, respectively. At low pH, the lead ion
rejections of Pb(NOs), solution were lower than that of
PbCl, solution, possibly due to H* ion reducing negative
charge at the membrane, reducing double layer thickness at
the membrane, thus increased membrane pores. This
allowed negatively charged anion ion passing through the
membrane, thus increasing lead ion concentration in the
permeate in order to maintain electroneutrality condition.
This result showed higher lead ion concentration for
Pb(NO3), solution than that for PbCI, solution. Kilduff
et al. (2004) concluded that the effective membrane
permeability increased when a pH was increased, but
the flux decreased as a result of increased osmotic
pressure effects resulting from increased solute rejection.
Such behavior was in contrast to looser membranes having
low salt rejection, for which flux increased with pH as a
result of the increased membrane permeability.
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Figure 5 | Effect of ionic strength on relative flux; () PbCl, and (b) Pb(NO),.
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Figure 6 | Effect of ionic strength on lead ion rejection; (a) PbCl, and (b) Pb(NO3),.
Effects of ionic strength on flux and rejection

Figure 5 presents the effect of ionic strength on relative flux.
The filtration experiments were carried out at pH 6 with
different ionic strengths of 0.01 and 0.05M as NaCl. The
solution pH of 6 was selected in order to avoid lead
precipitation at high pH and high hydrogen ion concen-
tration at low pH, which could affect membrane perform-
ance. It was observed that the extent of solution flux decline
increased with increasing ionic strengths. This was possibly
due to reduced electrostatic repulsion at the membrane
surface, indicating high flux decline. Many studies indicated
that increases in ion concentration could reduce the
permeability of charged membranes (Eriksson 1988; Van
Reenan & Sanderson 1992; Yaroshchuk & Staude 1992;
Mattaraj et al. 2008), thus reducing permeate flux. The
results showed similar trend for both PbCl, and Pb(NOs),
solutions with increasing ionic strengths, thus suggesting an
increase in flux decline.

Operating time (min)

Figure 6 exhibits the effect of ionic strength on lead ion
rejection. It was found that at ionic strength 0.05 M lead ion
rejections were lower than those of at 0.01 M. Increased salt
concentration can provide positively charged Na™ ion at the
membrane surface, thus decreased electrostatic charge
repulsion. The phenomena can enhance a reduction in
double layer thickness on the membrane surface, thus
affecting a reduction in membrane permeability caused
by increased salt concentration on the membrane surface.
This can allow lead ion passage through the membrane,
suggesting a decrease in ion rejection.

Effect of co-ion on solution flux decline

The effect of the co-ion of lead solution on flux decline was
carried out with two types of Pb?>* (PbCl, and Pb(NOs),
solutions) at the concentration of 20mgL~!. The exper-
iments were performed at pH 4, 5 and 6 with constant ionic
strength of 0.01 M NaCl and 413.7 kPa operating pressure
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Figure 7 | Comparisons of co-ion on nanofiltration performance of lead solution; (a) relative flux and (b) rejection.
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during filtration. Figure 7 shows the comparisons of co-ion
on nanofiltration performance of lead solution. It was
observed that Pb(NOs), solution showed higher flux
decline than PbCl, solution, while PbCl, solution presented
higher rejections than Pb(INOs), solution. Since the NF
membrane is more negatively charged, the monovalent
anion of Cl™ ion is more excluded than NOj5 ion resulting
in greater rejection. The lead ion rejections for PbCl,
solution showed higher than those of Pb(INOs), solution. It
was possibly caused by higher charge repulsion of nega-
tively charged Cl™ ion, when compared with negatively
charged NOj3 ion, thus increased lead concentration for
PbCl, solution in order to satisfy an electroneutrality
condition. The lead ions were retained on the membrane
surface which resulted in high lead rejection.

In addition, Mehiguence et al. (1999) concluded that
the retention of metallic cations was enhanced when the
charge valency of associated co-ion increased. These obser-
vations were explained by Donnan exclusion phenomena
(Donnan 1995), and were described by thermodynamic
equilibrium. Consequently, as the membrane is negatively
charged, co-ions are excluded and cations were also
rejected in order to ensure electroneutrality at both side of
the membrane. This was an important feature in nanofil-
tration (Mehiguene et al. 1999). Moreover, the difference
effects in hydration energy of co-ions (Cl~ and NO3) could
be also explained for this experiment. Chloride ion has
larger hydration energy than nitrate ion, thus resulting in
greater rejection (Mehiguene et al. 1999). Similar results
were observed by Choi et al. (2001). The rejection ratio
between chloride and nitrate ion was determined about
1.08 for RO membrane (Amiri & Samiei 2007), while the
rejection ratio was about 1.14 for NF-90 membrane
(Tahaikt et al. 2007) and 1.45 for the loose NF Nanomax
50 (MWCO about 300) (Frares et al. 2005).

CONCLUSIONS

Lead ion rejection and flux decline from aqueous solution
by nanofiltration membrane were strongly influenced by
solution pH and ionic strengths. Flux decline of filtration
experiments conducted for both PbCl, and Pb(NOs),
solutions increased with increased solution pH. Solutions

having high solution pH showed greater flux decline than
those having low solution pH, while lead rejections
exhibited higher rejection. Increased ionic strengths
resulted in a greater increase in flux decline. Lead ion
rejection was found to be decreased with decreasing
solution pH and increasing ionic strengths. The experimen-
tal results of the study can be applied to improve system
performance by adjusting system feed solution (i.e. avoiding
low solution pH and high ionic strength) in order to control
high rejection efficiency and high water production

throughout the long operating period.
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This research studied the coating of hydrophobic membrane PVDF with chitosan, a highly hydrophilic
polymer, for protection against wetting by oils from fruit juice and for reduction of flavor losses in osmotic
distillation process (OD). FTIR and SEM results indicated that chitosan was well coated on PVDF membrane
surface. The protection against wetting of the membranes was tested by OD of oil solution (limonene 2%,
v/v) for 5 h. The results indicated that the coated membrane was able to protect the membrane against

’éﬁ%’:"ordg" wetting-out and could maintain stable flux. An uncoated membrane was obviously wetted which was
Flalvg:igss supported by the existence of CaCl, in the retentate solution and the decrease of the permeate flux.

Coating of membrane with chitosan resulted in membrane with higher water flux. For the membrane
coated with chitosan crosslinked by formaldehyde, water flux decreased with increasing formaldehyde
concentration. In OD of flavors (ethyl acetate and ethyl hexanoate)-limonene-water mixtures, when
limonene concentration was increased, water flux decreased significantly while flavor fluxes and flavor
losses increased. Coated membranes not only gave higher water flux but they also gave lower flavor flux.
The results suggested that the coated membrane was appropriate for feed containing high limonene oil.

Membrane coating
Osmotic distillation
Wetting

© 2010 Elsevier B.V. All rights reserved.

1. Introduction

At present, there are several methods to concentrate fruit
juices such as evaporation concentration, freeze concentration and
reverse osmosis. However, these methods suffer disadvantages
such as, loss of flavor compounds of the final product due to rel-
atively high temperature, high investment cost, and the limit of
final concentration that can be obtained. An alternative process
which operates at room temperature and atmospheric pressure has
been studied and it is called osmotic distillation (OD). OD process
is a membrane contactor in which hydrophobic porous membrane
separates two aqueous streams, the feed and stripping streams,
having the vapor difference as a driving force. Only water vapor
is allowed to transfer through the membrane pores provided that
wetting does not exist. Wetting can be protected, in general, if the
pressure difference across the feed and stripping streams is lower
than the wetting pressure.

OD has received increasing interest in concentration of fruit
juices because of no or less degradation of heat-sensitive compo-
nents such as flavors, and higher final concentration that can be
obtained (up to 75%TS) [1,2]. However, OD still has some important
disadvantages in concentration of fruit juices that are low flux and

* Corresponding author. Tel.: +66 24709221; fax: +66 24283534,
E-mail address: ratana.jir@kmutt.ac.th (R. Jiraratananon).

1383-5866/$ - see front matter © 2010 Elsevier B.V. All rights reserved.
doi:10.1016/j.seppur.2010.02.014

the possibility of membrane wetting by oil in fruit juices especially,
for oily feeds. These lead to the decrease of flux and the loss of sepa-
ration property of membrane [2-6], and loss of flavors [7] occurred
by through membrane pores, even though OD can be operated at
room temperature.

Membrane wetting can occur by the adsorption and accumula-
tion of amphiphilic proteins, lipids or fat on the membrane surface
[3]. The affinity between these molecules and membrane reduce
surface tension of liquid at the membrane surface which in turn,
reduce wetting pressure. If wetting pressure is lower than operating
pressure gradient, liquid can enter the membrane pores. Membrane
wetting increases mass transfer resistance of membrane because
the diffusivity in the liquid phase is lower than vapor phase. If mem-
brane is completely wetted-out, water molecules would not diffuse
in vapor form any longer and both feed and stripping solutions will
mix, resulting in zero flux.

Typically, limonene oil is the major oil found in fruit juice.
Fruit juices contain oil in various concentration levels, depend-
ing on the variety and methods of juice extraction [3]. Due to high
hydrophobicity of imonene oil, it has high affinity with hydropho-
bic membrane and can cause membrane wetting, even in low
concentration [2]. To protect the membrane against wetting by oil
(limonene) in osmotic distillation, the hydrophobic membrane was
coated with hydrophilic polymers such polyvinyl alcohol (PVA) [2],
alginate [3], alginic acid-silica [4], and alginate-carrageenan [5,6].
Mansouri and Fane [2] coated PVDF membrane surface with PVA by



218 A. Chanachai et al. / Separation and Purification Technology 72 (2010) 217-224

dip-coating method. The crosslinking agents, glutaraldehyde and
maleic acid, were used for crosslinking of PVA. The results indi-
cated that the coated membranes well protected the membranes
against wetting from oil. Coated membranes used to concentrate
the solution of 1wt% oil for 1h were not wetted out during flux
measurement and no visual damage nor coating detachment was
observed. In contrast, membranes without the PVA coating were
wetted out very rapidly by the 0.2 wt% oil as a feed.

PTFE membrane surface was coated with alginate and alginic
acid-silica hydrogel in osmotic distillation [3,4]. Coating solution
was precipitated onto the membrane surface. The coating layer
decreased the overall OD mass transfer coefficient by less than
5% [3] and by 10% [4]. OD flux measurements using coated mem-
branes with 0.2, 0.4 and 0.8 wt.% limonene oil-water mixtures over
a period of 300 min indicated that coating was successful in pro-
tecting the membrane against wetting. An uncoated membrane
was immediately wetted by a 0.2 wt% oil OD feed. In a separate
trial, a coated membrane retained its integrity after contacting with
1.2 wt% oil for 72 h.

In OD of fruit juices, though the flavor losses were lower than
other conventional processes, however, the losses may be as high
as 70% depending on flavor types. Ali et al. [7] studied the flavor
loss of PP membrane in osmotic distillation of sucrose solution.
The studied flavors were hexyl acetate, ethyl butyrate, benzalde-
hyde, and hexanol. The results indicated that the loss of flavor in
osmotic distillation of hexyl acetate, ethyl butyrate, benzaldehyde
and hexanol were in interval of 37-77, 43-77, 36-52, and 25-38%
respectively. Compared with vacuum evaporation process, the loss
of these flavors were higher than 99%. OD, therefore, induced lower
flavor losses. Moreover, the loss of these flavors decreased with
decreasing velocity and temperature of sucrose solution.

Barbe et al. [8] investigated the retention of volatile organic fla-
vor/flagrance components such as ethanol, 3-methylbutanal, ethyl
acetate (EA), alpha-pinene, beta-myrcene, ethyl hexanoate (EH),
and limonene in concentration of liquid foods by osmotic dis-
tillation. It was found that the ratio of flavor flux to water flux
(Jv/Jw) of real grape juice and orange juice was much higher than
that of the model solutions. For example, for ethyl acetate (using
polypropylene membrane, Celgard 2500), J,/Jw of model solu-
tion, grape juice and orange juice were 1 x 104, 25 x 1074, and
50 x 104, respectively. Thus, ethyl acetate losses of grape juice and
orange juice were 25-50 times of model solution. However, the
reason for high flavor loss of real juice was not clear yet. Though,
limonene was added into the model solution, however, in very
low concentration (1 ppm) which was lower than concentrations
of limonene oil in orange juice 22-400 ppm [9,10]. The concen-
trations of limonene in the juices tested in that research was not
reported.

Due to high hydrophobicity of oil molecules, the accumulation
of oil molecules on the membrane surface may impede the trans-
port of water molecules to the membrane surface but enhance
the transport of flavors to membrane surface, leading to higher
flavor loss. Many researches studied the coating of hydrophobic
membrane reported a successful protection of membrane against
wetting in OD [2-6]. However, there has been no report on the
capability of the coated layer on the reduction of flavor loss. It was
expected that hydrophilic polymers coated on the membrane sur-
face may help reduce flavor loss because flavor components have
lower hydrophilicity and larger molecule sizes than water which
may reduce their diffusion through hydrophilic coated layer. There-
fore, this research purposed to study the protection of membrane
against wetting by coating of membrane surface with hydrophilic
polymer. The membrane selected for the study was the hydropho-
bic PVDF hollow fiber membrane. The hydrophilic polymer selected
was chitosan (CS). It was successfully used to modify PVDF mem-
brane in our previous study [11]. This research also included the

Brine solution Feed solution

Fig. 1. Experimental setup of OD. (1) Hollow fiber module, (2) thermometer, (3)
peristaltic pump, (4) flow meter, (5) pipette and (6) water bath.

effect of limonene oil on water and flavor fluxes, and the study of
flavor loss.

2. Experimental
2.1. Materials

Chitosan (CS) was procured from NNC production Co. Ltd., Thai-
land (molecular weight 50,000 Da and 85% deacetylation). Acetic
acid was purchased from LAB-SCAN. Calcium chloride dihydrate
was purchased from VolChem. Limonene and formaldehyde (FM)
were supplied by Sigma-Aldrich. Sodium hydroxide was obtained
from CARLO ERBA. The aroma used in this work were ethyl acetate
(EA) and ethyl hexanoate (EH). They represent the major aroma
present in orange juices. The properties of flavor used are summa-
rized in Table 1 [12-15]. Ethyl acetate was purchased from BDH
chemical Co. Ethyl hexanoate and ethanol was purchased from
Merck. All reagents used were analytical grade.

2.2. Analysis of flavors

The concentrations of ethyl acetate and ethyl hexanoate were
analyzed by gas chromatograph (GC-14B) in which J&W DB-Wax
Column was used. Injector and detector (FID) temperatures were
230 and 250°C, respectively. After the sample was injected, the
oven temperature was held at 40 °C for 4 min then it was increased
to 65°C at arate of 15°C/min and was held at 65 °C for 8 min.

2.3. Membrane

Polyvinylidene fluoride (PVDF) hollow fiber membranes used in
this research was provided by Memcor (South Windsor, New South
Wales, Australia). The fibers had an inner diameter and an outer
diameter of 800 and 1300 p.m, respectively and the pore size was
0.2 wm as provided by the manufacturer. The fibers were potted in
the glass module with length and inner diameter of 250 and 8 mm
respectively. Each module contained 15 fibers with the effective
length of 225 mm. The membrane surface area was 0.01378 m? per
module.

2.4. OD experimental setup

Fig. 1 depicted the experimental setup. The feed solution was
pumped by peristaltic pump (Masterflex easy load Il model 7518-
00) from feed tank to shell side of membrane while the brine
solution (CaCly, 45 wt%) was supplied to tube side of membranes.
Circulation of both feed and brine was counter-current with vertical
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Table 1
Properties of flavors [12-15].

Compound MW Boiling point (°C) Psqr at 25°C (mmHg) y> in water at 25°C (SD) Relative volatility,* oy, Hydrophobic constant, log P
Ethyl acetate 81.1 71.1 87.32 70 (4) 259 0.73
Ethyl hexanoate 144.2 168 1.18 32,700 (920) 1638 2.80
Limonene 136.3 176 0.66 370,000 (37,000) 10,365 4.57

? Calculated from o)y, = yi’“PiS“‘/P,fvm [12]; y;© is activity coefficient of i for dilute aqueous solution and Pt is saturation vapor pressure.

direction. The volumetric flow rates of the feed and the brine were
controlled by flow meters at 455 and 452.4 ml/min, respectively
which corresponded to velocities of 0.25 and 1 m/s, respectively.
The water baths (YCW-010 series, KK) with the temperature control
were used to control the feed and brine temperatures. The temper-
ature of both water baths was set at 25°C. During OD operation,
the water flux was obtained by measuring the reduction of feed
volume in the pipette connected to the feed tank.

2.5. Coating of membrane with chitosan with and without
crosslinking

Chitosan was dissolved in 2 wt% acetic acid aqueous solutions
with various concentrations of 0.1,0.5, 1 and 2% (w/v). The solutions
were then stirred for 20 min. After chitosan completely dissolved,
the solution was filtered with vacuum filtration (filter paper no.
1). In case of crosslinking study, the chitosan concentration was
fixed at 2% (w/v) and the concentration of formaldehyde was var-
ied to be 0.2, 0.3, 0.4 and 0.8% (w/v) of chitosan solution. Then,
the chitosan-formaldehyde solution was stirred until the solution
became homogeneous.

Dip-coating method was used to coat outer surface of PVDF hol-
low fiber membrane in this work. Each hollow fiber was dipped
in the coating solution for 5 min, then it was hung to dry at room
temperature for 1 h. Later, the coated fibers were dried in the oven
at 45, 50, 55°C for 1h at each temperature and then at 60°C for
2h[16] to vaporize all solvent from the coated layer. After drying,
coated membranes were soaked in 4% (w/v) of sodium hydroxide in
50% (v/v) of ethanol solution for 1 h to neutralize chitosan film from
water dissoluble form into water indissoluble form. Afterwards, the
coated fibers were rinsed several times with deionised (DI) water
and were left to dry at room temperature. The dried fibers were
then potted into the glass fiber module.

2.6. Examination of membrane properties

2.6.1. Morphology of the coated layer on the membrane surface

The effect of chitosan concentration on morphology of chitosan
coated layer was examined by scanning electron microscopy (SEM,
LEO model 1455VP). The cross-section of membranes was prepared
by fracturing the membrane sample in liquid nitrogen. All samples
were dried in vacuum for 12 h at room temperature and were gold-
coated. The scanning was performed at an accelerating voltage of
10kV.

2.6.2. Examination of chemical structure of coated layer on
membrane surface

The presence of uncrosslinked and crosslinked chitosan lay-
ers on membrane surface were examined by Fourier Transform
Infrared (FTIR) Spectroscopy instrument. Thermo-Nicolet Magna
550 FTIR was used with 50° angle of incidence. Each spectrum was
collected by cumulating 32 scans at a resolution of 4cm~1,

2.6.3. Water flux measurement

The experimental setup depicted in Fig. 1 was used for determin-
ing water flux of uncoated and coated membranes. Feed tank was
filled with DI water. The volume of the feed can be seen from level

indicated on the pipette. Level of the feed was normally recorded
every 5min and the change in water feed volume was calculated
as water flux of membrane. The coated membranes were triplicat-
edly prepared for water flux measurement and the average values
of water flux were reported.

2.6.4. Examination of membrane wetting and membrane stability

The test of membrane wetting was carried out by OD of 2%
(v/v) limonene feed. The wetting of membrane was investigated
by checking the presence of CaCl, salt in the retentate after 5 h of
OD operation. The retentate solution was titrated with 0.0124 M
silver nitrate (AgNO3). Potassium chromate (K;CrO,4) solution was
used as indicator. If the membrane was wetted, the white precipi-
tate of AgCl was observed. If the membrane was not wetted, the red
precipitate of Ag,CrO4 can be observed. In case of white sediment
was observed, the titration was continued until red precipitate was
seen, then, the amount of CaCl; in retentate can be calculated.

In testing of the long-term performance against wetting of the
coated membranes, membranes coated with chitosan 2% (w/v)
without crosslinking and uncoated membranes were immersed in
4% (v/v) limonene solution for 48 h. Then the membranes were
washed with DI water and water flux was again measured.

2.6.5. Flavor loss study

The uncoated and coated membranes were used to test the fla-
vor loss in OD. The coated membranes used in this test were coated
with 2% (w/v) CS without and with crosslinking with formaldehyde
0.2% (w/v). Ethyl acetate and ethyl hexanoate were used to repre-
sent the flavors. The feed solution was the mixture of ethyl acetate,
ethyl hexanoate, limonene and water. The concentrations of ethyl
acetate and ethyl hexanoate were fixed at 500 mg/l. The limonene
concentrations were varied 0-500 mg/l in order to study the effect
of limonene oil on water and flavor fluxes and flavor losses. Sam-
ples were collected from retentate solution before and after OD
processing for 7 h to analyze concentration of flavors by gas chro-
matograph. Then, water and flavor fluxes and flavor losses were
calculated by Eqgs. (1)-(4).

2.7. Calculation

The total flux (J, kg/m? h) and flavor flux (Jy, kg/m?2 h) were cal-
culated by the following.

(Vo= Vep

I= 1000At (1)
VoCip — ViGig

— 90 it 2

M= 0% )

]w =J—Z]v (3)

where ], Jy, Jw are the total flux, flavor flux and water flux, respec-
tively (kg/m?h), Vp and V; the initial and final volumes of feed
solution (1), Gjg and Cjs the initial and final concentrations of fla-
vor in feed (mg/1), A the membrane area (m?2), t operating time (h),
and p is the water density (1 g/1).
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Fig. 2. SEM images of surface of PVDF membranes: (a) uncoated membrane; coated membrane with chitosan without crosslinking (b) 0.1% (w/v) CS, (¢) 0.5% (w/v) CS chitosan,
(d) 2.0% (w/v) CS, (e) 2.0% (w/v) CS after OD of limonene-water mixture and (f) coated membrane with chitosan 2.0% (w/v) crosslinked with 0.2% formaldehyde after OD of

limonene-water mixture.

%Flavor loss was calculated by the following equation:

VoCip — ViCig o
0Cio

%Flavor loss = 100 (4)

3. Results and discussion
3.1. Membrane morphology

The morphology of chitosan layer coated on the external surface
ofthe hollow fibers was examined by SEM and is shown in Fig. 2. The
pores of an uncoated membrane can be clearly seen and they were
not uniformly distributed on membrane surface (Fig. 2a). For the
membrane coated with chitosan 0.1% (w/v), chitosan layer covered
some area of membrane surface as seen in Fig. 2b. At 0.5% (w/v)
of chitosan concentration, chitosan layer covered all of membrane
pores (Fig. 2c). At higher concentration (2.0%, w/v chitosan), coating
was more uniform than that at low chitosan concentration (Fig. 2d).
The SEM images of external surfaces of the membranes coated with
chitosan at various concentrations indicated that chitosan was well
coated on membrane surface.

Fig. 2e and f shows the SEM images of membrane coated
with chitosan 2.0% (w/v) without and with crosslinking with 0.2%

formaldehyde, respectively, after OD of limonene-water mixture.
It can be seen that the chitosan coated layer was still stable and
covered the whole membrane surface. The damage or rupture of
the coated layer could not be observed, indicating the stability of
coated layer on the base membrane.

3.2. Chemical structure of coated layer on the membrane surface

The chemical structures of the uncoated and coated membranes
with and without crosslinking were characterized by FTIR and the
results are presented in Fig. 3. For the FTIR spectra of chitosan,
the bands at 1657 and 1592 cm~! were characteristics of >C=0
stretching of N-acetyl group and -N-H deformation of amino group,
respectively. Also the bands at 896 and 1152cm~! characterized
-N-H wagging and —-C-O-C stretching of ether linkage, respectively
[17]. The broad and strong band ranging from 3200 to 3600 cm™!
indicated the presence of —OH stretching of hydroxyl group and
-NH,; stretching of amino group in chitosan.

For the uncoated PVDF membrane, the peaks of -CF, and C=C
stretching were shown at 1180 and 1475 cm™!, respectively [18].
The absorption peaks at 795 and 854 cm~! were the typical char-
acteristic of PVDF.
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Fig. 3. FTIR sprectra of uncoated and coated membrane with chitosan with and
wtihout crosslinked with formaldehyde.

Comparing between uncoated and coated PVDF membrane, it
was found that the absorption peaks assigned to —CF, and C=C
stretching at 1180 and 1475 cm~! almost disappeared for coated
membrane. The absorption peaks at 795 and 854 cm~! which were
the typical characteristic of PVDF also disappeared. These indi-
cated that chitosan coated layer were coated and covered the
entire membrane surface. In addition, the absorption peaks char-
acteristic of chitosan, appeared on the adsorption peak of coated
membrane such as the broad and strong band of -OH and -NH,
ranging from 3200 to 3600 cm~'. The >C=0 stretching was shifted
from 1657 to 1652cm~!. The —-C-0O-C stretching of ether link-
age appeared at 1152cm~! and the -N-H deformation of amino
group was shifted from 1592 to 1576 cm~!. The results confirmed
that, there was chitosan coated on the PVDF membrane sur-
face.

For the membrane coated with crosslinking with formaldehyde,
the absorption peaks of ether group were stronger at 1051 cm™1,
suggesting the formation of a new chain ether linkage in chitosan
after crosslinked reaction [19]. The adsorption peak at 1152 cm™!,
characteristic of C-N stretching, became stronger by the presence of
secondary amine formed by crosslinking reaction between amino
group in chitosan and aldehyde group of formaldehyde.

3.3. Effect of membrane coating and crosslinking of chitosan on
water flux

The results of the average water flux within 1h for uncoated
membrane and coated membrane (without crosslinking) at var-
ious concentrations are shown in Fig. 4. It was found that no
CaCl, was found in feed solution after operation, for all mem-
branes. This indicated that the membranes were not wetted. It
can also be found from Fig. 4 that coating of PVDF membrane
with chitosan resulted in higher water flux. Coating of membrane
with hydrophilic polymer can increase the hydrophilicity of the
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Fig.4. Average water flux within 1 h of uncoated membrane and coated membranes
coated with various chitosan concentrations without crosslinking.

membrane surface or the repulsive force between hydrophobic
membrane and water molecules decrease [20]. Moreover, diffu-
sion of water molecules through hydrophilic chitosan layer was
enhanced, resulted in higher water flux. Higher chitosan concen-
tration resulted in higher hydrophilicity, water flux was, then,
increased. For the membrane coated with chitosan 0.1% (w/v), the
water flux was slightly higher than that of uncoated membrane
because at this chitosan concentration, chitosan layer did not cover
all membrane surface as shown in Fig. 2. At high chitosan con-
centration, 2% (w/v), water flux tended to decrease due to thicker
chitosan layer on membrane surface that increased the membrane
resistance to flow.

The average water flux within 1h for membrane coated with
chitosan crosslinked with formaldehyde is shown in Fig. 5. It
was found that membranes coated with chitosan crosslinked with
formaldehyde had lower water flux than an uncrosslinked one
and water flux of the membranes decreased with an increasing
of formaldehyde concentration. For coated membrane crosslinked
with formaldehyde 0.4% (w/v), water flux was rather closed to
that of uncoated membrane (see Fig. 4). Since crosslinking of chi-
tosan with formaldehyde occurred at hydrophilic groups (-OH)
of chitosan, therefore, chitosan became more hydrophobic. This
interfered the interaction between chitosan and water [21] and
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0.10

Water flux (kg/m? h)
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0.00 : : : :
0.0 0.1 0.2 0.3 0.4

FM concentration (%w/v)

Fig. 5. Average water flux within 1 h for coated membranes with chitosan 2% (w/v)
and crosslinked with various formaldehyde (FM) concentrations.
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Fig. 6. Flux versus time of membranes coated with various chitosan concentrations
without crosslinking for limonene solution feed.

reduced swelling property of chitosan, resulting in lower water
flux.

Previous work [3] reported that the coated layer of alginate
on PTFE membrane decreased the overall OD mass transfer coef-
ficient by less than 5%. In that work, the alginate coated layer was
crosslinked with 1-ethyl-3(3dimethylaminopropyl) carbodiimide.
However, it was found from this research that if the concentra-
tions of chitosan and crosslinking agent was not too high, in other
words, be at the optimum, the water flux of coated membrane can
be higher than that of uncoated membrane.

3.4. Effect of membrane coating on the protection of wetting and
membrane stability

The test of membrane wetting was conducted by using 2%
(v/v) limonene solution as feed. Water flux of an uncoated mem-
brane continuously dropped after 100 min of operation (Fig. 6) and
18.86 mg/l of CaCl, was found in retentate solution, after 5h of
operation. This implied significant wetting of an uncoated mem-
brane. In contrast, water fluxes of all coated membranes were quite
constantand no CaCl, was detected inretentate solution. Therefore,
the coated membranes can protect membrane wetting by limonene
oil. It can be explained that hydrophilic chitosan polymer allows
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Fig. 7. Water flux versus time of uncoated membrane and membrane coated with
uncrosslinked chitosan 2% (w/v) before and after immersion of membrane in 4%
(v/v) limonene solution for 48 h.
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Fig. 8. Effect of limonene concentration on water and flavor fluxes in OD of fla-
vor/limonene aqueous solutions with an uncoated membrane and uncrosslinked
coated membrane with CS 2% (w/v).

water diffusion, but, inhibits a transport of limonene oil. These
results agreed well with the report of Mansouri and Fane [2] and
Xu et al. [3] in which PVDF membrane was coated with PVA and
PTFE membrane was coated with alginate.

In the long-term test of wetting resistance of the coated mem-
brane, membranes coated with chitosan 2% (w/v) and uncoated
membranes were immersed in 4% (v/v) limonene solution for 48 h,
then, the membranes were washed with DI water and water flux
was again measured. The water flux results indicated that a coated
membrane retained its integrity of wetting protection, even though
water flux decreased from 0.200 to 0.165 kg/h m2 as shown in Fig. 7
and no CaCl, was found in retentate solution. A decrease of water
flux may be attributed to adsorption of some limonene oil on the
membrane surface which could not be washed out by water. While
the water flux of an uncoated membrane dropped to zero and the
membrane completely lost its hydrophobicity. 482 mg/l of CaCl,
was detected in the retentate solution within the first 15 min of
operation.

3.5. Flavor loss

3.5.1. Effect of limonene oil on water and flavor fluxes

In this study, the aqueous feed solutions were the mixtures of
ethyl acetate, ethyl hexanoate and limonene oil at various concen-
trations. The concentrations of each flavor were fixed at 500 mg/I.
The membrane used was an uncoated PVDF membrane. It can be
seen from Fig. 8 that an increase of limonene concentration in
feed solution resulted in a decrease of water flux but an increase
of flavor fluxes. The reason was the deposition and accumulation
limonene molecules on membrane surface due to hydrophobic
property of both limonene and membrane. Thus, water and fla-
vor molecules must diffuse from bulk solution through limonene
layer to membrane surface. The diffusivity of water decreased due
to the repulsion between polar water molecule and hydrophobic
limonene, resulted in a reduction of water flux. On the contrary, fla-
vor fluxes were enhanced because of the hydrophobicity of flavor
and limonene molecules.

It can be also seen that flux of ethyl hexanoate was higher than
ethyl acetate. The molecular size of ethyl hexanoate is larger than
ethyl acetate, however, its relative volatility and hydrophobicity
was much higher (Table 1). These are the reason for higher flux and
higher loss of ethyl hexanoate.
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Table 2

Comparison of water and flavor flux and percentage of flavor loss of both ethyl acetate and ethyl hexanoate in OD for 7 h.

Membrane Flux (g/m? h) %Flavor loss
Jw Jea Jen EA EH
Uncoated 131.70 + 0.12 1.86 + 0.10 5.98 + 0.02 29.72 + 1.65 95.09 + 0.12
Coated without crosslinking 171.97 £+ 0.11 1.62 + 0.11 5.76 + 0.005 26.06 + 1.88 91.57 &+ 0.05
Coated with crosslinking 163.66 + 0.13 1.36 + 0.09 5.72 + 0.03 21.84 + 0.53 91.05 + 0.32
004 membrane with and without crosslinking. As mentioned in Section
SR ‘f‘ """"""""" : 3.3 that crosslinked coated membrane had lower water flux than
90 4 = = that of an uncrosslinked one. Flavor fluxes of crosslinked coated
membrane were lower than those of uncoated and uncrosslinked
80 coated membranes due to a tighter structure of the crosslinked
layer, resulted in its lowest %flavor loss.
w 70 - ---¢& -- EA, uncoated
Lo" —&— EA, coated A
'g' 60 - ---A -+ EH, uncoated 4. Conclusion
o —&— EH, coated
. The membrane coated with chitosan provided better protec-
. 50 tion against membrane wetting and also increased water flux of
______________ § PVDF membrane. The crosslinking of chitosan with formaldehyde
40 - et reduced water flux due to the decrease in swelling property of chi-
tosan. The coated membrane had better resistance to flavor loss
3087 § § than an uncoated membrane. The coated membrane crosslinked
‘-’_____‘___ with formaldehyde slightly improved flavor retention compared
20 T T T T \ with the coated membrane without crosslinking. The results sug-
0 100 200 300 400 500 gested that the coated membrane was more appropriate for feed
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Fig. 9. Effect of limonene concentration on %flavor loss in OD of flavor/limonene
aqueous solutions with an uncoated membrane and uncrosslinked coated mem-
brane with CS 2% (w/v).

3.5.2. Effect of coated layer on water and flavor fluxes

Comparison of water and flavor fluxes in OD of flavor/limonene
aqueous solutions between uncoated and coated membrane are
shown in Fig. 8. The results showed that water flux of coated mem-
brane were higher than that of uncoated membrane as described in
Section 3.3.Itcan be also seen that coated membrane gave lower fla-
vor fluxes than those uncoated membrane. Since flavors were more
hydrophobic and had higher molecular size than water molecules,
therefore, it was more difficult for flavors to solubilize and diffuse
through hydrophilic chitosan layer, leading to lower flavor flux of
coated membrane.

Therelations between limonene concentration versus water and
flavor fluxes of coated membrane were similar to uncoated mem-
brane. However, a decrease in water flux with increasing limonene
concentration was lower in case of coated membrane which is
the advantage. On the contrary, the increase of flavor flux with
limonene concentration should be low. The results in Fig. 8 exhibit
that the increase of flavor flux was not significant for coated mem-
branes. It can be explained that the deposition of hydrophobic
limonene on hydrophilic chitosan coated layer was low due to their
opposite properties, resulted in a reduction of effect of limonene
concentration on water and flavor fluxes. Since flavor fluxes of
coated membrane were lower than those of uncoated membrane,
thus, the %flavor losses of coated membrane were also lower. In
addition, an increase of %flavor losses with limonene concentration
was small for coated membrane (Fig. 9). The results suggested that
the coated membrane was more appropriate for feed containing
high limonene oil.

3.5.3. Effect of crosslinking of coated layer on water and flavor
fluxes

Table 2 shows the OD results of ethyl acetate-ethyl
hexanoate-water mixture (no limonene) for uncoated and coated

containing high limonene oil. The results of these work presented
the promising alternative for concentration of fruit juice by OD
process.
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