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Abstract 

 

This report summarizes the output from the project entitled “Study on Multifunctional 

Reactors for Chemical and Petrochemical Industries” which was supported by the Thailand 

Research Fund and Office of the Higher Education Commission. The project was aimed to 

develop new basic knowledge related to multifunctional reactors for chemical and petrochemical 

industries, to disseminate the knowledge via international publications, to graduate mater and 

Ph.D. students, and to establish strong research collaboration both national and international 

levels.  

From this project, the overall outputs can be summarized as follows: 24 accepted 

international papers, 4 international papers under consideration, 3 reviews/book chapters, 4 Ph.D. 

and 20 MEng. The research team members have been academically promoted and received a 

number of important awards.  Strong research collaborations have been established among the 

research team members and the other group of senior researcher scholar. The success of this 

project is certainly beneficial to the growth of Thailand economy. 
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2. 6!��� 

2.1 �#������	
�<����
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�����,�'�   

2.1.1 6!���#$�?*"�
����'���
�<�"'$E��E��!"� (?�@���6!���0��#$���	
�#$�?*"�
�#&�����F  
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�������#&�
�
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1) S. Assabumrungrat, N. Ruangrassamee, S. Vivanpatarakij, N. Laosiripojana and A. 

Arpornwichanop, “Influence of stack arrangement on performance of multiple-stack solid 

oxide fuel cells with non-uniform potential operation”, J. Power Sources, vol. 187 (2009) 1-7 

(IF-2009 = 3.792). (7��6��� 1) 

2) W. Jamsak, P.L. Douglas, E. Croiset, R. Suwanwarangkul, N. Laosiripojana, S. 

Charojrochkul and S. Assabumrungrat, “Design of a Thermally Integrated Bioethanol-Fueled 

Solid Oxide Fuel Cell System Integrated with a Distillation Column”, J. Power Sources, vol. 

187 (2009) 190-203 (IF-2009 = 3.792). (7��6��� 2) 

3) S. Vivanpatarakij, N. Laosiripojana, W. Kiatkittipong, A. Arpornwichanop, A. Soottitantawat 

and S. Assabumrungrat, “Simulation of solid oxide fuel cell systems integrated with 

sequential CaO–CO2 capture unit”, Chem. Eng. J., vol. 147 (2009) 336-341 (IF-2009 = 

2.816). (7��6��� 3) 

4) P. Dokamaingam, S. Assabumrungrat, A. Soottitantawat, I. Sramala, N. Laosiripojana, 

“Modeling of SOFC with Indirect Internal Reforming Operation: Comparison of 
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Conventional Packed-Bed and Catalytic Coated-Wall Internal Reformer”, Int. J. Hydrogen 

Energy, vol. 34 (2009) 410-421 (IF-2009 = 3.945). (7��6��� 4) 

5) P. Piroonlerkgul, W. Kiatkittipong, A. Arpornwichanop, A. Soottitantawat, W. Wiyaratn, N. 

Laosiripojana, A.A. Adesina and S. Assabumrungrat, “Integration of solid oxide fuel cell and 

palladium membrane reactor: Technical and economic analysis”, Int. J. Hydrogen Energy, 34 

(2009) 3894-3907 (IF-2009 = 3.945). (7��6��� 5) 

6) Suttichai Assabumrungrat, Salinee Charoenseri, Navadol Laosiripojana, Worapon 

Kiatkittipong, and Piyasan Praserthdam, “Effect of oxygen addition on catalytic performance 

of carbon dioxide reforming of methane under periodic operation”, Int. J. Hydrogen Energy, 

34 (2009) 6211-6220 (IF-2009 = 3.945). (7��6��� 6) 

7) P. Dokmaingam, S. Assabumrungrat, A. Soottitantawat and N. Laosiripojana, “Effect of 

Operating Conditions and Gas Flow Patterns on the System 

Performances of IIR-SOFC Fueled by Methanol”, Int. J. Hydrogen Energy, 34 (2009) 615-

6424  (IF-2009 = 3.945). (7��6��� 7) 

8) P. Dokmaingam, S. Assabumrungrat, A. Soottitantawat and N. Laosiripojana, “Modeling of 

tubular-designed SOFC with Indirect Internal Reforming operation (IIR-SOFC) fed by 

different primary fuels”, Journal of Power Sources, 195 (2010) 69-78  (IF-2009 = 3.792). 

(7��6��� 8) 

9) P. Piroonlerkgul, W. Wiyaratn, A. Soottitantawat, W. Kiatkittipong, A. Arpornwichanop, N. 

Laosiripojana, and S. Assabumrungrat, “Operation viability and performance of SOFC 

fuelled by different feeds”, Chem. Eng. J., 155 (2009) 411-418  (IF-2009 = 2.816). 

(7��6��� 9) 

10) Nicha Tangchupong, Watcharapong Khaodee, Bunjerd Jongsomjit, Navadol Laosiripojana, 

Piyasan Praserthdam and Suttichai Assabumrungrat,  “Effect of calcination temperature on 

characteristics of sulfated zirconia and its application as a catalyst for isosynthesis”, Fuel 

Proc. Tech., 91 (2010) 121-126 (IF-2009 = 2.321). (7��6��� 10) 

11) P. Dokamaingam, S. Assabumrungrat, A. Soottitantawat and N. Laosiripojana, “Alternative 

concept for SOFC with direct internal reforming: Benefits from inserting catalyst rod”, 

AIChE J., 56 (2010) 1639-1650 (IF-2009 = 1.955). (7��6��� 11) 

12) Garun Tanarungsun, Hiroshi Yamada, Tomohiko Tagawa, Worapon Kiatkittipong, Piyasan 

Praserthdam and Suttichai Assabumrungrat, “Reaction-Extraction-Regeneration System for 
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Highly Selective Oxidation of Benzene to Phenol” Chemical Engineering Communications, 

197 (2010) 1140-1151 (IF-2009 = 0.586). (7��6��� 12) 

13) Watcharapong Khaodee, Nicha Tangchupong, Bunjerd Jongsomjit, Navadol Laosiripojana, 

Piyasan Praserthdam and Suttichai Assabumrungrat, “Isosynthesis via CO hydrogenation 

over SO4-ZrO2 catalysts”, J. Ind. Eng. Chem., 16 (2010) 411-418 (IF-2009 = 1.752). 

(7��6��� 13) 

14) Issara Choedkiatsakul, Kanokporn Sintawarayan, Tanya Prawpipat, Apinan Soottitantawat, 

Wisitsree Wiyaratn, Worapon Kiatkittipong, Amornchai Arpornwichanop, Navadol 

Laosiripojana, Sumittra Charojrochkul and Suttichai Assabumrungrat, “Performance 

assessment of SOFC systems integrated with bio-ethanol production and purification 

processes”, Engineering Journal, 13 (2010) 1-14 (IF-2009 = -). (7��6��� 14) 

15) P. Piroonlerkgul, W. Kiatkittipong, A. Arpornwichanop, W. Wiyaratn, A. Soottitantawat, N. 

Laosiripojana, A.A. Adesina and S. Assabumrungrat, “Technical and economic study of 

integrated system of solid oxide fuel cell, palladium membrane reactor, and CO2 sorption 

enhancement unit”, Chem. Eng. Process., 49 (2010) 1006-1016 (IF-2009 = 1.742).. 

(7��6��� 15) 

16) Thirasak Pairojpiriyakul, Worapon Kiatkittipong, Amornchai Arpornwichanop, Apinan 

Soottitantawat, Wisitsree Wiyaratn, Navadol Laosiripojana, Eric Coiset and Suttichai 

Assabumrungrat, “Effect of operation modes on hydrogen production from glycerol at energy 

self-sufficient conditions: Thermodynamic analysis”, International Journal of Hydrogen 

Energy, 35 (2010) 10257-10270 (IF-2009 = 3.945) (7��6��� 16) 

17) Yaneeporn Patcharavorachot, N.P. Brandon, Woranee Paengjuntuek, Suttichai 

Assabumrungrat, Amornchai Arpornwichanop, “Analysis of Planar Solid Oxide Fuel Cells 

based on Proton-Conducting Electrolyte”, Solid State Ionics, 181 (2010) 1568-1576 (IF-2009 

= 2.162) (7��6��� 17) 

18) Lida Simasatitkul, Pimpatthar Siricharnsakunchai, Yaneeporn Patcharavorachot, Suttichai 

Assabumrungrat and Amornchai Arpornwichanop, “Reactive Distillation for Biodiesel 

Production from Soybean Oil” Korean Journal of Chemical Engineering, 28 (2011) 649-655 

(IF-2009 = 0.893) (7��6��� 18)  

19) P. Dokmaingam, J.T.S. Irvine, S. Assabumrungrat, S. Charojrochkul, N. Laosiripojana, 

“Modeling of IT-SOFC with indirect internal reforming operation fueled by methane: Effect 
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of oxygen adding as autothermal reforming”, International Journal of Hydrogen Energy, 35 

(2010) 13271-13279 (IF-2009 = 3.945). (7��6��� 19) 

20) Garun Tanarungsun, Hiroshi Yamada, Tomohiko Tagawa, Worapon Kiatkittipong, Piyasan 

Praserthdam and Suttichai Assabumrungrat, “Partial Oxidation of Benzene Catalyzed by 

Vanadium Chloride in Novel Reaction-Extraction-Regeneration System” Chem. Eng. Proc., 

50 (2011) 53–58 (IF-2009 = 1.742). (7��6��� 20) 

21) Shivanahalli K Rajesh, Navadol Laosiripojana, Suttichai Assabumrungrat, “Thermodynamic 

analysis for gasification of Thailand rice husk with air, steam, and mixed air/steam for 

hydrogen-rich gas production”, International Journal of Chemical Reactor Engineering, 8 

(2010) 1-27 (IF-2009 = 0.733). (7��6��� 21) 

22) Issara Choedkiatsakul, Worapon Kiatkittipong, Wisitsree Wiyaratn, Apinan Soottitantawat, 

Amornchai Arpornwichanop, Navadol Laosiripojana, Sumittra Charojrochkul and Suttichai 

Assabumrungrat, “Performance improvement of bioethanol fuelled solid oxide fuel cell 

system by using pervaporation”, International Journal of Hydrogen Energy, 36 (2011) 5067-

5075 (IF-2009 = 3.945). (7��6��� 22) 

23) S. Authayanun, A. Arpornwichanop, Y. Patcharavorachot, W. Wiyaratn, and  S. 

Assabumrungrat, “Hydrogen Production from Glycerol Steam Reforming for Low and High-

Temperature PEMFCs”, International Journal of Hydrogen Energy, 36 (2011) 267-275. (IF-

2009 = 3.945). (7��6��� 23) 

24) Thirasak Pairojpiriyakul, Worapon Kiatkittipong, Amornchai Arpornwichanop, Apinan 

Soottitantawat, Wisitsree Wiyaratn, Navadol Laosiripojana, Eric Coiset and Suttichai 

Assabumrungrat, “Thermodynamic analysis of hydrogen production from glycerol at energy 

self-sufficiency conditions”, Can. J. Chem. Eng., accepted April 14, 2011 (IF-2009 = 0.63). 

(7��6��� 24) 

 

 

2.1.2 	%����6!���#$����@<�0
=�'�������"?0   6���5� 3 ����� 

1) A. Arpornwichanop, W. Pothong, S. Assabumrungrat, and M. Tade, “Parametric Analysis of 

PEM Fuel Cells using Two-phase Flow Model”, Chem. Eng. J., under revision (IF-2009 = 

2.816).  
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2) L. Simasatitkul, P. Siricharnsakunchai, S. Assabumrungrat, and A. Arpornwichanop, 

“Reactive Distillation System for Biodiesel Production from Waste Cooking Oil”, Applied 

Energy, under revision (IF-2009 = 2.209). 

3) Rajesh K Shivanahalli, Navadol Laosiripojana, Suttichai Assabumrungrat, “Cogeneration 

system configuration analysis of biomass gasification fueled SOFC for Thailand rice husk 

residues” International Journal of Energy Research, under revision (IF-2009 = 1.928).  

 

2.1.3 6!���#$����@�(��@�����E�	����    6���5� 1 ����� 

1) Rajesh K Shivanahalli, Navadol Laosiripojana, Suttichai Assabumrungrat, “System 

Efficiency Analysis of SOFC Coupling with Air, Mixed Air-Steam and Steam Gasification 

Fueled by Thailand Rice Husk” submitted to Energy conversion and management, December 

2010 (IF-2009 = 1.944). 

 

2.2 Book/reviews 

1) Chapter “Fuels - Autothermal reforming” in Encyclopedia of Electrochemical Power Sources 

(S. Assabumrungrat and N. Laosiripojana) ����	�=�(=" Elsevier =�(="6��$�1�� 18 =��6����� 

2552 

2) N. Laosiripojana, W. Wiyaratn, W. Kiatkittipong, A. Arpornwichanop, A. Soottitantawat, and 

S. Assabumrungrat, “Reviews on Solid Oxide Fuel Cell Technology”, Engineering Journal, 

(2009), 13 (1), 73-90.   

3) �K��	�&" �
&N�N��N5	? “����	���L������#�)��?�'�&
�-(1�)���������������#$%�#��=1����”  

5�����5��5���(���'�": 2552, 1 (3), 43-62 

 

2.3 �����(,&�#����,�����(*
�����,�'� 

1) P. Piroonlerkgul, W. Kiatkittipong, A. Arpornwichanop, A. Soottitantawat, W. Wiyratn, N. 

Laosiripojana, A.A. Adesina and S. Assabumrungrat, “Integration of solid oxide fuel cell and 

palladium membrane reactor: Technical and economic analysis”, Hydrogen + Fuel Cell 2009, 

May 31 – June 3, 2009, Vancouver, Canada (oral presentation) 

2) P. Sonthisanga, P. Praserthdam, S. Assabumrungrat, N. Laosiripojana and W. Kiatkittipong 

“Hydrogen production by sorption-enhanced operation of combined carbon dioxide 

reforming and partial oxidation of biogas” The 2nd Thammasat University International 

                                             8



Conference on Chemical, Environmental and Energy Engineering, Swissotel Le Concorde 

Bangkok Hotel, Bangkok, 3-4 Mar, 2009 (oral presentation) 

3) S. Vivanpatarakij, A. Arpornwichanop, A. Soottitantawat, S. Assabumrungrat, N. 

Laosiripojana and W. Kiatkittipong “Improvement of solid oxide fuel cell system 

performance by using CaO-CO2 capture unit” The 2nd Thammasat University International 

Conference on Chemical, Environmental and Energy Engineering, Swissotel Le Concorde 

Bangkok Hotel, Bangkok, 3-4 Mar, 2009 (oral presentation) 

4) Jirachotdaecho, G., Authayanun, S., Paengjuntuek, W., Assabumrungrat, S. and 

Arpornwichanop, A. “Analysis of Glycerol Autothermal Reforming for Hydrogen 

Production” The 3rd International Conference on Sustainable Energy and Environment (SEE 

2009)- World Renewable Energy Congress 2009-Asia, May 18-23, 2009, Bangkok, Thailand.  

5) Anchan Paethanom, Worapon Kiatkittipong, Amornchai Arpornwichanop, Piyasan 

Praserthdam and Suttichai Assabumrungrat, “Kinetic Behavior of Catalytic Esterification of 

Acetic Acid and Amyl Alcohol catalyzed by Zeolite-H�”, Catalysis and Fine Chemicals 

2009, Korea University, Korea, December 13-17, 2009. (oral presentation) 

6) Worapon Kiatkittipong, Pichchapa Khongjarern, Suttichai Assabumrungrat, “Reduction of 

benzene in reformate by olefin alkylation”, Pure and Applied Chemistry Conference 

(PACCON) 2010, Jan 21-23, 2010, Ubonratchathani, Thailand (oral presentation) 

7) S. Boonkrue, W. Kiatkittipong, A. Arpornwichanop, N. Laosiripojana, Apinan 

Soottitantawat, Wisitsree Wiyaratn, S. Assabumrungrat, “Design of hydrogen production 

system for application in polymer electrolyte membrane fuel cell vehicle”, Pure and Applied 

Chemistry Conference (PACCON) 2010, Jan 21-23, 2010, Ubonratchathani, Thailand (poster 

presentation) 

8) Anchan Paethanom, Worapon Kiatkittipong, Piyasan Praserthdam and Suttichai 

Assabumrungrat, “Production of amyl acetate from amyl alcohol and acetic acid in reactive 

distillation: comparison between amberlyst-15 and dowex50wx8-100 catalysts”, Pure and 

Applied Chemistry Conference (PACCON) 2010, Jan 21-23, 2010, Ubonratchathani, 

Thailand (oral presentation). 

9) W. Kiatkittipong, P. Khongjarern and S. Assabumrungrat “Reduction of Benzene in 

Reformate by Olefin Alkylation” International Conference on Chemical & Biomolecular 

Engineering, National University of Singapore, Singapore, 28-29 Jan, 2010 (oral 

presentation) 
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10) P. Intaracharoen, P. Ratanakarn, W. Kiatkittipong, C. Chaisuk, N. Laosiripojana and S. 

Assabumrungrat “Production of Ether from glycerol: Kinetic Study” International 

Conference on Chemical & Biomolecular Engineering, National University of Singapore, 

Singapore, 28-29 Jan, 2010 (oral presentation) 

11) Simasatitkul, L., Siricharnsakunchai, P., Assabumrungrat, S. and Arpornwichanop, S. (2010). 

Reactive Distillation System for Biodiesel Production from Waste Cooking Oil. Proceedings 

of International Conference on Applied Energy (ICAE 2010), April 21-23, 2010, Singapore. 

(oral presentation) 

12) S. Ratchahat, N. Viriya-empikul, K. Faungnawakij, T. Charinpanitkul, and A. Soottitantawat, 

Synthesis of carbon microspheres from starch by hydrothermal process, Pure and Applied 

Chemistry International Conference 2010 (PACCON 2010), Thailand on January 21-23, 2010 

13) H. Khoomkhainum, N. Viriya-empikul, K. Faungnawakij, T. Charinpanitkul, and A. 

Soottitantawat, Synthesis of Ni-Doped mesoporous carbon by direct addition of Ni-salt to 

resorcinol/formaldehyde gel, Pure and Applied Chemistry International Conference 2010 

(PACCON 2010), Thailand on January 21-23, 2010 

14) T. Jarunglumlert, N. Viriya-empikul, K. Faungnawakij, K. Fukaya, T. Charinpanitkul, and A. 

Soottitantawat, Synthesis and structure characterization of polyoxometalates supported on 

titania, 6th Asian Aerosol Conference 2009 (AAC 2009), Thailand on November 24-27, 2009 

15) S. Parinyataramas, N. Viriya-empikul, K. Faungnawakij, T. Charinpanitkul and A. 

Soottitantawat, Spray drying of mesoporous carbon particles prepared from 

resorcinol/formaldehyde/triblock copolymer, 6th Asian Aerosol Conference 2009 (AAC 

2009), Thailand on November 24-27, 2009 

16) A Soottitantawat, T. Jarunglumlert, N. Viriya-empikul, K. Faungnawakij, K.  Fukaya and T. 

Charinpanitkul, Photocatalytic properties of polyoxometalate supported on titanate 

nanotubes, the 21st International Symposium on Chemical Reaction Engineering (ISCRE 21), 
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5) Simasatitkul, L., Paengjuntuek, W., Assabumrungrat, S. and Arpornwichanop, A. (2009). 

Preliminary Design of Reactive Distillation for Biodiesel Production from Waste Cooking 

Oil. The 19th Thailand Chemical Engineering and Applied Chemistry Conference, October 

26-27, 2009, Kanchanaburi, Thailand.  (oral presentation). 
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8) ���<<� ���&��6��<, 5�=� ��
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a b s t r a c t

The performance of multiple-stack solid oxide fuel cells (SOFCs) with different stack arrangements is

compared with respect to the presence of an in-stack pressure drop. It was demonstrated in our previous

work that when a multiple-stack SOFC is arranged in series and the operating voltages are allowed to

vary among the different stacks, an improved performance over a conventional SOFC (stacks arranged in

parallel and operated under the same operating voltage) can be realized. Nevertheless, the differences in

pressure drop and the required power for compression among the different operations were not taken

into account. In the study reported here, it is demonstrated that the pressure drop in the stack depends

not only on the feed rate and operating voltage, but also on the stack arrangement. The pressure drop

in the anode channels is about half that in the cathode channels. The configuration of stacks in series

with compressors installed only at the inlets of the first stack is the best option as it shows the highest

electrical power generation. The pressure drops in the anode and cathode channels are about 4.7 and 3.75

times those in the corresponding channels of the conventional case with the stacks arranged in parallel. In

addition, when considering the net obtained electrical power, it appears that multiple-stack SOFCs with

stacks arranged in series are not as attractive as the conventional SOFC because they require much higher

compression power. Therefore, it is suggested that a new stack design with a low pressure drop is required

for the concept of multiple-stack SOFC with non-uniform potential operation to become practical.

© 2008 Elsevier B.V. All rights reserved.

1. Introduction

Fuel cells are considered to be an attractive technology for

energy conversion because of their better environmental friend-

liness, practically noise-free operation, and higher efficiency.

Nevertheless, the use of fuel cell is still limited due to the high cost

of cell stacks. Consequently, much effort has been made to improve

the performance fuel cells and their systems. For example, stack

cell components with better characteristics have been explored

[1–3]. Some researchers have focused on integrating a fuel cell with

other units such as a gas turbine (GT) [4]. Among the several pro-

cedures aimed at improving fuel cell performance, non-uniform

potential operation (NUP) or multiple-stack operation, whose con-

cept is based on arranging stacks in series and allowing operating

voltages to be varied stack-by-stack, is an interesting approach.

Under such operation, the cell is run close to its theoretical poten-

∗ Corresponding author. Fax: +66 2 218 6877.

E-mail address: Suttichai.A@chula.ac.th (S. Assabumrungrat).

tial, and therefore results in lower overpotential losses and thus

higher efficiency.

The concept of multiple-stack operation has been studied by

some researchers. George and Lames [5] stated that the United

States Department of Energy (DOE) proposed a multiple-stack fuel

cell system with five serial stages of cells in order to reduce the

regenerative heat for fuel and air, and to extend the operating tem-

perature range. Moreover, Senn and Poulikakos [6] investigated

the performance of polymer electrolyte membrane fuel cells (PEM-

FCs) that were divided into many stages of equal stage size. It was

found that the non-uniform potential operation offers enhanced

maximum electrical power densities compared with the traditional

concept involving uniform potential operation. An improvement

in maximum power density of 6.5% was reported. For a molten

carbonate fuel cell (MCFC), it was reported that an improvement

in electrical efficiency of about 1% could be achieved by splitting

the cell area into two segments [7]. This conclusion was based

on both analytical mathematical modelling and simplified flow-

sheet calculations. Multiple-stack operations of a MCFC with a

different flow arrangement have been studied [8]. When both

0378-7753/$ – see front matter © 2008 Elsevier B.V. All rights reserved.

doi:10.1016/j.jpowsour.2008.10.114
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Nomenclature

a first ohmic resistance constant as shown in Eq. (12)

(�m)

b second ohmic resistant constant as shown in Eq. (12)

(K)

Cp specific heat capacity at constant pressure

(J mol−1 K−1)

CV specific heat capacity at constant volume

(J mol−1 K−1)

D hydraulic diameter (m)

E0 open-circuit voltage (V)

f friction factor

F Faraday constant (96485.34 C mol−1)

gc proportionality factor (kg m N−1 s−2)

i current density (A m−2)

L cell length (m)

m constant polarization parameters

ṁ molar flow rate of gas (mol s−1)

p partial pressure (atm)

P power (kW)

R universal gas constant (8.31447×10−3)

(kJ mol−1 K−1)

T absolute temperature (K)

T1 feed temperature to compressor (K)

T2 isentropic temperature (K)

u gas velocity (m s−1)

Uf fuel utilization (%)

V operating voltage (V)

Greeks letters

� overpotential (�m2)

�c isentropic efficiency

� ratio of specific heat capacities of a gas, Cp/CV

ı thickness (m)

� specific ohmic resistance (�m)

ϕ potential (V)

Subscripts

A anode

Act activation

C cathode

Conc concentration

Ohm ohmic

the anode and cathode streams were passed in series along the

stacks, the improvement in performance was about 0.6%. Addition-

ally, when the anode stream flowed in series while the cathode

streams were flowed in parallel, an improved performance up to

0.3% was achieved. Liebhafsky and Cairns [9] and Selimovic and

Palsson [10] applied the concept of multiple-stack operation to a

solid oxide fuel cell (SOFC). It was found that an improvement in

power output of about 5% could be obtained from their systems. Our

previous work [11] determined suitable operating voltages and the

number of cell sections for an SOFC system. The cell was divided

into equal sections in term of fuel utilization (Uf) and no pressure

drop was assumed. It was reported that no significant improve-

ment was obtained when the cell was divided into more than

two sections and the increase in electrical efficiency was within

10%.

The concept of non-uniform potential operation is not practi-

cally implemented for single stack operation because the design

of current-collectors becomes very complicated. It is generally

carried out by arranging the multiple stacks in series and oper-

ating the voltages at different values among the stacks. Under

this operation, as each stack is operated under a small value of

fuel utilization, higher flow rates of fuel and air in each stack and

thus a higher pressure drop and a higher power consumption for

operating compressors are inevitable. Therefore, it is the aim of

this work to determine whether the gained electrical power from

such operation can compensate the attendant higher demands in

energy. Two configurations of multiple-stack SOFCs arranged in

series with non-uniform potential operation (one with compres-

sors installed only at the inlets of the first stack and the other with

compressors installed at the inlets of each stack) are considered.

The performances in terms of pressure drop, power consumption at

compressors, generated electrical power and net electrical power

are calculated and compared with those of a conventional SOFC

with multiple stacks arranged in parallel and operated at the same

operating voltage.

2. Theory

2.1. Mathematical model

A planar-type SOFC with co-flow configuration is considered as

it has been reported to offer a higher power density than a tubular-

type SOFC [12]. The higher power density of the planar-type SOFC

is due to the shorter current paths that result in low ohmic overpo-

tential. Moreover, the planar-type SOFC is simple to fabricate and

can be manufactured in various configurations [13]. A schematic

diagram of the planar-type SOFC stack is given in Fig. 1. Typical

information on the system has been given by Iwata et al. [14] and

Pasaogullari and Wang [15]. The typical SOFC dimensions [16,17]

adopted for this study are given in Fig. 2. In a single cell, the inter-

connects are in the form of ribs with twenty air channels for the

air-side interconnect and 20 fuel channels for the fuel-side inter-

connect corresponding to the location of the rib roots, and the gas

channel locations to the rib tips. The stack module is a column of

100 cells (30 cm×30 cm×60 cm) joined with interconnects. Thus,

one standard stack in this work has a total cell area of 1.2 m2. The

multiple stacks are connected in different configurations, as will

be described in the next section. It should be noted that as the

cell channels of the planar-type SOFC usually have slimmer cross-

sectional area than those of the tubular-type SOFC, the planar-type

SOFC is likely to encounter greater influence of generated pres-

sure drop in the cell channels. This effect is taken into account

in this work. The pressure drop and required compression power

can be calculated using the following equations (refer to list of

Fig. 1. Schematic diagram of planar-type SOFC stack.
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nomenclature):

�P = fp L
D

u2

2gc
(1)

Power = ṁCp T1

�c

((
P2

P1

)�−1/�

− 1

)
(2)

�c = T1

T2 − T1

((
P2

P1

)�−1/�

− 1

)
(3)

T ′
2

T1
=
(
P2

P1

)�−1/�

(4)

The SOFC can be operated with a non-hydrogen fuel such as

methane, which is the fuel used in this work. A reformer is gen-

erally required to process the fuel with a reforming agent (e.g.,

steam) to a hydrogen-rich stream before feeding to the SOFC stack.

Methane steam reforming is followed by the water–gas shift reac-

tion. It is assumed that the equilibrium reactions take place at 973 K,

to yield an outlet gas composition of 1.50% CH4, 12.77% CO, 5.93%

CO2, 62.01% H2 and 17.79% H2O. In the SOFC stack, it is assumed that

only hydrogen reacts electrochemically with oxygen. The equilib-

rium water–gas shift reaction takes place along the stack channel

to convert CO to hydrogen in the anode stream.

2.2. Electrochemical model

The electrochemical reactions of hydrogen and oxygen taking

place in the cell are as follows:

anode : H2+O2− = H2O + 2e− (5)

cathode : O2+4e− = 2O2− (6)

The cell is divided into small cell elements in calculations of the

electrochemical performance. The actual SOFC voltage is always

lower than its open-circuit value because of the presence of var-

ious irreversible losses, i.e., activation overpotential (�Act), ohmic

overpotential (�Ohm) and concentration overpotential (�Conc). The

activation overpotential Eqs. (7)–(10) can be determined from the

Butler–Volmer equation [18]. The ohmic overpotential (Eqs. (11)

Fig. 2. Dimensions of fuel/air channels in SOFC stack (units in mm).

Table 1
Summary of cell components and their resistivities.

Materials (anode/electrolyte/cathode) Ni–YSZ/YSZ/LSM–YSZ

Anode ohmic resistance constant a = 0.0000298, b =−1392

Cathode ohmic resistance constant a = 0.0000811, b = 600

Electrolyte ohmic resistance constant a = 0.0000294, b = 10350

Interconnect ohmic resistance constant a = 0.0001256, b = 4690

and (12)) is calculated from the resistivity and an equivalent area

corresponding to the thickness of the electrodes or electrolyte. The

resistivity for the SOFC materials (Table 1) is based on the values

reported by Bessette et al. [19].

Activation overpotential:

i = i0
[

exp

(
˛neF�Act
RT

)
− exp

(
− (1− ˛)neF�Act

RT

)]
(7)

�Act =
2RT

neF
sinh−1

(
i

i0

)
; where ˛ = 0.5 (8)

i0,A = 5.5× 108
(pH2

p

)(pH2O

p

)
exp

(
−100× 103

RT

)
(9)

i0,C = 7.0× 108
(pO2

p

)m
exp

(
−120× 103

RT

)
(10)

Ohmic overpotential:

�Ohm =
∑

�jıj (11)

�j = aj exp(bjT) (12)

It is assumed that the SOFC stacks are operated under steady-

state and isothermal conditions. In this case, the operating

temperature is maintained at 1173 K. To simplify calculations of

the SOFC performance, the concentration overpotential due to the

mass transport effect is neglected. Such overpotential becomes

important at low concentration of the reactant gases and high val-

ues of current density. Therefore, the calculations in this study

are performed only within moderate ranges of current density

(<8000 A m−2).

2.3. System configurations

The following three configurations of multiple-stack SOFC are

considered:

(1) Configuration A: Multiple-stack SOFC with stacks arranged in

parallel. There is only one set of compressors installed at the

feed inlets (Fig. 3a). The outlet pressure of each stack is at atmo-

spheric pressure. This configuration is a conventional SOFC

system.

(2) Configuration B: Multiple-stack SOFC with stacks arranged in

series with only one set of compressors installed at the inlets

of the first stack (Fig. 3b). The outlet pressure of the last stack

is at atmospheric pressure.

(3) Configuration C: Multiple-stack SOFC with stacks arranged in

series with compressors installed at the inlets of each stack.

The outlet pressure of each stack is at atmospheric pressure

(Fig. 3c).

In this study, only two stacks are considered according to the

previous report [11] indicating that the performance improvement

of the multiple stacks arranged in series with non-uniform poten-

tial operation becomes less significant when the number of stacks

is more than two.
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Fig. 3. Different configurations of multiple-stack SOFC: (a) parallel stacks with one set of compressors inlets of SOFC stack; (b) stacks in series with compressors at inlets of

first SOFC stack; (c) stack in series with compressors at inlets of each stack.

3. Results and discussion

3.1. Model validation

The developed model was validated with results from the pre-

vious literature [20]. Fig. 4 shows the characteristic I–P and I–V

curves for the system fed by pure hydrogen as the fuel and air

as the oxidant. The cell was operated at 1173 K and a fuel utiliza-

tion (Uf) of 80%. The continuous lines show the simulation results

from this study while symbols show those from the previous work.

Based on the same operating condition, the comparison shows good

agreement between those data with small deviation within 4.6%,

indicating that our model is capable of predicting the performance

of a planar SOFC. It should be noted that the discrepancy may be

arisen from our assumption that neglects the effect of concen-

tration overpotential due to the mass transport effect, unlike the

Fig. 4. Characteristic curves of SOFC (anode feed = pure H2, cathode feed = air,

Uf = 80% and T = 1173 K).

reference work. It was reported that concentration overpotential

becomes an important loss when the system is operated at low con-

centrations of the reactant gases and high values of current density

[21]. Therefore, to ensure the reliability of our model, the simu-

lations in this study are performed within the range of moderate

current density (<8000 A m−2).

3.2. Generated pressure drop in single-stack SOFC

In practical operation, as the stack is divided into many small

cell channels, particularly for a planar-type stack, compressors are

required to feed the fuel and air into the anode and cathode chan-

nels, respectively. Fig. 5 shows the pressure drop at the anode and

cathode channels at different methane feed rates and operating

voltages. In all calculations, the pressures at the channel exits are

always maintained at atmospheric pressure. It is obvious that both

methane feed rate and operating voltage influence the pressure

drop. In addition, the anode pressure drop is much lower than the

cathode pressure drop, i.e., by about a half. The observed results

agree well with numerical simulation results of Koh et al. [22] who

calculated the generated pressure drop in both anode and cathode

channels by varying the channel depth [19]. It was found that the

anode pressure drop is approximately 45–60% of the cathode pres-

sure drop. In this work, it was found that the maximum calculated

pressure drops in the anode and cathode channels are not higher

than 4% and 6% of inlet pressure, respectively. Moreover, it is clear

that when the methane feed rate increases, a higher pressure drop

is observed. In addition, the pressure drop also varies with oper-

ating voltage. When the stack is run at a higher operating voltage

and the methane feed rate is kept constant, less oxygen is trans-

ferred to the anode according to the characteristic I–V curve (Fig. 4)

and thus the pressure drop in the cathode increases. The pressure

drop in the anode channel also varies due to the difference in the

anode gas compositions (especially H2 and H2O) that arises from

the change of operating voltage. It should be noted that the operat-
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Fig. 5. Effects of operating voltage and methane feed rate on pressure drop in anode

and cathode channels of single-stack SOFC.

ing voltage is closely related to the current density according to the

I–V characteristic curve, whereas the methane feed rate is closely

related to fuel utilization (Uf) (Fig. 5).

In SOFC operation, part of the electrical power obtained from the

SOFC is consumed by the compressors that elevate the pressures

of both fuel and air to the desired values. The effects of operating

voltage and methane feed rate on the power generated from the

SOFC and the power consumption by the compressors in a single-

stack SOFC are shown in Fig. 6. Considering the solid lines, it is

Fig. 6. Effects of operating voltage and methane feed rate on electrical power gen-

eration and power requirement for compressors in single-stack SOFC.

found that the generated power follows the form of an upturned

curve. By contrast, the percentage of power consumption at the

compressor shows an inverse tendency to the generated power, that

is, percentage of power consumption increases rapidly at the low-

est and highest operating voltages. This obviously shows that the

presence of a pressure drop influences the performance of SOFC,

depending on the levels of the operating voltage and methane feed

rate. In particular, the fraction of energy required for the compres-

sor depends significantly on these two parameters. At maximum

generated power, the compression power is within the range of

10% of the generated power. This shows that the power consump-

tion by the compressor is not pronounced as long as the power

obtained from the SOFC is high. It should be noted that when the

multiple-stack SOFC is arranged in series, the flow rates in each

stack become much higher and thus the pressure drop and power

consumption for operating the compressors should become more

significant.

3.3. Performance of multiple-stack SOFCs with different stack

arrangements

The performance of three configurations of multiple-stack

SOFCs have been compared with respect to the effect of the gener-

ated pressure drop. The influence of operating voltage in the first

stack on the generated electrical power is demonstrated in Fig. 7.

Three values of the operating voltage of the second stack (0.55, 0.65

and 0.75 V) are considered. The solid line represents the results for

the conventional SOFC whose stacks are arranged in parallel and

operated at the same operating voltage. It is clear that there are

some ranges of operating voltages in which the arrangement in

series offers higher generated electrical power than that in paral-

lel. For the series arrangement with two different configurations of

stacks and compressors, however, the configuration with one set of

compressors installed at the inlets of the first stack always offers

slightly higher power than that with compressors at the inlets of

each SOFC stack. For the former system, it is necessary to com-

press the fuel and air at higher inlet pressures at the first stack in

order to guarantee that the outlet pressure at the last stack is at

atmospheric pressure. Due to this pressurized condition, the elec-

trochemical performance becomes better. Thus the configuration

in series with one set of compressors installed at the inlets of the

first stack is a preferable choice in terms of generated power (Fig. 7).

Nevertheless, due to high inlet pressure, it is essential to consider

the additional power consumption by the compressors so as to cal-

culate the net electrical power generation, which is an important

Fig. 7. Effects of operating voltages and configuration of multiple-stack SOFC on

electrical power generation.
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indicator of the practical feasibility of the use of the best configu-

ration of multiple-stack SOFC.

Among the three configurations, it is important to understand

that the flow rates of the fuel and air streams through stacks

networked in series are much larger than those through stacks con-

nected in parallel even though the same initial feed streams are

used. For the SOFC configuration in parallel, the initial feed streams

are divided into many streams corresponding to the number of

stacks arranged in parallel. For stacks arranged in series, however,

the initial feed streams are not divided but fed directly into the

first stack and others in the series of many stacks. From the results

discussed in Section 3.2, it is obvious that an increased flow rate

creates larger pressure drops. Thus, it is certain that both configu-

rations in series should encounter larger generated pressure drop

than the configuration in parallel. As shown in Fig. 8, pressure drops

in series configurations are higher by about 4.7 and 3.75 times in

the anode and cathode channels, respectively, compared with the

parallel configuration. The pressure drop also depends on the oper-

ating voltage as mentioned earlier in Section 3.2. Considering the

power consumption by the compressors, Fig. 9 shows that multi-

ple stacks arranged in series with one set of compressors installed

at the inlets of the first stack consume less power for operating

the compressors than the arrangement in which the staged com-

pressors are installed at the inlets of each SOFC stack. Compared

with the conventional SOFC with stacks arranged in parallel, it is

clear that the power consumption by series multiple-stack SOFCs

are about 5–6 times higher.

As reduced from the above results there are some contrasts

between the results for generated power from a SOFC and power

consumption of the compressors. To propose the best configuration

among the different stack arrangements, it is necessary to exam-

Fig. 8. Effects of operating voltages and configuration of multiple-stack SOFC on

total pressure drop in anode and cathode channels.

Fig. 9. Effects of operating voltages and configuration of multiple-stack SOFC on

power requirement for compressors.

ine the net obtained electrical power. The data given in Fig. 10,

indicate that the maximum net electrical power from the series

multiple-stack SOFC is still less than that of the conventional par-

allel multiple-stack SOFC although the generated electrical power

could be higher, as shown in Fig. 7. This is due to the presence of a

higher pressure drop when the stacks are arranged in series. Thus,

for the conventional planar-type stack, the use of non-uniform

potential operation is not attractive in items of practical operation.

It is necessary to develop a new stack design with a low pressure

drop in order to make the concept of a multiple-stack SOFC with

non-uniform potential operation become practical. A tubular-type

stack could be a possible choice; but, various aspects such as cell

performance and stack power density need to be taken into account.

It should again noted that the electrical performance and stack pres-

sure drop are also dependent on operating temperature. In general,

increasing the operating temperature improves the electrical per-

formance; but choices of materials and seal problem then become

critical issues. A higher operating temperature also increases the

pressure drop in the stack. This selection of cell components could

also influence the performance of multiple-stack SOFCs. A num-

ber of efforts have addressed the search for better cell components,

that would allow stack size, and consequently stack pressure drop,

to become smaller. The influence works on the effects of cell com-

ponents and operating temperature should be further investigated.

Fig. 10. Effects of operating voltages and configuration of multiple-stack SOFC on

net electrical power generation.
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4. Conclusions

The performance of multiple-stack SOFCs with different stack

arrangements has been evaluated. Both configurations of series

multiple-stack SOFCs can offer higher generated electrical power

than conventional parallel multi-stack counterparts when operat-

ing voltages of the stacks are carefully selected. Nevertheless, due

to the higher in-stack pressure drop, and thus higher power con-

sumption on compressors, it appears that the conventional SOFC is

the best configuration in terms of net power generation. It is there-

fore suggested that a new stack design with a low pressure drop

is required for a multiple-stack SOFC with non-uniform potential

operation to prove practical.
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a b s t r a c t

Solid oxide fuel cell systems integrated with a distillation column (SOFC-DIS) have been investigated in

this study. The MER (maximum energy recovery) network for SOFC-DIS system under the base conditions

(CEtOH = 25%, EtOH recovery = 80%, V = 0.7 V, fuel utilization = 80%, TSOFC = 1200 K) yields QCmin = 73.4 and

QHmin = 0 kW. To enhance the performance of SOFC-DIS, utilization of internal useful heat sources from

within the system (e.g. condenser duty and hot water from the bottom of the distillation column) and a

cathode recirculation have been considered in this study. The utilization of condenser duty for preheating

the incoming bioethanol and cathode recirculation for SOFC-DIS system were chosen and implemented

to the SOFC-DIS (CondBio-CathRec). Different MER designs were investigated. The obtained MER network

of CondBio-CathRec configuration shows the lower minimum cold utility (QCmin) of 55.9 kW and total cost

index than that of the base case. A heat exchanger loop and utility path were also investigated. It was

found that eliminate the high temperature distillate heat exchanger can lower the total cost index. The

recommended network is that the hot effluent gas is heat exchanged with the anode heat exchanger,

the external reformer, the air heat exchanger, the distillate heat exchanger and the reboiler, respectively.

The corresponding performances of this design are 40.8%, 54.3%, 0.221 W cm−2 for overall electrical effi-

ciency, Combine Heat and Power (CHP) efficiency and power density, respectively. The effect of operating

conditions on composite curves on the design of heat exchanger network was investigated. The obtained

composite curves can be divided into two groups: the threshold case and the pinch case. It was found that

the pinch case which TSOFC = 1173 K yields higher total cost index than the CondBio-CathRec at the base

conditions. It was also found that the pinch case can become a threshold case by adjusting split fraction

or operating at lower fuel utilization. The total cost index of the threshold cases is lower than that of the

pinch case. Moreover, it was found that some conditions can give lower total cost index than that of the

CondBio-CathRec at the base conditions.
© 2008 Elsevier B.V. All rights reserved.

1. Introduction

A Solid Oxide Fuel Cell (SOFC) is known as one of potential power

generator because of its high systematic efficiency, wide range of

applications, and fuel flexibility. Typically, due to the high operating

temperature of SOFC and the remain of unreacted fuels from the

SOFC stack, the high temperature effluent and the combustion heat

of unreacted fuels can be thermally utilized to other parts of the

system. In general, there are two possible options to utilize high

∗ Corresponding author. Tel.: +1 519 888 4601; fax: +1 519 888 4365.

E-mail address: pdouglas@uwaterloo.ca (P.L. Douglas).

temperature effluent and enhance high SOFC system performance,

i.e. Solid Oxide Fuel Cell with Gas Turbine system (SOFC-GT) and

Solid Oxide Fuel Cell with Combined Heat and Power system (SOFC-

CHP). It should be noted that SOFC-CHP is the main focus in the

present work.

Typically, SOFC-CHP system consists of preheaters, an SOFC

stack and an afterburner. A reformer is also required when other

compounds apart from hydrogen were used as the primary feed.

According to the operation, the unreacted fuels and excess air

from the stack are burnt in the afterburner to generate more heat.

Until now, several configurations of the SOFC system have been

proposed. Fontell et al. [1] and Zhang et al. [3] studied natural

gas-fed system integrated with a desulfurization unit. According

0378-7753/$ – see front matter © 2008 Elsevier B.V. All rights reserved.

doi:10.1016/j.jpowsour.2008.09.036
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Nomenclature

CEtOH ethanol concentration [mol%]

E electromotive force of a cell [V]

Ea activation energy [J mol−1]

F Faraday constant [C mol−1]

i current density [A cm−2]

I current [A]

LHVEtOH lower heating value of ethanol [J mol−1]

nEtOH total ethanol flow rate fed to the distillation column

[mol s−1]

pi partial pressure of component i [kPa]

P pressure [kPa]

Pden power density [A cm−2]

Q1 energy required for Preheater 1 [kW]

Q2 energy required for Preheater 2 [kW]

Q3 energy required for a reformer [kW]

Q4 energy required for Preheater 4 [kW]

Q5 energy left in a bottom stream of the distillation

column [kW]

Q6 energy involved with the combustion of exhausted

gases after being cooled to the exit temperature

[kW]

QCon condenser duty [kW]

QNet net useful heat [kW]

QReb reboiler duty [kW]

QSOFC,Net net exothermic from SOFC [kW]

r area specific resistance [� cm2]

ract activation polarization area specific resistance

[� cm2]

rohm ohmic polarization area specific resistance [� cm2]

rH2,cons rate of hydrogen consumed by the electrochemical

reaction [mol s−1]

R gas constant [J mol−1 K−1]

Sp split faction

Tanode,in anode inlet temperature [K]

Tcath,in cathode inlet temperature [K]

TRF reforming temperature [K]

TSOFC SOFC temperature [K]

Uf fuel utilization [%]

V operating voltage [V]

We electrical power [kW]

Greek letters

�CHP CHP efficiency [%]

�elec,ov overall electrical efficiency [%]

� resistivity [� cm]

Subscripts

a anode

c cathode

to the configuration in Fontell’s work, the anode effluent pro-

vided heat to the anode incoming stream and was then split

into two streams; the first stream was burnt with the air efflu-

ent from the cathode in the afterburner, whereas the second one

was recirculated and mixed with the inlet stream before being fed

to the pre-reformer. The exhaust gas from the afterburner pre-

heated both water stream and the sulfur-free stream. Regarding

Zhang’s work, the split of anode outlet stream was also applied

but it was not used for preheating the incoming anode stream;

the exhaust gas from the afterburner was only used to heat the

air inlet stream and the pre-reformer was operated under adia-

batic condition. Omosun et al. [2] studied biomass-fueled SOFC

system and compared between hot and cold processes. Accord-

ing to the cold process, the anode and cathode effluent preheated

the incoming anode and cathode stream, respectively, before being

burnt in the afterburner. On the contrary, there is no use of anode

effluent to heat the incoming anode stream for the hot process.

They reported that the heat management of hot process gave the

superior electrical and overall efficiency to that of the cold pro-

cess; however, the cost of the hot process is higher than that of

the cold process due to the fluidized bed gasifier and the hot

ceramic filter. Braun et al. [4] studied an anode supported SOFC

with micro CHP for residential applications. The effect of fuel

types (hydrogen/methane), mode of methane reforming (inter-

nal/external reforming), fuel processing with anode recirculation,

oxidant processing with cathode recirculation and the combina-

tion of recycle and internal reforming on the system performance

were investigated. The results showed that the methane-fueled sys-

tem with cathode and anode recirculation with internal reforming

yielded the highest efficiency among all designs. System electri-

cal efficiency and CHP efficiency are 40% (HHV) and 79% (HHV),

respectively.

A few investigations on ethanol-fed SOFC system have previ-

ously been published. Generally, ethanol-fed SOFC system consists

of a vaporizer, preheaters, a reformer, an SOFC stack and an

afterburner. Douvartzides et al. [5] used exergy analysis and opti-

mization strategy to investigate the system performance and

reported that the exergy loss of SOFC can be minimized by matching

the appropriate reforming temperature and air preheating temper-

ature. With the same system configuration, Douvartzides et al. [6]

also compared the performance of SOFC system fed by methane

with that fueled by ethanol. The exergy analysis indicated that the

efficiency of the methane-fed system is higher than that of the

ethanol-fed one. Arteaga et al. [7] studied ethanol-fed SOFC sys-

tem consisting of a mixer, a vaporizer, an ethanol/water mixture

heater, a compressor, a reformer, a fuel cell stack and a furnace

by using pseudo-homogenous model. They reported that the heat-

ing consumption for vaporizing the H2O/EtOH mixture increases

with increasing the steam to EtOH ratio (H2O:EtOH) and H2 pro-

duction initially increases but decreases when the H2O:EtOH ratio

is higher than 8. In addition, the increase of reforming temperature

promoted the fuel cell efficiency and decreases energy required for

heating up the synthesis gas before reaching SOFC stack; however,

the higher energy consumption for the external reformer is also

required.

Most of the previous studies on the ethanol-fed SOFC system

have been carried out by using pure ethanol mixed with water. From

an energy point of view, it is not efficient and necessary to purify

bioethanol to highly pure ethanol as some water is usually required

for the steam reforming reaction. Therefore, purifying bioethanol

just to reach a desired ethanol concentration needed for the steam

reforming is adequate. The SOFC system implemented with a dis-

tillation column (SOFC-DIS) has been considered in our previous

work [8]. The hot effluent from the afterburner was used for heat-

ing all heaters, an external reformer and a boiler of a distillation

column. The possibility to operate the SOFC-DIS as a self energy-

sufficient system was examined. It was found that the SOFC-DIS

system can operate without an external heat source. Nevertheless,

the calculation in our previous study was based on the direct sub-

traction between net supply energy and net consumption energy

in the system, and no details on heat transfer arrangement were

considered. Moreover, other useful heat in the system (e.g. con-

denser duty and hot water at the bottom of the distillation column)

were not utilized. Also, the high temperature of air coming out from

the cathode should also be considered as the SOFC stack is usually

operated under excess air.
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Fig. 1. Schematic diagram of base case SOFC-DIS systems at the base conditions (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K,

Tcath,in = 1000 K, TRF = 1023 K and P = 101.3 kPa).

The main objective of this work is to study the performance of

the SOFC-DIS when all heat transfer is considered. Moreover, other

useful heat, e.g. condenser duty and hot water from the bottom of

the column and the cathode recirculation are taking into account

to enhance the performance of SOFC-DIS. In addition, the effect

of operating conditions on composite curve is also examined and

lastly the designs of the heat exchanger network for the SOFC-DIS

system are further investigated.

2. SOFC-DIS process system modelling using Aspen PlusTM

Fig. 1 shows the simplified process flow diagram of the SOFC-DIS

system; the SOFC-DIS system was simulated using Aspen PlusTM

2006.

The SOFC-DIS system consists of a distillation column, an exter-

nal reformer, heaters, coolers, an SOFC stack and an afterburner.

Bioethanol containing 5 mol% ethanol (C2H5OH) is introduced to

the distillation column at atmospheric pressure and 298 K and

purified to a desired concentration. Thereafter, the concentrated

ethanol is fed to the Heater-1 prior to entering the external reformer

in order to reform ethanol to H2. The synthesis gas from an external

reformer is further heated by Heater-2 and fed to an anode side of

the SOFC stack for producing electricity. The air stream is heated

in Heater-3 and then fed to the cathode side of the SOFC stack.

The exhaust gas from the SOFC stack containing small amount of

unused fuel enters the afterburner where excess fuel is combusted

to produce additional heat for use in the system. The heat recovery

from the post-combustion stream can be calculated by cooling the

hot effluent from the afterburner to 403 K before emitting to the

surrounding.

The Peng–Robinson thermodynamic option set, suitable for non-

polar light components, was used for all units except the distillation

column; the UNIFAC activity coefficient model was used in the dis-

tillation column.

One design-spec was used in simulation. Design-spec-1 was used

to adjust incoming bioethanol flow rate (stream 1) to reach the fuel

utilization target. In addition, the stack area also keeps constant by

using calculated current density and the operation of Design-spec-

1. The target fuel utilization and voltage was set. The calculations of

mass balance, energy balance and performances were performed

inside the user-subroutine SOFC. The calculated mass, enthalpy and

other physical properties (i.e. density, molecular weight) of anode

and cathode stream were sent through material stream numbers 9

and 10, respectively. The details of modelling for each unit in the

system are described below.

2.1. Distillation column

The distillation column is modelled using Aspen PlusTM rigor-

ous distillation model, RadFrac. A partial condenser and a kettle

reboiler are used in this study. Four stages are sufficient to purify

bioethanol until it reaches the concentration of 41 mol% with 99%

recovery. It should be noted that 41 mol% is the maximum ethanol

concentration that can be fed to the external reformer without car-

bon formation [9]. UNIFAC which is suitable for polar systems, in this

case the mixture of ethanol and water, at atmospheric pressure is

used as a thermodynamics equation for the distillation column. A

RadFrac built-in Design-spec was used to adjust the distillate rate

and reflux ratio to obtain the desired ethanol concentration and

recovery.

2.2. Ethanol reformer

In this study, an RGibbs reactor model was used for simulat-

ing the external reformer. Previous experimental results confirmed

that a gas mixture at thermodynamic equilibrium contains only five

components with noticeable concentration: i.e. carbon monoxide,

carbon dioxide, hydrogen, steam, and methane [10,11]. Therefore,

these five components and one more ethanol component are mod-

elled in the reactor.

2.3. SOFC stack

The SOFC stack is simulated by using a user-subroutine named

USRUSR. The subroutine contains mass and energy balance equa-

tions and SOFC performance equations. For the mass balance, the

synthesis gas which contains CO, CO2, H2, CH4 and H2O is fed to

the SOFC stack. Only water gas shift reaction and electrochemical

reactions take place inside the SOFC stack as shown in the following

equations.

CO + H2O = H2+CO2 (1)

H2 + 1
2

O2 → H2O (2)

It should be bear in mind that water gas shift reaction is fast

equilibrium reaction. Ethanol reforming is not considered in the

stack as trace amount of ethanol is present in the product stream

for the reformer. In addition, methanation hardly takes place at high

temperature. Therefore, both reactions can be neglected in calcula-

tions. The components inside the SOFC stack were calculated based

on thermodynamics calculation. The performance of the SOFC was

calculated by equilibrium components inside the stack and based

on one-dimensional calculation. Details of SOFC model including

Table 1
Parameters for activation loss [12].

ract (� cm2) k (×10−13 A cm2) Ea (kJ mol−1 K−1) m

ract,c 14.9 160 0.25

ract,a 0.213 110 0.25
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Table 2
Parameters of ohmic loss in SOFC cell components [13].

Materials Parameters Thickness (�m)

˛ (� cm) ˇ (K)

Anode (40% Ni/YSZ cermet) 2.98×10−5 −1392 150

Cathode (Sr-doped LaMnO3:LSM) 8.11×10−5 600 2000

Electrolyte (Y2O3-doped ZrO2:YSZ) 2094×10−5 10350 40

Interconnect (Mg-doped LaCrO3) 1.256×10−3 4690 100

performance calculations are presented in Tables 1 and 2 and in

our previous work [8]. The energy balance equation, the SOFC stack

operates under steady state and adiabatic condition. The energy

equation can be calculated by enthalpy change and power around

the SOFC stack as presented in Eq. (3).

0 = Hfuel,in +Hair,in −Hfuel,out −Hair,out −We (3)

Because the inlet and outlet temperature of the streams was set,

the required amount of air was then calculated.

2.4. Afterburner

The afterburner was modelled using the Rstoic, stoichiometric

reactor model. All unreacted products from an SOFC stack (e.g.

CH4, CO, and H2) are reacted with the unreacted O2 as shown in

Eqs. (4)–(6). The complete combustion is assumed. It should be

noted that ethanol is not present in the afterburner due to com-

plete ethanol reforming [8]. In this study, N2 is assumed to be inert

and no NOX is produced.

CH4+2O2→ CO2+2H2O (4)

CO+ 1
2

O2 → CO2 (5)

H2 + 1
2

O2 → H2O (6)

2.5. Heaters and coolers

Heaters and coolers were modelled using the Heater model in

Aspen PlusTM. One only needs to supply the desired exit temper-

ature and the model calculates the heat duty resulting from the

change in enthalpy between the inlet and the specified outlet.

2.6. Performance definition

In this study, overall electrical efficiency and CHP efficiency can

be calculated as

�elec,ov =
We

(nEtOH × LHVEtOH)+ Qext (7)

�CHP =
We + QU

(nEtOH × LHVEtOH)+ Qext (8)

where We represents the electrical power, LHVEtOH the low heating

value of ethanol, �elec,ov the overall electrical efficiency, �CHP the

Combine Heat and Power (CHP) efficiency, QU the net heat produced

by the SOFC-DIS system after heat exchanging with heaters and a

reboiler, Qext the external heat from an external heat source, Qk the

energy consumption at Heater k, QReb the reboiler duty.

2.7. Heat exchanger network

The obtained information from Aspen PlusTM was used to design

heat exchanger network by using Aspen PlusTM HX-NET module

(version 2006). The input data for HX-Net is initial temperature,

temperature target and enthalpy change. The effect of operating

conditions (i.e. ethanol concentration, ethanol recovery, fuel uti-

lization, voltage and split fraction) on the composite curves and

the design of heat exchanger network was also investigated. Hot

utility and cold utility used in this work are fired heat and cooling

water, respectively. For costing, five year was used for the operating

period.

2.8. System configuration study

In this work, condenser duty, hot water from the bottom of the

column and cathode recirculation were also considered to enhance

the performance of SOFC-DIS. Since hot water at the bottom and

condenser duty is low-temperature heat source, the application

of these types of heat is to preheat incoming low-temperature

reactants, in this case, incoming air or bioethanol. Four additional

configurations are listed as below.

• Case a: No thermal heat integration (No-HX).
• Case b: Utilization of heat from the condenser to incoming

bioethanol (CondBio).
• Case c: Utilization of heat from hot water at the bottom of the

column to incoming bioethanol (HW-Cond).
• Case d: Utilization of heat from the condenser to incoming air

(Cond-Air).
• Case e: Implementation of cathode recirculation (CathRec).

All options were compared and a suitable configuration was cho-

sen for further design of heat exchanger network of SOFC-DIS. The

discussion will be presented in the following section.

3. Results and discussion

3.1. Heat exchanger network for base case SOFC-DIS

The base case of the SOFC-DIS is illustrated by Fig. 1. All cold

process streams, which need to be heated, were heated using a hot

utility to reach the target temperatures. Likewise, all hot process

streams, which need to be cooled, were cooled using a cold utility.

The minimum temperature difference for heat exchange was fixed

at 10 K and it was assumed that the heat capacity of all streams was

constant during heat exchanging process. Cooling water at 293.2 K

and fired heat at 1273.2 K were selected as cold and hot utilities

Table 3
Operating parameters at base conditions.

Parameter Value/quality

Fuel option Bioethanol with 5 mol%

CEtOH 25 mol%

Ethanol recovery 80%

Uf 80%

Voltage 0.7 V

TSOFC 1200 K

TRF 1023 K

Tanode,in 1100 K

Tcath,in 1000 K

P 101.3 kPa

                                             33



194 W. Jamsak et al. / Journal of Power Sources 187 (2009) 190–203

Table 4
Information of hot and cold streams at the base case SOFC-DIS (No-HX).

Stream no. Stream label Tin (K) Tout (K) Load (kW) MCp (kW K−1)

Hot stream

Cooler-1 (11–12) H1 1304.9 403.0 847.3 0.940

Condenser (2a–2b) H2 365.9 365.9 48.8 Large

Cooler-2 (3b–13) H3 369.3 303.2 45.4 0.687

Cold stream

Air stream (7b–8) C1 298.2 1000.0 580.7 0.827

BioEtOH stream (1) C2 298.2 – – –

Anode heater (5–6) C3 1023.0 1100.0 7.3 0.095

Distillate stream (2–4) C4 365.9 1023.0 50.9 0.078

Reboiler (3a–3b) C5 298.2 369.3 149.1 2.097

Reformer (4–5) C6 1023.0 1023.0 85.4 Large

Fig. 2. Heat exchanger network of base case SOFC-DIS (No-HX) at the base conditions (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K,

Tcath,in = 1000 K, TRF = 1023 K and P = 101.3 kPa).

respectively. The base operating conditions, shown in Table 3, are

CEtOH = 25 mol%, EtOH recovery = 80%, V = 0.7 V, Uf = 80%, TRF = 1023 K

and TSOFC = 1200 K. The starting temperature, target temperature,

heat load and heat capacity of all hot and cold streams for the base

case are presented in Table 4. The heat exchanger network involv-

ing only utility heaters and coolers for the base case is presented in

Fig. 2. It can be seen that the major energy consumers are Heater-2,

the air preheater (580.4 kW or 66.5% of the overall energy con-

sumption) and the reboiler (149.1 kW or 17.1% of the overall energy

consumption); the net energy consumption is 873.1 kW which is

supplied by the hot utility. It can be seen that the hot stream from

the afterburner is the major energy supplier and contains 847.3 kW

of thermal energy which, in this case, corresponds to the cooling

energy by the cold utility. Electrical power of 220.5 kW is produced.

The overall electrical efficiency, CHP efficiency and correspond-

ing power density of SOFC-DIS are 15.8%, 76.5% and 0.229 W cm−2,

respectively.

The composite curves at the base conditions, when the min-

imum temperature difference (�Tmin) is set at 10 K, are shown in

Fig. 3. The cold composite curve move closely until it reaches�Tmin

so as to yield the maximum energy recovery. As shown in Fig. 3,

the composite curves become the threshold case where no pinch

point occurred; in other words, the composite curves were adjusted

to reduce the hot and cold utilities and the need for a hot util-

ity was eliminated before the curves pinched. From the composite

curve results, the minimum heating utility required is QHmin = 0 and

the minimum cooling utility required is QCmin = 73.4 kW. In prac-

tical terms, this means that we can eliminate entirely the need

for a hot utility of 873.1 kW shown in Fig. 2, by appropriate heat

exchange; we will, however, still need to buy a small amount of

cooling utility. The next step is to design an appropriate MER (max-

imum energy recovery) network, i.e. one that results in QH = QHmin

and QC = QCmin. Note that it is impossible to find a network that

will result in QH < QHmin or QC < QCmin at the current design and

operating conditions. An example of MER network of the base con-

ditions is shown in Fig. 4. Obviously, the utility can be reduced to

Qc = QHmin = 0 and Qc = QCmin = 73.4 kW. It can be seen that the hot

effluent gas after the afterburner (stream no. 11) is heat exchanged

with the anode inlet stream (C3) first and then the reformer (C6),

the distillate stream (C4), the air stream (C1) and finally the reboiler

Fig. 3. Composite curves of SOFC-DIS at base conditions (CEtOH = 25%, EtOH

recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K, Tcath,in = 1000 K,

TRF = 1023 K and P = 101.3 kPa).

                                             34



W. Jamsak et al. / Journal of Power Sources 187 (2009) 190–203 195

Fig. 4. MER network of SOFC-DIS at the base conditions (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K, Tcath,in = 1000 K, TRF = 1023 K and

P = 101.3 kPa).

(C5). However, the hot effluent gases cannot supply heat sufficiently

to the reboiler. Some heat from the condenser need to supply heat

to the reboiler before the reboiler is heated by the hot effluent gases.

This is because if the reboiler is heat exchanged with the effluent

gases and afterwards by other hot streams (i.e. the heat from the

condenser and the hot water of the bottom of the column), the tem-

perature of the reboiler after heat exchanged with the hot effluent

gases will be higher than the starting temperature of the other hot

streams. Therefore, the heat cannot be transferred and the hot util-

ity is required. The MER network cannot be obtained. However, it

should be noted that providing heat to the reboiler requires two

hot streams and causes in the high complexity in operation.

3.2. Effect of process structure and operating conditions

3.2.1. Utilizing internal heat and adjusting process flowsheet

To lower the requirement of cold utility for No-HX case used

for cooling down the other hot streams, the useful heat from the

overhead vapour stream going to the condenser and the useful heat

from hot water from the bottom of the distillation column are used

for providing heat to other parts of the system. As mentioned ear-

lier, the heat from the vapour stream going to the condenser and

from hot water are low-temperature heat streams. To utilize this

heat, preheating incoming reactants (air or bioethanol) is reason-

able. Moreover, a large amount of air is introduced to the system in

order to cool down the SOFC stack. However, the amount of air

is more than that needed for burning unreacted fuels from the

anode. Therefore, it appears that some benefits could be gained

from thermal integration of the heat from the hot streams (that

need to be cooled) to the cool streams (that need to be heated).

An investigation of the performance of SOFC-DIS when the cathode

recirculation is implemented into the system will be performed.

Four different configurations of the system are shown in Fig. 5 with

different lines. In this study, the utilization of the heat recovery

from the condenser for preheating incoming bioethanol (CondBio)

representing by dashed line, the heat recovery from condenser for

preheating incoming air (Cond-Air) representing by dotted line,

the heat recovery from the hot water from the distillation column

for preheating bioethanol (HW-Bio) represented by dash dot line

and the implementation of cathode recirculation (CathRec) repre-

sented by long dash line are considered. It should be noted that

the heat from the vapour stream going to the condenser and from

hot water are low-temperature heat streams which are suitable for

preheating incoming reactants (air or bioethanol). Moreover, a large

amount of cooling air introduced to the SOFC in order to cool down

the stack is more than that needed for burning unreacted fuels from

the anode. Therefore, some air outlet from the SOFC stack should

be split and recycled in the system. Heat exchanger networks of dif-

ferent configurations are presented in Figs. 6–10. The performances

(e.g. overall electrical efficiency, CHP efficiency and total cost index)

of all configurations have been summarized in Table 5. It should

be noted that the total cost index is calculated from the total cost

of each configuration divided by the total cost of the base case in

which no heat integration is considered. In addition, the total cost is

a summation of operating cost from hot utility and cold utility and

capital cost of heat exchangers, heaters and a cooler in the system.

Since the bioethanol feed stream is available to the system at

298 K it is sub-cooled and needs heating either in the column

(increasing the reboiler heat duty) or prior to entering column via

heat exchange with a process stream (reducing the energy con-

sumption in the reboiler). Two options, CondBio and HW-Bio are

considered to be logical choices for preheating the bioethanol feed

stream. From Table 5, the results show that the CondBio yields a

slightly higher CHP efficiency and lower total cost index than does

the HW-Bio case. Hot water from the bottom of the distillation

column yields 46.9 kW for preheating incoming bioethanol in the

HW-Bio case. The heat recovery from the condenser (48.8 kW) is

fully utilized for preheating bioethanol because the temperature at

the condenser remains constant during heat exchange as shown in

Fig. 6. On the other hand, the temperature of the hot water drops

while exchanging heat as presented in Fig. 7. Due to higher overall

electrical efficiency, high CHP efficiency and lower total cost index,

the CondBio configuration is selected for preheating bioethanol.

To preheat the incoming air, the performance of the Bio-Air

and the CathRec configurations were compared. For the CathRec,

the SOFC-DIS operates at split fraction of 0.5 which means that

half of the cathode outlet stream is recycled and mixed with fresh

air while the rest of cathode stream is fed to the afterburner. It

Table 5
System performance and total cost index of the SOFC-DIS with different

configurations.

Overall electrical

efficiency (%)

CHP efficiency

(%)

Total cost

index

No-HX (base case) 15.79 76.45 1.000

CondBio 16.26 78.73 0.965

HW-Bio 16.21 78.48 0.969

Cond-Air 16.95 81.74 0.948

CathRec 21.67 79.87 0.662

CondBio-CathRec 22.53 74.71 0.641
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Fig. 5. Schematic diagram of SOFC-DIS systems: (a) No-HX, (b) CondBio, (c) HW-Bio, (d) Cond-Air and (e) CathRec at the base conditions (CEtOH = 25%, EtOH recovery = 80%,

Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K, Tcath,in = 1000 K, TRF = 1023 K and P = 101.3 kPa).

Fig. 6. Heat exchanger network of SOFC-DIS (CondBio) at the base conditions (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K,

Tcath,in = 1000 K, TRF = 1023 K and P = 101.3 kPa).

should be noted that the heat recovery from hot water to preheat

incoming air has not been studied because the heat cannot be fully

transferred as mentioned earlier in the previous section. From the

results, Table 5, the CHP efficiency for both the Bio-Air configuration

and the CathRec configuration shows similar potential. However,

the overall electrical efficiency of the CathRec configuration is 5%

higher than that of the Bio-Air. In addition, the total cost index of the

CathRec configuration is 28% lower than that of the Bio-Air config-

Fig. 7. Heat exchanger network of SOFC-DIS (HW-Bio) at the base conditions (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K, Tcath,in = 1000 K,

TRF = 1023 K and P = 101.3 kPa).
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Fig. 8. Heat exchanger network of SOFC-DIS (Cond-Air) at the base conditions (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K,

Tcath,in = 1000 K, TRF = 1023 K and P = 101.3 kPa).

Fig. 9. Heat exchanger network of SOFC-DIS (CathRec) at the base conditions with Sp = 0.5 (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K,

Tcath,in = 1000 K, TRF = 1023 K and P = 101.3 kPa).

Fig. 10. Heat exchanger network of SOFC-DIS (CondBio-CathRec) at the base conditions with Sp = 0.5 (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K,

Tanode,in = 1100 K, Tcath,in = 1000 K, TRF = 1023 K and P = 101.3 kPa).
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Fig. 11. Composite curves of SOFC-DIS (CondBio-CathRec) at base conditions

with Sp = 0.5 (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K,

Tanode,in = 1100 K, Tcath,in = 1000 K, TRF = 1023 K and P = 101.3 kPa).

uration, therefore, the CathRec configuration is selected to preheat

the incoming SOFC air. The Bio-Cond and the CathRec configura-

tions are then combined, so-called CondBio-CathRec, and chosen

to be further designed for a process-to-process heat exchanger net-

work. It can be noticed that the CondBio-CathRec configuration

yields the highest overall electrical efficiency and the lowest total

cost index as shown in Table 5. The heat exchanger network for

the CondBio-CathRec configuration is also presented in Fig. 10. The

amount of utility for QC = 566.0 kW and QH = 454.8 kW are required.

Noticeably, high amount of hot and cold utility are still needed. The

composite curve of the CondBio-CathRec configuration at the base

conditions with Sp = 0.5 when �TMin is set at 10 K is presented in

Fig. 11. The narrowest gap in the threshold problem is so called

‘pseudo-pinch’ and in this case, it is located at the air inlet temper-

ature. The base conditions with Sp = 0.5 is still a threshold problem

with QCmin = 55.9 and QHmin are 0 kW, respectively. Clearly, the heat

exchanger network for the CondBio-CathRec in Fig. 10 needs more

work to be done to reach an MER network.

The design of the threshold case follows the same rules as that

of the pinch case. To design a MER network, it is necessary to

design the heat exchanger network above and below the pseudo-

pinch point separately because the pseudo-pinch is in the middle

of the composite curves. The following rules for the MER design are

required [14].

(1) No cold utility is used above the pinch point.

(2) No hot utility is used below the pinch point.

(3) No heat transfer across the pinch point.

The heat capacity (MCp) of each stream at the base conditions

with Sp = 0.5 are presented in Table 6. Overall, there are two hot

streams (a hot flue gas from the afterburner (H1) and heat recovery

from the condenser (H2)) and six cold streams (e.g. a syngas stream

(C3), a reformer (C6), a distillate stream (C4), an air stream (C1),

a reboiler (C5) and a bioethanol inlet (C2)). However, it should be

noted that the heat recovery from the condenser has to be matched

with the bioethanol inlet as the CondBio is selected for preheat-

ing the incoming bioethanol. For the design above pseudo-pinch,

the MCp of the hot stream has to be lower than the cold stream

near the pseudo-pinch point in order to avoid the temperature

crossover [14]. The possible cold streams that can be matched with

the hot stream near the pinch point are the reformer and the air

stream. However, when the reformer is the last unit which is near

the pseudo-pinch point, the hot flue gas cannot supply heat to the

reformer due to low inlet temperature for heat exchange. Conse-

quently, the hot flue gas cannot be cooled down to the pseudo-pinch

temperature using process streams. Cold utility is required above

the pseudo-pinch and this violates the rule for MER design. There-

fore, the only configuration which ends with the air heat exchanger

is considered for the above pseudo-pinch design. Below the pseudo-

pinch, one hot stream and two cold streams (e.g. a distillate stream

(C4) and a reboiler (C5) are considered. It is known that the MCp of

the hot stream must be higher than that of the cold stream near the

low-temperature pinch point [14]. From Table 6, only the MCp of

the distillate is higher than that of the hot flue gas. Therefore, only

one match is possible. The hot stream has to exchange heat with the

distillate and then with the reboiler. From these preliminary con-

siderations, there are six possible MER designs, D1 through D6, for

the pinch case. The sequences of heat exchanging for MER designs

are listed as follows. The first stream label is the first cold stream

to be heat exchanged with hot stream and so on.

• D1: C3–C4–C6–C1–C4–C5
• D2: C3–C6–C4–C1–C4–C5
• D3: C4–C3–C6–C1–C4–C5
• D4: C4–C6–C3–C1–C4–C5
• D5: C6–C3–C4–C1–C4–C5
• D6: C6–C4–C3–C1–C4–C5

The total cost index of all six designs is presented in Table 7. All

six MER designs have the target energy of 21.2 and 62.5 kW for hot

utility and cold utility, respectively. From the results, it can be seen

that the total cost index for all six designs are similar but Design D2,

C3–C6–C4–C1–C4–C5 shows the lowest total cost index from the six

considered among other designs and is then chosen for a further

design. The heat exchanger network of D2 MER design is next pre-

sented in Fig. 12. The utility meets the utility targets at QCmin = 55.9

and QHmin = 0. Obviously, changing process structure by implement-

ing cathode recirculation and adding one more heat exchanger to

preheat incoming bioethanol can reduce QCmin from 73.4 kW (for

the No-HX case) to 55.9 kW. It should be noted that although all six

MER configurations (D1–D6) are somewhat complex from operabil-

ity point of view and one should the tradeoff between annualised

cost and complexity; one maybe able to simplify the design how-

Table 6
Information of each unit operated at the base condition (threshold problem).

Stream no. Stream label Tin (K) Tout (K) Load (kW) MCp (kW K−1)

Hot stream

Cooler-1 (11–12) H1 1382.9 403.0 510.6 0.521

Condenser (2a–2b) H2 366.0 366.0 47.2 Large

Cold stream

Air stream (7b–8) C1 755.0 1000.0 210.3 0.858

BioEtOH stream (1a–1b) C2 298.2 345.7 47.2 0.994

Syngas stream (5–6) C3 1023.0 1100.0 7.0 0.091

Distillate stream (2–4) C4 366.0 1023.0 49.4 0.075

Reboiler (3a–3b) C5 298.2 369.3 105.4 1.482

Reformer (4–5) C6 1023.0 1023.0 82.7 Large
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Fig. 12. The MER design of SOFC-DIS (CondBio-CathRec) at the base conditions with Sp = 0.5 (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K,

TRF = 1023 K and P = 101.3 kPa).

Fig. 13. The design of SOFC-DIS (CondBio-CathRec) without E3 at the base conditions with Sp = 0.5 (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K,

Tanode,in = 1100 K, TRF = 1023 K and P = 101.3 kPa).

ever it will no longer be an MER design and will cost more. Clearly,

the distillate stream requires two heat exchangers for heating up

to the target temperature, one high temperature heat exchanger

(E3) and one low-temperature heat exchanger (E5) and results in

an E3–E5–E5–E3 loop in all configurations as shown by the dark line

in Fig. 12. Two heat exchanges are present on the distillate stream

and this loop results in the complexity of the design and operability

difficulties. In an attempt to simplify the network we removed one

of the heat exchangers on the distillate stream; however, it is not

obvious which ones of the distillate heat exchangers should be elim-

Table 7
Total cost index for different designs.

Configuration Total cost indexa

No-HX CondBio-CathRec (base case) 1.000

D1 (C3–C4–C6–C1–C4–C5) 0.3559

D2 (C3–C6–C4–C1–C4–C5) 0.3556
D3 (C4–C3–C6–C1–C4–C5) 0.3559

D4 (C4–C6–C3–C1–C4–C5) 0.3565

D5 (C6–C3–C4–C1–C4–C5) 0.3559

D6 (C6–C4–C3–C1–C4–C5) 0.3562

a Operate at the base condition (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%,

V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K, TRF = 1023 K and P = 101.3 kPa).

inated. Table 8 shows the operating cost index, capital cost index

and total cost index for different cases. In this section, the total cost

index can be calculated by the ratio of total cost of each design to the

total cost of the MER design at the base conditions with Sp = 0.5. The

total costs index follow the sequence of C3–C6–C1–C4–C5 (base-

no E3 case)≈C3–C6–C4–C1–C5 (base-no E5 case) < MER case. The

operating cost index of the base-no E3 case is lower than that

of the base-no E5 case because large amount of heating utility

Table 8
Cost estimation of the SOFC-DIS of different scenarios.

Operating

cost index

Capital cost

index

Total cost

index

Threshold problem

Base condition-MER 1.000 1.000 1.000

Base-no E3 7.381 0.930 0.996

Base-no E5 11.31 1.018 1.124

Base-no E3-no path 19.55 0.826 1.020

Avoiding pinch (based on MER design)

1173 K 8.719 1.102 1.181

1173 K–Uf75 2.093 0.848 0.860

1173 K–Sp0.3 0.442 1.077 1.071

1173 K–Sp0.7 1.407 0.836 0.841
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is required to heat up air stream to meet the target temperature

for the case of base-no E5. However, the base-no E3 case requires

two heaters to heat up both distillate stream and air stream and

results in higher capital cost index but still lower than that of the

MER case.

The benefit of eliminating path of utility is also investigated. As

shown in Fig. 13, there is a path connecting the cold and hot utilities

via the distillate heater shown by the dark line. The total cost index

of the case of no path (base-no E3-no path) and the base-no E3

are compared and presented in Table 8. It was found that the total

cost index of the case without path way is higher than that of the

base-no E3. This is because the operating cost of the base-no E3-no

path is almost three times higher than that of with path. There-

fore, it can be concluded that the base-no E3 is the most preferable.

One heater has to be located after the distillate heat exchanger.

The corresponding performances of this design are 40.8%, 54.3%,

0.221 W cm−2 for overall electrical efficiency, CHP efficiency and

power density, respectively.

3.2.2. Effect of operating conditions

The effect of operating conditions (e.g. ethanol recovery, ethanol

concentration, fuel utilization, voltage, split fraction, SOFC temper-

ature, cathode inlet temperature) on the composite curves was

first investigated. The EtOH recovery and CEtOH are in the range

Fig. 14. Composite curves of SOFC-DIS at different operating conditions: (a1) CEtOH , = 17 mol%, (a2) CEtOH , = 41 mol%, (b1) EtOH recovery = 70%, (b2) EtOH recovery = 90%, (c1)

V = 0.65 V, (c2) V = 0.75 V, (d1) Uf = 75%, (d2) Uf = 85%, (e1) Sp = 0.3, (e2) Sp = 0.7, (f) TSOFC = 1173 K, (g) Tcath,in = 1100 K.
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Fig. 14. (Continued ).

of 70–90% and 17–41 mol%, respectively. It should be noted that

the maximum ethanol concentration that can be fed to the exter-

nal reformer without carbon formation is 41 mol% [9]. Also, in this

study, only high ethanol recovery is considered due to high SOFC

efficiency. Fuel utilization and voltage were varied from 70 to 85%

and 0.65 to 0.75 V, respectively and the split fraction was varied

from 0.3 to 0.7. The SOFC temperature of 1173 K and the cathode

inlet temperature of 1100 K were examined. Fig. 14 shows the com-

posite curves at these different conditions. Noticeably, it can be

seen that the distillation parameters (e.g. ethanol concentration

and recovery) does not have significant effect on the composite

curves. For SOFC operating conditions, voltage, fuel utilization and

split fraction have a strong effect on the composite curves. For the

effect of voltage, the higher the voltage, the steeper the composite

curves. This can be explained that the lower voltage relates to higher

amount of heat loss within the SOFC stack. Therefore, to maintain

the temperature inside the stack, more air is required, resulting

in lower outlet temperature from the afterburner and higher heat

capacity of hot stream. It should be noted that the slope of com-

posite curve is inverse with heat capacity of the streams. Hence,

the less steep slope of the hot composite curve is obtained. More-

over, because more air is required for cooling the stack, more heat

is needed at the air heater and results in less steep slope of the

cold composite curve as illustrated in Fig. 14(c1). In addition, for

a lower Uf, more unreacted fuel is burnt in the afterburner and

this results in a higher outlet temperature of the hot flue gas and
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Fig. 15. MER design of SOFC-DIS (CondBio-CathRec) (CEtOH = 25 mol%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, Sp = 0.5, TSOFC = 1173 K, Tanode,in = 1100 K, Tcath,in = 1000 K,

TRF = 1023 K and P = 101.3 kPa).

more heat recovered from the afterburner as shown in Fig. 14(d1).

Consequently, the cold composite curve moves horizontally toward

the hot composite curve until it reaches the threshold case in

which no hot utility is required. For the higher Uf (in this case,

Uf = 85%), the lower temperature of the hot flue gas is obtained.

The cold composite curve moves horizontally to the hot compos-

ite curve and reaches the pinch point before it meets the threshold

condition.

The effect of split fraction was investigated. At low split frac-

tions, a lower amount of high temperature air from the cathode

is mixed with the fresh air; therefore, lower air inlet temperature

and more energy is consumed in the air heater. Consequently, the

slope of the cold stream, especially that of the air heater, decreases

and the location of the kink on the cold stream changes. Noticeably,

the outlet temperature of hot flue gas from the afterburner is lower

because more air, heat carrier, is burnt inside the afterburner. The

less steep hot stream can be detected due to higher amount of air

in the hot flue gas stream. Higher split fractions result in a larger

amount of air to be mixed with the fresh air. A higher air inlet tem-

perature and the lower energy consumption at the air heater were

observed. However, when the amount of air fed to the afterburner

is reduced, the outlet temperature of the hot stream is higher. Also,

lower amount of air in the hot flue gas results in a steeper slope of

the hot stream.

From the results, the composite curves can be divided into two

groups: (1) the pinch problem and (2) the threshold problem. For

the pinch case, the conditions that were found to cause a pinch point

in the composite curves are: CEtOH of 41 mol%, operating voltage

of 0.65 V, cathode inlet temperature of 1100 K, SOFC temperature

of 1173 K and Uf of 85%. Other conditions resulted in the thresh-

old case. The MER design for the pinch case when TSOFC = 1173 K

are presented in Fig. 15. The heat capacity and heat load for each

stream are presented in Table 9. It can be noticed that QCmin = 62.5

and QHmin = 21.2 kW. The total cost index is compared to that of the

threshold case at the base conditions with Sp = 0.5 in Table 8. It

should be noted that the total cost indexes for the pinch case are cal-

culated based on the total cost of the base-MER cases; therefore, the

total cost index of the pinch case can be directly compared to that of

the threshold cases. Table 8 shows that operating at TSOFC = 1173 K

yields higher operating cost, capital cost and total cost than the

base-no E3 case.

3.2.3. Avoiding a pinch point by operating at different conditions

As mentioned earlier, the pinch point was found when oper-

ating at CEtOH = 41 mol%, TSOFC = 1173 K, Tcath,in = 1100 K, Uf = 85%

or V = 0.65 V. It can be noticed that the pinch point occurs at

the air inlet temperature; therefore, we investigated the effect

of the SOFC-DIS operating conditions on the pinch point. As

shown in Fig. 14, the shape of composite curves changes dra-

matically when Uf, split fraction or voltage change. In this case,

only split fraction and fuel utilization are considered. It should

be noted that adjusting voltage is not considered in this study

because it directly affects the SOFC stack performance. In addi-

tion, lower split fraction, higher split fraction and lower fuel

Table 9
Information of each unit operated under pinch problem.

Stream no. Stream label Tin (K) Tout (K) Load (kW) MCp (kW K−1)

Hot stream

Cooler-1 (11–12) H1 1331.6 403.0 455.5 0.486

Condenser (2a–ab) H2 365.9 365.9 38.6 Large

Cold stream

Air stream (7b–8) C1 742.1 1000.0 214.5 0.832

BioEtOH stream (1a–1b) C2 298.2 345.5 48.4 1.023

Syngas stream (5–6) C3 1023.0 1100.0 5.7 0.074

Distillate stream (2–4) C4 365.9 1023.0 40.3 0.061

Reboiler (3a–3b) C5 298.2 369.4 86.1 1.209

Reformer (4–5) C6 1023.0 1023.0 67.6 Large
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utilization are examined. As mentioned in the preceding sec-

tion, lower split fraction reduces the slope of the cold stream

and the kink at the air heater occurs at a lower temperature;

this could eliminate the pinch point. For higher split fractions,

steeper hot composite curves could also help avoiding the pinch

point as shown in the wider gap between the hot and cold

composite curves in Fig. 14(e). Lastly, operating at lower fuel uti-

lization can make the hot composite curve have higher outlet

temperature and probably affect the gap between the composite

curves.

For TSOFC = 1173 K, the results show that when the SOFC-DIS oper-

ates at a higher split ratio (Sp = 0.7) or lower value (Sp = 0.3) or

lower Uf = 75%, the pinch point disappears and a threshold problem

is obtained. At Uf = 85%, operating SOFC-DIS at Sp = 0.7 or 0.3 the

pinch point disappears. The total cost index of the pinch case and

the threshold case are compared and shown in Table 8. When the

SOFC-DIS operates at threshold conditions, lower total cost index

is obtained for all cases. The total cost index are in the sequence

of 1173 K–Sp = 0.7 < 1173 K–Uf = 75% < 1173 K–Sp = 0.3. In addition, it

can be seen that the 1173 K–Sp = 0.7 and 1173 K–Uf = 75% yield lower

total cost index than that of base-no E3 case. This can be implied

that adjusting operating conditions can lower the total cost index

at the base conditions.

4. Conclusions

The performance of a thermally integrated SOFC system inte-

grated with a distillation column (SOFC-DIS) was presented in

this study. The heat exchanger network of the SOFC-DIS with-

out thermal integration (No-HX SOFC-DIS) at the base conditions

was first investigated. QCmin of 73.4 kW and QHmin of 0 kW were

required. The improvement of SOFC-DIS by changing process struc-

ture and utilizing internal heat sources (e.g. condenser duty and

hot water from the bottom of the distillation column) was then

examined. It was found that a utilization of condenser duty to

preheat an incoming bioethanol and a cathode recirculation sig-

nificantly helped reducing an energy demand for the reboiler and

the air heater, respectively and resulted in higher overall electri-

cal efficiency and lower total cost index. The system configuration

is so-called ‘CondBio-CathRec’. The MER network for the CondBio-

CathRec was then obtained. It was found that the MER network

can reduce QCmin of 73.4 kW in No-HX case to 55.9 kW. The heat

exchanger loop and utility path in MER network were further stud-

ied. It was found that eliminating high temperature distillate heat

exchanger (E3) yields the lowest total cost index. Conclusively,

the recommended network for SOFC-DIS at the base condition is

C3–C6–C1–C4–C5 that means the hot effluent from the afterburner

was designed to provide heat to an anode heat exchanger first and

then an external reformer, an air heat exchanger, a distillate down-

stream heat exchanger and finally a reboiler. The effect of operating

conditions on the network was then investigated. The results were

found that no pinch point occurs except for CEtOH = 41 mol% or the

cathode inlet temperature of 1100 K or TSOFC = 1173 K or Uf = 85%.

The MER network for the pinch case when TSOFC = 1173 K was inves-

tigated and found the higher total cost index. Lastly, the results

showed that TSOFC = 1173 K can become a threshold case when oper-

ating at lower/higher split fraction or lower fuel utilization. The

results found that the obtained threshold problem yields lower total

cost indexes than that of the pinch case (TSOFC = 1173 K). Moreover,

it can be noticed that changing operating conditions (e.g. lower

fuel utilization or higher split fraction) can achieve the lower total

cost index than that of the base conditions. Suitable operating con-

ditions which yield the lowest total cost index should be further

investigated.
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a b s t r a c t

This paper presents preliminary simulation results from the performance analysis of the integrated sys-

tems of calcium oxide (CaO)–carbon dioxide (CO2) capture unit and solid oxide fuel cell (SOFC). The

CO2 was extracted for further sequestration in the CaO–CO2 capture unit. Three configurations of the

integrated systems (CaO-Before-SOFC: CBS, CaO-After-SOFC: CAS and CaO-After-Burner: CAB) were con-

sidered. It was found that the CO2 capture efficiency (Ec) is dependent on CaO fresh feed rate (F0) and

CaO recycle rate (FR). The improvement of SOFC performance was only realized for the CBS system. The

SOFC performance increases with increasing CO2 Ec. The preliminary economic analysis was carried out

considering total additional cost per mole of CO2 captured. At a low percentage of CO2 capture (<42.5%),

the CBS system is the most suitable configuration while the CAS system becomes an attractive choice at

higher values. However, only the CAB system could be possible at a very high range of CO2 capture (>94%).

© 2008 Elsevier B.V. All rights reserved.

1. Introduction

Nowadays, global warming is considered to be an important

problem of the world. A major cause is arisen from a large emission

of carbon dioxide to the environment which has been particularly

driven by the growth of economics. Therefore, low-CO2-emission

processes are desired. Fuel cell is one of the novel processes for

electrical power generation via an electrochemical reaction of

hydrogen. Small amount of CO2 is emitted from the fuel cell. Among

a various type of fuel cell, solid oxide fuel cell (SOFC) is the most

promising process. Due to high electrical efficiency of SOFC, lower

amount of fuel is consumed, resulting in a lower amount of gener-

ated CO2. At present, a number of efforts have been carried out to

improve its efficiency. An integration of an SOFC with a CaO–CO2

capture unit is one of an attractive choice for electrical power gen-

eration. The use of the CaO–CO2 capture unit for CO2 sequestration

could further reduce the amount of CO2 emitted to the environ-

ment.

The in situ CaO–CO2 capture for shifting equilibrium of reac-

tion was studied [1–6]. A coal/H2O/CaO gasification system offers

a higher yield of hydrogen production compared to a conventional

coal/H2O gasification system [1]. Methane steam reforming reac-

∗ Corresponding author. Tel.: +66 2 218 6868; fax: +66 2 218 6877.

E-mail address: Suttichai.A@chula.ac.th (S. Assabumrungrat).

tion (MSR) combined with CaO-carbonation showed a potential

benefit on CO2 acceptor and hydrogen production at 1023 K [2].

The simulation of in situ carbonation of CaO in MSR was studied

[3,4] and the kinetics of the carbonation of CaO were proposed. The

addition of CaO in a methane steam reforming system can increase

the purity of hydrogen to be higher than 95% in a laboratory-scale

operation [5]. The similar result was also reported in an ethanol

steam reforming with addition of CaO [6].

Although CaO is a good candidate for CO2 capture, the main

problem of CaO–CO2 capture is the generation of CaCO3. There-

fore, a carbonation–calcination cycle of CaO was considered as

reported in many researches [7–10]. Gupta and Fan [7] used the

reaction based on the cycle of separated CO2 with CaO from flue

gas. Sintering of CaO sorbent was not observed within 2–3 cycles of

carbonation–calcination at 973 K. However, carbonation conversion

decreased with increasing the number of cycles [8,9]. Abanades [10]

proposed an expression for calculating the maximum CO2 capture

efficiency of CaO.

Some researchers have investigated the combined system of fuel

cell and CO2 capture unit to improve the system efficiency and

reduce the global warming gas. Amorelli et al. [11] reported that

a 1.6 MW MCFC-gas turbine (MCFC/GT) incorporated with a CO2

capture unit could reduce the CO2 emission by 50% from the con-

ventional MCFC/GT system. Moreover, Fredriksson Möller et al. [12]

showed that an SOFC/GT system can be operated at an electrical

efficiency close to 65% when incorporating with a CO2 capture unit.

1385-8947/$ – see front matter © 2008 Elsevier B.V. All rights reserved.

doi:10.1016/j.cej.2008.11.040
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Nomenclature

aj constant in Eq. (11) (�m)

b constant in Eq. (4) (0.174)

bj constant in Eq. (11) (K)

dp particle diameter (m)

D diameter of reactor (m)

E open circuit voltage (OCV) (V)

Ec CO2 capture efficiency (%)

E0 reversible potential (V)

f constant in Eq. (4) (0.782)

fg gas friction factor [14]

fs solid friction factor [14]

F Faraday constant (96,485.34) (C mol−1)

F0 fresh feed rate of CaO (mol s−1)

FCO2
molar flow rate of CO2 (mol s−1)

FR recycle rate of CaO (mol s−1)

g gravity acceleration (m s−2)

i current density (A m−2)

i0 exchange current density (A m−2)

L length of reactor (m)

m exponent parameter in Eq. (15)

ne number of electron transfer

P total pressure (atm)

Pi partial pressure (atm)

R universal gas constant (8.31447×10−3)

(kJ mol−1 K−1)

T absolute temperature (K)

u velocity (m s−1)

Uf fuel utilization (%)

vt gas terminal velocity (m s−1)

V operating voltage (V)

Greeks letters

˛ electron transfer coefficient

ı thickness (m)

ε bed void fraction

�i overpotential (�m2)


 viscosity of fluid (Pa s)

� density (kg m−3)

�� specific ohmic resistance (�m)

Subscript

A anode

C cathode

f fluid

p particle

In this study, performances of various systems of SOFC inte-

grated with carbonation–calcination systems (SOFC–CaO system)

were simulated. The effects of location of CaO–CO2 acceptor in the

SOFC system, the CaO fresh feed rate, the CaO recycle rate and the

fuel utilization were studied in terms of amount of CO2 captured

and SOFC performance. Finally, preliminary economic analysis was

also considered.

2. Theory

2.1. Methane steam reforming

Methane steam reforming is the conventional route for hydro-

gen production. The major reactions taking place in the reactor are

methane steam reforming (MSR, Eq. (1)) and water gas shift reaction

(WGSR, Eq. (2)).

CH4+H2O � CO + 3H2 (1)

CO + H2O � CO2+H2 (2)

CH4+2H2O � CO2+4H2 (3)

In order to avoid a carbon formation problem, the molar ratio of

H2O:CH4 in the feed stream should be higher than 2.5 [13]. In this

work, it was assumed that the gas exiting the reformer is at its

equilibrium composition.

2.2. CaO–CO2 acceptor systems

Carbonation reaction of calcium oxide (CaO) can convert

carbon dioxide (CO2) to calcium carbonate (CaCO3) whereas

CaCO3 can reverse to CaO at high temperature calcinations. The

carbonation–calcination cycle for CO2 separation is illustrated in

Fig. 1. The maximum efficiency of CO2 capture can be expressed as

follows [10]:

Ec = FR + F0

F0 + FCO2

·
(

f · F0

F0 + FR(1− f ) + b
)

(4)

where b = 0.174, f = 0.782, F0 is fresh feed rate of CaO, FR is feed

recycle rate of CaO and FCO2
is feed rate of CO2.

The circulating fluidized bed was chosen for the CaO

carbonation–calcination operation. The constraint of circulating

fluidized bed is that gas velocity (v) must be higher than gas termi-

nal velocity (vt), (v > vt) (Eq. (5)). Pressure drop along the reactor

can be calculated by Eq. (6) [14].

vt =
g(�p − �f )d2

p

18

(5)

�P

L
= �p(1− ε)g + �f εg +

2fg�f u
2
f

D
+ 2fs�p(1− ε)u2

p

D
(6)

2.3. SOFC

An SOFC unit consists of two porous ceramic electrodes (i.e., an

anode and a cathode) and a solid ceramic electrolyte. In theory, both

hydrogen and CO can react electrochemically with oxygen ions at

the anode of the SOFC cells. However, it was reported that about

98% of current is produced via H2 oxidation in common situations

[15]. Therefore it was assumed in this study that the CO electro-

oxidation is neglected. The theoretical open-circuit voltage of the

cell (E), which is the maximum voltage under specific operating

conditions, can be calculated from the following equations [16]:

E = E0 +
RT

2F
ln

(
PH2

P0.5
O2

PH2O

)
(7)

E0 = 1.253− 2.4516× 10−4T (8)

Fig. 1. Schematic diagram of a CaO–CO2 acceptor system.
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The actual voltage (Eq. (9)) is usually lower than the theo-

retical open-circuit voltage due to the presence of polarization

losses: ohmic polarization, activation polarization and concentra-

tion polarization [17].

V = E − (�Ohm + �Act + �Conc) (9)

The ohmic polarization (Eqs. (10) and (11)) is the resistance of

electrons through electrolyte and that of ions through electrodes.

The activation polarization (Eqs. (12)–(15)) is mostly illustration of a

loss for driving the electrochemical reaction to completion. The con-

centration polarization occurs due to the mass transfer limitation

through the porous electrodes.

Ohmic polarization:

�Ohm =
∑

�jıj (10)

�j = aj exp(bjT) (11)

Activation polarization:

i = i0
[

exp

(
˛neF�Act

RT

)
− exp

(
− (1− ˛)neF�Act

RT

)]
(12)

�Act =
2RT

neF
sinh−1

(
i

i0

)
; where˛ = 0.5 (13)

i0,A = 5.5× 108
(pH2

p

)(pH2O

p

)
exp

(
−100× 103

RT

)
(14)

i0,C = 7.0× 108
(pO2

p

)m
exp

(
−120× 103

RT

)
(15)

To simplify the calculation of the SOFC performance, it was

assumed that both fuel and oxidant are well-diffused through the

electrodes. Therefore, the concentration polarization losses (�Conc, A

and �Conc, C) are neglected. This assumption is valid when the cur-

rent density is not very high [18]. Table 1 summarizes the ohmic

polarization parameters of the cell components employed in this

work. It was also assumed that the gas composition in the anode

is always at its equilibrium as the rate of WGSR is fast particularly

at high operating temperatures of SOFC [15]. The model validations

Table 1
Ohmic polarization constants of Eqs. (10) and (11).

a b ı (�m)

Anode (Ni–YSZ) 2.98×10−5 −1,392 50

Cathode (LSM–YSZ) 8.11×10−5 600 50

Electrolyte (YSZ) 2.94×10−5 10,350 140

of methane steam reformer and fuel cell performance were per-

formed and good agreements with previous literatures [16,19] were

observed.

2.4. CaO–SOFC configurations

The conventional SOFC system is composed of a reformer, an

SOFC and an afterburner. First, methane and water are fed to the

reformer where methane steam reforming reaction and water gas

shift reaction take place. Then, the reformed gas, a mixture of hydro-

gen, carbon monoxide, carbon dioxide and unreacted reagents, are

fed to the SOFC unit. Oxygen is reduced, permeated through an elec-

trolyte and then reacted with hydrogen at the anode. After that,

the exhaust gas is fed to the afterburner where residual fuels are

combusted, providing heat to other parts of the system. Fig. 2(a–c)

shows the SOFC systems with different configurations: (a) the SOFC

system incorporated with a CaO–CO2 acceptor before the SOFC unit

(CaO-Before-SOFC: CBS), (b) the SOFC system incorporated with a

CaO–CO2 acceptor after the SOFC unit (CaO-After-SOFC: CAS) and

(c) the SOFC system incorporated with a CaO–CO2 acceptor after the

afterburner unit (CaO-After-Burner: CAB). Because the amount of

CO2 produced varies among the different streams in the system, the

location of the CaO–CO2 capture unit could affect the performance

of the SOFC system. Table 2 summarizes the standard operating

condition of the SOFC with the CaO–CO2 acceptor.

2.5. Economic analysis

Economic analysis was carried out to compare the costs of differ-

ent SOFC systems incorporated with a sequential CaO–CO2 capture

unit. The total capital cost includes the costs of compressor, SOFC

stack (1500 $/m2) [18] and CaO (60 $/ton). The compressor cost was

Fig. 2. Schematic diagrams of (a) CBS system, (b) CAS system and (c) CAB system.
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Fig. 3. Molar flow rates of different gases in the conventional SOFC system (Uf = 90%, TR = 973 K and TSOFC = 1073 K).

estimated from the following expression [20]:

Cost of compressor ($) = 1.49 ·HP0.71 × 103 (16)

where 10 < HP < 800.

3. Results and discussion

Fig. 3 shows molar flow rates of different gases in the

conventional SOFC system operated at Uf = 90%, TR = 973 K and

TSOFC = 1073 K. Methane of 1 mol s−1 and water of 3 mol s−1 were

fed to the system. The CO2 flow rates of the streams before SOFC,

after SOFC and after the burner are 0.4246, 0.9373 and 1.0 mol s−1,

respectively. Therefore, different amount of CO2 can be captured

when the CaO–CO2 acceptor is installed at different places in the

system. The flow rate of CO2 after the reformer (before the SOFC)

is still low as the WGSR is a mildly exothermic and therefore CO is

not favorably converted to CO2 at this high reforming temperature

(973 K). The flow rate of CO2 increases in the SOFC as hydrogen is

consumed, generating H2O which can further convert CO to CO2 by

WGSR in the anode channel. Finally, the flow rate of CO2 becomes

the highest after all spent fuels are completely combusted in the

afterburner.

The effects of fresh CaO feed (F0) and recycle rate of CaO (FR) on

maximum CO2 capture efficiency (Ec) for the CBS, CAS and CAB sys-

tems are shown in Fig. 4(a–c). As indicated in Eq. (4), the maximum

CO2 capture efficiency (Ec) depends on the flow rate of fresh CaO

feed (F0), the recycle rate of CaO (FR) and the concentration of CO2

in the stream inlet. All figures show that the CO2 capture efficiency

increases with increasing fresh CaO feed (F0) and recycle rate of

used CaO (FR). Therefore, a higher Ec can be achieved by increasing

F0 and/or FR.

The SOFC performance in the case of CBS at various values of

fuel utilization (Uf) and CO2 capture efficiency (Ec) is illustrated

in Fig. 5. Solid lines represent the obtained power density of the

conventional SOFC system while dashed lines represent the power

density at different values of Ec ranging from 50 to 90%. It is obvious

Table 2
Standard condition.

Parameter Value

CH4 feed rate 1 (mol s−1)

H2O:CH4 feed ratio 3 (–)

Temperature of SOFC (TSOFC) 1073 (K)

Temperature of reformer (TR) 973 (K)

Temperature of carbonation of CaO 873 (K)

Temperature of calcination of CaCO3 1173 (K)

Air:CH4 feed ratio 15 (–)

Temperature of reformer (TR) 973 (K)

Density of CaO (�CaO) 1503 (kg m−3)

Bed void fraction (ε) 0.45 (–)

Particle size of CaO 0.5 (mm)

Length:diameter ratio of CaO acceptor (L/D) 10 (–)

that the CBS can improve the SOFC performance. This is particu-

larly pronounced at a higher efficiency of CO2 capture. It should be

noted that the SOFC performance improvement is not realized in

the CAS and CAB systems as the feed composition of the SOFC is not

Fig. 4. Effects of CaO fresh feed rate (F0) and CaO recycle rate (FR) on CO2 capture

efficiency (Ec): (a) CBS, (b) CAS and (c) CAB (TR = 973 K).
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Fig. 5. Comparison of SOFC performance between CBS and conventional SOFC

systems at various values of CO2 capture efficiency (Ec) and fuel utilization (Uf)

(TR = 973 K, TSOFC = 1073 K).

Fig. 6. Performance improvement of CBS system (V = 0.56 V, TR = 973 K,

TSOFC = 1073 K).

influenced by the presence of the CaO–CO2 acceptor. Therefore, the

SOFC performance of CAS and CAB system is not different from the

conventional system without the CaO–CO2 acceptor. Fig. 6 shows

the SOFC performance improvement for the CBS system in term

of power density compared to that of the conventional system. The

SOFC performance increases with increasing the fuel utilization and

efficiency of CO2 capture. With Ec = 90% and Uf = 90%, the CBS can

increase the performance of SOFC by 8%.

A preliminary economic analysis of different SOFC–CaO systems

was carried out to determine a suitable place of the CaO–CO2 cap-

Fig. 7. Effect of CaO fresh feed rate on total in-process CaO flow rate (F0 + FR) for the

CAS system (TR = 973 K).

ture unit to be integrated in the SOFC system. With the presence of

the capture unit, some electrical power is required to operate the

compressor for fluidizing the CaO adsorbent. Furthermore, there is

the additional operating cost on the use of fresh CaO. In order to

achieve a minimum cost on compressor and compressor power, it

is desired to operate the CaO–CO2 capture unit at the condition in

which the total flow rate of CaO in the capture unit (F0 + FR) is at

minimum. Fig. 7 shows an example for determining a suitable F0

for the case of CBS. It is observed that the optimum F0 increases

with the increasing CO2 capture efficiency (Ec). The other systems

were also calculated on the same procedure. For comparison among

the different systems, total additional cost from the use of CaO–CO2

capture unit, which was assumed to be operated for 5 years, was

calculated taking into account the capital cost (extra SOFC area and

compressor) and the operating cost (cost of CaO). Table 3 shows an

example of the economic analysis for the systems with net electrical

power of about 400 kW (electrical efficiency = 45.9%) and %CO2 cap-

ture of 38.2%. It is observed that additional electrical power required

for operating the compressor in CAB systems is higher than the

CBS and CAS systems about 5 times. As the CO2 composition in the

exhaust gas from the afterburner is much lower than that of the

reformed gas and the anode gas from the SOFC, much higher elec-

trical power is required. Furthermore, the CAB system also showed

the highest requirement of SOFC area which is about twice of the

other systems. This is corresponding well with the required electri-

cal power. It should be noted that for the CBS system, a lower SOFC

area compared to that of the conventional SOFC system is observed

due to the improved SOFC performance as discussed earlier. From

Table 3
Economic analysis of CaO–SOFC system and conventional SOFC system.

Conventional CBS CAS CAB

CO2 reduction (%) – 38.2 38.2 38.2

Fuel utilization (Uf) (%) 90 90 90 90

Total electrical power production (kW) 401.39 401.39 401.39 401.39

Total electrical efficiency (%) 45.9 45.9 45.9 45.9

Electrical power (kW) 401.39 408.53 409.5 440.07

SOFC area (m2) 723.86 719.24 794.59 1,406.06

Compressor power (kW) – 7.14 8.11 38.69

Operating voltage (V) 0.58 0.59 0.59 0.63

Cost of SOFC area/$ (1500 $ m−2) 1,085,784 1,078,860 1,191,882 2,109,086

Compressor cost ($) – 6,018.95 6,585.89 19,969.23

Additional SOFC cost ($) – −6,924 106,097 1,023,301

FR of CaO (mol s−1) – 0.65269 0.29982 0.28209

F0 of CaO (mol s−1) – 0.25 0.335 0.34

Total CaO at start up (mol) – 0.90269 0.63482 0.62209

Operating cost of capture unit: 5 years/$ – 132,639 177,736 180,389

Total additional cost ($) – 125,715 283,833 1,203,690

CO2 reduction: 5 years/mol – 66.9×106 66.9×106 66.9×106

Total additional cost:mol of CO2 captured ($ mol−1) NA 0.0019 0.0042 0.0180
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Fig. 8. Effect of electrical efficiency on total additional cost per mole of CO2 captured

(Uf = 90%, TSOFC = 1073 K, CO2 capture rate = 0.382 mol s−1).

Fig. 9. Economic analysis of CBS, CAS and CAB system (TR = 973 K, TSOFC = 1073 K).

the comparison, it is observed that at 38.2% CO2 capture the CBS sys-

tem is the most attractive system due to the lowest total additional

cost and total additional cost per mole of CO2 captured.

Fig. 8 shows the total additional cost per mole of CO2 captured

at various values of electrical efficiency (41.4, 45.9 and 52.7%). It is

obvious that the cost per mole of CO2 captured increases when the

overall system is operated at a higher electrical efficiency. However,

the increase is much less pronounced for the CBS system having

improved SOFC performance.

Fig. 9 shows the total additional cost per mole of CO2 captured

at various levels of CO2 capture. The solid lines represent the case

with an electrical efficiency of 48.6% while dash lines represent that

with an electrical efficiency of 41.3%. It is obvious that for each level

of %CO2 capture, the additional cost per mole of CO2 captured is in

the order: CBS < CAS < CAB. However, the maximum %CO2 capture

varies among the systems. From the study it is suggested that at

a low range of %CO2 capture (<42.5%) the CBS system is the best

configuration. At a higher range, the CAS system is recommended.

However, at a very high value (>94%) the CAB system is the only pos-

sible configuration for operation. It should be noted that although

the energy balance has not been considered in this study, our cal-

culations indicate that the exothermic energy from the SOFC stack,

the after-burner and the carbonation reaction is sufficient to pro-

vide the heat to the heat-consuming units in the integrated system

such as the feed preheaters, the reformer and calcination reaction.

In addition, for practical operation, design of a heat exchanger net-

work for the integrated system of CaO–CO2 capture unit and SOFC

is required. The design needs to take into account the periodic oper-

ation nature of the CaO–CO2 capture unit.

4. Conclusions

The SOFC system integrated with a CaO–CO2 capture unit was

investigated in this study. The effect of location of the CaO–CO2

capture unit in the SOFC system (i.e., CaO-Before-SOFC; CBS, CaO-

After-SOFC; CAS and CaO-After-Burner; CAB) and other operating

parameters on the amount of CO2 captured, SOFC performance and

economic analysis was considered. It was found that all SOFC–CaO

systems can reduce the CO2 emission; however, only the CBS sys-

tem can improve performance of SOFC. Economic analysis was

carried out to compare the different systems. It was indicated that

the additional cost per mole of CO2 captured follows the order:

CBS < CAS < CAB. However, the selection of a suitable system signif-

icantly depends on the level of CO2 capture.
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a b s t r a c t

In the present work, mathematical models of indirect internal reforming solid oxide fuel

cells (IIR-SOFC) fueled by methane were developed to analyze the thermal coupling of an

internal endothermic reforming with exothermic electrochemical reactions and determine

the system performance. The models are based on steady-state, heterogeneous, two-

dimensional reformer and annular design SOFC models. Two types of internal reformer i.e.

conventional packed-bed and catalytic coated-wall reformers were considered here. The

simulations indicated that IIR-SOFC with packed-bed internal reformer leads to the rapid

methane consumption and undesirable local cooling at the entrance of internal reformer

due to the mismatch between thermal load associated with rapid reforming rate and local

amount of heat available from electrochemical reactions. The simulation then revealed

that IIR-SOFC with coated-wall internal reformer provides smoother methane conversion

with significant lower local cooling at the entrance of internal reformer.

Sensitivity analysis of three important parameters (i.e. flow direction, fuel inlet tempera-

ture and operating pressure) was then performed. IIR-SOFC with conventional counter-

flow pattern (counter-flow of air and fuel streams through fuel cell) was compared to that

with co-flow pattern. It was found that IIR-SOFC with co-flow pattern provides higher

voltage and smoother temperature gradient along the system. Lowering the fuel inlet

temperature results in smoother temperature profile at the entrance of the reformer, but

leads to the increase in cell overpotentials and consequently reduces the cell voltage.

Lastly, by increasing operating pressure, the system efficiency increases; in addition, the

temperature dropping at the entrance of internal reformer is minimized.

ª 2008 International Association for Hydrogen Energy. Published by Elsevier Ltd. All rights

reserved.

1. Introduction

Solid Oxide Fuel Cell (SOFC) with an indirect internal

reforming operation, as called IIR-SOFC, is expected to be an

important technology for energy generation in the near future

[1–3]. Regarding this operation, endothermic reforming reac-

tion takes place at reformer, which is in close thermal contact

with anode side of SOFC where exothermic electrochemical

* Corresponding author.
E-mail address: navadol_l@jgsee.kmutt.ac.th (N. Laosiripojana).

Avai lab le at www.sc iencedi rect .com

journa l homepage : www.e lsev ie r . com/ loca te /he

0360-3199/$ – see front matter ª 2008 International Association for Hydrogen Energy. Published by Elsevier Ltd. All rights reserved.
doi:10.1016/j.ijhydene.2008.10.055

i n t e r n a t i on a l j o u r n a l o f h y d r o g e n en e r g y 3 4 ( 2 0 0 9 ) 4 1 0 – 4 2 1

                                             52



reaction occurs. IIR-SOFC gives advantage in terms of elimi-

nating the requirement of separate fuel reformer, providing

good heat transfer between reformer and fuel cell, and pre-

venting anode material from carbon deposition. IIR-SOFC can

be designed like an annular configuration as illustrated

schematically in Fig. 1 [4,5]. According to this design, the

primary fuel (e.g. methane) and steam firstly introduce

through an internal reformer, located in the middle of SOFC

system, where endothermic steam reforming takes place. At

the end of this internal reformer, all product gases flow

backward through the anode side of SOFC, where exothermic

electrochemical reaction occurs. Heat generated from elec-

trochemical reaction and from ohmic losses at actual opera-

tion [2,6] is efficiently consumed by reforming reaction and

expected to provide autothermal operation. Typically, the

internal reformer is designed as packed-bed configuration [7]

containing of pellet or powder shape of Ni-based catalysts (e.g.

Ni/Al2O3 and Ni/YSZ). Previously, several works on the reac-

tivity toward methane steam reforming and the kinetic

models of Ni-based catalyst have widely been reported [8–12].

Among them, one of the well-known methane steam

reforming kinetic model and reaction mechanism over Ni/

MgAl2O4 catalyst were reported by Xu and Froment [8]; their

equations are applied in the present work.

It is well established that the main drawback of IIR-SOFC is

possible mismatch between rates of endothermic and

exothermic reactions, which leads to significant local

temperature reduction particularly near the entrance of

internal reformer and consequently results in mechanical

failure due to thermal induced stresses [3,4]. It was also

reported that the endothermic steam reforming over conven-

tionalNi-based reforming catalyst is predicted to be too fast for

indirect internal reforming operation [13]. Previously, there

have been several attempts to minimize this problem e.g. by

applying catalyst with lower reforming reactivity [13] or by

introducing someoxygenat the feedas autothermal reforming

[14]. Here, we present another alternative procedure by

applying catalytic coated-wall reformer instead of the

conventional packed-bed configuration. The benefits of

coated-wall reformer with catalyst wash-coated at inside

surface are its excellent heat transfer characteristics and low

pressure drop across the reactor. In addition, as the amount of

catalyst per volume for the catalytic coated-wall reactor is

much lower than that for the catalytic packed-bed reactor, this

could be a great benefit for the application in IIR-SOFC, where

only lowmethane steam reforming activity is required [15,16].

In the present work, a set of mathematical modeling was

developed in order to predict the behaviors (in terms of cell

performance and temperature gradient along the cell) of

tubular IIR-SOFC with typical packed-bed and coated-wall

internal reformers and fueled by methane. The developed

model was coded in COMSOL� program within 2-D axial

dimension application with an aim to determine the effect of

operating conditions (i.e. inlet fuel temperature, operating

pressure, and gas flow pattern) on cell performance and

temperature profile along each section of IIR-SOFC system (i.e.

reformer channel, fuel channel, and air channel). From this

study, the suitable operating conditions of IIR-SOFC system

fueled by methane were identified.

2. Mathematical models

2.1. Model geometry

Schematic diagrams of IIR-SOFC with either internal packed-

bed or coated-wall reformer are shown in Fig. 1(a) and (b),

respectively. According to both configurations, methane and

steam are converted to hydrogen-rich gas at internal reformer

before introduced to fuel channel of tubular SOFC. Simulta-

neously, air is fed with opposite flow direction through air

channel. It is noted that all dimensions and physical proper-

ties of SOFC system in the present work, which are summa-

rized in Table 1, are based on previous reports from literatures

[17–20].

2.2. Model assumption and equations

The model was developed as the smallest single unit cell

taking into account the effect of temperature on gas

Fig. 1 – Schematic view of IIR-SOFC with an indirect internal reforming ((a) packed-bed reformer and (b) coated-wall

reformer).
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distribution, reactant conversion, and charge transfer. All

assumptions made are:

� Each section is considered as non-isothermal steady-state

conditions.

� Ideal gas behavior is applied for all gas components.

� Pressure drop in SOFC stack and coated-wall reformer are

neglected.

� Fuel utilization was fixed constantly at 80% along the cell

coordinate.

A number of equations were applied to predict concen-

tration and temperature gradients along this tubular IIR-SOFC

system. Details for these set of equations are presented below:

2.2.1. Gas distribution
Brinkman equation (Eq. (1)) was applied to calculate gas

distribution in catalytic packed-bed and electrodes (consid-

ering the effect of porous media on gas flow character and

velocity gradient), while incompressible Navier–Stokes equa-

tion (Eq. (2)) [21] was used to predict gas flow pattern in all gas

channels.

Vp ¼ � m

kp
v!þ ~mV2 v! (1)

v!Vðr v!Þ ¼ �Vpþ mV2 v!þ S (2)

where v! is fluid velocity, r is density, p is pressure, ~m is

effective viscosity, kp is permeability, and S is source term

(which is neglected). It is noted that the influences of pressure

and velocity gradient on gas diffusion properties were taken

into account by applying molecular diffusion and binary

diffusion equations (Eqs. (3) and (4), respectively) [22].

Di;mix ¼ �1� yi

�,X
j;js1

�
yj=Dij

�
(3)

Di;j ¼
�
0:00143

�
T1:75=pM1=2

i;j

h
g
1=3
i þ g

1=3
j

i2
(4)

where Di,mix and Di,j are molecular diffusion and binary

diffusion flux of species i in mixed gas (m2/s), yi is the mole

fraction of species i, p is pressure, Mi,j¼ 2/(1/Miþ 1/Mj) and Mi

is molecular weight of component i, and g is the special

diffusion volume (reported by Fuller et al. [23]). It is noted that,

in the case of porous media, the diffusion behavior was cor-

rected by applying porosity (3) and tortuosity (s); as called

effective diffusivity coefficient, Di,pmix
e (Eq. (5)). Furthermore,

gas diffusion through porous media, Di,pmix, was explained by

twomechanisms i.e. molecular diffusion (Di,mix) (from Eq. (6)),

and Knudsen diffusion (Di,ku) [24] (from Eq. (7)) depending on

the relation between pore diameter (dp) andmean free path of

molecular species.

De
i;pmix ¼ 3

s
Di;pmix (5)

1
Di;pmix

¼ 1
Di;mix

þ 1
Di;ku

(6)

Di;ku ¼ 1
3
dp

ffiffiffiffiffiffiffiffiffi
8RT
pMi

s
(7)

where R is universal gas constant.

2.2.2. Energy transfer
Heat transfer phenomena considered in this system involves

the conduction along stack materials, convection from heat

flow though the system. Furthermore, it has to concern the

radiation between the reformer and the SOFC [25,26]. The

calculated gas properties were referred as function of

temperature; thus momentum, mass and energy balances

were linked to each others. It should be noted that, in all gas

flow channels, both conduction and convection heat transfer

Table 1 – Steady-state 2-D dimensional model for tubular packed-bed reformer and coated-wall reformer. Q6

Packed–bed reforming model

Mass Balance Vð � DiVci þ ci v
!Þ � rB

X
niRrefrom ¼ 0 (16)

Energy Balance V
�
v!rcpT

�� VðliVTÞ þ
X

DHreformRreform ¼ 0 (17)

Boundary

z¼ 0; r� 0; ur¼ 0, vr¼ vr,in, ci,r¼ cr,in, Tr¼ Tr,in

r¼ rr; z� 0; n,ðkVTÞ ¼ lr;fðTr � Tf Þ þ
sAsðT4

r � T4
sÞ

1
3r

þ Ar

As
ð1
3s

� 1Þ
Coated-wall reforming model

Mass Balance Vð � DiVci þ ci v
!Þ ¼ 0 (18)

Energy Balance V
�
v!rcpT

�� VðliVTÞ ¼ 0 (19)

Boundary

z¼ 0; r� 0; ur¼ 0, vr¼ vr,in, ci,r¼ cr,in, Tr¼ Tr,in

r¼ rr; z� 0; n,Ni ¼ 1
SactAact

P
niRj

n,ðkVTÞ ¼ lrfðTr � TfÞ þ
P

DHreformRreform þ sAsðT4
r � T4

sÞ
1
3r

þ Ar

As
ð1
3s

� 1Þ

Table 2 – Resistivity of cell components, Ni-YSZ/YSZ/
LSM-, (S.H. Chan 2001).

Anode resistance constant a¼ 0.0000298, b¼�1392

Cathode resistance constant a¼ 0.0000811, b¼ 600

Electrolyte resistance constant a¼ 0.0000294, b¼ 10350
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were considered; and the heat capacity and conductivity of

gas species were set as function of temperature [22].

2.2.3. Reforming model
As mentioned earlier, methane steam reforming reaction in

the present work was simulated based on intrinsic rate

equations and parameters reported by Xu and Froment [8].

The content of gas species in reformer is mainly related to

catalyst density, catalyst active area and the thickness of

coated catalyst layer (for coated-wall configuration). Further-

more, according to literatures [16,27], pressure drop in coated-

wall reactor is considered negligible. Here, we considered that

the temperature of reformer is affected by heat transfer

convection in gas stream, heat of reactions, conductive heat

Table 3 – steady-state 2 D dimensional model for tubular SOFC.

Fuel Channel

Mass balance Vð � DiVci þ ci v
!Þ �

X
niRelec ¼ 0 (20)

Energy balance V
�
v!rcpT

��XVðliVTÞ ¼ 0 (21)

Boundary

z¼ L; r� 0; uf¼ ur, vf¼ vr, pf¼ pr, ci,f¼ ci,r, Tf¼ Tr

r¼ rr; z� 0; n,ðkVTÞ ¼ hrf ðTf � TrÞ
r¼ rf; z� 0; n,NH2 ;f ¼ �JH2=2F, n,NH2O;f ¼ JH2=2F

n,NCO;f ¼ �JCO=2F, n,NCO2 ;f ¼ JCO=2F

n,ðkVTÞ ¼ hfsðTs � TfÞ
Solid Cell

Energy balance
V
�
v!rcpT

�� VðlsVTÞ þ
X

DHelec þ
sAs

�
T4
r � T4

s

�
1
3r
þ Ar

As

�
1
3s

� 1

� ¼ 0 (22)

Boundary

Anode/electrolyte interface; n,ðkVTÞ ¼PDHelecRelec þ Jhtotal
r¼ rf; z� 0; n,ðkVTÞ ¼ hfsðTs � Tf Þ
r¼ rs; z� 0; n,ðksaVTÞ ¼ lsaðTa � TsÞ

Air channel

Mass balance Vð � DiVci þ ci v
!Þ ¼ 0 (23)

Energy balance V
�
v!rcpT

��XVðliVTÞ ¼ 0 (24)

Boundary

z¼ 0; r� 0; ua¼ 0, va¼ va,in, ci,a¼ ca,in, Ta¼ Ta,in

r¼ ra; z� 0; n,NO2 ;f ¼ �JO2=2F

n,ðkVTÞ ¼ lfsðTs � TfÞ
r¼ ra; z� 0 n,ðkVTÞ ¼ 0

Fig. 2 – I–V curve validation between the simulation results

in the present work with the experimental results from

literature [28].

Table 4 – Constant parameter values of a tubular IIR-SOFC
system.

Parameter Value Reference

Fuel cell Length 0.60 m Zhu et al. [20]

Reformer radius 2� 10�3 m Zhu et al. [20]

Inside radius

of the cell

5.4� 10�3 m Zhu et al. [20]

Anode thickness 1� 10�3 m Zhu et al. [20]

Electrolyte thickness 4� 10�5 m Zhu et al. [20]

Cathode thickness 5� 10�5 m Zhu et al. [20]

Anode permeability 1� 10�12 Costamagna et al. [28]

Cathode permeability 1� 10�12 Costamagna et al. [28]

Average density

of triple phase

633.73 kg/m3 Xue et al. [19]

Average specific

heat of triple phase

574.3 J/kg/K Xue et al. [19]

Anode thermal conductivity 6.23 W/m/K Xue et al. [19]

Electrolyte conductivity 2.7 W/m/K Xue et al. [19]

Cathode thermal conductivity 9.6 W/m/K Xue et al. [19]

Convection coefficienct

in the fuel channel

2987 W/m2/K Xue et al. [19]

Convection coefficienct

in the air channel

1322.8 W/m2/K Xue et al. [19]

i n t e r n a t i o n a l j o u rn a l o f h y d r o g e n en e r g y 3 4 ( 2 0 0 9 ) 4 1 0 – 4 2 1 413

                                             55



transfers from fuel channel, and also radiation from the solid

cell. All mass and heat balance equations for IIR-SOFC system

in the present work are given in Table 1.

2.2.4. SOFC model
Typically, all electrochemical reactions take place at elec-

trodes and electrolyte interface to generate electricity from

both hydrogen and carbon monoxide. Here, the cell voltage is

theoretically calculated from Nernst Equation. It is noted that

actual voltage is always less than the theoretical value due to

the presence of activation loss and the concentration and

ohmic overpotentials [2,6]:

2.2.4.1. Activation loss. Activation loss, hact, is the activation

barrier of electrochemical reaction at electrode, which is

significant at low current density [2]. This overpotential is

determined from Butler–Volmer equation, Eq. (8). The rela-

tions of current density with hydrogen and oxygen concen-

trations at electrodes are given in Eqs. (9) and (10) [28]. Since

the expression of activation loss from carbon monoxide

oxidation is not well ascertained, the current density from CO

is assumed to be 3 times lower than that fromH2 (Eq. (11)) [29].

j ¼ j0

	
exp

�
a
neF
RT

hact

�
� exp

�
ð�ð1� aÞneF

RT
hact

�

(8)

j0;H2
¼ wanode

 
pH2

pref

! 
pH2O

pref

!
exp

�
� Eact;anode

RT

�
(9)

j0;O2
¼ wcathode

 
pO2

pref

!0:25

exp

�
� Eact;cathode

RT

�
(10)

j0;CO ¼ 1
3
j0;H2

(11)

where j0 is exchange current density, j is current density, w is

exchange current density constant, a is charge transfer

Fig. 3 – (a) Concentration profiles in the reformer (white symbols) and fuel channel (black symbols) of IIR-SOFC with packed-

bed reformer (at base case conditions). (b) Results from COMSOL� represented mole fraction of CH4 in the reformer and fuel

channel of IIR-SOFC with packed-bed reformer (at base case conditions).
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coefficient, ne is number of electron, F is Faraday’s constant

and Eact is activation energy.

2.2.4.2. Concentration overpotential. This overpotential, hcon,

is caused by the dropping of pressure or partial pressure of

reactant gases along porous electrodes at reaction sites [2].

The diffusion at bulk zone as defined in term of concentration

overpotential is given in Eq. (12) [30,31]. This overpotential is

normally reduced at high current density. According to the

works from Suwanwarangkul et al. [32] and Hernández-

Pacheco et al [33], the dusty gasmodelwas applied to calculate

concentration at active site.

hcon ¼ RT
2F

ln

 
p�
H2
pH2O

pH2
p�
H2O

!
þ RT

2F
ln

 
p�
COpCO2

pCOp�
CO2

!
þ RT

4F
ln

 
p�
O2

pO2

!
(12)

where * represent gases partial pressure at active site.

2.2.4.3. Ohmic overpotential. This overpotential, hohm, occurs

from the ion transport across the cell, which mainly depends

on ionic conductivity of cell material [2]. By applying ohm’s

law, the relation of ohmic overpotential and material resis-

tivity is given in Eqs. (13)–(14) [17], in which the resistivity is

determined from Eq. (15) based on the data in Table 2.

hohm ¼ jRohm (13)

Rohm ¼ ud

Aelec
(14)

u ¼ aexpðb=TÞ (15)

where Rohm is ohmic resistance, u is ionic conductivity, d is

thickness of electrode or electrolyte layer, and a, b are

constant properties of material. The governing equation of

mass and heat transfers for anode SOFC are summarized in

Table 3. It should be noted that the I–V curve obtained from

the developed model in the present work was validated with

the work from Leng et al. [18], as shown in Fig. 2. Clearly, the

results are in good agreement.

3. Results and discussion

3.1. Modeling of IIR-SOFC as base case

IIR-SOFC model was firstly simulated at 1173 K and 1 bar. The

inlet fuel (methane and steam) with carbon to steam ratio of

1/3 was fed to internal reformer with the total flow rate of

14.2 cm3 s�1, whereas the inlet air flow rate to the cathodewas

94.24 cm3 s�1 (theoretical oxygen ratio). It is noted that the

requirement of high air flow rate for internal stack cooling

becomes less demanding under IIR-SOFC operation [14]. In

addition, the fuel utilization was always kept at 80%. Based on

the same rate of electrochemical reactions of H2 and CO at the

anode, the obtained electrical power can be directly used to

compare the electrical efficiency among different operations.

Table 4 presents all related parameters of IIR-SOFC system

applied in the present work. Under these conditions, charac-

teristic results of this IIR-SOFC system i.e. methane conver-

sion, product gas distribution and temperature gradient along

internal reformer (either packed-bed or coated-wall reformer)

and SOFC channels (both fuel and air channels) are shown in

Figs. 3–6.

Fig. 3 presents the profiles of methane, steam, hydrogen,

carbon monoxide, and carbon dioxide mole fraction in

reformer and fuel channel of SOFC for IIR-SOFC with packed-

bed internal reformer. It can be seen that, due to the high

reforming reactivity, methane is completely consumed at the

first one fourth of the reformer; therefore, hydrogen and

carbonmonoxidemole fractions increase rapidly in this region

while methane and water decrease dramatically. At the outlet

of the reformer, the product gas (consisting of 72%H2, 14% CO,

12% H2O, and 2% CO2) flows backward into fuel channel of

SOFCwhere H2 and CO are electrochemically converted to H2O

and CO2. At the outlet of fuel channel, the stream consists of

47% H2O, 40% H2, 11% CO2, and 2% CO; and under these base

case conditions, the terminal cell voltage is 0.682 V.

Fig. 4 presents temperature profiles of reformer, fuel and

air channels for this IIR-SOFC system (with packed-bed

internal reformer). It can be seen that the heat generated from

fuel cell side is sufficient for internal reforming operation [34].

Nevertheless, a significant local cooling associated with indi-

rect internal reforming operation takes place, and the

reformer temperature decreases rapidly (from 1173 K to the

lowest 1030 K) at the first half of the reformer length. This

local cooling is not compatible with ceramic components of

SOFC and therefore requires an alternative procedure for

operation i.e. applying a coated-wall internal reformer.

3.2. Coated-wall internal reformer vs. packed-bed
internal reformer

Fig. 5 shows the mole fraction profiles of all gas presenting in

the reformer and SOFC fuel channel for IIR-SOFC with
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Fig. 4 – Temperature profiles of the reformer, fuel and air

channels (Tr, Tf and Ta respectively) for IIR-SOFC with

packed-bed reformer (at base case conditions).
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coated-wall internal reformer. Unlike the result in Fig. 3,

methane conversion profile is smoother than that observed

from the IIR-SOFC with packed-bed reformer; and all inlet

methane is completely converted at approximately 80% of the

reformer length (the outlet stream from the reformer consists

of 62% H2, 18% CO, 18% H2O, and 2% CO2). Slightly lower

content of hydrogen and higher content of carbon monoxide

are generated compared to IIR-SOFCwith packed-bed internal

reformer; these differences could be related to the level of

water–gas shift reaction taking place in the reformer.

The product gas from reformer flows backward into fuel

channel of SOFC,where electrochemical reaction occurs. Fig. 6

presents temperature profiles of reformer, fuel and air chan-

nels for this IIR-SOFC system (with coated-wall internal

reformer). Clearly, lower local cooling takes place, and the

reformer temperature decreases only 89 K from the inlet

temperature (compared to 143 K in the case of IIR-SOFC with

packed-bed internal reformer). Therefore, IIR-SOFC with

coated-wall internal reformer is more compatible with

ceramic components of SOFC than IIR-SOFC with packed-bed

internal reformer. It is also noted that, under these inlet

conditions, the terminal cell voltage from IIR-SOFC with

coated-wall internal reformer is 0.664 V, which is close to

0.682 V observed from IIR-SOFC with packed-bed internal

reformer. Importantly, Fig. 7 compares the power density and

electrical efficiency achieved from both configurations; it can

be seen that IIR-SOFC with coated-wall internal reformer

provides significantly greater power density with higher

electrical efficiency at the same operating conditions.

3.3. Effect of flow direction

According to the simulation results in Sections 3.1 and 3.2, it

can be noticed that IIR-SOFC with catalytic coated-wall

Fig. 5 – (a) Concentration profiles in the reformer (white symbols) and fuel channel (black symbols) of IIR-SOFC with coated-

wall reformer (at base case conditions). (b) Results from COMSOL� represented mole fraction of CH4 in the reformer and fuel

channel of IIR-SOFC with coated-wall reformer (at base case conditions).
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reformer is more appropriate than that with packed-bed

reformer in terms of power density, electrical efficiency and

temperature gradient along the system. As next step, the

effects of several operating parameters on the system

performance were studied in order to optimize the suitable

operating conditions for this IIR-SOFC system.

Theoretically, as for a typical heat exchanging system, flow

direction of exchanged fluids strongly affects the heat transfer

and reaction behavior in the fluid stream, thus the effect of

fuel and oxidant flow direction on the IIR-SOFC performance

was firstly considered. In Sections 3.1 and 3.2, air flow is

counter-flow to fuel flow in SOFC fuel channel. As an alter-

native option, the system behavior was analyzed as co-flow

pattern by changing mass and energy balances in air channel

along with their corresponding boundary conditions while

keeping all other operating conditions identical to those of

counter-flow pattern.
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Fig. 6 – Temperature profiles of the reformer, fuel and air

channels (Tr, Tf and Ta respectively) for IIR-SOFC with

coated-wall reformer (at base case conditions).

Fig. 7 – Power density and electrical efficiency achieved

from IIR-SOFC with packed-bed and coated-wall internal

reformer (at base case conditions).
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Figs. 8 and 9 present the temperature profiles of reformer,

fuel and air channels for IIR-SOFC with packed-bed internal

reformer (Fig. 8) and coated-wall internal reformer (Fig. 9) and

operated under co-flow pattern. It can be seen that while in

the case of counter-flow pattern, the temperature profiles

increase along the system and the maximum temperature

occurs at the outlet of air channel (Figs. 4 and 6); in the case of

co-flow pattern, the maximum temperature occurs at

approximate center of the system. Under counter-flow

pattern, the increasing of temperature along air flow direction

is mainly due to heat accumulation along SOFC system. For

co-flow pattern, heat is firstly generated at the end of the

system (z¼ 1) and then accumulated along air stream until

reaching the entrance of reforming regime (z¼ 0), where great

amount of energy is consumed, thus the temperature at

approximate center of the system is higher than the two ends.

It should be noted that the average temperatures in reformer,

fuel and air channels of IIR-SOFC with co-flow pattern is

higher than those of IIR-SOFC with counter-flow pattern; this

consequently leads to the greater amount of mean cell

temperature, lower overpotentials and thus higher efficiency

for IIR-SOFC with co-flow pattern.

Furthermore, according to simulation results for co-flow

pattern, the terminal voltage is 0.701 V (for IIR-SOFC with

packed-bed internal reformer) and 0.716 V (for IIR-SOFC with

coated-wall internal reformer), which are clearly higher than

those for IIR-SOFC with counter-flow pattern. In addition, the

comparison of power density and electrical efficiency ach-

ieved from IIR-SOFC system with counter-flow and co-flow

patterns (as shown in Fig. 10) indicates that the co-flow

pattern provides higher power density and electrical effi-

ciency. We therefore concluded here that IIR-SOFC with

co-flow pattern ismore satisfactory, thus the effects of further

parameters on system performance are investigated based on

IIR-SOFC with co-flow pattern.

3.4. Effect of fuel inlet temperature

It was reported in the literature that another alternative

procedure to reduce temperature gradient along the system is

to decrease the reforming reactivity at the reformer [2], which

can be done by reducing the reformer temperature since the

rate equations of methane steam reforming reaction are

expressed as a function of temperature. Typically, the

Fig. 10 – Power density and electrical efficiency achieved

from IIR-SOFC with packed-bed (black column) and coated-

wall internal reformer (white column) operated under

counter-flow and co-flow patterns.
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Fig. 11 – Effect of inlet fuel temperature on the temperature

profile of reformer for IIR-SOFC with packed-bed reformer

and operated under co-flow pattern.
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reformer temperature is controlled by several variables; one of

them is the fuel inlet temperature. Therefore, in the present

work, we investigated the effect of the fuel inlet temperature

on temperature gradient and cell performance by varying the

fuel inlet temperature from 1173 K to 1123 K and 1223 K. Figs.

11 and 12 show the influence of this parameter on tempera-

ture profile along IIR-SOFC with packed-bed and coated-wall

reformers, respectively. It can be seen that for both configu-

rations the dropping of temperature at the entrance of the

reformer reduced when the inlet temperature decreased.

Nevertheless, it was also found from the simulation that the

use of low fuel inlet temperature reduces the heat accumu-

lated in the system and consequently increases cell over-

potentials. For IIR-SOFC with packed-bed and reformer, the

cell voltage reduces from 0.729 V at the fuel inlet temperature

of 1223 K to 0.682 V at 1173 K and 0.651 V at 1123 K, while it

decreases from 0.736 V at 1223 K to 0.664 V at 1173 K and

0.638 V at 1123 K for IIR-SOFC with and coated-wall reformer.

Fig. 13 also indicates that the power density and electrical

efficiency also decrease with reducing the fuel inlet temper-

ature. Therefore, the use of lower fuel inlet temperature

should not be a practical option for IIR-SOFC operation.

3.5. Effect of operating pressure

As the last parameter studied in the presentwork, the effect of

operating pressure on temperature gradient and cell perfor-

mance was determined. Figs. 14–16 present the influence of

operating pressure (1 (base case), 5, and 10 bar) on tempera-

ture profiles of IIR-SOFC with packed-bed and coated-wall

Fig. 13 – Effect of inlet fuel temperature on power density and electrical efficiency achieved from IIR-SOFC with packed-bed

(black column) and coated-wall internal reformer (white column), operated under co-flow pattern.
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and operated under co-flow pattern.

T
e
m

p
e
r
a
t
u

r
e
 
(
K

)

Dimensionless axial (-)

0 0.2 0.4 0.6 0.8 1.0
1000

1100

1200

1300

1   bar

10 bar

Fig. 15 – Effect of operating pressure on the temperature

profile of reformer for IIR-SOFC with coated-wall reformer

and operated under co-flow pattern.

i n t e r n a t i o n a l j o u rn a l o f h y d r o g e n en e r g y 3 4 ( 2 0 0 9 ) 4 1 0 – 4 2 1 419

                                             61



reformer, respectively. It can be seen that the increase of

pressure significantly reduces the dropping of temperature at

the entrance of reformer for both configurations. This could be

due to the influence of pressure on gas diffusion (as explained

in Eq. (7)) and partial pressure of gas species in steam

reforming and electrochemical reactions since the extent of

steam reforming rate reaction decreases with increasing

pressure due to the thermodynamic restrictions and the

kinetic expressions in use [4].

It was also found that the increase of pressure results in the

higher open-circuit potential and consequently lower over-

potentials,which leads to the achievement of higher voltages. At

10 bar, the cell voltage increased to 0.732 V (for IIR-SOFC with

packed-bed internal reformer) and to 0.741 V (for IIR-SOFC with

coated-wall internal reformer). Thus, the increasing of operating

pressure is an effective way of reducing the temperature

gradient as well as increasing the cell performance.

4. Conclusion

The simulations indicated that IIR-SOFC with conventional

packed-bed internal reformer leads to the rapid methane

consumption and undesirable local cooling at the entrance of

reformer due to the mismatch between the rapid reforming

rate and the amount of heat available from electrochemical

reaction. In contrast, it was revealed that IIR-SOFC with

coated-wall internal reformer provides smoother methane

conversion and significant lower local cooling at the entrance

of internal reformer. According to above results, it seems that

IIR-SOFC with coated-wall internal reformer is more

compatible than that with packed-bed internal reformer.

Sensitivity analysis of several parameters was then per-

formed. IIR-SOFC with co-flow pattern (co-flow of air and fuel

streams through fuel cell) provides higher voltage and

smoother temperature gradient along the system than that

with counter-flow pattern. The reducing of fuel inlet temper-

ature results in smoother temperature profile at the entrance

of the reformer, but also leads to the increase in cell over-

potentials and consequently reduces cell voltage. Lastly, by

increase operating pressure, the system efficiency increases

and the degree of temperature dropping at the entrance of

internal reformer significantly reduces. Therefore, we

concluded here that the performance of IIR-SOFC fueled by

methane can be maximized by applying catalytic coated-wall

internal reformer with co-flowpattern and operatedwith high

operating pressure.
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List of nomenclatures

CP: specific heat of the gas streams, kJ/mol/K
Aact: external catalyst surface area ¼ pðdr � 2scatÞL=

pðd2r � ðdr � 2scatÞ2ÞL
ci: concentration, mol/m3

Di,j: binary diffusion, m2/s
Di,mix

e: the effective molecular diffusivity, m2/s
Di,ku: the Kundsen diffusivity, m2/s
dp: pore diameter, m
Eact: activation energy, kJ/mol
F: Faraday’s constant, 5,96,484 C/mol
DH: the change of heat of reaction, kJ/mol
j0: exchange current density, mA/cm2

j: current density, mA/cm2

jH2 : current density from hydrogen oxidation reaction,
mA/cm2

h: thermal conductivity, W/m2 K
Ni

D: the bulk molar diffusive flux of gas component, mol/m s
po: standard partial pressure, bar
pi: partial pressure of species i,
R: universal gas constant; 8.414 kJ/mol K
Relect: the hydrogen oxidation reaction rate, mol/m2 s
qrad: the heat flux from radiation,W/m2

Sact: specific surface area of catalyst
T: temperature, K
v!: fluid velocity, m/s
yi: the mole fraction of gas

Greek letters
r: density (kg/m3)
g: special Fuller et al. diffusion volume
w: exchange current density constant, (mA/cm2)
aa,c: charge transfer coefficient of anode and cathode
s: Stefan–Boltzmann coefficient
3: porosity
s: tortuosity
hcell: voltage drop of the whole cell, Volts
l: thermal conductivity (kJ/m/s/K)

Superscripts
*: active site

Subscripts
a: air channel
i: component (methanol, water, hydrogen, etc.)
j: reaction (SRM, WGS, etc.)
f: fuel channel
r: reformer
s: solid oxide fuel cell
Act: activation losses
Cell: cell stack
Con: concentration losses
ohm: ohmic losses
elec: electrochemical reactions
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a b s t r a c t

Thispaperpresentsa technical andeconomicanalysisofasolidoxide fuelcell systemequipped

with a palladium membrane reactor (PMR–SOFC) with the aim of determining the benefits of

such an integrated unit over the conventional reformermodule (CON-SOFC). The performance

ofbothSOFCsystemsundertheconditions forenergeticallyself-sustainingoperation(QNET¼ 0)

was achieved by varying the fuel utilization for each operating voltage. Two types of fuels, i.e.,

methane and desulphurized biogas, are considered. The simulation results show that the

maximum power density of the CON-SOFC fuelled by methane (0.423W/cm2) is higher than

that of the CON-SOFC fuelled by biogas (0.399W/cm2) due to the presence of CO2 in biogas. For

the PMR–SOFC, it is found that the operation at a higher permeation pressure offers higher

powerdensitybecause lower fuelutilization is requiredwhenoperating the SOFCat the energy

self-sustained condition.When themembrane reactor is operated at the permeation pressure

of 1 bar, themethane-fuelled andbiogas-fuelled PMR–SOFCs canachieve themaximumpower

density of 0.4398 and 0.4213W/cm2, respectively. Although the PMR–SOFC can offer higher

power density, compared with the CON-SOFC, the capital costs of supporting units, i.e.,

palladium membrane reactor, high-pressure compressor, and vacuum pump, for PMR–SOFC

need to be taken into account. The economic analysis shows that the PMR–SOFC is not a good

choice from an economic viewpoint because of the requirement of a large high-pressure

compressor for feeding gas to the membrane reactor.

ª 2009 International Association for Hydrogen Energy. Published by Elsevier Ltd. All rights

reserved.

1. Introduction

Due to increasing concerns on energy shortage and environ-

mental crisis, a number of researchers have focused on new

electricity generation technologies with high electrical

efficiency and environmental-friendly operation. A solid oxide

fuel cell (SOFC) is one of the promising technologies since it

directly transforms chemical energy into electrical energy.

Specifically, energy loss in an SOFC is lower when compared

with conventional power generation processes. In general, the

* Corresponding author. Fax: þ66 2 218 6877.
E-mail address: suttichai.a@chula.ac.th (S. Assabumrungrat).

Avai lab le at www.sc iencedi rect .com

journa l homepage : www.e lsev ie r . com/ loca te /he

0360-3199/$ – see front matter ª 2009 International Association for Hydrogen Energy. Published by Elsevier Ltd. All rights reserved.
doi:10.1016/j.ijhydene.2009.02.049
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performance of SOFC depends on the composition of fuel gas

fed to the anode chamber of SOFC. Baron et al. [1] have

reported that the presence of methane in the SOFC feed

decreased the SOFC performance due to carbon deposition

and partial blocking of anode pores. Likewise, the SOFC

performance also decreases as the amount of carbon

monoxide in anode feed gas increases due to an increase in

activation and concentration polarizations [1,2]. The presence

of carbon dioxide could also lower the SOFC performance via

the reversewater gas shift reaction (RWGS) [3]. For this reason,

pure hydrogen seems to be an ideal fuel for SOFC; however, it

is not available in natural resources.

Various types of fuels such as alcohols, natural gas, coal

and petroleum-based compounds may be used to produce

hydrogen. Biogas is one of the attractive fuels for hydrogen

generation since it contains a large amount of methane (40–

65 mol%) [4]. Compared to fossil fuels, biogas offers advan-

tages of being renewable and free of non-methane hydrocar-

bons. Considering the conventional hydrogen generator

fuelled by biogas, the presence of carbon dioxide (30–40 mol%)

in biogas inhibits the production of H2 due to the effect of the

RWGS. Effendi et al. [5] proposed the installation of high-

temperature and low-temperature shift reactors with the

biogas-fed reformer. They showed that hydrogen product

with the purity of 68 mol% can be achieved. To remove carbon

dioxide, an adsorption unit can be employed but requires high

running costs.

The use of a hydrogen-selective membrane reactor can

offer pure hydrogenwith highmethane conversion. A suitable

membrane is chosen based on its ability to offer high

hydrogen permeability and selectivity. Although some poly-

meric membranes can offer high hydrogen selectivity, they

cannot be operated at high temperatures necessary for steam

reforming reaction. An inorganic membrane particularly

a palladium membrane is a preferred choice due to its high

selectivity of hydrogen [6]. The use of palladium membrane

reactors for hydrogen-generating reactions has been widely

investigated [7–9]. Under this operation, hydrogen gas

produced in the reaction side permeates through the palla-

diummembrane to the permeation side where pure hydrogen

is collected. The simultaneous removal of hydrogen from the

reaction side helps improve the reaction conversion.

When pure hydrogen instead of a conventional reformed

gas is fed to an SOFC, a superior SOFC performance is reported

[3]. Our previouswork [10] analyzed performance ofmethanol-

fuelled solid oxide fuel cell system incorporated with a palla-

dium membrane reactor. It was demonstrated that when the

membrane reactor (operated under high-pressure compressor

mode) is employed, the maximum power density was about

13% higher than that from the system with the conventional

reformer. Comparison between the two SOFC systems which

provide the same net electrical efficiency indicates that the

SOFC system with the membrane reactor requires a smaller

SOFC stack than the conventional SOFC system. However, the

former requires an extra cost on palladium membranes and

extra electrical power for operating the compressor for the

membranereactor. Preliminaryeconomicanalysis reveals that

theuseof themembranereactor to theSOFCsystemisnotcost-

effective due to high cost of palladium membranes. A further

study was carried out for methane-fed SOFC systems

considering three operationmodes ofmembrane reactors; i.e.,

high-pressure compressor, combined low pressure

compressor and vacuum pump and combined high-pressure

compressor and vacuumpump [11]. Their overall SOFC system

characteristics are compared with those of the SOFC system

with the conventional reformer. The economic analysis

reveals that the total capital cost/net electrical power is

dependent on hydrogen recovery, net electrical efficiency and

operation mode. At high electrical efficiency, the replacement

of the conventional reformer with the membrane reactor

becomes attractive. It was also demonstrated that the

combined high-pressure compressor and vacuumpump is the

best operation mode for integration with the SOFC system.

However, this work did not take into account the thermal

management within the integrated systems.

In the present study, a comprehensive analysis of two

SOFC systems (one coupled to a membrane reactor and the

other fitted with a conventional reformer) was carried out.

Evaluation of the system performance was based on ener-

getically self-sustaining operation. The effects of the type of

feed gas (methane and desulphurized biogas) and operating

pressures in the permeate side on the system performance

were investigated. Finally, the economic analysis was carried

out to determine ‘best’ operating conditions for the SOFC

system coupled to the membrane reactor when fed by

different fuels.

2. Modeling

2.1. Palladium membrane reactor

Our recent work [12] indicated that steam is the most suitable

reforming agent for the SOFC system. Given that methane (or

biogas) is the feedstock, themajor reactions taking place in the

reactors aremethane steam reforming (Eq. (1)), water gas shift

reaction (Eq. (2)) and carbon dioxide methanation (Eq. (3)).

CH4þH2O4 3H2þCO (1)

COþH2O4H2þCO2 (2)

4H2þCO24CH4þ 2 H2O (3)

The addition of excess reforming agent can inhibit the

carbon formation [13]; hence, the molar ratio of H2O to CH4 in

the fuel processor feed was always set to 2.5 in this study. The

kinetic rates derived from the experimental results on

Ni/MgAl2O4 catalyst [13] were used in the calculation. The rate

expressions for the reactions shown in Eqs. (1)–(3) are given

by;

r1 ¼
k1
p2:5
H2

�
pCH4

pH2O � p3
H2

pCO

K1

�
ðDENÞ2 (4)

r2 ¼
k2
pH2

�
pCOpH2O � pH2

pCO2
K2

�
ðDENÞ2 (5)
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r3 ¼
k3
P3:5
H2

�
pCH4p

2
H2O

� p4
H2

pCO2

K3

�
ðDENÞ2 (6)

DEN ¼ 1þ KCOpCO þ KH2
pH2

þ KCH4
pCH4

þ KH2OpH2O

pH2

(7)

ki ¼ Aiexp

��Ei

RT

�
; i ¼ 1; 2; 3 (8)

Kk ¼ Bkexp

��DHk

RT

�
; k ¼ CO; H2; CH4; H2O (9)

The parameters used in the rate equations are summarized in

Table 1.

A palladium membrane reactor (PMR) can be divided into

two main sections, i.e., a permeate side and a retentate side.

Methane (or biogas) and reforming agent are compressed and

fed into the retentate side of PMRwhere three major chemical

reactions (Eqs. (1)–(3)) take place to generate H2. Due to the

difference in partial pressure, H2 in the retentate side can

permeate through the palladium membrane to the permeate

side. Therefore, pure H2 can be derived from the permeate side

of PMR. Generally, hydrogen flux is inversely proportional to

the membrane thickness and also varies with the operating

temperature. The expression used for the hydrogen flux

calculation is given in Eq. (10).

NH2
¼ Q0

d
exp

��EP

RT

� �
p0:5
H2 ; R

� p0:5
H2 ; P

�
(10)

The values of the pre-exponential factor (Q0) and the

activation energy (EP) are 6.33� 10�7mol/(m Pa1/2 s) and

15,700 J/mol, respectively [8]. The membrane thickness (d) is

set to be 4.5 mm [8].

For the calculations, the pressure drop in the reactor was

assumed to be negligible and the reactor was divided into

several small volumes (cf. Fig. 1). The finite differencemethod

was employed in the numerical algorithm. Themass balances

for the retentate side and permeate side of the membrane

reactor are given in Eqs. (11) and (12), respectively.

Rjþ1
k ¼ Rj

k þ
rcpd

2
Dx

4

X
i

vkir
j
i �Nj

kpdDx (11)

PEjþ1
k ¼ PEj

k þNj
kpdDx (12)

Computations were carried out until a desired value of

hydrogen recovery (z) defined as the mole of hydrogen

extracted by the membrane divided by the mole of hydrogen

theoretically produced based on the mole of methane feed

(4 mol of H2: 1 mol of CH4) was achieved. This was then used

to obtain the palladium membrane area.

2.2. SOFC stack model

Eqs. (13) and (14) constitute the key electrochemical reactions

involving the reduction of molecular O2 at the cathode to

oxygen anions. The latter species permeate through the solid

electrolyte to the anode where it reacts with H2 to produce

steam. In this study, CO electro-oxidation is neglected due to

the fact that its reaction rate is significantly slower compared

with that of H2 electro-oxidation [14]. Since the rate of WGS

reaction is fast at high temperatures [15–17], the anode

section would experience an equilibrium conversion of CO

(via WGS reaction). It was also assumed that methane

remaining from the fuel processor is consumed via the

steam reforming and that gas composition at the anode

channel is always at equilibrium along the cell length due to

the fast kinetics at high-temperature. Ni–YSZ, YSZ and LSM–

YSZ were chosen as the materials in the anode, electrolyte

and cathode, respectively.

1

2
O2 þ 2e� / O2� (13)

H2 þO2� / H2Oþ 2e� (14)

The theoretical open-circuit voltage of the cell (E ) can be

calculated from the Nernst equation as:

Table 1 – Kinetic parameters for methane steam
reforming [13].

Parameter Pre-exponential
factor (A or B)

E or DH
(kJmol�1)

k1 4.225� 1015 (mol atm0.5 g h)�1) 240.10

k2 1.955� 106 (mol g h�1) 67.13

k2 1.020� 1015 (mol atm0.5 g h�1) 243.9

KCH4 6.65� 10�4 (atm�1) �38.28

KH2O 1.77� 105 (�) 88.68

KH2 6.12� 10�9 (atm�1) �82.90

KCO 8.23� 10�5 (atm�1) �70.65

Permeation side

Permeation side

Feed gas

Retentate gas

Permeation gas
(H2 pure)

Permeation gas
(H2 pure)

Retentate sided

1  2 3 j-1 j j+1 Control element number

Fig. 1 – The scheme showing the basic working of the membrane reactor.
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E ¼ E0 þ RT
2F

ln

 
pH2

p1=2
O2

pH2O

!
(15)

In real operation, the actual cell potential (V) at closed-circuit

condition is less than the theoretical open-circuit voltage of

the cell (E ) due to the existence of overpotentials as shown in

Eq. (16). The overpotentials can arise from threemain sources,

namely: ohmic over-potential (hohm), activation over-potential

(hact) and concentration over-potential (hconc).

V ¼ E� hact � hohm � hconc (16)

Activation overpotential is controlled by the kinetics at the

electrode surface. It can be expressed by the Butler–Volmer

equation

i ¼ i0;z

	
exp

�
azFhact; z

RT

�
� exp

�
�
�
1� a

�
zFhact; z

RT

�

(17)

In case of SOFC, a and z are set to 0.5 and 2 [18]. Therefore,

the activation potential at the anode and cathode can be

explicitly written as:

hact; z ¼
RT
F
sinh�1

�
i

2i0;z

�
(18)

It should be noted that the exchange current density (i0) for

the cathode side depends on partial pressure of both

hydrogen and water as well as the operating temperature

[19,20]. For the anode side, i0 depends on oxygen partial

pressure and operating temperature as expressed in Eqs.

(19)–(20) [21].

MixerHeater

Heater &
Vaporizer

Fuel Processor SOFC

Afterburner

Biogas
T = 298 K

Water
T = 298 K

Steam

Qendo,1

Qendo,2

Qendo,3

Qexo,1

Flue gas
T = 473 K

WSOFC

Energy Flow
Mass Flow

Qendo,4

Heater

Air
T = 298 K

Compressor

Compressor

Pump

Fig. 2 – The plant configuration of the CON-SOFC.

Fig. 3 – The plant configuration of the PMR–SOFC.
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i0;a ¼ ga

 
pH2

pref

! 
pH2O

pref

!
exp

�
� Eact; a

RT

�
(19)

i0; c ¼ gc

 
pO2

pref

!0:25

exp

�
� Eact; c

RT

�
(20)

The ohmic loss is the resistance to flow of electron through

the electrodes and the interconnectors as well as resistance

to the flow of ions through electrolyte. It is linearly

proportional to current density (i) and also varies with the

electrical conductivity (s) as expressed in Eq. (21). Due to

the higher electrical conductivity of the electrodes and

interconnectors compared to the electrolyte, only ohmic

loss in the electrolyte is considered. The electrical

conductivity increases with the cell operating temperature

as expressed in Eq. (22) [22].

hohmic ¼
iL
s

(21)

s ¼ 3:34� 104exp

�
�10300

T

�
(22)

Considering the concentration loss, it is the electrical loss

arising from the difference between the reactant concentra-

tion on the reaction site and that in the bulk of the gas stream.

It may be calculated from Eqs. (23) and (24):

hconc; a ¼
RT
2F

ln

�
1þ ðRT2F

��
la

DaðeffÞpIH2O

�
i

�
�
1� �RT2F�

�
la

DaðeffÞpIH2

�
i

�
3
775

2
664 (23)

hconc; c ¼
RT
4F

ln

2
4 pI

O2�
pc � dO2

�� ��pc � dO2

�� pI
O2

�
exp

h
ðRT4F
�� dO2

lc
DcðeffÞpc

�
i
i
3
5
(24)

More details and the values of the parameters used in calcu-

lating these over-potentials were given in our recent paper

[23].

2.3. Afterburner and heat exchanger

At the exit of the SOFC stack, the anode and cathode outlet

gases are mixed for post combustion. Complete combustion

was assumed in the afterburner; hence, the composition of

methane, carbonmonoxide and hydrogen in the flue gas were

deemed to be zero. The heat exchanger was also assumed to

operate adiabatically.

2.4. Vacuum pump and compressor

For the calculation of vacuum pump and compressor, their

outlet gas temperature and power consumption can be esti-

mated by using Eqs. (25) and (26), respectively [24]. In this

study, the efficiency of both the vacuum pump and

compressor was determined to be 75% [24].

Tout ¼ Tin

 
1þ 1

hcomp

 �
Pout

Pin

�g�1
g

�1

!!
(25)

_Wcomp ¼ � _m
Z Tout

Tin

CpdT (26)

where

g ¼ Cp

Cp � R
(27)

2.5. Calculation procedure for determining SOFC
stack performance

For the SOFC operation, a constant operating voltage along the

cell length was assumed as the current collector usually has

high electrical conductivity. The flow rate of methane in fuel

feed is 1 mol/s whereas the flow rate of air fed into the SOFC

cathode as the oxidant is always set to 5 times the theoretical

amount of air required to combust the methane fuel (biogas).

The current density inside the stack varies with the distance

from the stack entrance owing to the changes in gas compo-

sition in the cathode and anode sections and therefore the

open-circuit voltage is also different. Hence, the average

current density and power density of the SOFC stack can be

calculated. Calculations were performed for each small fuel

utilization region employing themathematical model given in

Section 2.2. In each region, the open-circuit voltage, over-

potentials, equilibrium composition of anode fuel, stack area

and current density were computed. The stack areas obtained

in each region were added up to determine the total stack

area. Finally, the current calculated from the fuel utilized in

the stack was divided by the total stack area to obtain

the average current density and hence, the average power

Table 2 – Summary of model parameters [29].

Parameters Value

SOFC stack

n 0.48

x 5.4

Dp 3 mm

la 750 mm

lc 50 mm

L 50 mm

T 1073 K

P 1 bar

Palladium membrane reactor

T 823 K

P 1 bar

rc 1177.6 kg/m3

d 10 mm

Reactor tube length 0.15 m

Number of reactor tube 1000

Conventional reformer

T 973 K

P 1 bar
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density. The electrical efficiency and the fuel utilization may

be estimated from Eqs. (28) and (29), as.

2.6. SOFC system configurations

The SOFC system equipped with a palladium membrane

reactor (PMR–SOFC) is considered in this study. The perfor-

mance was compared with that of the typical SOFC with

a conventional reformer (CON-SOFC). The plant configuration

for the CON-SOFC is illustrated in Fig. 2. Several units are

included, which consist of a pre-reformer, an SOFC stack, an

afterburner, a mixer, a vaporizer and pre-heaters. Steam

generated via the vaporizer is preheated and then mixed with

methane (biogas). The mixture gas is then fed into the fuel

processor. In the fuel processor, several chemical reactions

(Eqs. (1)–(3)) take place to produce H2-rich gas. Chemical

equilibrium was assumed in the calculations for the conven-

tional reformer. The H2-rich gas produced in the fuel

processor is fed into the SOFC stack where the electrical

energy is generated. Isothermal condition was assumed for

the SOFC stack to simplify the computation. The heat gener-

ated in the SOFC stack is utilized for air and H2-rich gas pre-

heating to ensure isothermal operation of the SOFC stack. To

achieve a desired temperature of the SOFC stack, an oxidizing

agent (air) temperature is tuned up based on the energy

balance in the SOFC stack. The residue fuel gas exiting the

SOFC stack is burned up in the afterburner in order to supply

heat to the pre-heaters, pre-reformer and vaporizer. The flue

gas is set to be released from the system at 473 K. For ener-

getically self-sustained operation, the total heat requirement

for the SOFC system is computed via a trial-and-error by

tuning the fuel utilization until the total heat requirement for

the system is equal to the total heat generation from the

system.

In the PMR–SOFC (cf. Fig. 3), the conventional fuel

processor is replaced by PMR. The mixture of methane

(biogas) and steam is compressed and then fed into the

retentate side of membrane reactor. The set of chemical

reactions (Eqs. (1)–(3)) takes place in the retentate side and

H2 generated permeates through the palladium membrane

to the permeate side. The permeate gas (H2-pure) is

compressed to atmospheric pressure and then fed into the

SOFC stack to generate the electricity, while high-pressure

retentate gas is fed into the afterburner. The pressure drop

in PMR is neglected and the hydrogen recovery (z) was fixed

at 95% as it is a suitable value for the SOFC system that can

be operated at an energy self-sustained condition. If the

hydrogen recovery is lower than this value, large amount of

H2 and CO is released from the PMR at the retentate side

and fed to the afterburner. This causes the generation of

over-demand heat in the burner. As a result, the energy

self-sufficient operation is difficult to be achieved under

the operation at low hydrogen recovery (<0.95). With too

SOFC plant efficiency ¼ net electrical power generated

ðLHV of methaneÞðmethane or biogas feed rateÞðmole fraction of methane in feedÞ � 100 (28)

Fuel utilization ¼ H2 consumption in electrochemical reaction in SOFC stack

SOFC feed rate of H2 þ SOFC feed rate of CO
(29)

Fig. 4 – The comparison of themethane conversion in the fuel processor between themodeling results and the experimental

results. (sweep gas flow rate[ 3.623 10L5 mol/s, PR[ 1.22 bar, PP[ 1.1 bar, H2O/CH4[ 3).
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high hydrogen recovery, high retentate pressure and thus

high additional cost of compressor is required.

3. Results and discussion

The numerical algorithms to the models used in this study

were written in Visual Basic and the values of all parameters

utilized in the computation are summarized in Table 2. As

described in our previous investigation [12], the SOFC model

developed adequately predicted the experimental results of

Zhao and Virkar [25] for the feed of a mixture of hydrogen

(97%) and water (3%) and the simulation results of Petruzzi

et al. [26] for the feed of gas containing a low concentration of

hydrogen [23]. The kineticmodel andH2 permeationmodel for

themembrane reactor were also verified. Again, our modeling

results are in good agreement with the experimental results

reported in the literature [9,27] as illustrated in Fig. 4.

Based on an earlier study [28], the CON-SOFC system can

stand alonewithout requirement of external heat sources (the

energy self-sustained operation, QNET> 0) when it operates at

suitable operating conditions. It is noted that QNET is the

difference betweenheat generated and heat demandedwithin

the SOFC system. Fig. 5 shows that at different operating

voltage, QNET can become zero when the appropriate fuel

utilization (Uf) is chosen. At a higher operating voltage where

the cell efficiency is high, the SOFC needs to be operated at

lower fuel utilization so that the residual fuel can provide

sufficient heat to the overall SOFC system after burning. It

should be noted that a very low operating voltage is not rec-

ommended for practical operation due to the possible large in-

stack temperature gradient arising from the difficulty in heat

removal from the SOFC stack. In addition, the condition with

QNET¼ 0 may not be possible. Two types of feed, i.e., pure

methane and biogas were considered in this study. Generally,

the composition of biogas varies depending on its source. It

mainly contains methane (40–65%) and CO2 (30–40%). In this

Fig. 5 – QNET at different operating voltage and fuel utilization for methane-fuelled CON-SOFC.

Fig. 6 – Power density and fuel utilization at different operating voltage in case that QNET[ 0.
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work, the value of CH4:CO2 in biogas was set at 60:40. It should

be noted that biogas usually contains a small amount of H2S

which can cause poisoning to catalysts and Pd membrane. In

this study, it was assumed that H2S is removed from biogas by

a desulphurization process. Fig. 6 shows the effects of oper-

ating voltage on the power density and the fuel utilization of

the CON-SOFC fed by methane and biogas for the case of

QNET¼ 0. For both types of feed, it is clear that at a higher

operating voltage, the SOFC system needs to operate at

a lower value of fuel utilization. There exists an optimum

operating voltage which offers the maximum power density

for each type of feed. The maximum power density and the

corresponding voltage are 0.423 W/cm2 and 0.585 V, and

0.399 W/cm2 and 0.585 V for the methane and biogas feeds,

respectively. The lower methane concentration in biogas

results in the lower achievable power density.

It should be noted that for the case ofQNET¼ 0, the decrease

in operating voltage can initially improve the power density of

the SOFC; however, the resulting higher fuel utilization for

achieving the energetically self-sustaining condition results in

the poorer cell performance particularly near the exit of the

SOFC stack where concentration of fuel is low, and, conse-

quently the power density later decreases at much lower

operating voltages.

Fig. 8 – QNET and power density at different permeate pressure and fuel utilization (Uf) for PMR–SOFC in the case of methane

feed.

Fig. 7 – Electrical power consumed in HPC and vacuum pump at different retentate pressure (PR) and permeate pressure (PP)

in case that z[ 0.95 for (a) methane feed and (b) biogas feed.
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For PMR–SOFC, a part of electrical energy produced in

SOFC stack is supplied to a high-pressure compressor (HPC)

and a vacuum pump. The electrical power consumption in

these equipments varies with the operating pressures of the

HPC (retentate pressure, PR) and vacuum pump (permeation

pressure, PP). The sum of the electrical power consumed in

the HPC and the vacuum pump to obtain the hydrogen

recovery of 0.95 is illustrated in Fig. 7 a and b for pure

methane and biogas feeds, respectively. The electrical

consumption decreases as PP increases and the minimum

electricity load can be found when PP equals to 1 bar (vacuum

pump does not operate). The results also indicate that the

electrical power consumption in the PMR for the pure

methane feed is lower than that for the biogas feed which

contains 40% CO2. It should be noted that even if an opera-

tion at the permeation pressure of 1 bar can offer the

minimum electricity load, PR is extremely high and the

structure of PMR may be damaged. Therefore, the limitation

of PMR structure should also be carefully considered.

The change in PP also affects the heat management in the

PMR–SOFC system. Operation at a lower PP causes higher heat

generation during vacuum pump compression. Some heat

removal may be required to reduce the temperature of gas

discharged from the vacuum pump prior to being fed into

SOFC anode. Therefore, for the operation at low PP, the SOFC

system requires an operation at a higher fuel utilization to

achieve energetically self-sustained operation, resulting in

a lower power density. As illustrated in Fig. 8, operation of the

PMR–SOFC fed by pure methane at PP of 0.1 bar cannot be self-

sustained, whilst Uf should be set to be 0.965 for the operation

at PP of 0.2 bar. Hence, operation at high PP is preferable since

the condition with QNET¼ 0 can be achieved and the corre-

sponding power density is higher.

The performance of PMR–SOFC and CON-SOFC under

energetically self-sustained operation (QNET¼ 0) are compared

as seen in Fig. 9. It is clear that the PMR–SOFC can offer higher

power density compared with the CON-SOFC when the oper-

ating voltage and PP are judiciously chosen. Fig. 9 a and b show

that the power density of the PMR–SOFC fuelled by methane

and biogas is improved as PP increases. Maximum power

density may be achieved when PP is 1 bar. An optimum

operating voltage that provides a maximum power density is

observed. The effect of variation in PP on the power density

and the SOFC area at the optimum operating voltage is

Fig. 9 – Power density and fuel utilization at different permeate pressure and operating voltage in case that QNET[ 0 for (a)

methane-fuelled PMR–SOFC and (b) biogas-fuelled PMR–SOFC.
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summarized in Fig. 10 a and b, respectively. The power density

of the PMR–SOFC fed by pure methane and biogas is higher

than that of the CON-SOFC when PP is higher than 0.67 and

0.52 bar, respectively, and the benefit gained from the reduc-

tion in SOFC stack area of the PMR–SOFC over the CON-SOFC

can be foundwhen PP is higher than 0.98 bar formethane feed.

Nevertheless, the reduction in SOFC stack area over the CON-

SOFC is not achieved for PMR–SOFC fuelled by biogas.

Even if the use of PMR in the SOFC system can reduce the

SOFC stack size in case of methane feed, the additional capital

costs from the supporting units, i.e., PMR, HPC, and vacuum

pump, need to be taken into account. Therefore, an economic

analysis is employed to examine the potential benefit of the

use of PMR in the SOFC system for both methane and biogas

feeds. In the following analysis, the methane feed rate was

kept at 1 mol/s for all scenarios to achieve negligible fuel feed

cost. Furthermore, since the SOFC system under the energet-

ically self-sustained operation was considered, additional

energy or electricity from the outside of the system is not

necessary. Therefore, only the capital costs of SOFC stack,

PMR, HPC, and vacuum pump were taken into account. It

should be noted that when the PMR is operated at high pres-

sure, it may cause an additional cost on reinforcing the

palladium membrane structure; however, this cost is not

taken into account for the economic analysis in this study.

The parameters used in the capital cost estimation for

these equipment items are listed in Table 3. Net cost saving

was calculated as an economic index, viz;

Fig. 11 a and b indicate that the replacement of a conven-

tional reformerwith amembrane reactor in theSOFCsystem is

notadvantageous ineconomicpointof viewas thesavingstack

cost is always lower than the additional capital costs of PMR,

Fig. 10 – The effect of change in permeate pressure on (a) power density and (b) SOFC area at optimum operating voltage in

case that QNET[ 0.

Net cost saving ¼ Saving in capital cost of SOFC stack�Additional capital cost of PMR; HPC and vacuum pump (30)

Table 3 – Costing models of SOFC [30], palladium
membrane [31], compressor [17] and vacuum pump [32].

Costing model

Cell cost ($) Ccell¼Asingle cell� 0.1442a

Number of cells Ncell¼Acell/Asingle cell

Number of stacks Nstack¼Ncell/100

Fuel cell stacks

cost ($)

Cstack¼ 2.7� (Ccell�Ncellþ 2�Nstack

�Asingle cell� 0.46425)

Palladium membrane

cost ($/kg)

6700

Compressor ($) Ccomp¼ 1.49�HP0.71� 103

Vacuum pump ($) Cvacuum pump¼ 2.59�X1.03� 105 where:

0.01 <X< 0.52 (lbs h suction Torr)

a A single cell area is fixed at 200 cm2.
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Fig. 11 – Saving in SOFC stack cost/additional cost at different permeate pressure (optimum operating voltage and QNET[ 0)

for (a) methane-fuelled PMR–SOFC and (b) biogas-fuelled PMR–SOFC.

Table 4 – The technical and economical comparison of four scenarios.

Methane-fuelled Biogas-fuelled

CON-SOFC PMR–SOFC CON-SOFC PMR–SOFC

Feed rate (mol/s) 1 1 1.667 1.667

% Methane in feed 100 100 60 60

Retentate pressure (bar) – 28.94 – 51.27

Permeate pressure (bar) – 1 – 1

Operating voltage (V) 0.585 0.62 0.585 0.635

Power density (W/cm2) 0.4233 0.4398 0.3986 0.4213

% Improvement

in power density

– 3.90 – 5.69

Electricity produced

in SOFC (kW)

421.68 437.34 416.79 449.30

Net electricity

produced (kW)

421.68 421.68 416.79 416.79

Electricity consumed

in compressor (kW)

– 15.53 – 32.46

SOFC active area (m2) 99.62 99.45 104.57 106.66

% Improvement in SOFC area – 0.17 – �2.00

Palladium membrane area (m2) – 4.71 – 4.71

Capital cost of SOFC ($) 412,814.40 412,114.22 433,358.34 442,000.46

Capital cost

of Pd membrane ($)

– 1716.52 – 1716.52

Capital cost

of compressor ($)

– 12866.86 – 21,712.86

Saving cost on SOFC ($) – 700.18 – �8642.13

Net cost saving ($) – �13,883.20 – �32,071.51
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HPC and vacuum pump. The saving stack cost increases as

permeate pressure increases due to the improvement of the

power density. The saving stack cost is always negative for

PMR–SOFC fuelled by biogas since SOFC stack area reduction

over the CON-SOFC is not achieved. The additional cost of

PMR–SOFC system in case of biogas feed is always higher than

that in case of methane feed since higher retentate pressure

and thus higher compressor load are required for the former

one. All technical and economic analyses of four scenarios are

summarized in Table 4. The optimum condition is chosen for

each scenario. With the use of PMR in the SOFC system (PMR–

SOFC), the power density improvement of 3.9% and 5.69% can

be observed, compared with the CON-SOFC, for methane and

biogas feeds, respectively. Although the replacement of CON-

SOFC by PMR–SOFC can improve the power density, higher

electrical power is generated in SOFC stack for the latter one to

supply the demandof electricity inHPC. This is the reasonwhy

the SOFC stack area reduction over CON-SOFC is not achieved

for PMR–SOFC fed by biogas feed and the required SOFC stack

area of PMR–SOFC fed by methane is only decreased by 0.17%.

From this economic consideration, it seems that both

methane-fuelled PMR–SOFC and biogas-fuelled PMR–SOFC

offer negative net cost saving (�$13,883.20 and �$32,071.51).

The operation at high retentate pressure of both methane-

fuelled PMR–SOFC (28.94 bar) and biogas-fuelled PMR–SOFC

(51.27 bar) extremely affects their HPC cost and electricity load

inHPC.TheHPCcost of $12,886.86 and$21,712.86 is paid for the

methane and biogas feeds, respectively, whereas the electrical

power of 15.53 kW and 32.46 kW is consumed in HPC for the

methane and biogas feeds, respectively. These results imply

that the improvement in the permeability of palladium

membrane can reduce retentate pressure, the electricity load

and thus the profitability of PMR–SOFC. Finally, it may be

concluded that the PMR–SOFC fed by eithermethane or biogas

is attractive for its technical benefits, however, the economic

benefit is not found in these operations.

4. Conclusions

The performance improvement of SOFC system by replacing

a conventional reformer (CON-SOFC) by a palladium

membrane reactor (PMR–SOFC) is investigated. Methane and

desulphurized biogas are used as feed streams for SOFC

system. The energetically self-sustained operation (QNET¼ 0)

for each mode may be obtained by tuning up the fuel utiliza-

tion (Uf). The decrease in operating voltage can improve the

power density; however, when it is too low, a high Uf is

required to achieve the condition for QNET¼ 0 and no power

density improvement is obtained. For the PMR–SOFC, the

change in permeate pressure (PP) also affects the SOFC power

density and energy self-sufficiency point. Increase in PP can

improve the power density due to the decrease in Uf which

offers zero QNET. It is found that the values of power density of

the PMR–SOFC are 3.9% and 5.69% higher than those of the

CON-SOFC for methane feed and biogas feed, respectively.

The use of PMR in the methane-fuelled SOFC can reduce the

SOFC area by 0.17%, however, SOFC stack area reduction over

CON-SOFC is not achieved for biogas feed. For economic

study, it was found that both methane-fuelled PMR–SOFC and

biogas-fuelled PMR–SOFC always offer the negative net cost

saving. It may be concluded from this study that both of the

methane-fuelled and biogas-fuelled PMR–SOFCs are techni-

cally interesting operation modes, however, both of them

cannot offer economic benefits over conventional SOFC.
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Nomenclature

Asingle cell: active area of SOFC single cell, m2

Acell: total active area of SOFC, m2

Ai: pre-exponential factor for i
th reaction, various units

Bk: pre-exponential factor for component k, various units
Ccell: capital cost of SOFC single cell, $
Ccomp: capital cost of compressor, $
Cp: heat capacity, Jmol�1 K�1

Cstack: capital cost of SOFC stack, $
Cvacuum pump: capital cost of vacuum pump, $
d: diameter of inner tube of membrane reactor, mm
DEN: term given for the reforming kinetics, dimensionless
Dp: catalyst pore diameter, mm
Dz(eff): effective diffusion coefficient of z (z¼ anode, cathode),

cm2 s�1

E: theoretical open-circuit voltage of the cell, V
E0: theoretical open-circuit voltage of the cell at standard

pressure, V
Eact,z: apparent activation energy of exchange current density

of z (z¼ anode, cathode), Jmol�1

Ei: activation energy for ith reaction, Jmol�1

Ep: activation energy for hydrogen permeation, Jmol�1

F: Faraday constant (9.6495� 104), Cmol�1

DHi: heat of reaction for reaction i, J mol�1

DHk: heat of adsorption for component k, J mol�1

i: current density, A cm�2

i0,z: exchange current density of z (z¼ anode, cathode), A cm�2

ki: reaction rate constant for ith reaction, various units
Ki: equilibrium constant for ith reaction, various units
Kk: adsorption constant for component k, various units
la: thickness of anode, mm
lc: thickness of cathode, mm
L: thickness of electrolyte, mm
LHV: lower heating value, kJmol�1

_m: molar flow rate, mol s�1

n: electrode porosity, dimensionless
Nk: permeation flux of component k, molm�2 s�1

Ncell: number of SOFC single cell, dimensionless
Nstack: number of SOFC stack, dimensionless
P: pressure, Pa
pc: operating pressure at the SOFC cathode, Pa
pk: partial pressure of component k, Pa
pkI: inlet pressure of component k, Pa
PH2 ; P: partial pressure of hydrogen in permeate side of

membrane reactor, Pa
pH2 ;R: partial pressure of hydrogen in retentate side of

membrane reactor, Pa
pref: reference pressure (105), Pa
PEk: molar flow rate of component k at permeate side of

membrane, mol s�1

Q0: pre-exponential factor for hydrogen permeation,
molm�1 Pa�0.5 s�1

QNET: difference between heat demand and heat generated in
SOFC system, kW

ri: reaction rate for ith reaction, mol s�1

R: gas constant (8.3145), J mol�1 K�1

Rk: molar flow rate of component k at retentate side of
membrane, mol s�1

T: temperature, K
Uf: fuel utilization, dimensionless
V: cell voltage, V
_Wcomp: electricity consumed in the compressor, kW
Dx: length of control volume in membrane reactor, m
X: parameter used in vacuum pump cost estimation,

lbs H2 h
�1 suction Torr�1

z: the number of electrons involved per reaction,
dimensionless

Greek letters
a: symmetrical factor, dimensionless
x: electrode tortuosity, dimensionless
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d: membrane thickness, mm
z: hydrogen recovery, dimensionless
hact,z: activation loss of z (z¼ anode, cathode), V
hconc,z: concentration loss of z (z¼ anode, cathode), V
hcomp: compressor or pump efficiency, dimensionless
hohm: ohmic loss, V
s: electrical conductivity, U�1 m�1

rc: catalyst density, kgm�3

vk,i: stoichiometric coefficient of component k in chemical
reaction i

gz: pre-exponential factor for exchange current density of z
(z¼ anode, cathode), Am�2

Superscripts

j: j-th control volume

Subscripts
a: anode
c: cathode
i: i-th reaction
in: input
k: component
out: output
P: permeate side of membrane
R: retentate side of membrane
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a b s t r a c t

This work investigates the catalytic performance of an industrial steam reforming Ni/

SiO2$MgO catalyst toward dry reforming of CH4 under periodic operation. The effects of

cracking/regeneration temperatures and O2 addition during regeneration on the catalyst

stability and activity were determined and various characterizations i.e. BET, SEM, XRD,

and TPO were employed to relate the catalyst performance with its physical properties. It

was found that, without O2 addition, the catalyst showed good stability at 650 �C but

observed high deactivation at 750 �C due to the formation of encapsulating carbon. The

addition of O2 along with CO2 can eliminate all deactivation at 750 �C and no significant loss

of catalyst activity was observed for at least 12 cracking/regeneration cycles. The optimal

performance for periodic operation was found at the condition with 5 min of the cracking

step followed by 5 min of the regeneration step at 750 �C with CO2/O2 ratio of 7/3.

ª 2009 International Association for Hydrogen Energy. Published by Elsevier Ltd. All rights

reserved.

1. Introduction

Carbondioxidereforming (ordryreforming)ofCH4 (Eq. (1)) is an

interesting route for synthesis gas (as called syngas) produc-

tion becauseboth reactants knownasmajor greenhousegases

can be efficiently consumed in the reaction providing useful

syngas with low H2/CO ratio, which is suitable for later

production of valuable chemicals such as alcohol, aldehyde

and isobutene.

CH4þCO24 2COþ 2 H2 (1)

Several supported transition metal catalysts (e.g., Ni, Ru, Rh

and Pd) have been tested for the CO2 reforming of CH4 [1–8];

among them, nickel is the most practical catalyst due to its low

cost [9–14]. It is noted that the typical problem found for this

reaction is catalyst deactivation due to the carbonaceous depo-

sition, which is mainly generated from the following catalytic

cracking of methane (Eq. (2)) [15]. Importantly, the presence of

CO2 theoreticallyhelpsremovedepositedcarbonaccordingto the

following reverse Boudouard reaction (Eq. (3)) [16].

CH4/Cþ 2H2 (2)

* Corresponding author. Fax: þ66 2 218 6877.
E-mail address: suttichai.a@chula.ac.th (S. Assabumrungrat).

Avai lab le a t www.sc iencedi rec t .com

journa l homepage : www.e lsev ier . com/ loca te /he

0360-3199/$ – see front matter ª 2009 International Association for Hydrogen Energy. Published by Elsevier Ltd. All rights reserved.
doi:10.1016/j.ijhydene.2009.05.128
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CþCO2/ 2CO (3)

From the above reactions, it is obvious that the CO2

reforming of CH4 can be operated periodically by feeding CH4

and CO2 alternately. Based on this periodic operation,

hydrogen and carbon monoxide are generated separately at

different intervals, and consequently, these products can be

directly separated without requirement of further purification

units. This operation is particularly attractive for some

applications where pure hydrogen is required, e.g. for proton-

exchange membrane (PEM) fuel cell.

Recently, several researchers have employed the periodic

operation for hydrogen production. Most of the studies have

used O2 and/or steam for removing deposited coke on cata-

lysts. Both reactions with O2 and steam were reported to be

able to restore the catalytic activity of Ni-based catalyst after

deactivation by carbon formation [17]. It was reported that Ni/

SiO2 catalyst could be fully regenerated at 650 �C with steam

for up to 10 successive cracking/regeneration cycles without

significant loss of catalytic activity [18]. In our previous work

[19], we studied the performance of periodic operation for the

CO2 reforming of CH4 over an industrial steam reforming Ni/

SiO2$MgO catalyst. It was found that the catalytic reactivity of

periodic operation was significantly lower than that of steady-

state operation over all ranges of reaction time for both

reaction temperatures of 650 and 750 �C due to incomplete

removal of deposited carbon by CO2 in the regeneration step.

In this work, the further works were carried out based on

the same reaction system but some O2 was added along with

CO2 for helping regenerate the deactivated catalyst. It is

worthy to note that if a catalyst possesses an excellent anti-

sintering property, the elimination of the carbon deposited

may be realized by CO2 or steam. However, oxidation with O2

could be faster for coke removal than that of CO2 or steam [17].

According to this operation, the system can also gain benefit

from the potential heat integration since the exothermic heat

from the catalyst regeneration particularly from oxidation by

O2 can supply for the endothermic catalytic cracking of CH4. In

details, the effect of O2 contents on catalytic performance of

the reaction under periodic operation was investigated and

compared to those of steady state operation. In addition,

spent catalysts after exposure in reaction at different
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Fig. 1 – Schematic diagram of the experimental setup.

Table 1 – The molar flow rates of reactant gases used for
steady state operation.

Reactants Flow rate (cm3/min)

CH4:CO2:
O2¼ 1:0.9:0.1

CH4:CO2:
O2¼ 1:0.8:0.2

CH4:CO2:
O2¼ 1:0.7:0.3

CH4 12.5 12.5 12.5

CO2 11.25 10 8.75

O2 1.25 2.5 3.75
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conditions were characterized by using various analytical

methods including BET, SEM, XRD, and TPO. Additionally,

their performance under periodic operation at different cycle

periods and cycle splits were also determined and compared

with those from the steady state operation.

2. Experimental method

2.1. Reaction procedure

A commercial-grade reforming catalyst, Ni/SiO2$MgO, con-

taining 55 wt% of nickel supplied from Japan was employed in

this study. The catalyst was solid cylindrical extrudate with

a diameter of 3 mm and a length of 3 mm. Silicon carbide

supplied from Fluka with an average size of 40–100 mesh was

used as a dilution material. The schematic diagram of the

experimental setup, as shown in Fig. 1, consists of a gas

feeding section, a fixed-bed reactor and an analytical section.

High purity CH4 (99.999 %), CO2 (99.999%) and O2 (99.99%) were

used as the reactant gases. Argon was used for purging the

system, and hydrogen was used for reducing catalyst before

the experiment.

The reaction was carried out in a quartz tube fixed-bed

reactor (internal diameter¼ 0.011 m, length¼ 0.5 m) heated by

a temperature controlled electric oven. A thermocouple was

placed in the furnace, at the level of the catalyst bed, tomonitor

temperature. Experimentswere performedusingNi/SiO2$MgO

catalyst (0.1314 g), diluted with silicon carbide (0.438 g). The

catalystwas reduced in a hydrogen flow (30 cm3/min) at 650 �C
for 1 h before use. The reaction was conducted at atmospheric

pressure. For steady state operation, all gas mixtures were

continuously fed to the catalyst bed. The composition of exit

gas effluent was analyzed by a TCD gas chromatograph (Shi-

madzu GC-8A, Japan) equipped with a Porapak-Q and Molec-

ular Sieve 5A column. For periodic operation, the feeds were

switched alternately between opening and closing by solenoid

valves (Flon industry, Japan), which were controlled by on-off

timers (Sibata BT-3). For a based condition with a cycle split of

0.5, CH4 (25 cm3/min) was switched to the catalyst bed for

10 min and then followedby amixture of CO2 andO2 (total flow

rate¼ 25 cm3/min) for 10 min. Between the cracking/regener-

ation steps, the systemwas purgedwith argon for 10 min. The

operation occurred repeatedly until the end of experiment.

Tables 1 and 2 summarize the gas feed flow rates for steady-

state operation and periodic operation, respectively. The

composition in gas product of each cracking/regeneration step

Table 2 – The molar flow rates of reactant gases used for
periodic operation.

Reactants Flow rate (cm3/min)

CH4:CO2:
O2¼ 1:0.9:0.1

CH4:CO2:
O2¼ 1:0.8:0.2

CH4:CO2:
O2¼ 1:0.7:0.3

CH4 25 25 25

CO2 22.5 20 17.5

O2 2.5 5 7.5

Fig. 2 – (a) Methane conversion and (b) carbon dioxide

conversion under cracking/regeneration periodic operation

at 650 8C with different feed oxygen contents.

Fig. 3 – (a) Methane conversion and (b) carbon dioxide

conversions under cracking/regeneration periodic

operation at 750 8C with different feed oxygen contents.
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was also analyzed by the GC-TCD. It should be noted that,

additionally, the effects of cycle period (10, 20 and 40 min) and

cycle split (0.25, 0.5 and 0.75) on catalytic performance of

reaction were also investigated.

2.2. Catalyst characterization

In order to study the physical properties, both fresh and spent

catalysts (after the reaction at 90, 100, 190 and 200 min) were

characterized by several methods as follows:

2.2.1. BET surface area measurement
The total surface area, pore volume and pore size of catalysts

weredeterminedusing aMicromeritricsmodelASAP2020. The

sample cell packed with 0.3 g of sample was placed into the

unit. After degassing step, N2 physisorptionwas carried out for

measuring the surface area and pore volume of catalyst.

2.2.2. X-ray diffraction (XRD)
The crystallinity and X-ray diffraction patterns of the fresh

and spent catalysts were performed by an X-ray diffractom-

eter, SIEMENS D5000, using Cu Ka radiation with Ni filter.

2.2.3. Scanning electron microscopy (SEM)
Scanning electron microscopy (SEM) was used to determine

the catalyst granule morphology, using a JEOL JSM-35CF

scanning electron microscope. The SEM was operated using

the back scattering electron (BSE) mode at 15 kV.

2.2.4. Temperature-programmed oxidation (TPO)
Temperature-programmed oxidation was used to charac-

terize the coke deposited on the catalysts. The operation was

performed by using Micromeritrics Chemisorb 2750. Most

amount of sample after the reaction was pre-treated in He

(25 cm3/min) at 250 �C for 1 h to eliminate moisture from the

catalyst and cooled down to room temperature. Then 1 vol%

O2 in helium (15 cm3/min) was switched into the samplewhile

the systemwas heated at a rate of 10 �C/min to 1000 �C and the

exit gas was detected by a TCD detector. The calculation of

amount of CO2 in the effluent gas was analyzed and reported

by Chemisorp TPx software.

3. Results & discussion

3.1. Catalytic reactivity toward the carbon dioxide
reforming of methane in the presence of oxygen
(steady-state vs. periodic operations)

The catalytic reactivity in termsof activity and stability toward

the CO2 reforming of CH4 in the presence of O2 under steady

Fig. 4 – Methane conversions from combined carbon

dioxide reforming and partial oxidation of methane under

steady state operation with different oxygen contents at (a)

650 8C and (b) 750 8C.

Fig. 5 – CO2 conversions and hydrogen yields from

combined carbon dioxide reforming and partial oxidation

of methane under steady state operation at 650 and 750 8C

with different oxygen contents.

Fig. 6 – The effects of oxygen content and reaction

temperature on change in catalyst weight at various

reaction times of periodic operation.
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state and periodic conditions was studied at different CO2/O2

ratios (10/0, 9/1, 8/2 and 7/3) and two reaction temperatures

(650 and 750 �C). For periodic operation, the reaction

was started by alternately feeding CH4 in the cracking step

(CH4/CþH2) and combined CO2 with O2 in the regeneration

step (CþCO24 2CO, Cþ 1/2O2/CO, COþ 1/2O2/CO2).

For steady state operation, the reaction was carried out by

feeding CH4, CO2 and O2 simultaneously. It should be noted

that the average total flow rates of feeds for both operations

were identical. The results of activities under periodic opera-

tion were shown in Figs. 2, 3 whereas those under steady state

operation were shown in Figs. 4, 5.

As shown in Fig. 2 (a), at 650 �C under periodic operation,

the O2 addition (for all CO2/O2 ratios) slightly affects the

catalytic reactivity by increasing the CH4 conversion from

about 49% to themaximum value of about 56%. It is noted that

the catalyst stability seems to be unaffected by O2 adding, as

the CH4 conversions were almost constant for at least 12

cracking/regeneration cycles either with or without O2 feed.

At 750 �C, the addition of O2 showed greater impact on catalyst

activity and stability. Significant decrease in CH4 conversion

was observed in the case without O2 addition (Fig. 3 (a)),

whereas no considerable deactivationwas foundwhenO2was

co-fed with CO2 in the regeneration step. After 12 cracking/

regeneration cycles, the CH4 conversion increased from 27%

(without O2 addition) to maximum 72% (O2 addition with CO2/

O2 ratio of 7/3). Thus, this result indicated that CO2 alone is not

appropriate to regenerate the catalyst for high temperature

cracking/regeneration periodic operation due to the incom-

plete reaction of carbon deposited from the cracking of CH4.

The addition of O2 during regeneration period could overcome

this problem since it acted as a co-oxidant of CO2 to accelerate

the coke removal in the regeneration step. Considering the

apparent CO2 conversion, it decreased with increasing O2

content from about 35% to the minimum value of 12% at

650 �C and from29% to 25% at 750 �C as shown in Figs. 2 (b) and

3 (b), respectively. It is noted that an error analysis was

checked for some experimental results. It was found that that

the errors were within a range of �5%.

Fig. 7 – SEM micrographs of spent catalysts after exposure in the reaction for 190 minutes at 650 and 750 8C with different

reactant ratios; (a) CO2:O2[ 9:1 at 650 8C, (b) CO2:O2[ 7:3 at 650 8C, (c) CO2:O2[ 9:1 at 750 8C and (d) CO2:O2[ 7:3 at 750 8C.

Table 3 – BET surface areas of catalysts at different
conditions.

Catalysts Surface area
(m2/g)

Fresh 104.6

After reduction with H2 at 650 �C 1 h 47.0

After calcination in air at 750 �C 3 h 34.7

After calcination and reduction with H2 at

750 �C 1 h

20.4

Rxn.Temp. Oxidant ratio Operation Reaction time

90
min

100
min

190
min

200
min

650 �C
no O2

CO2:O2¼ 9:1

Periodic 66.9 60.5 76.6 65.7

Steady state – – – 42.4

Periodic 52.7 25.2 81.9 33.9

CO2:O2¼ 7:3 Steady state – – – 16.5

Periodic 31.8 27.1 47.2 14.5

750 �C no O2

CO2:O2¼ 9:1

Periodic 20.7 19.4 20.4 14.1

Steady state – – – 36.0

Periodic 10.1 5.3 22.3 6.4

CO2:O2¼ 7:3 Steady state – – – 16.3

Periodic 11.8 4.5 14.1 3.5
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In the absence of O2 in feed, CH4 and CO2 conversions in

both temperatures of this study were corresponding well with

our previous studies which were performed at a different feed

flow rate to catalyst ratio [19,20]. Aiello et al. [18] investigated

periodic operation of direct cracking of CH4 reaction over Ni/

SiO2 and catalyst regeneration in steam atmosphere. At the

operating temperature of 650 �C, CH4 conversions ranged from

24% to 34% and slightly decreased during each cracking cycle.

Monnerat et al. [21] studied CH4 cracking over nickel gauze

under periodic operation by regeneration with O2. The oper-

ating temperatures were in a range of 410–550 �C. Hydrogen

was produced efficiently at temperatures of 540–550 �C but hot

spot temperature during the regeneration step occurred at

temperatures higher than 500 �C. The suitable operating

temperature of 500 �C for the systemwas suggested [21]. In the

presence of O2, the decrease in CO2 conversion was due to the

fact that O2 is a stronger oxidizing agent than CO2; moreover,

C atom and CO produced could be oxidized by O2 to CO2. As for

hydrogen yield, the selectivity of CH4 to hydrogen production

was considered to be equal to 100% as it is likely that the

decomposition of CH4 is the only reaction taking place in the

cracking step which was previously proven in our study [19],

thus hydrogen yield is equal to the CH4 conversion in this

operation.

Under steady state operation, the CH4 conversion tended to

increasewith increasingO2 content and reaction temperature.

It increased from 62% tomaximum 80% at 650 �C (with CO2/O2

ratio of 7/3) and reached 95% at 750 �C as shown in Fig. 4 (a)

and (b), respectively. It should be noted that the improvement

of CH4 conversion was accompanied with the changing of CO2

conversion and hydrogen yield as shown in Fig. 5. Similar to

the periodic operation, the O2 addition significantly reduced

CO2 conversion due to the partial consumption of CH4 with

added O2 (partial oxidation reaction) and the possible oxida-

tion of CO with added O2 to CO2. The O2 addition also

improved the hydrogen yield. By adding O2 with CO2/O2 ratio

of 8/2 at 650 �C and 9/1 at 750 �C, hydrogen yield increased

from 50% to 79% and from 65% to 92%, respectively. It should

be noted that the addition of higher O2 content in the reaction

caused slight decrease in hydrogen yield for both reaction

temperatures. This could be affected by the occurrence of the

complete combustion of CH4 (Eq. (4)), resulting in the reduc-

tion of hydrogen yield. In addition, hydrogen product can

directly react with O2 to water (Eq. (5))

CH4þ 2O2/CO2þH2O (4)

2H2þO2/ 2H2O (5)

Comparison between periodic and steady state operations

for combined CO2 reforming and partial oxidation of CH4 at

reaction temperatures of 650 and 750 �C revealed that the

periodic operation showed lower performance in term of CH4

conversion than the steady state operation. Nevertheless,

considering the benefit in term of separated product stream

achievement, the periodic operation that combined CO2

reforming and partial oxidation of CH4 could be a great option

for some specific applications.

3.2. Characterization of spent catalysts

Inorder to investigate theaccumulatedcokeandunderstand the

behavior of coke formation on surface of catalyst, the used

catalysts after exposure in the reaction with different O2

contents ineachcracking/regenerationcycleunderperiodicand

steady state operations were characterized by various tech-

niques i.e. BET surface area measurement, SEM, XRD and TPO.

All spentcatalystswereexposedto thereactionsat total reaction

time of 200 min. The different CO2/O2 flow rate ratios (10/0, 9/1

and7/3) and reaction temperatures (650and750 �C)were varied.

Under periodic operation, the experiments were performed

using a constant cycle time (s) of 20min and cycle split (s) of 0.5.

Thus, reactantswere fedalternatelybetweenCH4andcombined

CO2withO2 every 10 min. Four values of reaction timeat 90, 100,

190, and 200min were considered. The reaction times of 90 and

190min stand for the used catalyst after cracking step at the

cycle number of 5 and 10 respectively, whereas the reaction

Table 4 – Coke amount obtained from TPO profiles of
spent catalysts at different conditions.

Catalysts Coke amount

Rxn.
Temp.
(�C)

Oxidant
ratio

Operation Rxn.
Time
(min)

Oxidizing
Temp.
(�C)

Amount
(mg)

650 �C no O2 Periodic 90 514.7 5.38

100 510.1 5.30

190 529.3 3.88

200 511.5 4.81

CO2:O2¼ 9:1 Steady-

state

200 519.2 4.74

Periodic 90 518.6 2.54

100 551.2 1.33

190 520.4 5.15

200 550.3 1.96

CO2:O2¼ 7:3 Steady-

state

200 520.1 2.90

Periodic 90 524.1 4.73

100 551.5 3.54

190 520.8 5.28

200 546.7 2.88

750 �C no O2 Periodic 90 516.2 2.04

100 538.5 5.30

190 518.6 1.60

200 530.4 1.43

CO2:O2¼ 9:1 Steady-

state

200 498.4 2.14

Periodic 90 503.8 1.02

100 555.3 0.88

190 504.2 3.64

200 523.5 1.15

CO2:O2¼ 7:3 Steady-

state

200 – –

Periodic 90 517.8 1.82

100 546.1 0.85

190 483.2 3.56

200 540.4 0.93
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times of 100 and 200 min stand for the used catalyst after

regeneration step at the cycle number of 5 and 10 respectively.

For steady state operation, amixture of CH4, CO2 andO2was fed

simultaneously and reaction time of 200min was considered.

Fig. 6 shows the effects of O2 content and reaction temper-

ature on the changes in catalyst weight at various reaction

times. After the catalyst was reducedwith hydrogen to form an

active metallic phase for the reforming reaction, the periodic

operationwas started. During the cracking step, the increase in

catalyst weight by the coke formation on the catalyst surface

was observed. While during the regeneration step, deposited

coke was removed and its weight decreased. However, the

change in catalyst weight decreased with increasing the

number of cycle. The results also indicate that lower amount of

coke was formed in the system at higher reaction temperature

and O2 content; similar tendency was also found under the

steady state operation. These results are in good agreement

with the observed results in Section 3.1 i.e. catalytic reactivity

increasedwith increasingO2 content and reaction temperature.

The BET surface area measurements of spent catalyst are

summarized in Table 3. These resultswere corresponding to the

results of catalyst weight; BET surface area increased during

cracking step due to coke formation but decreased by coke

oxidation during the regeneration step. At higher temperature,

the lower of BET surface area was observed, indicating that

accumulated coke is lessened because filamentous carbon can

be removed easily at high temperature [16]. This result is in good

agreement with previous study by Pholjaroen et al. [20] that

there are 2 types of coke forming on the surface of catalyst at

different temperatures.At lowtemperature, cokemostly formed

in filamentous carbon that appears the growing length with

higher surface area and accelerates the rate of carbon deposi-

tion. At high temperature, a lesser amount of total coke was

obtained, however, most of them were encapsulating carbon

that covers the catalyst surface and can block active sites of

the reactions; the lower surface areawas achieved. Importantly,

the additionofO2 as anefficientoxidizingagent can improve the

stability of the reaction by accelerating coke removal.

BET surface area of the spent catalyst was found to be

lower than that of the reduced catalyst. Ito et al. [22] explained

that when the filamentous carbons having nickel cores on the

growing top were oxidized during the regeneration step, the

nickel cores fell on the surface and became inactive particles.

Coalescence of inactive nickel cores on the bulk nickel surface

to the larger size especially at high temperature caused the

BET surface area to be decreased. Additionally, inactive nickel

cores can suppress the active site for coke deposition without

participation of active site for reforming reaction. It is noted

that the O2 addition into the regeneration step also affected

the BET surface area of catalyst. At higher O2 content, lower

surface area was obtained due to higher coke removal. Addi-

tionally, the BET study of spent catalysts under the steady-
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Fig. 8 – XRD patterns of spent catalysts after exposure in

the reaction under periodic and steady state operations

with CO2:O2[ 7:3; (a) at 650 8C and (b) at 750 8C (;Coke,

B Ni, and C NiO).

Table 5 – The crystalline sizes of nickel on catalysts at
different conditions.

Catalysts d-spacing of nickel (nm)

Fresh 4.83

After calcination in air at 750 �C 3 h 25.45

After calcination and reduction

with H2 at 750 �C 1 h

21.11

Rxn.Temp. Oxidant ratio Operation Rxn. time

90
min

100
min

190
min

200
min

650 �C No O2

CO2:O2¼ 9:1

Periodic 18.23 14.96 14.9 13.86

Steady state – – – 15.67

Periodic 14.76 16.23 14.93 17.34

CO2:O2¼ 7:3 Steady state – – – 18.55

Periodic 15.53 13.65 12.65 12.82

750 �C No O2

CO2:O2¼ 9:1

Periodic 26.88 28.25 20.9 27.92

Steady state – – – 30.45

Periodic 27.45 30.02 27.49 28.76

CO2:O2¼ 7:3 Steady state – – – 26.84

Periodic 30.51 27.34 26.47 28.84
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state operation at different conditions was alsomeasured; the

results indicate similar trend as the periodic operation.

Scanning electronmicroscopy (SEM) techniquewas applied

to observe the catalyst samples that were conducted under

periodic operation at CO2/O2 flow rate ratios of 9/1 and 7/3 and

reaction temperatures of 650 and 750 �C (Fig. 7 (a)–(d)). All

sampleswere tested after exposure in the reaction for 190 min,

which was the ending time of CH4 cracking period. At low

temperature, deposited cokes are in form of filamentous

carbon structure. Contrary at high temperature, no visible

filamentous carbon was observed. It was also found that with

higher O2 content employed, less amount of coke was seen.

Temperature-programmed oxidation (TPO) technique was

then applied to measure the certain amount of coke on cata-

lyst; the calculated amounts of deposited coke on catalyst

surface are given in Table 4. It can be seen that, in the presence

of O2 during the regeneration, the amounts of coke after

cracking period tend to increase with increasing reaction time

(e.g. comparing between 90 and 190 or 100 and 200 min). In

contrast, when without O2 addition during the regeneration,

the amount of coke after cracking period was found to

decreasewith increasing reaction time; this could bedue to the

inactive cracking of CH4 since carbon could not be removed

effectively. This characterization results are well supported

with the catalyst testing results in Figs. 2(a) and 3(a).

Spent catalysts were further studied by X-Ray diffraction

(XRD). This technique was chosen to identify the crystal

structure of Ni metallic and other metal forms on the cata-

lysts. Fig. 8 shows the XRD patterns of the spent catalysts

under periodic operation (after cracking and regeneration

steps at 650 and 750 �C with CO2:O2 of 7:3); the results under

steady state operation was also given for comparison. Under

periodic operation, it was found that the presence of accu-

mulated coke of graphitic nature on the catalyst surface was

evident during the cracking step. After the regeneration step,

the intensity of this peak was considerably lower due to the

removal of carbon from the catalyst surface, whereas the

metallic Ni peaks (detected at 2q¼ 44.5, 51.8, and 76.4�) were

unchanged. However, higher and sharper intensity peak of

metallic Ni was found with increasing temperature and O2

content in feed. XRD results also indicated that the intensity

peak of coke was weaker and broader by increasing

temperature and O2 content. Tables 5 and 6 show the crys-

talline sizes of nickel and deposited coke, respectively,

calculated by using Scherrer’s equation for different condi-

tions. It was found that at higher temperature, larger crys-

talline size of both nickel and coke were observed. These

results were corresponding to those from BET surface area;

larger crystalline size of particle induced to be lessened BET

surface area.

Fig. 9 – (a) Methane conversion and (b) CO2 conversions

comparison between periodic and steady state operation at

different cycle periods.

Table 6 – The crystalline sizes of coke deposited on catalysts at different conditions.

Catalysts d-spacing of coke (nm)

Rxn.Temp. Oxidant ratio Operation Rxn. time

90 min 100 min 190 min 200 min

650 �C No O2

CO2:O2¼ 9:1

Periodic 9.82 15.69 17.66 5.73

Steady state – – – 14.39

Periodic 17.43 20.83 19.53 15.6

CO2:O2¼ 7:3 Steady state – – – 17.25

Periodic 18.38 22.14 16.78 20.44

750 �C No O2

CO2:O2¼ 9:1

Periodic 35.75 39.34 27.36 26.1

Steady state – – – 35.84

Periodic 30.88 35.76 33.76 36.74

CO2:O2¼ 7:3 Steady state – – – 39.64

Periodic 37.55 39.85 36.94 38.34
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3.3. Effects of cycle period and cycle split on reaction
performance

As the next step, performances of combined CO2 reforming

and partial oxidation of CH4 under periodic operation were

investigated using various cycle periods (s) and cycle splits (s)

(cycle split is defined as duration of cracking step to cycle

period). All experiments were performed using CO2/O2 flow

rate ratio of 9/1 at 650 �C. In order to investigate the effect of

cycle period, the constant cycle split of 0.5 was conducted.

According to our previous study [19], the cracking step was

limited at 20 min for preventing complete deactivation of

catalyst. Therefore, the cycle period was varied at 40 min

(5 cycles), 20 min (10 cycles), and 10 min (20 cycles). The

results were shown in Fig. 9 for (a) CH4 conversion and (b) CO2

conversion. It was found that their performances tend to

decrease as the cycle period increased; CH4 conversions and

CO2 conversions were slightly decreased from 55% to 47% and

from 34% to 29% respectively, when the cycle period increased

from 10 min to 40 min. This could be due to the higher coke

deposition at the extended period.

Another set of experimentswere carried out at the constant

cycle periodof 20 min, three values of cycle split at 0.25, 0.5 and

0.75 were considered (the molar flow rates at various cycle

splits were summarized in Table 7). The results in Fig. 10 show

that, by decreasing the cycle split value from 0.5 to 0.25, both

CH4 and CO2 conversions slightly decreased from 51% to 44%

and from 29% to 26% respectively as a result of the shorter

residence time during the CH4 cracking, which caused the

lower CH4 conversion and carbon deposition. The decrease of

CO2 conversion could be due to the lower amount of carbon to

be reacted with the oxidants and the higher effect of mass

transfer resistance at low reactant flow rate. At the cycle split

value of 0.75, CH4 and CO2 conversions were initially 50% and

27% respectively, however, the conversions later decreased

rapidly to 29% and 18%, as shown in Fig. 10. This high deacti-

vation couldbedue to thehigher amountof cokeaccumulation

andthe incomplete re-oxidizationofcatalyst surfacecausedby

the decrease in amount of O2 and CO2 adsorbed on the surface.

This study indicated that the suitable split value was 0.5; cor-

responding to a symmetric periodwhen the time of cracking is

equal to the time of regeneration due to the same reaction rate

of CH4 cracking and coke oxidation.

4. Conclusion

For periodic operation, the addition of oxygen during the

regeneration (with the CO2/O2 ratio of 7/3) at 750 �C
significantly improves the reaction performance in

terms of catalyst stability and activity.

For steady state operation, the catalytic performance of

Ni/SiO2$MgO toward the carbon dioxide reforming of

methane in the presence of oxygen increased with

increasing oxygen content and reaction temperature.

However, the higher oxygen contents caused a slight

decrease in hydrogen yield for both temperatures.

Although it was revealed that the periodic operation

shows lower performance in term of methane conver-

sion than that from the steady state operation at the

same condition, considering the benefit in term of sepa-

rated product stream achievement, the periodic opera-

tion that combins carbon dioxide reforming and partial

oxidation of methane could be a great option for some

specificapplicationswherepurehydrogen is requirede.g.

for proton-exchange membrane (PEM) fuel cell.
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a b s t r a c t

Mathematical models of an indirect internal reforming solid oxide fuel cells (IIR-SOFC)

fueled by methanol were developed to analyze the thermal coupling of the internal

endothermic steam reforming with exothermic electrochemical reactions and predict the

system performance. The simulations indicated that IIR-SOFC fueled by methanol can be

well performed as autothermal operation, although slight temperature gradient occurred

at the entrance of the reformer chamber. Sensitivity analysis of five important parameters

(i.e. operating voltage, reforming catalyst reactivity, inlet steam to carbon ratio, operating

pressure and flow direction) was then performed. The increase of operating voltage low-

ered the average temperature along the reformer chamber and improved the electrical

efficiency, but it oppositely reduced the average current density. Greater temperature

profile along the system can be obtained by applying the catalyst with lower reforming

reactivity; nevertheless, the current density and electrical efficiency slightly decreased. By

using high inlet steam to carbon ratio, the cooling spot at the entrance of the reformer can

be reduced but both current density and electrical efficiency were decreased. Lastly, with

increasing operating pressure, the system efficiency increased and the temperature

dropping at the reformer chamber was minimized.

It was also found that IIR-SOFC with co-flow pattern (co-flow of air and fuel streams

through fuel cell) provides higher voltage and smoother temperature gradient along the

system compared to that with counter-flow pattern due to the better matching between

the heat supplied from the electrochemical reaction and the heat required for the steam

reforming reaction. Hence, the performance of IIR-SOFC fueled by methanol can be

maximized by applying co-flow pattern and operated with high operating pressure.

ª 2009 International Association for Hydrogen Energy. Published by Elsevier Ltd. All rights

reserved.

1. Introduction

Solid Oxide Fuel Cell (SOFC) is an electrochemical device

typically fueled by hydrogen-rich gas and operated at high

temperature (973–1373 K). It offers several advantages e.g. the

ability to use CO (along with H2) as fuel and the high level of

exhaust heat which can be efficiently utilized in combined

heat and power and combined cycle gas turbine applications

[1,2]. Importantly, due to the high operating temperature of

SOFC, hydrocarbon fuels (e.g. methane) could be applied as

* Corresponding author.
E-mail address: navadol_l@jgsee.kmutt.ac.th (N. Laosiripojana).

Avai lab le a t www.sc iencedi rec t .com

journa l homepage : www.e lsev ier . com/ loca te /he

0360-3199/$ – see front matter ª 2009 International Association for Hydrogen Energy. Published by Elsevier Ltd. All rights reserved.
doi:10.1016/j.ijhydene.2009.05.105
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the primary fuels when it is operated as internal reforming

(IR-SOFC). This operation is referred to as the utilization of

heat generated from the exothermic electrochemical reaction

to the endothermic (steam) reforming of hydrocarbons [3–5].

Theoretically, there are 2 main approaches for IR-SOFC i.e.

direct internal reforming (DIR-SOFC) and indirect internal

reforming (IIR-SOFC). For DIR-SOFC approach, along with the

electrochemical reaction, the reforming reaction occurred

simultaneously at the anode side of SOFC. Thus, high heat

transfer rate can be achieved from this operation, neverthe-

less, anodematerial must be optimized for both reactions and

could be easily poisoned by carbon deposition from the

reforming of hydrocarbons. As for IIR-SOFC, the endothermic

reforming reaction takes place at reformer, which is in close

thermal contact with the anode side of SOFC where

exothermic electrochemical reaction occurs. IIR-SOFC offers

advantages in terms of eliminating the requirement of sepa-

rate fuel reformer, providing good heat transfer between

reformer and fuel cell, and preventing anode material from

carbon deposition. However, the main drawback of IIR-SOFC

is possible mismatch between rates of endothermic and

exothermic reactions, which leads to significant local

temperature reduction particularly near the entrance of

reformer and consequently results in mechanical failure due

to thermal induced stresses [3–5]. Hence, IIR-SOFC generally

requires intensive coupling operation of both reforming and

SOFC sections.

Focusing on the primary fuels for IR-SOFC, several hydro-

carbons e.g. methane, methanol, or ethanol can theoretically

be applied since these hydrocarbons can be efficiently

reformed to H2 and CO at SOFC operating temperature

(700–1100 �C). Among them, methanol is one of an interesting

candidate due to its ready availability, high-specific energy,

sulfur free and storage transportation convenience [5,6];

moreover, it can be produced from both chemical and bio-

logical processes. Thus, methanol was selected as the primary

fuel in this study. Theoretically, according to the steam

reforming of methanol, hydrogen can be produced from three

reactions [6] i.e. methanol decomposition (1), methanol steam

reforming (2) and Water-Gas Shift (WGS) (3) reactions.

CH3OH4COþ 2H2 (1)

CH3OHþH2O4CO2þ 3H2 (2)

COþH2O4CO2þH2 (3)

Previously, several works on the kinetic models and the

rate expressions of methanol steam reforming have been

reported [7–11]. Peppy et al. [7] proposed the kinetic rate

expressions of methanol steam reforming along with WGS

and methanol decomposition reactions based on Langmuir–

Hinshelwood approach. Recently, Choi et al. [9] proposed

more simplified methanol steam reforming rate expressions

with threemore involved reactions, which are DME formation

(4), formaldehyde formation (5) and methane formation (6)

reactions. They indicated that these rate equations were

reliable to predict the methanol steam reforming behavior,

thus their equations were applied in the present work.

2CH3OHþH2O/CH3CH3þH2O (4)

2CH3OH/CH3OCHOþ 2H2 (5)

CH3OCHO/CO2 (6)

In this study, a set of mathematical modeling was devel-

oped in order to predict the behaviors (in terms of cell

performance and temperature gradient along the cell) of

tubular IIR-SOFC fueled by methanol. The model was devel-

oped by using bvp4c routine inMATLAB program. This routine

is generally applied for solving the boundary condition equa-

tion with finite element method. Number of mesh in each

investigation was optimized between accuracy of results and

time for calculation, (relative error tolerance is 1e-5). The

effects of operating conditions (i.e. inlet fuel temperature,

operating voltage, catalytic reforming reactivity, inlet steam

to methanol ratio, operating pressure, and gas flow pattern)

on cell performance and temperature profile along each

section of IIR-SOFC system i.e. reformer channel, fuel channel,

and air channel were determined. From this study, the suit-

able operating conditions of IIR-SOFC system fueled by

methanol were identified.

2. Mathematical models

2.1. Model geometry

Schematic diagram of tubular-designed IIR-SOFC applied in

the present work is shown in Fig. 1. According to this config-

uration, methanol and steam are converted to hydrogen-rich

gas at the internal catalytic packed-bed reformer before being

introduced to the fuel channel of tubular SOFC. Simulta-

neously, air is fed with the opposite flow direction through the

air channel. It is noted that all dimensions and physical

properties of the SOFC system in the present work, which are

summarized in Table 1, are based on previous report from

literature [4].

It should be noted that the effect of gas (i.e. fuel and air)

flow directions on the system performance was also

Reformer

Fuel Channel

Air Channel

Solid Electrolyte

Δz

O2&N2

O2&N2

CH3OH+H2O CO&H2inlet outlet

Fig. 1 – Schematic design of tubular-designed IIR-SOFC

with counter-flow configuration.
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considered. As shown in Fig. 1, the air flow is counter-flowed

to the fuel flow in the fuel channel of SOFC, thus it is called

‘‘counter-flow’’ configuration. Alternatively, the fuel and air

streams can also be flowed in the same direction, so called

‘‘co-flow’’ configuration. There are two possible configura-

tions for co-flow operation i.e. ‘‘conventional co-flow’’ and

‘‘alternative co-flow’’ operations as shown in Fig. 2(a) and (b).

For both conventional and alternative co-flow operations, the

fuel and air streams are flowed in the same direction; the

different is that for the alternative co-flow operation

the reforming gas of the internal reformer is fed back to the

other side of the fuel channel via an external insulation

channel. The effect of these flow patterns on the temperature

profiles along the system and cell performance was identified.

2.2. Model assumptions

The model was developed as the smallest single unit cell

taking into account the effect of temperature on gas distri-

bution, reactant conversion, and charge transfer. Two main

sets of equations i.e. for the steam reformer, and for SOFC

stack – including electrodes and solid electrolyte were applied

to predict the concentration and temperature gradients along

the system. The developed models were based on the

following assumptions.

� Each section is considered as non-isothermal steady-state

conditions.

� Ideal gas behavior is applied for all gas components.

� Diffusion in gas phase and pressure drop in SOFC stack and

reformer are neglected.

� Operating cell potential is constant along the cell

coordinate.

� Fuel utilization is fixed constant at 80% along the cell

coordinate.

2.3. Reforming model

One-dimensional steam reformer model was developed to

investigate the temperature and the concentration profiles

along the internal reformer in the present work. Importantly,

the gas components in the reformer were kinetically

controlled by the rate of methanol steam reforming. As

mentioned earlier, methanol steam reforming reaction in the

present work was simulated based on the reaction pathways

with six rate expressions proposed by Choi et al. [9] (details of

these rate expressions with all related parameters are given in

Tables 2 and 3). Since the internal reformer was adjacent to

the solid stack, energy flux was accounted from heat

convection in the fuel flow along the reformer, heat conduc-

tion between the fuel channel and the reformer, and the

radiation from the solid stack to the reformer. The tempera-

ture profile could be predicted by Eq. (7), whereas the mass

flux along the reformer was determined by Eq. (8).

X
i

FiCp;i
dTr

dz
� aR

�
Ar=Vf

� �
Tr � Tf

�þX
j

DHjRj

�s
ðAr=VssÞ

�
T4
r � T4

ss

�
1=31 þAr=Afðð1=32Þ � 1Þ ¼ 0 (7)

�dFi

dz
þ rBAr

X
niRi ¼ 0 (8)

Boundary conditions: z ¼ 0; Fi ¼ Fo
i ; Tr ¼ To

where i and j stand for components and reactions involved in

the system. As methanol steam reforming was selected for

studying in this work.

2.4. Solid oxide fuel cell model

A steady-state one-dimensional model of SOFC was devel-

oped. It composes of the models for fuel and air channels as

well as for the electrochemical active tri-layer region repre-

sented by the anode, electrolyte, and cathode. The electro-

chemical rate is corresponded to amount of the electric

current that is drawn according to Faraday’s law (Eq. (9)),

whereas the conversions of fuel and air stream are deter-

mined by Eqs. (10) and (11), respectively.

Table 1 – Important parameter values of IIR-SOFC system
studied in this work.

Parameter Value Parameter Value

rr 2.26� 10�3 m rf 3.19� 10�3 m

rss 4.09� 10�3 m ra 4.67� 10�3 m

31,32 0.9 Rohm 3� 10�5 U/m2

aR,hf,ha 0.1 kJ/m s K lss 2� 10�3 kJ/m s K

CH3OH + H2O

O2 & N2

CO & H2

O2 & N2

inlet

a

outlet

CO & H2

CO & H2

CO & H2

CH3OH + H2O

O2 & N2

O2 & N2

inlet outlet

Insulation tube

Insulation tube

CO & H2

b

Fig. 2 – IIR-SOFC with (a) conventional co-flow and (b) alternative co-flow configurations.

i n t e r n a t i o n a l j o u rn a l o f h y d r o g e n en e r g y 3 4 ( 2 0 0 9 ) 6 4 1 5 – 6 4 2 4 6417

                                             93



Rk;elec ¼ j=2F (9)

�d
dz

�
Fi

Af

�
þ
X

niRk;elec

�
Aact=Vf

� ¼ 0 (10)

�d
dz

�
Fi

Aa

�
þ
X

niRk;elecðAact=VaÞ ¼ 0 (11)

As for the thermal flux in each channel, due to the thermal

contact between the internal reformer and the SOFC stack, the

thermal flux in the fuel channel was affected by the convec-

tive heat transfer from the fuel flowed through the channel

and the conductive heat transfer between the reformer and

fuel channels, whereas the thermal flux at the air channel was

influenced by the convective heat transfer of air flowed and

the conductive heat transfer between the air channel and

SOFC solid stacks. It should be noted that, in the present work,

the outer layer of air channel was concerned as adiabatic. The

thermal behaviors of the fuel and air channels can be calcu-

lated from Eqs. (12) and (13), respectively.

Fuel channel:
X
i

FiCpi

dTf

dz
� aR

�
Ar=Vf

� �
Tr � Tf

�
�hf

�
Af=Vf

� �
Ts � Tf

� ¼ 0 (12)

Boundary condition: z ¼ L; Tf ¼ Tr

Air channel:
X

FiCpi

dTa

dz
� haðAa=VaÞ ðTs � TaÞ ¼ 0 (13)

In the part of solid electrolyte, the effect of electrochemical

reaction at the active tri-layer located between the fuel and

the air channel was considered. The thermal flux was calcu-

lated by taking into account the conductive heat transfer from

both channels and also radiation from the reformer; it is noted

that several literatures suggested that the radiation heat

transfer is one major influence for the non-isothermal SOFC

simulation [12,13]. Importantly, the heat is also generated

from the electrochemical reaction. Thus, the overall thermal

flux for solid electrolyte can be determined by Eq. (14):

ls
d2Ts

dz2
� hf

�
Af=Vs

� �
Ts � Tf

�� haðAa=VsÞ ðTs � TaÞ

� sðAr=VsÞ
�
T4
r � T4

s

�
1=31 þ Ar=Afðð1=32Þ � 1Þ

¼ 0þ DHkRkðAact=VsÞ þ jEðAact=VsÞ (14)

Boundary condition: z ¼ 0;
dTs

dz
¼ 0; z ¼ L;

dTs

dz
¼ 0

According to the electrochemical model for SOFC, the

theoretical and actual voltage can be calculated from Eqs. (15)

and (16). It is noted that the actual potential is always lower

than theoretical value due to the occurring activation,

concentration and ohmic overpotentials.

Theoretical voltage: EOCP
H2

¼Eo
H2

�RTf=2F ln
�
pH2

p1=2
O2

=pH2O

�
(15)

Operating potential: E ¼ EOCP
H2

�
�
Rohmjþ RA;H2

jH2
þ Rcj

�
(16)

Activation loss is the activation barrier of electrochemical

reaction at electrode. This overpotential was here determined

using Butler–Volmer equation [14] since several literatures

suggested that this equation is suitable to explain the activa-

tion behavior with insignificant error [15]. As for the concen-

tration overpotential, it occurs due to the resistance of gas

diffusion through the porous media. Generally, gas diffusion

behavior can be predicted by three mathematical models i.e.

Fick’s model, Dusty gas model (DGM), and Stefan–Maxwell

models [16]; the DGM was chosen in the present work.

Importantly, Achenbach [17] proposed that the activation and

concentration polarizations, taking place at the electrode/

electrolyte interface, were dependent on the reactivity of

reactants, the properties of SOFC materials and the electric

resistance polarizations at the electrode. Hence, three over-

potential correlations were established to simplify the model

calculation; these correlations were also accounted in the

present work, as expressed in Eqs. (17)–(19).

Anode polarization: 1=RA;H2
¼ RTf=2FkA;H2

�
pH2

=po
�m

exp� EA=RTf (17)

Anode polarization: 1=RA;CO ¼ RTf=2FkA;CO

�
pCO=p

o
�m

exp� EA=RTf (18)

Table 2 – Involved reactions and their rate expressions for methanol steam reforming reaction [9].

Reaction Formula Rate law

(1) Methanol decomposition CH3OH4COþ 2H2 �r1 ¼ k1ðPCH3OH � K�1
1 PH2PCOÞ

(2) DME formation 2CH3OH/CH3OCH3þH2O �r2 ¼ k2ðPCH3OHÞ2
(3) WGS reaction COþH3O4CO2þH2 �r3 ¼ k3ðPCOPH2O � K�1

3 PH2PCO2 Þ
(4) MF formation 2CH3OH/CH3OCHOþ 2H2 �r4 ¼ k4ðPCH3OHÞ2
(5) Methane formation CH3OCHO/CO2þCH4 �r5¼ k5PMF

(6) Methanol steam reforming CH3OHþH2O4CO2þ 3H4 �r6 ¼ k6ðPCH3OHPH2OÞ

Table 3 – Activation energy and frequency factors for
methanol reforming reaction [9].

Reaction Ea
(kJ/mol)

ki
(mol/gcat. s. atm)

(1) Methanol decomposition 91.8 5854

(2) DME formation 88.9 125

(3) WGS reaction 43.7 17.973

(4) MF formation 82.2 1650

(5) Methane formation 45.6 1.174

(6) Methanol steam reforming 2670 70358
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Cathode polarization: 1=Rc ¼ RTa=4FkC

�
pO2

=po
�m

exp� EC=RTa (19)

As for the ohmic overpotential, it occurs from the ion

transport across the cell, which mainly depends on ionic

conductivity of SOFC material. By applying ohm’s law, the

relation of ohmic overpotential andmaterial resistivity can be

determined. Considering all polarizations, the cell perfor-

mance was determined in terms of the average current

density and system efficiency. It is noted that the anodic

current was calculated from both H2 and CO conversion rates,

whereas the system efficiency, helec, was defined as a ratio

between energy output from generated electricity and energy

input into the reformer. The output energy was calculated

from power density (P), whereas the input energy was deter-

mined from the energies of all input fluids, Eq. (20).

helec ¼
PAactP

yin
i LHVi;1173 K

(20)

whereAact is the activation area (m2), yin
i is themole fraction of

the inlet fluid, and LHV is lower heating value at 1173 K.

3. Results and discussion

3.1. Modeling of IIR-SOFC as base case

The model of IIR-SOFC fueled by methanol was firstly simu-

lated at 1173 K and 1 bar. The inlet fuel (methanol and steam)

with steam to carbon ratio of 2 was fed to the internal

reformer, while SOFC load voltagewas constant at 0.7 V. Table

1 presents all related parameters of IIR-SOFC system applied

in the present work (i.e. mass and heat transfer coefficients,

thermal conductivities and SOFC physical properties); as

reported by Aguair et al. [4]. Under these conditions, charac-

teristic results of this IIR-SOFC system i.e. methanol conver-

sion, product gas distribution and temperature gradient along

internal reformer and SOFC channels (both fuel and air

channels) were determined as shown in Figs. 3 and 4.

Fig. 3 presents the profiles of methanol, hydrogen, carbon

monoxide, and carbon dioxide mole fraction in reformer and

fuel channel of SOFC. It can be seen that, due to the high

reforming reactivity, methanol was completely consumed at

the first one-fourth of the reformer chamber; therefore,

hydrogen and carbon monoxide mole fractions increased

rapidly in this region. It is noted that insignificant amount of

methane from the decomposition of methanol was also

observed at the first half of the reformer. At the outlet of the

reformer, the product gas flows backward into fuel channel of

SOFCwhere H2 and CO are electrochemically converted to H2O

and CO2. Under these conditions, the average current density

and fuel efficiency were 2891.78 Am�2 and 32.48%, respec-

tively. It is noted that, based on the size of cell stack and

operating conditions studied, the values of current density

observed in the present work are in the same range as the

current densities that were previously reported [17–20].

Fig. 4 shows the temperature profiles of reformer, fuel and

air channels for this IIR-SOFC system. It can be seen that the

heat generated from fuel cell side is sufficient for internal

reforming operation; nevertheless, a noticeable temperature

gradient associatedwith indirect internal reforming operation

was also observed (as also reported by several previous

researchers [4,12]). The reformer temperature decreased from

1173 K to the lowest 1148 K at the first half of the reformer

length; and this local cooling may affect the cell performance

aswell as the ceramic components of SOFC. It is noted that the

temperature distribution is mainly corresponded to the level

of methanol conversion along the reformer. At the entrance of

the reformer where the conversion of methanol is extremely

high, large amount of heat is required for endothermic steam

reforming reaction; thus the cooling effect occurs. Oppositely,

whenmethanol is converted along the length of the reformer,

the required heat is relatively lower than the generated heat

from electrochemical reaction; thus the rising in temperature

profile is observed. Importantly, significant temperature

difference along the reformer could affect several properties

of stack material i.e. thermal expression and electrical resis-

tance as well as damage the ceramic components of SOFC.

Fig. 3 – Concentration profiles in the reformer and fuel

channels of IIR-SOFC (at base case condition).

Fig. 4 – Temperature gradients in the reformer and fuel

channels of IIR-SOFC (at base case condition).
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Hence, as the major aim of this work, several operating

conditions i.e. operating voltage, catalytic reforming reac-

tivity, inlet steam to methanol ratio, operating pressure and

gas flow pattern were varied in order to minimize this

temperature gradient as well as maximize the outputs (i.e.

current density and fuel efficiency) from this SOFC system.

3.2. Effect of operating voltage

The effect of operating voltage on the system performance

was investigated by varying the operating voltage from 0.6 V

to 0.8 V. Fig. 5 shows the temperature distribution in the

reformer chamber at different operating voltages; it can be

seen that the increase of operating voltage reduced the

average temperature along the length of reformer and the

temperature at the exit of the reformer was relatively lower

than that operated at low operating voltage. The decreasing of

average temperature leads to the higher ohmic loss, which

eventually results in lower current density generated and less

electrical efficiency achieved, as shown in Fig. 6 (a) and (b). In

detail, when the operating voltage increased from 0.6 V to

0.8 V, the efficiency appeared to increase from 27.9% to 50.4%;

however, the average current density oppositely reduces from

4286 Am�2 to 1249 Am�2.

It is noted that the decrease in current density with

increasing operating voltage comes from the relation between

the potential, current density and cell polarizations in Eq. (16),

whereas the increase in system efficiency with increasing

operating voltage is due to the relation of system efficiency

with power density in Eq. (20). The increase of efficiency with

increasing operating voltage was also related to the decrease

of cell polarization with increasing output voltage, whereas

the decrease of current density with increasing output voltage

was previously reported to due with the low hydrogen

consumption at high output voltage [21].

3.3. Effect of reforming reactivity

According to the literatures [4,12], the use of catalyst with too

high reforming reactivity could lead to the rapid endothermic

steam reforming and high hydrocarbon conversion at the

beginning of the reformer, then results in the significant

cooling spot at the entrance of the reformer chamber. Here,

we studied the effect of reforming reactivity on the system

performance by applying catalyst with various reforming

reactivities (25%, 50% and 80% compared to the base case) and

determining the potential to reduce the rapid endothermic

steam reforming rate at the beginning state, which could

result in the smoother temperature profile along the chamber.

Fig. 7 shows the effect of catalyst reactivity on the

conversion profiles along the reformer chamber. It was

observed that the complete conversion of methanol shifted to

the exit of the reformer chamber with decreasing catalyst

reactivity; and methanol was completely reformed at the end

of the reforming chamber when the 50% catalyst reactivity

was applied. Importantly, it must be aware that the catalyst

reactivity must not too low, which could result in the incom-

plete reforming at the exit of the reformer chamber and allow

the slippage of unreacted methanol into the fuel chamber. By

applying 25% catalyst reactivity, the incomplete reforming

Fig. 5 – Effect of operating voltage on the temperature

gradient in the reformer channel of IIR-SOFC system.

Fig. 6 – Effect of operating voltage on (a) current density and

(b) electrical efficiency achieved from IIR-SOFC system.

Fig. 7 – Effect of catalyst activity on the methane

conversion in the reformer channel of IIR-SOFC system.
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occurred and noticeable amount of methanol remains

observed at the exit of the reformer chamber, thus the system

performance with this condition was not considered.

Fig. 8 presents the effect of catalyst reactivity on the

temperature profiles along the reformer chamber. Clearly, the

temperature gradient of the system becomes smoother and

the exit temperature was lower when less reactivity catalysts

(50% and 80% catalyst reactivity) were applied. The use of

lower reactivity catalyst results in the decrease of endo-

thermic steam reforming rate, thus the cooling spot at the

entrance of the reformer eventually reduces and the temper-

ature gradient along the chamber becomes smoother. Never-

theless, it was found that the current density and electrical

efficiency slightly decreased with decreasing catalyst reac-

tivity (from 32.48% to 31.06% and 30.29% at 80% and 50%

catalyst reactivity, Fig. 9). This slight decreasing could be due

to the increase in cell resistances since the accumulated heat

in the system was reduced by using low catalyst reactivity.

3.4. Effect of steam to carbon ratio

As the thermodynamic properties of inlet fluids are important

factor that could influence the thermal behavior of SOFC

system, the effect of inlet steam content on the temperature

gradient along the system and the system performance was

investigated by varying the inlet steam to carbon (S/C ) ratios

from 2.0 to 3.0 and 4.0. Fig. 10 presents the effect of inlet S/C

ratio on the temperature gradient along the reformer

chamber. As shown from the figure, the cooling spot at the

entrance of the reformer reduced when the inlet S/C

increased. This improvement could be caused by the increase

of heat accumulated from the excess steam fed into the

system, which could be efficiently used for the endothermic

steam reforming reaction.

Nevertheless, it was found that both current density and

electrical efficiency decreased with increasing inlet S/C ratio

(Fig. 11 (a) and (b)). The decrease in current density could be

due to the higher cell polarizations with increasing inlet S/C

ratio, while the decrease in electrical efficiency comes from

the higher energy requirement to vaporize steamwhen excess

steam was introduced to the system [22].

3.5. Effect of operation pressure

Fig. 12 shows the influence of operating pressure (1 (base

case), 5, and 10 bar) on temperature profiles of this IIR-SOFC

system. It can be seen that the increase of pressure signifi-

cantly reduces the dropping of temperature at the entrance of

reformer chamber. This could be due to the effect of partial

pressure of gas species in steam reforming and electro-

chemical reactions since the extent of steam reforming rate

reaction decreases with increasing pressure due to the ther-

modynamic restrictions and the kinetic expressions in use [4].

It was also found that the increase of operating pressure

results in the higher open-circuit potential and consequently

lower polarizations, which leads to the achievement of higher

current density and eventually electrical efficiency. The

current density increased from 2891.78 Am�2 to

4132.20 Am�2 and 4274.02 Am�2 at 1, 5, and 10 bar

Fig. 8 – Effect of catalyst activity on the temperature

gradient in the reformer channel of IIR-SOFC system.

Fig. 9 – Effect of catalyst activity on (a) current density and

(b) electrical efficiency achieved from IIR-SOFC system.

Fig. 10 – Effect of inlet steam to carbon (S/C ) ratio on the

temperature gradient in the reformer channel of IIR-SOFC

system.
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respectively, Fig. 13 (a). Thus, the increasing of operating

pressure is an effective way of reducing the temperature

gradient as well as increasing the cell performance. Never-

theless, it must be aware that the operating pressure should

not be too high, which could affect the strength of system

materials.

3.6. Effect of gas flow patterns

Theoretically, as for a typical heat exchanging system, flow

direction of exchanged fluids strongly affects the heat transfer

and reaction behavior in the fluid stream, thus the effect of

fuel and oxidant flow direction on the IIR-SOFC performance

was also considered. In the previous sections, air flow is

counter-flow to fuel flow in SOFC fuel channel. As an alter-

native option, the system behavior was analyzed as co-flow

pattern by changing mass and energy balances in air channel

along with their corresponding boundary conditions while

keeping all other operating conditions identical to those of

counter-flow pattern. As described earlier, the co-flow

configuration can be divided in 2 patterns i.e. conventional co-

flow and alternative co-flow. The effect of these two gas flow

patterns on the temperature profiles along the reformer, fuel

and air channels was simulated and showed in Fig. 14(a)

and (b).

Interestingly, it was found that the flow directions of fuel

gases and air strongly affect the temperature gradient along

the system. Compared to the counter-flow pattern as previ-

ously shown in Fig. 4, the alternative co-flow pattern can

provide the smoothest temperature gradient and lowest

average temperature along the system; nevertheless, it also

gives the lowest current density and electrical efficiency as

shown in Fig. 15 due to its high polarization with low system

temperature. Compared between the counter-flow and

conventional co-flow patterns, it can be seen that while in the

case of counter-flow pattern the temperature profiles increase

along the system and the maximum temperature occurs at

the outlet of air channel (Fig. 4); in the case of co-flow pattern,

the maximum temperature occurs at approximate the third

quadrant of the system. Under counter-flow pattern, the

increasing of temperature along air flow direction is mainly

due to heat accumulation along SOFC system. For co-flow

pattern, heat is firstly generated at the end of the system

(z¼ 1) and then accumulated along air stream until reaching

the entrance of reforming regime (z¼ 0), where great amount

of energy is consumed, thus the temperature along the system

is higher than the two ends. It should be noted that the

temperature dropping at the entrance of the reformer

chamber for IIR-SOFC with co-flow pattern was slightly better

than that with counter-flow pattern (the reformer tempera-

ture decreased to the lowest 1153 K for co-flow pattern

compared to 1148 K for counter-flow pattern). In addition,

the average temperatures in reformer, fuel and air channels of

Fig. 11 – Effect of inlet steam to carbon (S/C ) ratio on (a)

current density and (b) electrical efficiency achieved from

IIR-SOFC system.

Fig. 12 – Effect of pressure on the temperature gradient in

the reformer channel of IIR-SOFC system.

Fig. 13 – Effect of pressure on (a) current density and (b)

electrical efficiency achieved from IIR-SOFC system.
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IIR-SOFCwith co-flow pattern is higher than those of IIR-SOFC

with counter-flow pattern; this consequently leads to the

higher current density and electrical efficiency for IIR-SOFC

with co-flow pattern. We summarized that the high efficiency

of IIR-SOFC with conventional co-flow pattern is due to the

good matching between the heat exothermically supplied

from the electrochemical reaction and the heat required for

the endothermic steam reforming reaction along the fuel cell

system, thus concluded here that IIR-SOFC with co-flow

pattern is more satisfactory than that with counter-flow

pattern.

4. Conclusion

The simulations indicated that IIR-SOFC fueled by methanol

can be well performed as autothermal operation, although

slight temperature gradient occurred at the entrance of the

reformer chamber. The increase of operating voltage lowered

the average temperature along the reformer chamber and

improved the electrical efficiency, but it oppositely reduced

the average current density achievement. Greater tempera-

ture profile along the system can be obtained by applying the

catalyst with low reforming reactivity; nevertheless, the

current density and electrical efficiency slightly decreased due

to the increase in cell resistances because the accumulated

heat in the system was reduced by using low catalyst reac-

tivity. By using high inlet steam to carbon ratio, the cooling

spot at the entrance of the reformer can be reduced but again

both current density and electrical efficiency decreased due to

the higher cell polarizations and energy requirement to

vaporize steam when excess steam was introduced. By

increase operating pressure, the system efficiency signifi-

cantly improved due to the higher open-circuit potential and

lower polarizations with increasing pressure, which leads to

the achievement of higher current density and electrical effi-

ciency. In addition, the degree of temperature dropping at the

entrance of internal reformer significantly reduces with

increasing operating pressure.

We also found from this work that IIR-SOFC with co-flow

pattern (co-flow of air and fuel streams through fuel cell)

provides higher voltage and smoother temperature gradient

along the system than that with counter-flow pattern due to

the better matching between the heat exothermically

supplied from the electrochemical reaction and the heat

required for the endothermic steam reforming reaction along

the fuel cell system. Therefore, we concluded here that the

performance of IIR-SOFC fueled by methanol can be maxi-

mized by applying co-flow pattern and operated with high

operating pressure.

Acknowledgment

The financial support from the Thailand Research Fund (TRF)

and Commission on Higher Education, and the Thailand

Graduate Institute of Science and Technology (TGIST): grant

no. TG-55-20-50-058D throughout this project is gratefully

acknowledged.

Fig. 14 – Effect of fuel/air flow pattern ((a) co-flow and (b)

alternative co-flow) on the temperature gradient in the

reformer channel of IIR-SOFC system.
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List of nomenclatures

Symbols
(�DH )elect,k: heat of the electrochemical reaction k, kJ/mol
(�DH )j: heat of reaction j in the reformer, kJ/mol
Aact: anode active surface area (2prfL), m

2

Af: fuel channel outer surface area (2prfL), m
2

Ar: reformer outer surface area (2prRL), m
2

As: solid electrolyte outer surface area (2prsL), m
2

Ea: activation energy, kJ/mol
E: potential, V
EOCP
H2

: open-circuit potential (OCP), V
EN
H2
: potential for standard temperature and pressure and pure
reactants, V

F: Faraday’s constant 96,485 C/mol
Fi: molar flow rate of species i, mol/s
h: heat transfer coefficient, kJ/m2 s K
j: current density, A/m2

ki: frequency factor of reaction i, mol/gcat s atm
L: system length, m
P: power density, W/cm2

po: standard partial pressure, atm
pi: partial pressure of species i, atm
R: universal gas constant; 8.414 J/Kmol
Relect,k: rate of the electrochemical reaction k, mol/m2 s
Rj: rate of reaction j in the reformer, mol/kgcat s
R: polarization, Um2

T: temperature, K
Va: air channel volume (p(r2� rs

2)L), m3

Vf: fuel channel volume (p(r2� rR
2)L), m3

Vp: catalyst particle volume, m3

Vs: solid electrolyte volume (p(r2� rf
2)L), m3

Greek symbols
aR: overall heat transfer coefficient, kJ/m

2 s K
ls: thermal conductivity of the solid structure, kJ/m s K
ni,k: stoichiometric coefficient of component i in electro-

chemical reaction k
ni,j: stoichiometric coefficient of component i in reforming

reaction j
rB: catalyst bulk density, kgcat/m

3

helec: electrical efficiency

Subscripts
i: reaction (SRM, WGS, etc.)
j: component (methanol, water, hydrogen, etc.)
Ohm: ohmic losses
a: air channel
A: anode
C: cathode
elect: electrochemical reactions
f: fuel channel
i: component
j, k: reaction
r: reformer
s: solid electrolyte
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a b s t r a c t

Mathematical models of an indirect internal reforming solid oxide fuel cell (IIR-SOFC) fed by four dif-

ferent primary fuels, i.e., methane, biogas, methanol and ethanol, are developed based on steady-state,

heterogeneous, two-dimensional and tubular-design SOFC models. The effect of fuel type on the thermal

coupling between internal endothermic reforming with exothermic electrochemical reactions and sys-

tem performance are determined. The simulation reveals that an IIR-SOFC fuelled by methanol provides

the smoothest temperature gradient with high electrochemical efficiency. Furthermore, the content of

CO2 in biogas plays an important role on system performance since electrical efficiency is improved by

the removal of some CO2 from biogas but a larger temperature gradient is expected.

Sensitivity analysis of three parameters, namely, a operating pressure, inlet steam to carbon (S:C) ratio

and flow direction is then performed. By increasing the operating pressure up to 10 bar, the system effi-

ciency increases and the temperature gradient can be minimized. The use of a high inlet S:C ratio reduces

the cooling spot at the entrance of reformer channel but the electrical efficiency is considerably decreased.

An IIR-SOFC with a counter-flow pattern (as based case) is compared with that with co-flow pattern (co-

flow of air and fuel streams through fuel cell). The IIR-SOFC with co-flow pattern provides higher voltage

and a smoother temperature gradient along the system due to superior matching between heat supplied

from electrochemical reaction and heat required for steam reforming reaction; thus it is expected to be

a better option for practical applications.

© 2009 Elsevier B.V. All rights reserved.

1. Introduction

During the past two decades, several types of fuel cell have

been continuously developed and modified. Among them, the solid

oxide fuel cell (SOFC) has attracted much interest for station-

ary power generation since it provides high efficiency with low

pollutant emission [1]. Generally, SOFC is operated at high temper-

atures (1073–1473 K), thus hydrocarbon fuels (e.g., methane) can

be applied as a primary fuel when the system is operated with

internal reforming (IR-SOFC). This operation uses the heat gener-

ated from the exothermic electrochemical reaction to conduct the

endothermic (steam) reforming of hydrocarbons [2–5].

Theoretically, there are two main designs of a IR-SOFC

namely, direct internal reforming (DIR-SOFC) and indirect inter-

nal reforming (IIR-SOFC). In the DIR-SOFC approach, together with

electrochemical reaction, the reforming reaction occurs simultane-

ously at the anode side of SOFC. Thus, a high heat transfer rate can

∗ Corresponding author. Tel.: +66 2 4708309; fax: +66 2 8726736.

E-mail address: navadol l@jgsee.kmutt.ac.th (N. Laosiripojana).

be achieved from this operation; nevertheless, the anode material

must be optimized for both reactions and can be easily poisoned

by deposition of carbon produced from the reforming of hydro-

carbons. In an IIR-SOFC, the endothermic reforming reaction takes

place at a reformer, which is in close thermal contact with the anode

side of the SOFC where exothermic electrochemical reaction occurs.

The great advantage of an IIR-SOFC is that the released heat can be

utilized efficiently and the anode material is not subject to coke

deposition occurring from the cracking and reforming of hydro-

carbons, thus the primary fuels for IIR-SOFC are more flexible than

DIR-SOFC. It is noted that the main drawback of IIR-SOFC is the mis-

match between the rates of endothermic and exothermic reactions.

This problem leads to significant local temperature reduction, par-

ticularly near the entrance of the internal reformer [3,4,6], which

can result in mechanical failure due to thermally induced stresses.

Importantly, the temperature gradient along the SOFC system is

affected by several operating parameters, namely, inlet tempera-

ture, pressure and drawn current [4,6], as well as the type of primary

inlet fuel.

Focusing on the primary fuel selection, methane (or natural gas)

is accepted to be the most applicable fuel for IR-SOFC due to its

abundance and well-developed supply infrastructure. Among other

0378-7753/$ – see front matter © 2009 Elsevier B.V. All rights reserved.
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Nomenclature

Aact area (m2)

Aact active area = �(dr−2�cat )L

�(d2
r −(dr−2�cat )

2L)
(m2)

CP specific heat of the gas streams (kJ mol−1 K−1)

ci concentration of component i (mol m−3)

Di,j binary diffusion of component i and j (m2 s−1)

De
i,mix

effective molecular diffusivity (m2 s−1)

d diameter (m)

Eff efficiency

F Faraday’s constant (96,484 C mol−1)

Fr,s gray-body transfer factor from reformer surface to

solid oxide surface

�H heat of reaction (kJ mol−1)

J0 Exchange current density (A m−2)

J current density (A m−2)

kp permeability

LHVi lower heating value of component i

Mi molecular weight of component i (kg kJ−1)

ni number of mole of component i

p0 standard partial pressure (Pa)

pi partial pressure of species i

PSOFC power density (W m−2)

Qelec local generated heat (W m−2)

Rk rate of reaction k

Rg universal gas constant: 8.414 kJ mol−1 K−1.

Rohm ohmic resistant (k�m−2)

T temperature (K)
�v fluid velocity (m s−1)

yi the mole fraction of gas

Greek letters

� density (kg m−3)

εm emittance

�̃ effect of viscosity (Pa s)

	 special Fuller et al. diffusion volume [13]

˛a,c charge transfer coefficient of anode and cathode


 Stefan–Boltzmann coefficient

ε porosity

� tortuosity

� thermal conductivity (kJ m−1 s−1K−1)


 voltage drop (V)

� thickness (m)

Subscripts

a air channel

i component (methane, water, hydrogen, etc.)

j reaction (SRM, WGS, etc.)

f fuel channel

p particle

r reformer

s solid oxide fuel cell

Act activation losses

Cat catalyst

Cell cell stack

Con concentration losses

Elec electrical

Thermal thermal

potential primary fuels, ethanol and methanol are also interest-

ing candidates due to their ready availability, high specific energy,

sulfur-free content and storage transportation convenience [5];

moreover, they can be produced renewably from both chemical and

biological processes. In addition to these three types of fuel, biogas

is another attractive candidate—particularly for agricultural coun-

tries since it is a promising renewable fuel that can be produced

biologically from the waste residues. Normally, after desulfuriza-

tion, biogas is composed of approximately 60–65 vol.% of methane

and 35–40 vol.% of CO2.

In the present study, a set of mathematical models has been

developed to predict and compare the behaviour of a tubular

IIR-SOFC fuelled by methane, methanol, ethanol, and biogas. The

models are coded in the COMSOL® program within 2D axisymmet-

ric application. From the simulation, the performance of an IIR-SOFC

(i.e., electrical efficiency and temperature gradient along the sys-

tem) fuelled by these four types of primary fuels are determined;

in addition, the effects of inlet steam to carbon (S:C) ratio, operating

pressure and gas flow patterns on the performance of the IIR-SOFC

are also investigated. Finally, a suitable type of primary fuel and

suitable operating conditions for an IIR-SOFC system are identified.

2. Mathematical models

2.1. Kinetic equations for steam reforming of primary fuels

A steam reforming reaction was chosen to convert methane,

methanol, ethanol and biogas to hydrogen-rich gas. The kinetic

equations for each reaction were based on previous reports in the

literature [7–10]. For methane reforming, the well-known kinetic

models and reaction mechanisms proposed by Xu and Froment

[7] were applied. For methanol reforming, the rate expressions

reported by Peppley et al. [8] were selected, whereas the simulation

of ethanol reforming was based on the rate expressions proposed by

Sahoo et al. [10]. For biogas, the rate expressions of methane steam

reforming with coupling of carbon dioxide reforming reported by

Abashar [9] were applied.

2.2. Model geometry and assumptions

A tubular-designed IIR-SOFC was selected, as shown schemati-

cally in Fig. 1. According to this configuration, primary fuels (e.g.,

methane, methanol, ethanol, or biogas) and steam are converted

to hydrogen-rich gas in an internal catalytic packed-bed reformer

before being introduced to the fuel channel of the SOFC. Simul-

taneously, air is fed in an opposite flow direction through the air

channel. It is noted that all dimensions and physical properties of

SOFC system in the present work, which are summarized in Table 1,

are based on the work of Aguiar et al. [4].

The mathematical model was developed as the smallest, single,

unit cell taking into account the effect of temperature on gas dis-

tribution, reactant conversion and charge transfer. Two main sets

of equations, namely, for the internal reformer and the SOFC stack

(including electrodes and solid electrolyte) were applied to pre-

dict the concentration and temperature gradients along the system

based on the following assumptions:

Fig. 1. Schematic diagram of tubular-designed SOFC with indirect internal reforming

operation.
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Table 1
Dimensional parameter for modelling.

Parameters Value

Reformer diameter 0.6 cm

Gap between reformer to fuel channel 0.24 cm

Anode thickness 0.07 cm

Electrolyte thickness 20 �m

Cathode thickness 50 �m

Gap between cathode to air channel 0.3 cm

Length 60 cm

Anode

Porosity (ε) 0.35

Tortuosity (�) 4.80

Pore radius (rp) 0.20 �m

Particle diameter (dp) 1.00 �m

Cathode

Porosity (ε) 0.35

Tortuosity (�) 4.00

Pore radius (rp) 0.25 �m

Particle diameter (dp) 1.25 �m

• Each section is considered to be under non-isothermal, steady-

state conditions.
• Ideal gas behaviour is applied for all gas components.
• Diffusion in the gas phase and pressure drop in the SOFC stack

and reformer are ignored.
• The operating cell potential is constant along the cell coordinate.
• Final fuel utilization is fixed constantly at 80%.

By adopting a non-isothermal state, the calculated gas proper-

ties are derived as the function of temperature; thus, momentum,

mass and energy balances are integrated under the conditions of

interest. According to the tubular IIR-SOFC design (as shown in

Fig. 1), the system structure consists of two main parts, i.e., porous

and bulk gas channels. The transport behaviour of both parts is

treated differently, as explained in the following sections.

2.2.1. Gas transport

Gas transport behaviour in the porous media, reformer and cell

layer was calculated by means of the Brinkmen equation (Eq. (1)),

whereas the Navier–Stokes equation (Eq. (2)) was applied to predict

the momentum transfer in gas channels [11].

∇p = − �
kp
�+ �̃∇2� (1)

� ∇(��) = −∇p+ �̃∇2� (2)

where � is the fluid velocity; � is the density (kg m−3); p is the pres-

sure (Pa); �̃ is the effect of viscosity (as function of temperature),

and kp is the permeability. In this system, the diffusion properties of

several gas species were investigated by using the binary diffusion

flux, as given by [12]:

Di,j =
(0.00143)T1.75

pM1/2

i,j
[	1/3

i
+ 	1/3

j
]

(3)

where Di,j is the binary diffusion of component i (mol m−1 s−1); T

is the temperature (K); p is the pressure (Pa); Mi,j = 2/(1/Mi + 1/Mj);

Mi is the molecular weight of component i; 	 is a special diffusion

volume (reported by Fuller et al. [13]); pi is the partial pressure of

component i. In the case of transportation through porous media,

the diffusion behaviour is corrected by taking into account the

porosity, ε, and the tortuosity, �, namely, the effective diffusivity

coefficiency (m2 s−1), De
i,mix

:

Dei,mix =
ε

�

∑
Di,j (4)

Generally, gas diffusion through electrode layers can be

explained by the coupling of two diffusion mechanisms, namely,

molecular and Knudsen diffusions. This is known as the dusty gas

model (DGM) [14]. If the mean free path of gas molecular species

is larger than the pore diameter, Knudsen diffusion is the main

mechanism; otherwise, molecular diffusion will dominate.

2.2.2. Ionic transport

The electricity generation was calculated from the relation

between polarization and the activated area of SOFC. Activation,

concentration and ohmic polarization are known as major losses for

high-temperature fuel cells like SOFCs. Activation loss arises from

an activation barrier to the electrochemical reaction at the elec-

trode. In this work, the activation polarization, 
act, was computed

by [15]:

Ji = J0
[

exp

(
˛aF
act
RgT

)
− exp

(
−(1− ˛c)F
act

RgT

)]
(5)

where Ji is the current density (A m−2); J0 is the exchange current

density (A m−2); Rg is the universal gas constant (kJ mol−1 K−1); F

is the Faraday constant. All relevant parameters were reported by

Zhu et al. [16]. The concentration polarization occurs due to the

resistance to gas diffusion through the porous media. Generally,

gas diffusion behaviour can be predicted by three mathematical

models: Fick’s model, Dusty gas model (DGM), and Stefan–Maxwell

model; the DGM was chosen in the present work. Ohmic polar-

ization arises from the ion transport across the cell, which mainly

depends on the ionic conductivity of the SOFC material. By applying

ohm’s law, the relation of ohmic polarization and material resistiv-

ity can be determined. It is noted that, in the present work, the

material properties reported by Zhu et al. [16] were used. This volt-

age drop was computed by the simplified equation:


ohmic = J.Rohm (6)

where 
ohmic is the voltage drop caused by ohmic losses (V); J is the

current density (A m−2), and Rohm is the ohmic resistant per unit

area (k�m2). It is noted that although both H2 and CO can be elec-

trochemically consumed in a SOFC, it has been reported that the

Fig. 2. I–V curve validation between simulation results of present work (blank sym-

bols) with those from Lin et al. [16] (solid symbols).

Table 2
Thermal properties of each fuel under isothermal condition (1173 K and 1 bar).

Fuel Thermal properties

LHV Thermal efficiency (%)

Methane 744.7 49.4

Biogas 466.8 39.5

Methanol 631.5 76.3

Ethanol 1194.3 69.7
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rate of electricity generation from CO is three times lower than that

of H2 [17]; thus the rate of CO oxidation in SOFC has been neglected

in this study. At the anode|electrolyte interface, H2 is electrochem-

ically oxidized whereas O2 is consumed at the cathode|electrolyte

interface. The conversion rate of H2, Relec,H2
, and O2, Relec,O2

, at the

indicated boundary was simulated from Eqs. (7) and (8), respec-

tively:

Relec,H2
= JH2

2F
(7)

Relec,O2
= JO2

4F
(8)

The reliability of these electrochemical equations, coded in

COMSOL® program, was validated by comparison with the results

from the work of Lin et al. [18], as shown in Fig. 2. Clearly, the results

are in good agreement.

2.2.3. Heat transfer

Conduction heat transfer along stack materials, convection heat

transfer from fluid flow though the system and radiation between

the reformer and the solid electrolyte were considered to predict

the temperature distribution of the IIR-SOFC system. In the bulk

gas channel, both conduction and convection heat transfer were

calculated by:

∇ · (v�cpT)−∇ · (� · ∇T) = 0 (9)

where v is the fluid velocity (m s−1); � is the gas density (kg m−3);

cp is the specific heat (kJ kg−1 K−1); � is the thermal conductiv-

ity (kJ m−1 s−1 K−1); T is the temperature (K). It is noted that the

influence of the radiation between the reformer and the solid elec-

trolyte was also taken into account by considering the heat required

for steam reforming in the reformer (Eq. (10)) and the heat of

electrochemical reaction at the anode|electrolyte layer (Eq. (11))

[19].

∇ · (v�cpT)−∇ · (� · ∇T)+ (−�Hreform)Rreform

+ 
(T4
r − T4

s )

(1− εm/εmA)r + 1/ArFr,s + (1− εm/εmA)s
= 0 (10)

∇ · (v�cpT)−∇ · (� · ∇T)+ Qelec

+ 
(T4
s − T4

r )

(1− εm/εmA)s + 1/AsFr,s + (1− εm/εmA)r
= 0 (11)

where Qelec = (−�Helec)Relec−PSOFC is the local generated heat

(W m−2); (−�Hk) is the heat of reaction k; A is the area (m2); Fr,s

is the gray-body transfer factor from the reformer surface to the

solid oxide surface; 
 is the Stefan–Boltzmann coefficient; εm is the

emittance; PSOFC is the local power density of the SOFC (W m−2).

2.3. Calculation of thermal and electrical efficiencies

Base on the assumption that most of the generated hydrogen

was combusted to supply heat for the steam reforming reaction,

some heat generated was used as the heat source. The thermal effi-

ciency, Effthermal, of an IIR-SOFC fuelled by different primary fuels

was defined as the ratio between the heating value of hydrogen

Fig. 3. Concentration profiles in reformer (black symbols) and fuel channel (white symbols) of IIR-SOFC fuelled by (a) methane, (b) biogas, (c) methanol and (d) ethanol (at

base case conditions).
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leftover from combustion with that of the inlet fuel, i.e.:

Effthermal =
nout

H2
LHVH2,1173 K −

∑(
−�Hreform

)
∑
nin
i
LHVi,1173 K

(12)

where ni is number of moles for component i, and LHVi,1173 K is the

lower heating value of component i at 1173 K. In order to investigate

the electrical efficiency, Effelec, outlet reformats were fed into SOFC

and the electrical efficiency was defined as:

Effelec =
PSOFC.Aact∑
yin
i
LHVi,1173K

(13)

where Aact is the active area (m2) and yin
fuel

is the mole fraction of

the primary fuel.

3. Result and discussion

3.1. Thermodynamic property comparison

Before undertaking a thermodynamic analysis of an IIR-SOFC

fuelled by different primary fuels, the thermodynamic properties

of each fuel, i.e., methane, methanol, ethanol, and biogas (60% CH4

and 40% CO2) were identified in terms of lower heating value (LHV)

and thermal efficiency. According to the thermal efficiency calcu-

lation, a steady-state operation was assumed and the inlet fuel

was kinetically converted to hydrogen in the packed-bed reformer,

which was eventually combusted to predict the thermal efficiency.

It is noted that the simulation was carried out at 1173 K and 1 bar

with the inlet steam to carbon (S/C) ratio of 2.0. Importantly, the

limitation of gases transport through the packed catalyst was also

Fig. 4. Results from COMSOL® represented temperature gradients in reformer and fuel channel of IIR-SOFC fuelled by (a) methane, (b) biogas, (c) methanol and (d) ethanol

(at base case conditions).
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Fig. 5. Temperature profiles of reformer, fuel and air channels (Tr, Tf and Ta, respectively) for IIR-SOFC fuelled by (a) methane, (b) biogas, (c) methanol and (d) ethanol (at

base case conditions).

taken into account. The dimensions of the system configuration are

listed in Table 1, while the LHV and thermal efficiencies of each

primary fuel are compared in Table 2. Among these primary fuels,

alcohol-based fuels (methanol and ethanol) provide significantly

higher thermal efficiency than methane-based fuels. Furthermore,

the LHV of ethanol is considerably higher than those of other fuels,

while that of methanol is close to that of methane. Hence, alcohol

would be a promising candidate fuel for IIR-SOFC, IIR-SOFCs. The

performance of an IIR-SOFC fuelled by these primary fuels in terms

of electrical efficiency and temperature gradient along the system

was then compared as presented in the following sections.

3.2. Modelling of IIR-SOFC fuelled by different fuels as based case

The non-isothermal model of IIR-SOFC was first simulated at

1 bar by introducing inlet fuels and steam at a S:C ratio of 2.0. A

SOFC load voltage of 0.7 V and a fuel utilization of 80% were applied.

Under these conditions, characteristic results, i.e., primary fuel con-

version, product gas distribution and temperature gradient along

the internal reformer and SOFC channels (both fuel and air chan-

nels) are shown in Figs. 3–5. The mole fraction profiles of primary

fuels, hydrogen, steam, carbon monoxide, and carbon dioxide in

reformer and fuel channel of SOFC, are presented in Fig. 3(a)–(d).

Among these primary fuels, ethanol provides the slowest conver-

sion rate along the reformer channel. At the outlet of the internal

reformer, the product gas flows backward into fuel channel where

hydrogen and carbon monoxide are electrochemically converted to

steam and carbon dioxide.

Fig. 4(a)–(d) shows the results from COMSOL software repre-

senting temperature distributions in reformer, fuel and air channels

for the IIR-SOFC system fuelled by different fuels, while Fig. 5(a)–(d)

summarizes the temperature profiles in each channel. It can be

seen that the heat generated from fuel cell side is sufficient for the

internal reforming operation; nevertheless, a noticeable tempera-

ture gradient associated with indirect internal reforming operation

is also observed for all types of fuel (as also reported by other

researchers [4,6]). Among them, IIR-SOFC fuelled by methane shows

the largest cooling spot at the first half of the reformer channel

(reformer temperature decreases from 1173 to 1000 K), whereas

IIR-SOFC fuelled by methanol presents the smoothest temperature

profile (reformer temperature decreases from 1173 to 1163 K). It is

noted that although the rate of the methanol conversion is faster

than that of ethanol (Fig. 3(b) and (c)), the heat of the methanol

steam reforming reaction is considerably lower, thus the temper-

ature gradient for IIR-SOFC fuelled by methanol is smoother. The

electrical efficiencies achieved from the IIR-SOFC with different

fuels are compared in Table 3. It can be seen that methanol pro-

vides the greatest electrical efficiency; nevertheless, the system also

requires the largest amount of inlet fuel compared with other fuels.

Table 3
Comparison of required volumetric flow rate and electrical efficiency achieved from

IIR-SOFC fuelled different fuels.

Fuel Properties

Volumetric flow rate Electrical efficiency (%)

Methane 0.15 61.1

Biogas 0.18 46.7

Methanol 0.22 85.6

Ethanol 0.096 32.0
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Fig. 6. Effect of operating pressure on temperature profile of IIR-SOFC fuelled by (a) methane, (b) biogas, (c) methanol and (d) ethanol.

Fig. 7. Effect of S:C ratio on temperature profile of IIR-SOFC fuelled by (a) methane, (b) biogas, (c) methanol and (d) ethanol.
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Fig. 8. Temperature profiles of reformer, fuel and air channels (Tr, Tf and Ta) for IIR-SOFC with co-flow pattern fuelled by (a) methane, (b) biogas, (c) methanol and (d) ethanol.

Fig. 9. Effect of CO2 content in biogas ((a) 30%, (b) 20% and (c) 10%) on the temperature profiles of reformer, fuel and air channels (Tr, Tf and Ta) of IIR-SOFC system.
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From the literature, the temperature gradient along the system can

affect the cell performance and the properties of the ceramic com-

ponent; the temperature difference along the SOFC system should

be less than 10 K cm−1 [20]. According to the present analysis, only

an IIR-SOFC fuelled with methanol can meet this criterion. Thus, as

another aim of this study, several operating conditions, i.e., operat-

ing pressure, inlet S:C ratio and gas flow pattern are varied in order

to minimize the temperature gradient as well as maximize the out-

puts (i.e., electrical efficiency) from an IIR-SOFC fuelled by these

fuels.

3.3. Effect of pressure

According to the kinetic expressions for steam reforming of

selected fuels, the operating pressure plays an important role on

gas conversion behaviour as well as product selectivity. Thus, the

effect of operating pressure on the system performance was deter-

mined by varying the operating pressure from 1 to 10 bar. As seen in

Fig. 6(a)–(d), an increase in pressure significantly reduces the tem-

perature drop at the entrance of reformer channel. This could be

due to the effect of the partial pressure of gas species in the steam

reforming and electrochemical reactions since the extent of the

steam reforming rate reaction decreases with increasing pressure

due to the thermodynamic restrictions and the kinetic expressions

in use. It is also found that an increase of operating pressure results

in a higher open-circuit potential and consequently lower polar-

ization, which leads to higher electrical efficiency. According to

simulation, the electrical efficiency of IIR-SOFC fuelled by methane,

biogas, methanol and ethanol increases to 58.3, 44.8, 69.46, and

34.2%, respectively, when the operating pressure is increased from

1 to 10 bar. Thus, an increase in operating pressure is an effective

way for reducing the temperature gradient, as well as enhancing

cell performance.

3.4. Effect of steam to carbon (S/C) ratio

As the thermodynamic properties of inlet fluids are important

factors that could influence the thermal behaviour of SOFC system,

the effect of inlet steam content on the temperature gradient along

the system and the system performance was investigated by vary-

ing the inlet steam to carbon (S:C) ratio from 2.0 to 4.0. Fig. 7(a)–(d)

presents the effect of inlet S:C ratio on the temperature gradient

along the reformer channel of an IIR-SOFC fuelled by different pri-

mary fuels. It can be seen that the cooling spot reduces when the

ratio is increased for all types of fuel, particularly in the case of

ethanol. This improvement could be caused by an increase in heat

accumulated from excess steam fed into the system, which could be

efficiently used for the endothermic steam reforming reaction. Nev-

ertheless, it is also found that the electrical efficiency considerably

decreases with increasing inlet S:C ratio (decreases to 33.3, 29.3,

54.6 and 15.4% for IIR-SOFC fuelled by methane, biogas, methanol

and ethanol, respectively, when the inlet S:C ratio increases from

2.0 to 4.0). The decrease could be due to the higher cell polarization

with increasing inlet S:C ratio and the higher energy requirement

to vaporize steam when excess steam is introduced to the system

[20].

3.5. Effect of flow direction

For typical autothermal application, e.g., a heat exchanging sys-

tem, the flow direction of exchanged fluids strongly affects the heat

transfer and reaction behaviour in the fluid stream; thus the effect

of the fuel and oxidant flow direction on the IIR-SOFC performance

was also considered in the present work. In previous sections, air

flow is counter-flow to fuel flow in the fuel channel of SOFC (a so-

called ‘counter-flow’ pattern). Alternatively, fuel and air streams

can be passed in the same direction, a so-called “co-flow” pattern.

The system behaviour of with co-flow pattern was analyzed by

changing mass and energy balances in the air channel along with

their corresponding boundary conditions, while keeping all other

operating conditions identical to those of the counter-flow pattern.

Fig. 8(a)–(d) shows the temperature profiles along all channels of

an IIR-SOFC with co-flow pattern. Compared with the data in Fig. 5,

it can be seen that the flow direction of fuel gases and air strongly

affects the temperature gradient along the system. The IIR-SOFC

with a co-flow pattern provides smoother temperature distribution

with a higher average cell temperature, which leads to a reduction

in cell overpotentials and consequently yields a higher electrical

efficiency (increases to 55.8, 46.6, 67.1 and 39.8% for methane, bio-

gas, methanol and ethanol, respectively). The high efficiency of

an IIR-SOFC with a co-flow pattern is due to the good matching

between the heat exothermically supplied from electrochemical

reaction and the heat required for endothermic steam reforming

along the SOFC system, thus it is concluded that an IIR-SOFC with

co-flow pattern is more satisfactory than that with counter-flow

pattern.

3.6. Effect of CO2 content in biogas

According to the above study, the electrical efficiency of IIR-

SOFC fuelled by biogas is relatively low due to the high content

of CO2 in biogas. It is well known that the presence of a high CO2

content is a major problem with biogas in terms of several energy

aspects, e.g., combust for power generation or compress and use

as fuel in vehicle; thus the removal of CO2 from biogas, which

can be done by means of several techniques, e.g., water scrubbing,

pressure swing adsorption or membrane technology, has been pro-

posed and widely applied recently. In the present work, the effect

of CO2 content in biogas on system performance was also stud-

ied by varying the CO2 content from 40 to 30, 20 and 10%. It is

found that the electrical efficiency increases with decreasing CO2

content (from 34.5 to 35.9, 38.2 and 39.2%, respectively); neverthe-

less, it can be seen from Fig. 9(a)–(c) that the content of CO2 also

affects the temperature gradient along the system. The tempera-

ture difference increases from 28.1 to 30.4, 42.8 and 47.6 K cm−1

when the CO2 content is decreased from 40 to 30, 20 and 10%,

respectively, thus it could affect the ceramic component of the

SOFC and result in mechanical failure due to thermally induced

stresses.

4. Conclusions

The simulation indicates that, among the four types of fuel

studied, an IIR-SOFC fuelled by methanol provides the greatest per-

formance in terms of electrical efficiency and temperature gradient

along the system. It is also found that the content of CO2 in biogas

strongly affects the system performance; by removal of some CO2

from biogas, the electrical efficiency can be improved but a larger

temperature gradient is expected. By increasing the operating pres-

sure, the system efficiency increases and the temperature gradient

can be minimized. The use of a high inlet S:C ratio can reduce the

cooling spot at the entrance of the internal reformer channel but

the electrical efficiency considerably decreases due to the higher

cell polarization and higher energy requirement to vaporize steam

when excess steam is introduced to the system. An IIR-SOFC with a

counter-flow pattern is also compared with an IIR-SOFC that has a

co-flow pattern. It is found that a co-flow pattern provides higher

voltage a and smoother temperature gradient along the system due

to better matching between the heat supplied from the electro-

chemical reaction and the heat required for the steam reforming

reaction.
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a b s t r a c t

The performances of solid oxide fuel cells (SOFCs) fed by different types of feed, i.e. biogas, biogas-

reformed feed, methane-reformed feed and pure hydrogen, are simulated in this work. Maximum

temperature gradient and maximum cell temperature are regarded as indicators for operation viability

investigation whereas power density and electrical efficiency are considered as performance indicators.

The change in operating parameters, i.e. excess air, fuel feed rate and operating voltage, affects both

the performance and operation viability of SOFC, and therefore, these operating parameters should be

carefully selected to obtain best possible power density and reasonable temperature and temperature

gradient. Pure hydrogen feed offers the highest SOFC performance among the other feeds. Extremely

high excess air is required for SOFC fed by biogas to become operation viable and, in addition, its power

density is much lower than those of SOFCs fed by the other feeds. Methane-reformed feed offers higher

power density than biogas-reformed feed since H2 concentration of the former one is higher.

© 2009 Elsevier B.V. All rights reserved.

1. Introduction

With the increasing concern on environmental problems, many

countries are pursuing efforts to develop more sustainable energy

systems to replace conventional combustion heat engines. Solid

oxide fuel cell (SOFC) power generation shows great promise to

serve as an alternative in the near future. For SOFC, the chemi-

cal energy can be transformed directly into the electrical energy.

Therefore, the energy loss in an SOFC is lower than that in the con-

ventional heat engines. Furthermore, additional efficiency can be

gained by incorporating a steam/gas turbine cycle to recover heat

from the hot gas exhausted from the SOFC which is typically oper-

ated at high temperatures between 1073 and 1273 K. By the same

reason, various types of fuel, e.g. methane, methanol, ethanol, nat-

ural gas, oil derivatives, can be directly used as fuel in SOFC. Biogas

is also one of the interesting alternatives. It can be derived from an

anaerobic digestion process. In this process, organic matter present

in the variety of sources, e.g. wastewater, animal waste, is micro-

bial consumed in the absence of oxygen. The composition of biogas

derived from this process varies with its source. It mainly con-

tains, on a dry basis, methane (55–65%), carbon dioxide (30–40%),

∗ Corresponding author. Tel.: +66 2 218 6868; fax: +66 2 218 6877.

E-mail address: Suttichai.A@chula.ac.th (S. Assabumrungrat).

nitrogen (1–10%), oxygen (<5%) and trace of sulfur [1]. By using

biogas in power generation, zero greenhouse gas emission can be

achieved since CO2 released from the process could be consumed

in the photo-synthesis of plant.

The presence of CH4 in the feed gas (biogas) at the anode side

of SOFC decreases the SOFC performance due to the carbon depo-

sition and partial blocking of anode pore [2]. Pre-reformer should

be installed to resolve this problem. According to the literature,

pre-reforming of methane before feeding to SOFC can improve the

power density [3]. The removal of CO2 from biogas before feeding

can also improve the power density of biogas-fuelled SOFC [4]. The

presence of CO2 in SOFC feed dwindles its performance owing to

the effect of reverse water gas shift reaction (RWGS) [5]. Our recent

works also reported that SOFC fed by pure H2 derived from using a

palladium membrane reactor can offer higher power density com-

pared with SOFC fed by reformed gas [6]. Even if the power density

is a vital technical term used in evaluating SOFC performance, heat

generation in SOFC stack should also receive closer attention. With

inappropriate operating conditions, some solid parts in an SOFC

stack may be damaged due to extreme increase in its temperature.

At the present state-of-the-art of SOFC, YSZ typically used as an

electrolyte material, the maximum allowable temperature gradient

is around 10 K cm−1 [7]. A selection of suitable feedstock for SOFC

is also an interesting issue in thermal consideration. Although the

use of pure H2 as SOFC feed can offer high power density, its rapid

1385-8947/$ – see front matter © 2009 Elsevier B.V. All rights reserved.

doi:10.1016/j.cej.2009.08.001

                                             113



412 P. Piroonlerkgul et al. / Chemical Engineering Journal 155 (2009) 411–418

Nomenclature

A SOFC stack active area (m2)

E electromotive force (V)

E0 electromotive force at standard pressure (V)

F Faraday constant (9.6495×104) (C mol−1)

FCH4,eq methane equivalent flow (mol s−1)

h heat transfer coefficient (W m−2 K−1)

�Hi heat of reaction for ith reaction (J mol−1)

�Helec heat of reaction for electrochemical reaction

(J mol−1)

H energy rate (J s−1)

i current density (A cm−2)

Kref equilibrium constant for steam reforming reaction

(Pa2)

la thickness of anode (�m)

lc thickness of cathode (�m)

L thickness of electrolyte (�m)

Nk molar flow rate of component k (mol s−1)

pk partial pressure of component k (Pa)

ri reaction rate for ith reaction (mol s−1)

rref reaction rate for steam reforming reaction (mol s−1)

R gas constant (8.3145) (J mol−1 K−1)

T temperature (K)

Uf fuel utilization

V cell voltage (V)

Greek letters


act activation loss (V)


conc concentration loss (V)


ohm ohmic loss (V)

vk,i stoichiometric coefficient of component k in ith

reaction

vk,elec stoichiometric coefficient of component k in elec-

trochemical reaction

Superscript

j jth control volume

Subscripts

a anode channel

ave average

c cathode channel

elec electrochemical reaction

i ith reaction

k component

ref reforming reaction

s solid trilayer

electrochemical reaction may cause high temperature gradient in

solid parts of SOFC.

One-dimensional analysis (1D analysis) is an attractive tech-

nique to investigate the thermal behavior of an SOFC stack.

Sorrentino et al. [8] employed 1D analysis for investigating tem-

perature and current density profiles along the flow direction of a

planar SOFC fed by reformed gas. The results obtained from the sim-

ulation shows good agreement with the experimental results. The

investigation on the operation of indirect internal reforming SOFC

(IIR-SOFC) fed by methane employing 1D analysis is performed by

Lim et al. [7]. The results indicated that the temperature gradi-

ent of SOFC is extremely high near the exit of the anode section

(entrance of reforming section) due to high extent of endothermic

steam reforming reaction. Several methods were proposed in this

literature to minimize the temperature gradient of SOFC, i.e. reduc-

tion of catalyst activity, use of non-uniform distributed catalyst and

operation under autothermal reforming.

Aguiar et al. [9] studied the thermal behavior of IIR-SOFC

towards the change in catalyst activity, fuel inlet temperature, cur-

rent density and operating pressure utilizing 1D analysis. It was

concluded that the increase in operating pressure can diminish both

temperature gradient and overall temperature of IIR-SOFC due to

the inhibition in reforming reaction rate and the improvement of

electrochemical reaction rate. The reduction of the SOFC temper-

ature gradient by minimizing the catalyst activity was also given

by Aguiar et al. [10]. With this idea, less active catalyst is used in

the reforming chamber of IIR-SOFC and, therefore, the local cooling

effect caused from the reforming reaction is inhibited. However,

the local cooling also generates, causing from the reforming reac-

tion of unreacted methane at the entrance of the anode chamber.

The results indicated that considerable decrease in temperature

gradient can be achieved by reducing reforming activity of catalyst

in both reforming chamber and anode chamber.

As described above, the performance and thermal behavior of

SOFC depend on the type of feedstock and operating conditions.

In this study, the performance of SOFC is analyzed employing 1D

analysis. The effect of operating voltage, inlet fuel flow rate and

inlet air flow rate (in term of excess air) on maximum tempera-

ture gradient and maximum temperature of solid part in the SOFC

stack, power density and electrical efficiency are investigated for

four types of SOFC feedstock, i.e. biogas, biogas-reformed feed,

methane-reformed feed and pure H2. To consider the viability of

the operation of SOFC, maximum acceptable temperature gradient

and maximum acceptable cell temperature are set to 10 K cm−1 and

1273 K, respectively.

2. Modeling

2.1. SOFC stack model

Electrochemical reaction is the reaction between fuel (H2 and

CO) and oxidizing agent (air or O2). At the cathode section, oxygen is

reduced to oxygen ions (Eq. (1)) which permeate via the solid elec-

trolyte to react with the hydrogen fuel (Eq. (2)) at the anode section.

Only hydrogen is assumed to react electrochemically with oxygen

ions due to the fact that the H2 electro-oxidation is much faster

than the CO electro-oxidation [11] and the rate of WGS reaction

is fast at high temperatures [12–14]. Ni–Yttria Stabilized Zirconia

(YSZ), YSZ and LSM–YSZ are chosen as the materials in the anode,

electrolyte and cathode, respectively, of the SOFC stack:

1
2

O2 + 2e− → O2− (1)

H2 + 2O2− → H2O+ 2e− (2)

The calculations take place for each control volume in the flow

direction of SOFC stack as described in Fig. 1. The open circuit volt-

age (Ej) of the cell can be calculated from the Nernst equation which

is expressed as:

Ej = Ej
0
+ RTjs

2F
ln

⎛
⎝pj

H2
(pj

O2
)
1/2

pj
H2O

⎞
⎠ (3)

The actual cell potential (V) is always less than the open circuit

voltage (Ej) due to the existence of overpotentials as shown in Eq.

(4). The overpotentials can be categorized into three main sources:

ohmic overpotential (
j
ohm

), activation overpotential (
jact) and con-

centration overpotential (
jconc). The details on the calculation of

these three overpotentials given in our recent work [4] are also
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Fig. 1. A small element divided for the calculation in SOFC cell.

used in the present work:

V = Ej − 
jact − 
johm − 

j
conc (4)

2.2. Mass and energy balance in SOFC stack

Mass and energy balance computations take place for each con-

trol volume (1 mm distance) in the flow direction of the SOFC stack.

To simplify the problem, the following assumptions are made: (i)

the pressure drop across the cell is neglected; (ii) heat radiation

between solid components of the cell is negligible [8]; (iii) heat

conduction in the solid electrolyte of the cell is neglected [8]. For

pure-H2 feed, only the electrochemical reaction (Eq. (2)) takes place

in the cell anode side. However, for biogas, methane and reformed

gas feed, steam reforming reaction (Eq. (5)) and WGS reaction (Eq.

(6)) also occur in the anode side of the cell. Thermodynamic equi-

librium is assumed for the WGS reaction in each region since its

reaction rate is very fast at high temperature as described in Sec-

tion 2.1. The rate of the reforming reaction in the SOFC stack [15]

can be calculated employing Eq. (7) and the mass balance equa-

tions for each component in the anode and cathode sides are given

in Eqs. (8) and (9), respectively:

CH4+H2O → CO + 3H2 (5)

CO + H2O → CO2+H2 (6)

rj
ref
= 4274Aj e−(82000/RTjs)pj

CH4

⎛
⎝1−

pj
CO

(pj
H2

)
3

pj
CH4

pj
H2O

Kj
ref

⎞
⎠ (7)

Nj+1

a,k
= Nj

a,k
+
∑
i

vk,ir
j
i
+ vk,elecijAj

2F
(8)

Nj+1

c,k
= Nj

c,k
+ vk,elecijAj

2F
(9)

A constant operating voltage along the cell length is assumed as the

current collector usually has high electrical conductivity. For the

energy calculation, excess heat produced in the solid trilayer caused

from reactions (1) and (2) and the irreversibility of the electro-

chemical reaction is transferred to the anode and cathode channels.

Energy balance equations for each small element in anode, cathode

and solid trilayer are given in Eqs. (10)–(12), respectively:

Hj+1
a = Hja + haAj(Tjs − Tja) (10)

Hj+1
c = Hjc + hcAj(Tjs − Tjc) (11)

−haAj(Tjs − Tja)− hcAj(Tjs − Tjc)+
[

(−�H)
j
elec

2F
− V

]
ijAj

+
∑
i

rj
i
(−�H)

j
i
= 0 (12)

In the consideration, maximum temperature gradient and max-

imum temperature in the solid trilayer are determined and

compared with maximum acceptable temperature gradient and

maximum acceptable cell temperature. Also, the technical terms,

i.e. average current density (iave), fuel utilization (Uf), electrical effi-

ciency and excess air, are defined as follows:

iave =
∑

ji
jAj∑
jA
j

(13)

Uf =
(
∑

ji
jAj/2F)

4FCH4,eq
(14)

%electrical efficiency

= electrical power

LHV of SOFC anode feed× anode feed rate
× 100 (15)

%excess air = 0.21× air feed rate

4FCH4,eq
× 100 (16)

It should be noted that for different types of feed, the feed rates are

based on the same “methane equivalent flow (FCH4,eq)” as defined

in Section 2.3. The term “excess air” stands for the flow rate of air

fed into the SOFC system relative to the stoichiometric flow rate of

air required for complete combustion of methane equivalent flow.

2.3. Type of feed in consideration

Four feed types, i.e. biogas, reformed-biogas, reformed-methane

and pure-H2, are considered in this study. Their compositions are

determined by the following hypotheses:

Biogas: In this study, the quantity of methane and carbon diox-

ide in biogas is assumed to be fixed at 60 and 40%, respectively

(biogas feed rate = FCH4,eq/0.6). Steam is fed together with biogas

into the SOFC cell. The amount of steam is 2.5 times of methane in

biogas.

Biogas-reformed feed: Biogas (biogas feed rate = FCH4,eq/0.6)

and steam is fed into the reformer prior to be fed to SOFC cell. The

quantity of steam fed is equal to that in case of biogas feed. Two

chemical reactions, i.e. steam reforming (Eq. (5)) and WGS (Eq. (6)),

take place in the reformer. Thermodynamic equilibrium is assumed

for the calculation of reformer.

Methane-reformed feed: The calculation of SOFC feed com-

position for methane-reformed feed is identical to that for

biogas-reformed feed; however, the reformer feed is changed from

biogas to methane (methane feed rate = FCH4,eq).

Pure-H2: H2 is fed directly into SOFC cell. Its feed rate is equal to

4 times of FCH4,eq (H2 feed rate = 4× FCH4,eq).

3. Results and discussion

All models used in this study are written in Visual Basic and the

values of all parameters utilized in the computation are summa-
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Table 1
Summary of model parameters [18,19].

Parameters Value

SOFC cell

la 750 �m

lc 50 �m

L 50 �m

Cell length 400 mm

Cell width 100 mm

Anode channel height 1 mm

Cathode channel height 1 mm

ha = hc 0.2 kJ m−2 s−1 K−1

Operating pressure 1 bar

SOFC feed temperature 998 K

Reformer

Operating temperature 998 K

Operating pressure 1 bar

rized in Table 1. As described in our previous work [16], the SOFC

model used in the calculation can well predict the experimental

results of Zhao and Virkar [17] for the mixture of hydrogen (97%)

and water (3%).

Temperature profiles of the solid part in SOFC fed by different

feeds are first investigated. A base case is determined as given in

Table 2. The operating voltage for each case is tuned up to achieve

Uf = 80% at constant excess air and FCH4,eq. As described in Table 2,

SOFC fed by pure-H2 offers higher power density than the other feed

types since it operates at higher operating voltage. Moreover, the

maximum temperature gradient and maximum cell temperature

of the pure-H2 feed are much lower than those of the other feed

types.

As illustrated in Fig. 2a, excluding SOFC fed by biogas, tempera-

ture of the solid part of SOFC increases along the flow direction due

to the release of heat generated from irreversibility of the electro-

chemical reaction. The increase in temperature of the solid part of

SOFC with the cell distance is more severe for the biogas-reformed

feed and the methane-reformed feed compared with that of the

pure-H2 feed. It is obvious that the operation at high operating volt-

age can reduce irreversibility loss and also temperature gradient of

solid part in the SOFC cell. For the SOFC fed by biogas, the decrease

in cell temperature with cell distance is found at the inlet of the cell.

This is due to the effect of the endothermic steam reforming reac-

tion. Considering power density profile, power density increases

with cell distance as shown in Fig. 2b. The increase in cell tem-

perature along the cell distance causes the reduction of ohmic

loss and consequently the power density increases. The increase

in power density inside the SOFC cell fed by biogas-reformed feed

and methane-reformed feed is more severe than in the case of pure-

H2 feed which is conformed to the increase of temperature with

distance in Fig. 2a. However, near the gas outlet of the SOFC cell,

the decrease in power density with cell distance is observed even

if the increase in cell temperature with cell distance is observed.

This implies that the effect of the depletion of H2 concentration

Fig. 2. The variation of (a) cell temperature and (b) power density with cell dis-

tance in SOFC cell fed by different types of feed. (FCH4,eq = 3× 10−4 mol s−1, excess

air = 400%, Uf = 0.8).

with cell distance dominates the effect of the increase in cell tem-

perature near the gas outlet of SOFC. Similar to the change in cell

temperature in the flow direction, the decrease in power density of

SOFC fed by biogas with cell distance is observed at the gas inlet of

the SOFC cell.

The effect of the change in excess air on the maximum tem-

perature gradient and maximum cell temperature of the solid part

of SOFC fed by different types of feed is investigated as illustrated

in Fig. 3a. As excess air increases, maximum temperature gradient

and maximum temperature of the solid part in SOFC cell decrease,

implying that SOFC is more feasible to operate at high excess air.

However, using large amount of oxidizing agent (air), massive air

compressor is required and much of electricity generated in SOFC

must be supplied to it. Hence, the appropriate excess air value

should be carefully selected. Even if the operation with high excess

air can improve the operation viability (lower temperature gradi-

ent) of SOFC, the power density and fuel utilization are inhibited for

SOFC fed by pure-H2 as shown in Fig. 3b. This is due to the decrease

in cell temperature which results in the increase in ohmic loss as

excess air increases. Inversely, the power density and fuel utiliza-

Table 2
Base case in consideration for different feed (Uf = 0.8).

Type of feed Biogas Biogas-reformed feed Methane-reformed feed Pure-H2

FCH4,eq (mol s−1) 0.0003 0.0003 0.0003 0.0003

Excess air (%) 400 400 400 400

Operating voltage (V) 0.511 0.695 0.714 0.769

Power density (W cm−1) 0.234 0.322 0.33 0.357

Current density (A cm−1) 0.457 0.463 0.463 0.464

Electrical efficiency (%) 38.86 42.74 44.51 49.14

Uf 0.8 0.8 0.8 0.8

Electricity produced (W) 93.53 128.67 132.12 142.61

Maximum temperature gradient (K cm−1) 28.75 18.08 18.65 7.68

Maximum cell temperature (K) 1267.5 1381.5 1375.7 1236.6
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Fig. 3. The effect of the change in excess air on (a) the maximum temperature gradi-

ent, maximum cell temperature, (b) power density, fuel utilization and (c) electrical

efficiency for SOFC fed by different types of feed. (FCH4,eq and operating voltage are

equal to base case values.)

tion obtained from biogas-reformed feed, methane-reformed feed

and biogas increases with the increase in excess air. This is due to

the effect of the increase in electromotive force as the cell tempera-

ture decreases could defeat the effect of the increase in ohmic loss.

The influence of excess air on the electrical efficiency of SOFC stack

is also studied as illustrated in Fig. 3c. Similar to power density

and fuel utilization, optimum electrical efficiency is found at low

% excess air for SOFC fed by pure-H2 and the electrical efficiency

increases with excess air for SOFC fed by the other feeds.

Fig. 4a shows effect of the change in FCH4,eq on maximum tem-

perature gradient and maximum cell temperature of the solid part

in SOFC fed by different types of feed. The increase in FCH4,eq

can decrease both maximum temperature gradient and maximum

temperature in SOFC cell. This is due to the fact that fuel utiliza-

tion and also the irreversibility are very high for SOFC with low

feed rate and they decrease as FCH4,eq increases as illustrated in

Fig. 4b. However, for SOFC fed by biogas, severe decrease in fuel

utilization, maximum temperature gradient and maximum cell

temperature with the increase in FCH4,eq can be found at around

3×10−4–4×10−4 mol s−1. It can be explained by the fact that CH4

Fig. 4. The effect of the change in FCH4,eq on (a) the maximum temperature gradient,

maximum cell temperature, (b) power density, fuel utilization and (c) electrical

efficiency for SOFC fed by different types of feed. (Excess air and operating voltage

are equal to base case values.)

in biogas cannot be entirely reformed when FCH4,eq is higher than

3×10−4 mol s−1. The optimum power density can be obtained

when FCH4,eq is well tuned up. When the feed rate is low, the

increase in feed rate can improve the power density because the

fuel utilization does not significantly decrease with the feed veloc-

ity. However, for SOFC with high feed rate, the fuel utilization

significantly drops as the feed velocity increases while the power

density does not significantly decrease with the increase of feed

rate. These results imply that FCH4,eq should be carefully considered

to achieve a suitable value. With low FCH4,eq, the solid part in SOFC

cell may be damaged due to extremely high temperature. However,

with excessively high FCH4,eq, fuel utilization and power density of

SOFC may be inhibited. The study on the effect of the change in feed

flow rate on the electrical efficiency (Fig. 4c) also indicates that the

intermediate fuel flow rate is preferred. Optimum electrical effi-

ciency is found and does not change with feed velocity at low to

intermediate fuel feed rates, however, when operating at high fuel

velocities, it decreases as the fuel feed rate increases.
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Fig. 5. The effect of the change in operating voltage on (a) the maximum temper-

ature gradient, maximum cell temperature, (b) power density, fuel utilization and

(c) electrical efficiency for SOFC fed by different types of feed in case that FCH4,eq is

equal to 3×10−4 mol s−1. (Excess air is equal to base case values.)

To compare the performance of SOFC fed by different feed, the

effects of the operating voltage on the maximum temperature gra-

dient, maximum cell temperature, power density, fuel utilization

and electrical efficiency were investigated as shown in Figs. 5 and 6

for FCH4,eq of 3×10−4 and 5×10−4 mol s−1, respectively. The excess

air is kept to be constant at the base case of 400% excess. The dash

lines in Figs. 5a and 6a represent the maximum acceptable temper-

ature gradient (MATG), 10 K cm−1, and maximum acceptable cell

temperature (MACT), 1273 K. As shown in Figs. 5a and 6a, excluding

SOFC fed by biogas, the increase in operating voltage can improve

the operation viability of SOFC. As the operating voltage increases,

heat generation caused from the irreversibility is reduced and the

cell temperature drops. Inversely, for SOFC fed by biogas, the oper-

ation at low operating voltage is preferred since large amount of

heating energy generated from the irreversibility can be used in

endothermic methane steam reforming and the decreasing rate of

cell temperature in the flow direction is reduced. The results in

Figs. 5a and 6a also imply that it is difficult to operate SOFC fed

by biogas at excess air lower than 400% since the maximum tem-

perature gradient and maximum cell temperature would increase.

Fig. 6. The effect of the change in operating voltage on (a) the maximum temper-

ature gradient, maximum cell temperature, (b) power density, fuel utilization and

(c) electrical efficiency for SOFC fed by different types of feed in case that FCH4,eq is

equal to 5×10−4 mol s−1. (Excess air is equal to base case values).

Moreover, as illustrated in Figs. 5b, 5c, 6b and 6c, the fuel utiliza-

tion, power density and electrical efficiency of SOFC fed by biogas

are significantly lower than those of SOFC fed by the other feeds.

Therefore, it can be concluded that direct biogas feed is not a recom-

mended feedstock for SOFC. The operation at high operating voltage

is desired to minimize the temperature and temperature gradient of

solid part in SOFC. However, the fuel utilization obtained at this con-

dition is not satisfied, as shown in Figs. 5b and 6b, the fuel utilization

decreases as the operating voltage increases. When operating at

the same operating voltage, SOFC fed by pure-H2 offers higher

fuel utilization compared with SOFC fed by the other feed types.

This implies that H2 concentration is the important factor which

affects the rate of electrochemical reaction. The optimum operat-

ing voltage which offers maximum power density can be observed

as illustrated in Figs. 5b and 6b. When the operating voltage is

lower than the optimum value, the increase in operating voltage

can improve the power density since fuel utilization does not signif-

icantly decrease. The pronounced decrease in fuel utilization with

the increase in operating voltage can be found as the operating volt-

                                             118



P. Piroonlerkgul et al. / Chemical Engineering Journal 155 (2009) 411–418 417

Table 3
Summary of SOFC fed by different feed operating at the optimum operating condition in case that FCH4,eq and excess air are equal to 3×10−4 mol s−1 and 400%, respectively.

Type of feed Biogas Biogas-reformed feed Methane-reformed feed Pure-H2

FCH4,eq (mol s−1) 0.0003 0.0003 0.0003 0.0003

Excess air (%) 400 400 400 400

Operating voltage (V) n.a. 0.764 0.778 0.746

Power density (W cm−1) n.a. 0.282 0.29 0.379

Current density (A cm−1) n.a. 0.369 0.373 0.508

Electrical efficiency (%) n.a. 37.48 39.13 52.20

Uf n.a. 0.638 0.645 0.877

Electricity produced (W) n.a. 112.82 116.14 151.48

Maximum temperature gradient (K cm−1) n.a. 9.09 9.21 9.95

Maximum cell temperature (K) n.a. 1272.06 1271.71 1267.26

Table 4
Summary of SOFC fed by different feed operating at the optimum operating condition in case that FCH4,eq and excess air are equal to 5×10−4 mol s−1 and 400%, respectively.

Type of feed Biogas Biogas-reformed feed Methane-reformed feed Pure-H2

FCH4,eq (mol s−1) 0.0005 0.0005 0.0005 0.0005

Excess air (%) 400 400 400 400

Operating voltage (V) 0.48 0.715 0.732 0.704

Power density (W cm−1) 0.167 0.393 0.407 0.532

Current density (A cm−1) 0.349 0.55 0.556 0.755

Electrical efficiency (%) 16.69 31.35 32.91 43.97

Uf 0.366 0.57 0.577 0.783

Electricity produced (W) 66.97 157.27 162.79 212.69

Maximum temperature gradient (K cm−1) 9.74 9.09 9.35 9.38

Maximum cell temperature (K) 1030.88 1271.67 1271.80 1272.52

age is higher than the optimum value; hence, power density also

decreases. The change in electrical efficiency with the operating

voltage is in the same tendency as the change in power density as

shown in Figs. 5c and 6c.

Tables 3 and 4 summarize the optimum operating condition

of SOFC fuelled by each feed type for FCH4,eq = 3× 10−4 and

5×10−4 mol s−1, respectively. These results imply that, with the

same cell dimension, excess air and FCH4,eq, SOFC fed by pure-H2

feed offers higher power density than SOFC fed by the other fuel

types. For FCH4,eq of 3×10−4 and 5×10−4 mol s−1, power density

of SOFC fuelled by pure-H2 is 0.379 and 0.532 W cm−2, respec-

tively. Also, the values of electrical efficiency of 52.20 and 43.97%

are achieved for SOFC fed by pure-H2 with FCH4,eq of 3×10−4

and 5×10−4 mol s−1, respectively. Methane-reformed feed is fairly

better than biogas-reformed feed due to its higher hydrogen con-

centration. With excess air of 400%, biogas-fed SOFC is not viable

to operate when FCH4,eq is equal to 3×10−4 mol s−1. On the other

hand, at 5×10−4 mol s−1 of FCH4,eq the SOFC fed by biogas offers

extremely lower power density (0.167 W cm−2) compared with the

other feeds.

4. Conclusion

Mathematical model of SOFC has been developed for investigat-

ing operation viability and performance of SOFC fed by different

feeds. Four types of fuel feed, i.e. biogas, biogas-reformed feed,

methane-reformed feed and pure-H2, are considered in this study.

In operation viability investigation, maximum temperature gradi-

ent and maximum cell temperature are employed as the indicators.

Additionally, power density and electrical efficiency are considered

as performance indicators. The effect of the change in operating

conditions, i.e. excess air, fuel feed rate and operating voltage, are

also investigated. The increase in excess air can improve the oper-

ation viability of SOFC; however, with surplus excess air, its power

density is inhibited. Also, the operation of SOFC is viable at high

fuel feed rate. Nevertheless, excess high fuel feed rate is not favored

since the SOFC cell could be saturated with current, resulting in the

dropping of the fuel utilization. Excluding SOFC fed by biogas, SOFC

becomes operation viable as it operates at high operating voltage.

Inversely, for biogas-fuelled SOFC, the operation at low operating

voltage is preferred in thermal management point of view. The opti-

mum operating voltage which offers utmost power density can be

observed. Conclusively, the value of excess air, fuel feed rate and

operating voltage should be carefully adjusted to obtain best pos-

sible power density and reasonable temperature and temperature

gradient. SOFC fed by pure-H2 offers highest power density com-

pared with that fed by the other feeds. Biogas-fed SOFC can become

operation viable as it operates at high excess air; nevertheless, its

power density is extremely lower than SOFC fuelled by the other

feeds. Methane-reformed feed offers higher SOFC power density

compared with biogas-reformed feed since its H2 concentration is

higher. Although pure-H2 is an attractive fuel for SOFC, the trans-

formation process of a primary fuel to H2 should also be received

the attention.
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The effect of catalyst calcination temperature (450 °C, 600 °C, and 750 °C) on catalytic performance of
synthesized and commercial grade sulfated zirconia catalysts towards isosynthesis was studied. The
characteristics of these catalysts were determined by using various techniques including BET surface area,
XRD, NH3- and CO2-TPD, ESR, and XPS in order to relate the catalytic reactivity with their physical, chemical,
and surface properties. It was found that, for both synthesized and commercial sulfated zirconia catalysts, the
increase of calcination temperature resulted in the increase of monoclinic phase in sulfated zirconia, and the
decrease of acid sites. According to the catalytic reactivity, at high calcination temperature, lower CO
conversion, but higher isobutene production selectivity was observed from commercial sulfated zirconia. As
for synthesized sulfated zirconia, the isobutene production selectivity slightly decreased with increasing
calcination temperature, whereas the CO conversion was maximized at the calcination temperature of
600 °C. We concluded from the study that the difference in the calcination temperatures influenced the
catalytic performance, sulfur content, specific surface area, phase composition, the relative intensity of Zr3+,
and acid–base properties of the catalysts.

© 2009 Elsevier B.V. All rights reserved.

1. Introduction

Isosynthesis via carbon monoxide hydrogenation is an attractive
route for producing isobutene which is an important raw material for
the production of important octane enhancers such as methyl tert-
butyl ether (MTBE) and ethyl tert-butyl ether (ETBE). Currently,
isobutene is extracted from the C4 stream in petroleum refining
process. However, the supply of isobutene from the petroleum
products is likely inadequate in the near future. Syngas derived
from a renewable resource such as biomass is expected to be an
alternative source for the production of isobutene. This route shows
potential benefits, for examples, (i) the chosen resource of isobutene
production is renewable, (ii) carbon dioxide, a byproduct of
fermentation process, is substantially consumed to produce syngas,
thus reducing the CO2 emission to the atmosphere, and (iii) the ratio
of carbon monoxide to hydrogen of 1:1 for the syngas from
fermentation of biomass is suitable for the isosynthesis reaction.

Since the first report by Pichler and Ziesecke in 1950s [1], some
research groups have focused on developing suitable catalysts for the
isosynthesis. Difficult reducible oxides such as thoria (ThO2) and
zirconia (ZrO2) have been reported to be suitable catalysts for

isosynthesis reaction rather than other reduced transition metals
[2]. Most studies [3–7] have demonstrated that zirconia is a selective
catalyst for isosynthesis. Then, various mixed metal oxides such as
Sm2O3–ZrO2 [8] and CeO2–TiO2 [9] and Ca-promoted zirconia [10]
have been tested. In our previous works, micron- and nanoscale
zirconia and ceria were tested for the isosynthesis [11,12]. It was
reported that the acid–base properties, the crystallite size and crystal
phase essentially influence the catalytic performance. At the same
crystallite size, ceria shows higher activity than zirconia [11]. The
temperature ramping rate during calcination also has an effect on
characteristics of nanoscale zirconia and its catalytic performance for
isosynthesis [12]. It was shown that both tetragonal phase in zirconia
and intensity of Zr3+ influence the selectivity to isobutene. ZrO2–CeO2

mixed oxide catalysts synthesized by coprecipitation and physical
mixing methods with various contents of CeO2 were also investigated
[13]. It was reported that the catalysts prepared by the physical
mixing method offer higher catalytic activity than those prepared by
the coprecipitation method. The change in the selectivity of isobutene
in hydrocarbons of the catalysts was well-correlated with the change
in intensity of Zr3+. The isosynthesis of sulfated zirconia catalysts with
various contents of sulfur (from 0.1 to 0.75 wt.%) were studied [14]. It
was observed that the catalytic reactivity and selectivity significantly
improved by sulfur loading. This can be related to the acid–base
properties, specific surface area and phase composition.

Fuel Processing Technology 91 (2010) 121–126

⁎ Corresponding author. Tel.: +66 2 218 6868: fax: +66 2 218 6877.
E-mail address: Suttichai.A@chula.ac.th (S. Assabumrungrat).

0378-3820/$ – see front matter © 2009 Elsevier B.V. All rights reserved.
doi:10.1016/j.fuproc.2009.09.003

Contents lists available at ScienceDirect

Fuel Processing Technology

j ourna l homepage: www.e lsev ie r.com/ locate / fuproc

                                             122



In this work, the effect of calcination temperature on character-
istics of sulfated zirconia and its reactivity toward isosynthesis
reaction were investigated. Both synthesized and commercial sulfated
zirconias were applied and various characterization techniques i.e.
XRD, TPD, ESR and XPS were employed to relate the physical
characteristics with its catalytic performance.

2. Experimental

2.1. Preparation of synthesized sulfated zirconia

Zirconia (ZrO2)was initially preparedby the precipitationmethod. A
solutionof 0.15 Mzirconyl nitrate (ZrO(NO3)2)was slowly dropped into
a well-stirred precipitating solution of 2.5 wt.% ammonium hydroxide
(NH4OH) at room temperature. The pH of the solutionwas controlled at
10. The resulting precipitate was removed, and then washed with
deionized water. The obtained sample was then dried overnight at
110 °C and calcined at 450 °C for 3 hwith a temperature ramping rate of
5 °C/min. Sulfated zirconia was then prepared by the incipient wetness
impregnationmethod. Sulfuric acid was doped on zirconia with a sulfur
content of 0.75 wt.% at room temperature. The obtained sample was
then dried overnight at 110 °C and calcined at 450, 600, or 750 °C for 3 h
with a temperature ramping rate of 5 °C/min. These catalysts were
named as 0.75% SZ (N-450), 0.75% SZ (N-600), and 0.75% SZ (N-750),
respectively.

For commercial sulfated zirconia obtained from Aldrich, the
catalysts were also calcined at 450, 600, and 750 °C for 3 h with a
temperature ramping rate of 5 °C/min. These catalysts were denoted
as SZ(450), SZ(600), and SZ(750), respectively.

2.2. Catalyst characterization

2.2.1. N2 physisorption
The measurement of BET surface area, cumulative pore volume

and average pore diameter were performed by the N2 physisorption
using a Micromeritics ASAP 2020 surface area and porosity analyzer.

2.2.2. X-ray diffraction (XRD)
The XRD spectra of catalysts were measured by a SIEMENS D5000

X-ray diffractometer using Cu Kα radiation with a nickel filter over the
2θ ranging from 20 to 80°. The crystal sizes of the prepared catalysts
were obtained by XRD line broadening using the Scherrer's equation.
The characteristic peaks at 2θ=28.2° and 31.5° for (−111) and (111)
reflexes, respectively, were assigned to the monoclinic phase in ZrO2.
The characteristic peak at 2θ=30.2° for the (111) reflex in the XRD
patterns represented the tetragonal phase in ZrO2.

The percents of tetragonal and monoclinic phases in ZrO2 were
calculated by a comparison of the areas for the characteristic peaks of
the monoclinic phase and the tetragonal phase. The percent of each
phase was determined by means of the Gaussian areas h×w, where h
and w are the height and half-height width of the corresponding XRD
characteristic peak as follows [5]:

%monoclinic phase =
∑ðh × wÞmonoclinic phase

∑ðh × wÞmonoclinic and tetragonal phase

% tetragonal phase =
∑ðh × wÞ tetragonal phase

∑ðh × wÞmonoclinic and tetragonal phase

2.2.3. Temperature-programmed desorption (TPD)
The acid–base properties of catalysts were measured by using

temperature-programmed desorption of ammonia and carbon diox-
ide (NH3- and CO2-TPD) techniques. The experiments were carried
out using a flow apparatus. The catalyst sample (0.1 g) was treated at
450 °C in a helium flow for 1 h and then saturated with a 15% NH3/He

mixture or a pure CO2 flow after cooling to 100 °C. After purging with
the helium at 100 °C for 1 h to remove weakly physisorbed NH3 or
CO2, the sample was heated to 450 °C at a rate of 20 °C/min in a
helium flow (50 cm3/min). The desorption amounts of NH3 and CO2

were used to calculate the amounts of acid and base sites on the
catalyst surface, respectively.

2.2.4. Electron spin resonance spectroscopy (ESR)
Electron spin configuration was detected by using electron spin

resonance spectroscopy (ESR) (JEOL model JES-RE2X). The sample
was degassed before measurement at room temperature. This
technique typically detects a spin of unpaired electron, which is
related to the existence of Zr3+ sites. Based on equal weight of each
catalyst tested with ESR, the peak height of Zr3+ signal can be
assigned to the quantity of Zr3+.

2.2.5. X-ray photoelectron spectroscopy (XPS)
The XPS spectra and the binding energy of sulfated zirconia

catalysts were determined using a Kratos Amicus X-ray photoelectron
spectrometer. The analyses were carried out with Mg Kα X-ray source
under a working pressure of 1×10−6Pa at current of 20 mA and
12 kV, resolution of 0.1 eV/step, and pass energy at 75 eV. The catalyst
samples were mounted on a carbon tape. The binding energy was
calibrated using the C 1s peak at 285.0 eV as reference. This technique
was mainly quantified the sulfur content on the catalyst surface.

2.3. Reaction study

Isosynthesis was carried out at 400 °C and atmospheric pressure in
a fixed-bed quartz reactor. An inlet mixture of CO/H2/N2 with the flow
rate of 10/10/5 cm3/min was fed to the reactor packed with 2 g of
catalyst. The reactor effluent samples were taken at intervals of 1.5 h
and analyzed using the gas chromatography technique. Thermal
conductivity detectors (TCD) with molecular sieve 5A and Porapak-Q
columns were applied to detect the CO and CO2, respectively. A flame
ionization detector (FID) with a VZ-10 column was used to detect the
light hydrocarbons such as C1–C4 hydrocarbons. The steady-state rate
for all catalysts was obtained after 20 h.

3. Results and discussion

Two types of sulfated zirconia catalysts; i.e., synthesized 0.75%SO4/
ZrO2 and commercial sulfated zirconia were used in the study. The
calcination temperatures were at 450, 600 and 750°C. The differences
in physical, chemical, and surface properties for both types of catalysts
were provided in Section 3.1. The relationships between those
properties and catalytic performances were described in Section 3.2.

3.1. Catalyst characterization

The XRD patterns of synthesized and commercial sulfated zirconia
catalysts are illustrated in Figs. 1 and 2. As seen from these figures, the
calcination temperature shows significant impact on both crystallite
size and crystal phase. Considering the characteristic peak areas of
monoclinic and tetragonal phases (Fig. 1), it was observed that the
former was more dominant than the latter upon increasing in
calcination temperature. In addition, the phase composition of each
0.75% SO4/ZrO2–N catalyst can be calculated as shown in Table 1. The
results from that table indicate that the crystal size in monoclinic
phase and the fraction of monoclinic phase increase with increasing
the calcination temperature. It should be noted that the calcination
temperature also affected the phase structure of commercial SZ as
shown in Fig. 2. The XRD patterns of catalyst exhibited tetragonal–
monoclinic phase transformation. The tetragonal phase decreased
with increased calcination temperature. Most published studies agree
that sulfation retards crystallization of zirconia support and then the
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transition from the tetragonal phase to the monoclinic phase occurs
[15]. According to monoclinic–tetragonal phase transformation of
zirconia, the tetragonal phase should be formed above 1170 °C, but
the zirconia prepared by precipitation from aqueous salt solution can
be occurred as a metastable tetragonal phase at lower temperature.
Moreover, the transformation of the metastable tetragonal phase into
the monoclinic phase was probably due to the lower surface energy of
the tetragonal phase compared to monoclinic phase [16,17]. In fact,
phase transformation of catalyst can be occurred by varying the
calcination temperature. In this case, increased calcination tempera-
ture would correlate with the alteration of crystal structure.

Fig. 3 shows the effect of calcination temperature on the specific
surface areas of both synthesized and commercial sulfated zirconia. It
is clear that the specific surface area of all catalysts immediately
decreases with increased calcination temperature and the decreases
in surface area with temperature are almost linear. Due to the effect of
crystal growth, the catalyst exhibited the larger crystallite size with
increased calcination temperature, leading to lower surface area. The
physical properties of ZrO2 catalysts characterized by means of N2

physisorption such as BET surface area, cumulative pore volume and
average pore diameter are summarized in Table 2. The surface area
calculated from adsorption isotherm using BET equation was in the
range of 29–232 m2/g. These sulfated zirconia catalysts that were
calcined at the lowest temperature exhibited higher specific surface
area, furthermore, average pore diameter was dramatically increased
with increased calcination temperature. Considering, pore size
distribution of catalysts as shown in Fig. 4, these peaks of 0.75%SO4/
ZrO2–N were shifted to higher pore diameter whereas the SZ
commercial peaks decreased. Nevertheless, similar distribution trends
were observed for all catalysts.

Based on the XPS measurement, the atomic concentrations of O 1s,
Zr 3d, and S 2p present on the surface of sulfated zirconia catalysts are
summarized in Table 3. It reveals that the catalyst has binding
energies of 533.2 eV for O 1s, 183.4 eV for Zr 3d, and 169.5 eV for S 2p.
The XPS results indicate less sulfur contents on the catalyst surface of
synthesized and commercial sulfated zirconia catalysts upon higher
calcination temperature. These results are similar to those reported by
Fărcaşiu and Li [18]. In addition, the sulfated group on the sulfated
zirconia was labile sulfates, which can be reduced by washing with
water, increasing the calcination temperature, and duration during
calcination step [19].

NH3-TPD profiles of 0.75%SO4/ZrO2–N and commercial sulfated
zirconia catalysts calcined at different temperatures are illustrated in
Fig. 5. As seen in that figure, the calcination temperature apparently

Fig. 1. XRD patterns of 0.75% SZ (N) at various calcination temperatures.

Fig. 2. XRD patterns of commercial SO4/ZrO2 at various calcination temperatures.

Table 1
Characteristics of ZrO2 at various calcination temperatures.

Catalysts Phase Crystal size (nm)a % Tetragonal
phasea

Mb Tc

0.75% SZ (N-450) M, T 9.1 8.1 28.9
0.75% SZ (N-600) M, T 9.7 8.1 27.5
0.75% SZ (N-750) M, T 11.0 6.5 25.6
SZ(450) T n.d. 7.1 100.0
SZ(600) M, T 5.4 8.5 78.3
SZ(750) M, T 19.5 10.7 11.3

a Based on XRD line broadening.
b Monoclinic phase in ZrO2.
c Tetragonal phase in ZrO2.

Fig. 3. Surface areas of the catalysts as a function of calcination temperature.

Table 2
N2 physisorption results.

Catalysts BET surface areaa

(m2/g)
Cumulative pore
volumeb (cm3/g)

Average pore
diameterc (nm)

0.75% SZ (N-450) 232.2 0.351 4.8
0.75% SZ (N-600) 80.5 0.171 5.1
0.75% SZ (N-750) 60.0 0.157 6.3
SZ(450) 187.1 0.172 3.1
SZ(600) 119.3 0.180 3.7
SZ(750) 29.4 0.067 7.0

a Error of measurement =±5%.
b BJH desorption cumulative volume of pores between 1.7 and 300 nm diameter.
c BJH desorption average pore diameter.
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affects the acid–base properties of catalysts. From the calculation of
acid and base sites, the presence of weak and moderate acid sites is
related to the characteristic peaks of desorption temperature. With
increased calcination temperature, the profiles did not change, but the
amount of acid sites significantly decreased. The amounts of acid and
base sites of sulfated zirconia catalysts are listed in Table 4. As
mentioned by Hino et al. [20], the structural model of sulfate species
contained mainly three or four S atoms with two ionic bonds of S–O–
Zr in addition to coordination bonds of S O, acting as Lewis acid sites
on the S atoms. The results showed that the acidity of sulfated zirconia
commercial catalyst was higher than another one. The acid sites at
lower calcination temperature of catalysts were higher than other
catalysts because sulfated groups were still remained on surface of
catalysts.

The CO2-TPD profiles for synthesized 0.75%SO4/ZrO2–N calcined at
different temperatures are shown in Fig. 6. Clearly, the pattern
changed with the calcination temperature, indicating higher amount
of moderate base sites along with the disappearance of weak base
sites. Table 4 indicates that base sites increased with increased
calcination temperature, whereas the acid sites decreased. The results
showed that the percentage of monoclinic phase related linearly with
the base sites on the synthesized catalyst as shown in Fig. 7. As
described in Li et al. [19], the monoclinic phase is able to retain more
sulfur than tetragonal phase, suggesting that the monoclinic form is
more basic than the tetragonal one.

Fig. 8 showed the relative ESR intensity at various calcination
temperatures of sulfated zirconia. It was found that increased
calcination temperatures resulted in the increase of Zr3+ intensity.

Fig. 4. Pore size distribution of sulfated zirconia catalysts.

Table 3
Results from XPS.

Catalysts Atomic concentration (%)

O 1s Zr 3d S 2p

0.75% SZ (N-450) 79.03 20.43 0.54
0.75% SZ (N-600) 79.22 20.49 0.29
0.75% SZ (N-750) 78.85 20.92 0.23
SZ(450) 71.29 28.06 0.65
SZ(600) 71.23 28.28 0.49
SZ(750) 73.55 26.16 0.29

Fig. 5. NH3-TPD profiles of SO4–ZrO2 catalysts.

Table 4
Results from NH3- and CO2-TPD.

Catalysts Total sites (μmol/g)

Acid sitesa Base sitesb

0.75% SZ (N-450) 917 39
0.75% SZ (N-600) 712 46
0.75% SZ (N-750) 432 53
SZ(450) 1881 n.d.
SZ(600) 1032 n.d.
SZ(750) 58 n.d.

n.d., not determined.
a From NH3-TPD.
b From CO2-TPD.

Fig. 6. CO2-TPD profiles of SO4–ZrO2 catalysts.

Fig. 7. Relationship between percentage of monoclinic phase and base sites on 0.75% SZ
(ZrO2–N).
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Considering commercial sulfated zirconia and 0.75% SZ (ZrO2–N), it
indicates that the 0.75% SZ (ZrO2–N) samples with various calcination
temperatures have higher intensity of Zr3+ than that of the
commercial one. As mentioned above, the amount of sulfated retained
decreased with the increased calcination temperature. Thus, sulfate
group has to be removed from the catalyst surface. Elimination of
sulfate group on the surface could generate the coordinately
unsaturated zirconium sites on the sulfated zirconia surface [18].
Therefore, sulfur content on the surface decreased with increasing
calcination temperature, whereas the quantity of Zr3+ increased.

3.2. Catalytic performance of sulfated zirconia catalysts toward isosynthesis

Tables 5 and 6 show the results of CO conversion, reaction rate, and
selectivity of the isosynthesis over SO4–ZrO2 catalysts. The reaction
was operated at 400°C, atmospheric pressure and CO/H2 of 1. It was
found that commercial sulfated zirconia catalysts exhibited higher CO
conversion and reaction rate than those of synthesized SO4–ZrO2

catalysts. According to the effect of calcination temperature, for
commercial sulfated zirconia, CO conversion and reaction rate
decreased with increasing calcination temperatures, whereas the
isobutene selectivity increased. As for synthesized 0.75% SZ (ZrO2–N),
the isobutene selectivity decreased with increasing calcination

temperature, while the CO conversion and reaction rate firstly
increased when the calcination temperature increased from 450°C
to 600°C. Then they decreased at higher calcination temperature
(750°C).

The fact that catalytic activities depend strongly on the calcination
temperature suggested that the calcination temperature affects the
crystalline structure, acid and base sites, and surface properties. The
concentration of the sulfated groups was a function of percentages of
monoclinic phase because monoclinic form may be more basic than
the tetragonal [19]. The trend is also seen in the acid sites of sulfated
zirconia at various calcination temperatures. The uptake of acid sites
decreased with increasing concentration of monoclinic phase (Fig. 9).
A previous study suggests that stronger basic sites allow binding
sulfated group more effectively on monoclinic zirconia than on
tetragonal zirconia.

As seen in Table 6, the SZ(450) sample exhibited the highest
activity among other catalysts and produced paraffinmore than olefin
with the absence of isobutene. This catalyst also had the highest
acidity and pure tetragonal phase. From the previous work [21,22], it
was reported that the acidity of catalyst was responsible for the
activation of reactant molecules and formation of linear C4 hydro-
carbons. In addition, the percentage of tetragonal phase related with
the amount of acid sites on the catalyst linearly. Therefore, the acidity
and tetragonal phase weremajor factors affected the catalytic activity.
Moreover, the catalytic activity of isosynthesis was also dependent on
sulfur content on the surface. From the results shown in Tables 3 and
5, the activities of the commercial sulfated zirconia catalysts were
higher than those of the synthesized ones due to higher content of
sulfur on the surface. However, the acidity from sulfate groups on the
surface of catalyst was a portion of total acidity on surface, which can
also affect the catalytic activity.

Besides the SZ(450) sample, other catalysts mainly achieved olefin
with high isobutene selectivity. It was found that the presence of
monoclinic phase on the catalyst can result in high selectivity of
isobutene. As mentioned above, there was a relationship between
monoclinic phase and the base sites on the catalyst. As reported by Li
et al. [21,22], the base sites on the zirconia catalyst were responsible
for the formation of isobutene. Therefore, it can be concluded that the
selectivity of isobutene depended on both properties. However, the
isobutene selectivities of synthesized sulfated zirconia catalysts were
higher than those of the commercial ones. This was probably due to
the quantity of Zr3+ on the surface of the former was higher than the
latter.

Now turn our attention to the role of calcination temperature that
affects to specific surface areas, the increase of calcination

Fig. 8. Relative ESR intensity of various calcination temperatures in sulfated zirconia
catalysts.

Table 5
The catalytic activity results from isosynthesis.

Catalysts CO conversion (%) Reaction rate (μmol kg cat−1s−1)

0.75% SZ (N-450) 2.70 90.5
0.75% SZ (N-600) 3.60 120.7
0.75% SZ (N-750) 2.67 89.5
SZ(450) 43.39 1454.3
SZ(600) 9.24 309.9
SZ(750) 4.76 159.6

Table 6
Product selectivity results from isosynthesis.

Catalysts Product selectivity in hydrocarbonsa (mol%)

C1 C2 C3 i-C4H8

0.75% SZ (N-450) 0.7 0.5 (78.5) 8.1 (99.5) 90.6
0.75% SZ (N-600) 1.11 0.8 (81.1) 8.0 (99.4) 90.1
0.75% SZ (N-750) 4.21 3.2 (88.1) 9.7 (98.2) 82.9
SZ(450) 77.32 19.3 (57.9) 3.3 (0.0) 0
SZ(600) 17.87 7.9 (80.9) 12.1 (94.5) 62.1
SZ(750) 1.69 2.3 (94.0) 9.3 (99.29) 86.7

a Parentheses are the selectivity of olefin. Fig. 9. Relationship between percentage of monoclinic phase and acid sites.
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temperature led to smaller surface area. In line with this reason, the
catalytic activity, the fraction of tetragonal phase of sulfated zirconia,
sulfur content on the catalyst, and the acidity of sulfated zirconia were
directly proportional. In addition, the isobutene selectivity, the
percentage of monoclinic phase of sulfated zirconia, the amount of
base sites, and Zr3+ intensity related one another.

4. Conclusion

In order to develop more efficient raw materials for octane
enhancer production, the improvement of catalyst characteristics for
isosynthesis was investigated. In this present work, the effect of
calcination temperature on characteristics of sulfated zirconia and its
catalytic performance on isosynthesis was investigated. It was
demonstrated that the changing in calcination temperature from
450 to 750°C strongly affects the phase composition, acid–base
properties, and surface properties. The results also indicated that for
the commercial sulfated zirconia, CO conversion and reaction rate
decreased with increasing calcination temperatures, whereas the
isobutene selectivity increased. On the other hand, for synthesized
sulfated zirconia (0.75% SZ (ZrO2–N)), the isobutene selectivity
decreased with increasing calcination temperature, while the CO
conversion and reaction rate firstly increased when the calcination
temperature increased from 450°C to 600°C, then they decreased at
higher calcination temperature (750°C). Importantly, the commercial
sulfated zirconia exhibited higher catalytic activity than the 0.75% SZ
(ZrO2–N). However, the 0.75% SZ (ZrO2–N) achieved higher selectiv-
ity of isobutene in hydrocarbons than the commercial ones due to
larger amount of Zr3+ being present.
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Mathematical models of direct internal reforming solid oxide fuel cell (DIR-SOFC)
fueled by methane are developed using COMSOLV

R

software. The benefits of inserting
Ni-catalyst rod in the middle of tubular-SOFC are simulated and compared to conven-
tional DIR-SOFC. It reveals that DIR-SOFC with inserted catalyst provides smoother
temperature gradient along the system and gains higher power density and electro-
chemical efficiency with less carbon deposition. Sensitivity analyses are performed. By
increasing inlet fuel flow rate, the temperature gradient and power density improve,
but less electrical efficiency with higher carbon deposition is predicted. The feed with
low inlet steam/carbon ratio enhances good system performances but also results in
high potential for carbon formation; this gains great benefit of DIR-SOFC with
inserted catalyst because the rate of carbon deposition is remarkably low. Compared
between counter- and co-flow patterns, the latter provides smoother temperature distri-
bution with higher efficiency; thus, it is the better option for practical applications.
VVC 2009 American Institute of Chemical Engineers AIChE J, 56: 1639–1650, 2010

Keywords: direct internal reforming, solid oxide fuel cell, catalyst

Introduction

Solid oxide fuel cell (SOFC) is an electrochemical device
that typically operated at high temperature (973–1373 K)1,2;
this technology is expected to be applied for energy genera-
tion in the near future. SOFC offers several advantages, e.g.,
the ability to use CO (along with H2) as fuel and the high
level of exhaust heat, which can be efficiently used in com-
bined heat and power and combined cycle gas turbine appli-
cations. Importantly, because of its high operating tempera-
ture, several hydrocarbon compounds could be applied as

primary fuels when it is operated as internal reforming (IR-
SOFC). Currently, methane (as a major component in natural
gas) is the most common primary fuel for IR-SOFC.
According to the internal reforming, this operation is

referred to as the utilization of heat generated from exother-
mic electrochemical reaction to endothermic (steam) reform-
ing of hydrocarbons.2–5 Theoretically, there are two
approaches for IR-SOFC, i.e., direct internal reforming
(DIR-SOFC) and indirect internal reforming (IIR-SOFC).
For DIR-SOFC approach, along with electrochemical reac-
tion, the reforming reaction occurs simultaneously at the an-
ode side of SOFC. Thus, high heat transfer and fuel conver-
sion can be achieved from this operation; nevertheless, an-
ode material must be optimized for both reactions and could
be easily poisoned by carbon deposition from the reforming

Correspondence concerning this article should be addressed to N. Laosiripojana
at navadol_l@jgsee.kmutt.ac.th.
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of hydrocarbons. As for IIR-SOFC, the endothermic reform-
ing reaction takes place at a reformer, which is in close ther-
mal contact with the anode side of SOFC where exothermic
electrochemical reaction occurs. IIR-SOFC gives advantage
in terms of eliminating the requirement of separate fuel re-
former and preventing anode material from carbon deposi-
tion. Nevertheless, IIR-SOFC offers less fuel conversion and
also requires complex configuration compared to DIR-SOFC.
Importantly, another major drawback of both DIR and IIR
operation is the possible mismatch between rates of endo-
thermic and exothermic reactions, which leads to significant
local temperature reduction particularly near the entrance of
the anode channel (for DIR) or reformer channel (for IIR)
and consequently results in mechanical failure due to ther-
mally induced stresses.3–7

In this work, a set of mathematical models was developed
to predict the behaviors of tubular-designed DIR-SOFC
fueled by methane, i.e., cell performance, temperature gradi-
ent, and amount of carbon deposition along the cell. The
developed model was coded in COMSOL

VR
program within

2D axial dimension application with an aim of determining
the effect of operating conditions, i.e., inlet steam to carbon
ratio and gas flow pattern on the system performance. Impor-
tantly, as the main scope of this study, we proposed one al-
ternative concept for DIR-SOFC by investigating the benefits
of inserting catalyst rod in the middle of the fuel channel.
This configuration can be called as a hybrid system between
DIR and IIR operations because the reforming reaction takes
place simultaneously with the electrochemical reaction at the
anode (as DIR operation) and also occurs on separate inter-
nal reforming catalyst (as IIR operation). It is noted that the
intrinsic rate equations of methane steam reforming and the
rate of carbon formation over Ni-based material as reported
by Xu and Froment8 and Zavarukhin and Kuvshinov9 were
applied integrally with DIR-SOFC model to predict the
reforming characteristics of ‘‘Ni-based’’ catalyst rod and an-
ode along with the electrochemical behavior of SOFC sys-
tem. Details of these mathematical models are presented in
the next section.
From the simulation, the system performances (i.e., elec-

trical efficiency, temperature gradient along the cell, and

amount of carbon formation at anode surface) of this DIR-
SOFC with catalyst rod were determined. The effects of inlet
steam to carbon ratio and gas flow patterns on the perform-
ance of this DIR-SOFC were also investigated and compared
to conventional DIR-SOFC. Lastly, the suitable operating
conditions of DIR-SOFC system fueled by methane were
identified.

Mathematical Models

Model geometry

The schematic diagram of a tubular-designed DIR-SOFC
applied in this work is shown in Figure 1. As described, two
configurations, i.e., conventional tubular DIR-SOFC (Figure
1a) and DIR-SOFC with inserted catalyst rod (Figure 1b)
were considered. For both configurations, methane and steam
are fed to the anode channel of SOFC, where they were
simultaneously converted to hydrogen-rich gas along with
consumed electrochemically to generate electricity. Simulta-
neously, air is fed with the opposite flow direction through
the air channel. It is noted that anode/electrolyte/cathode
compositions of SOFC system considered here are Ni-YSZ/
YSZ/LSM. All dimensions and physical properties of this
SOFC system, which are based on the previous report from
literatures,10–14 are summarized in Table 1.

Model assumption and equations

The model was developed as the smallest single unit cell
taking into account the effect of temperature on gas distribu-
tion, reactant conversion, and charge transfer. Our developed
models were based on these assumptions: (1) each section is
considered as nonisothermal steady-state conditions, (2) ideal
gas behavior is applied for all gas components, (3) pressure
drop in SOFC stack was neglected, (4) fuel utilization was
fixed constantly at 80%, and (5) the reforming reaction and
carbon formation occurred at the surface of Ni particles on
the catalyst rod and SOFC anode. It is noted that the well-
established methane steam reforming rate expressions pro-
posed by Xu and Forment8 were applied to predict the
reforming rate for both sections; the difference in steam

Figure 1. Tubular-designed DIR-SOFC systems in this work.

(a) Conventional DIR-SOFC and (b) inserted catalyst rod DIR-SOFC. [Color figure can be viewed in the online issue, which is available
at www.interscience.wiley.com.]
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reforming reactivity between them is related to the dissimi-
larity of their Ni-active surface area. In our modeling, the
dimensions of SOFC system were modified to dimensionless
application (with the full scale of 1.0), and the active areas
of catalyst rod and anode were normalized as relative active
area. The relative active surface area of anode is 0.07,
whereas that of catalyst rod is 0.36. A number of equations
were applied to predict concentration and temperature gra-
dients along this tubular DIR-SOFC system. Details for these
sets of equations are presented in the following sections and
summarized in Table 2.
Gas Distribution. The combination of Brinkman equation

and Navier-Stokes equation15 (Eq. 1) was applied to predict
gases distribution behavior in this work:

r � ðquuÞ ¼ �rpþr � ðrluÞ � l
kp

ðeuÞ; (1)

where u is the fluid velocity, q the density, p the pressure, l
the viscosity, e the porosity, and kp is the permeability. It is
noted that the influences of pressure and velocity gradient on
gas diffusion properties were also took into account by
applying molecular diffusion and binary diffusion equations
(Eqs. 2 and 3, respectively).16

Di;mix ¼ ð1� yiÞ=
X
j;j6¼1

ðyj=DijÞ (2)

Di;j ¼ ð0:00143ÞT1:75=pM1=2
i;j ½c1=3i þ c1=3j �2; (3)

where Di,mix and Di,j are molecular diffusion and binary
diffusion flux of species i in mixed gas (m2 s�1), yi is mole
fraction of species i, p is pressure, Mi,j ¼ 2/(1/Mi þ 1/Mj in
which Mi is molecular weight of component i, and c is the
special diffusion volume as reported by Fuller et al.17 It is
noted that, in the case of porous media, the diffusion behavior
was corrected by applying porosity (e) and tortuosity (s), so-
called effective diffusivity coefficient Dei;pmix (Eq. 4). Further-
more, gas diffusion through porous media, Di,pmix, was
explained by two mechanisms, i.e., molecular diffusion
(Di,mix) (Eq. 5) and Knudsen diffusion (Di,ku) (Eq. 6)

depending on the relation between pore diameter (dp) and
mean free path of molecular species.

De
i;pmix ¼

e
s
Di;pmix (4)

1

Di;pmix
¼ 1

Di;mix
þ 1

Di;ku
(5)

Di;ku ¼ 1

3
dp

ffiffiffiffiffiffiffiffiffi
8RT

pMi

r
; (6)

where R is universal gas constant.
Energy Transfer. Heat transfer phenomena considered in

this system involve the conduction along stack materials and
convection from heat flow though the system. Furthermore,
the effect of heat radiation between the catalyst rod and
SOFC was also concerned for the case of DIR-SOFC with
inserted catalyst rod. The calculated gas properties were
referred as a function of temperature; thus, momentum,
mass, and energy balances were integrated. It should be
noted that, in all gas flow channels, both conduction and
convection heat transfers were considered, and the heat
capacity and conductivity of gas species were set as the
function of temperature.16

Reforming Model. As mentioned earlier, methane steam
reforming reaction over Ni-based catalyst rod and SOFC
anode was simulated based on the intrinsic rate equations
and parameters reported by Xu and Froment,8 whereas the
amount of carbon deposition was predicted based on the
equations proposed by Zavarukhin and Kuvshinov.9 It is
noted that the developed model for predicting the rate of car-
bon formation, which was coded in COMSOL

VR
program in

this work, was first validated with the results reported by
Zavarukhin and Kuvshinov9 at the same operating condi-
tions. As shown in Figure 2a, both results are in good agree-
ment with the error less than 5%.
Importantly, the effects of heat convection in gas stream,

heat of reactions, and conductive heat transfers from fuel
channel were taken into account in the reforming model.
Furthermore, in the case of DIR-SOFC with inserted catalyst
rod, the radiation between the catalyst rod and the solid cell
was also considered. We made the assumption here that the
reforming reactions occurred only at the catalyst surface, and
no gas was diffused into the catalyst rod.
SOFC Model. All momentum, mass, heat, and charge

balance equations for SOFC systems in this work are given
in Table 2. In detail, all electrochemical reactions take place
at electrodes and electrolyte interface to generate electricity
from both H2 and CO. Here, the cell voltage is theoretically
calculated from Nernst equation. It is noted that the actual
voltage is always less than the theoretical value because
of the presence of activation, concentration, and ohmic over-
potentials.1,2

Activation loss

Activation loss, gact, is the activation barrier of electro-
chemical reaction at electrode, which is significant at low
current density.2 This overpotential is determined from But-
ler-Volmer equation, Eq. 7. The relations of current density
with H2 and O2 concentrations at electrodes are given in

Table 1. Constant Parameter Values of a Tubular
IIR-SOFC System

Parameter Value Reference

Fuel cell length 0.60 m 10
Inserted catalyst rod 2 � 10�3 m –
Inside radius of the cell 5.4 � 10�3 m 10
Anode thickness 1 � 10�3 m 10
Electrolyte thickness 4 � 10�5 m 10
Cathode thickness 5 � 10�5 m 10
Anode permeability 1 � 10�12 11
Cathode permeability 1 � 10�12 11
Average density of triple phase 633.73 kg m�3 14
Average specific heat of
triple phase

574.3 J kg�1 K�1 14

Anode thermal conductivity 6.23 W m�1 K�1 14
Electrolyte conductivity 2.7 W m�1 K�1 14
Cathode thermal conductivity 9.6 W m�1 K�1 14
Convection coefficient in the
fuel channel

2987 W m�2 K�1 14

Convection coefficient in the
air channel

1322.8 W m�2 K�1 14
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Eqs. 8 and 9.18 As the expression of activation loss from CO
oxidation is not well ascertained, the current density from
CO is assumed to be three times lower than that from H2
(Eq. 10).19 It is noted that all parameter values related to
these equations are reported in Table 3.

j ¼ j0 exp a
neF

RT
gact

� �
� exp ð1� ð1� aÞ neF

RT
gact

� �	 

(7)

j0;H2
¼ #anode

pH2

pref

� �
pH2O

pref

� �
exp �Eact;anode

RT

� �
(8)

j0;O2
¼ #cathode

pO2

pref

� �0:25

exp �Eact;cathode
RT

� �
(9)

j0;CO ¼ 1

3
j0;H2

; (10)

where j0 is the exchange current density, j the current density,
W the exchange current density constant, a the charge transfer
coefficient, ne the number of electron, F the Faraday’s
constant and Eact is the activation energy.

Concentration overpotential

This overpotential, gcon, is caused by the dropping of pres-
sure or partial pressure of reactant gases along porous elec-
trodes at reaction sites.2 It is normally reduced at high cur-
rent density. The diffusion at bulk zone as defined in term of
concentration overpotential is given in Eq. 11.20,21 Accord-
ing to Suwanwarangkul et al.22 and Hernández-Pacheco
et al.,23 the dusty gas model was applied to calculate concen-
tration at active site.

gcon ¼
RT

2F
ln

p	H2
pH2O

pH2
p	H2O

 !
þ RT
2F

ln
p	COpCO2

pCOp	CO2

 !
þ RT
4F

ln
p	O2

pO2

� �
;

(11)

where * represents gas partial pressure at active site.

Ohmic overpotential

This overpotential, gohm, occurs from the ion transport
across the cell, which mainly depends on ionic conductivity
of cell material. By applying ohm’s law, the relation of
ohmic overpotential and material resistivity is given in Eqs.
12 and 13,12 in which the resistivity is determined from Eq.
14 based on the data in Table 4.

gohm ¼ jRohm (12)

Rohm ¼ xd
Aelec

(13)

x ¼ a � expðb=TÞ; (14)

where Rohm is the ohmic resistance, x the ionic conductivity, d
the thickness of electrode or electrolyte layer, and a,b are the
constant property of material. It is noted that the transmission-
line model as reported by Stiller et al.24 can also apply to
estimate the ohmic overpotential with comparable results to
these equations. By applying the operating conditions (e.g.,

pressure, air, and fuel flow rates, inlet fuel temperature, fuel
utilization, and inlet fuel composition) based on the work of
Stiller et al.,24 the deviations of observed ohmic overpotential
between both models are in the range of �6% (within the
operating temperature range of 1250–1350 K).
Considering all polarizations, the cell performance was

determined in terms of the electrical efficiency. It is noted
that the anodic current was calculated from both H2 and CO
conversion rates, whereas the cell efficiency, gelec, was cal-
culated from the ratio between output power density (P) and
the energy of all input fluids, Eq. 15.

gelec ¼
P:AactP

yini LHVi;1173K
; (15)

where Aact is the activation area, (m
2), LHVi,1173k the lower

heating value of component i at 1173 K., P the power density
(W cm�2), and yini is the mole fraction of inlet gas, i. The
governing equations for mass and heat transfers of SOFC
anode are summarized in Table 2. It should be noted that I–V
curve obtained from developed model in this work was
validated with the previous work of Leng et al., 13 as shown in
Figure 2b. Clearly, both the results are in good agreement.

Results and Discussion

Modeling of conventional DIR-SOFC and DIR-SOFC
with inserted catalyst rod

The tubular DIR-SOFC model (with and without inserted
catalyst rod) was first simulated at 1173 K and 1 bar. The
inlet fuel (methane and steam) with inlet steam to carbon (S/
C) ratio of 2 was fed to the fuel channel with a total flow
rate of 24.8 cm3 s�1; simultaneously, air was introduced to
the cathode channel with the flow rate of 94.24 cm3 s�1

(theoretical oxygen ratio). Table 3 presents all related param-
eters of these DIR-SOFC systems. It is noted that the con-
sumption rate of H2 and CO (Uf) at the anode channel was
fixed constant at 80% for both configurations. Under these
conditions, characteristic results of these two DIR-SOFC
configurations, i.e., methane conversion, product gas distri-
bution, and temperature gradient along SOFC channels (both
fuel and air channels) are shown in Figures 3 and 4.
Figures 3a,b present the mole profiles of methane and

hydrogen along the fuel channel of conventional DIR-SOFC
(without inserted catalyst rod). It can be seen that the con-
centration of methane decreased along the length of fuel
channel particularly at the surface of the anode (on the right-
hand side of the channel); nevertheless, it is clear that signif-
icant amount of methane remains unreacted and presented at
the outlet of the fuel channel. As for hydrogen concentration
profile, oppositely, it increased along the length of fuel chan-
nel particularly at the surface of the anode, and considerable
amount of hydrogen was presented in the gas products at the
exit of the fuel channel. Both figures indicated that, under
conventional DIR-SOFC conditions, methane incompletely
reformed and hydrogen was inefficiently used by electro-
chemical reaction.
Figures 3c,d show the mole profiles of methane and hydro-

gen along the fuel channel of DIR-SOFC with inserted cata-
lyst rod. Clearly, significant improvements in methane con-
version and hydrogen utilization can be achieved. In detail,
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as seen in Figure 3c, the concentration of methane decreased
along the length of fuel channel particularly near the anode
and catalyst rod with greater rate than conventional DIR-
SOFC because of the promotion of reforming reactivity by
inserting the catalyst rod. Importantly, as shown in Figure 3d,
hydrogen generated from the steam reforming reaction was

Table 2. Steady-State 2D Dimensional Model’s for
Tubular DIR-SOFC

Fuel channel for conventional DIR-SOFC

Mass balance r:ð�Dirci þ ci~mÞ ¼ 0 (17)

Energy balance r:ð~mqcpTÞ �
X

r:ðkirTÞ ¼ 0 (18)

Boundary

z ¼ L; r
 0; uf ¼ uin;

mf ¼ min; pf ¼ pr; ci;f ¼ ci;in; Tf ¼ Tin

Fuel/anode interface and

z
 0; n � NCH4;f ¼ �
X

Rreform � Rc�from;
n � NH2O;f ¼ �

X
Rreform

n � NH2;f ¼
X

Rreform þ Rc�from;
n � NCO;f ¼ �

X
Rreform

n � NCO2
¼
X

Rreform

n � ðkrTÞ ¼ hðTf � TsÞ þ
X

rHreformRreform

Anode/electrolyte 1 interface

z
 0; n � NH2;f ¼ �JH2
=2F;

n � NH2O;f ¼ JH2
=2F

n � NCO;f ¼ �JCO=2F;;
n � NCO2;f ¼ JCO=2F

n � ðkrTÞ ¼
X

DHelecRelec þ JðE� gtotalÞ

Fuel channel for inserted catalyst rod DIR-SOFC

Mass balance r:ð�Dirci þ ci~mÞ ¼ 0 (19)

Energy balance r:ð~mqcpTÞ �
X

r:ðkirTÞ ¼ 0 (20)

Boundary

z ¼ L; r
 0; uf ¼ uin; mf ¼ min;

pf ¼ pr; ci;f ¼ ci;in; Tf ¼ Tin; Trod ¼ Tin

Fuel/catalyst rod interface and fuel/anode interface

z
 0; n � NCH4;f ¼ �
X

Rreform � Rc�from;
n � NH2O;f ¼ �

X
Rreform

n � NH2;f ¼
X

Rreform þ Rc�from;
n � NCO;f ¼ �

X
Rreform

n � NCO2
¼
X

Rreform

(Continued)

Table 2. (Continued)

Fuel/catalyst rod interface

n � ðkrTÞ ¼ hfðTrod � TfÞ

þ
X

DHreformRreform þ rAsðT4r � T4s Þ
1
er
þ Ar
As

1
es
� 1

� �

Fuel/anode interface

n � ðkrTÞ ¼ hðTf � TsÞ þ
X

DHreformRreform

Anode/electrolyte 1 interface

z
 0; n � NH2;f ¼ �JH2
=2F;

n � NH2O;f ¼ JH2
=2F

n � NCO;f ¼ �JCO=2F;
n � NCO2;f ¼ JCO=2F

n � ðkrTÞ ¼
X

DHelecRelec þ Jgtotal
Solid cell

Energy balance r:ð~mqcpTÞ � r:ðksrTÞ

þ
X

DHelec þ rAsðT4r � T4s Þ
1
er
þ Ar
As

1
es
� 1

� � ¼ 0 ð21Þ

Boundary

z ¼ L; r
 0; Ts ¼ Tin

Air channel

Mass balance r:ð�Dirci þ ci~mÞ ¼ 0 (22)

r:ð~vqcpTÞ � Rr:ðkirTÞ ¼ 0 (23)

Boundary

z ¼ 0; r 
 0; ua ¼ 0; va ¼ va;in; ci;a ¼ ca;in; Ta ¼ Ta;in

Air/cathode interface

z 
 0; n � NO2;f ¼ �JO2
=2F

n � ðkrTÞ ¼ hðTs � TaÞ

Outer layer

z 
 0 n � ðkrTÞ ¼ 0
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efficiently used along the channel, thus significantly lower
amount of hydrogen left the system compared to the conven-
tional DIR-SOFC system. The results from Figures 3a–d can
be summarize that, without catalyst rod, the anode alone inef-
ficiently reforms methane, thus significant amount of methane
remains presented in the system; under methane-rich gas con-
dition, hydrogen generated from the reforming reaction can-
not be well utilized electrochemically. By inserting the cata-
lyst rod, the steam reforming of methane was promoted; with
less methane presented in the system, hydrogen can be effi-
ciently used via electrochemical reaction.
Figure 4 presents the temperature profiles along the fuel

and air channels of both DIR-SOFC systems. Obviously, the
local temperature reduction at the entrance of the fuel chan-
nel was reduced, and smoother temperature profiles along
both channels can be achieved when the catalyst rod was
inserted into the fuel channel. The temperature of DIR-
SOFC with inserted catalyst rod decreases only 50 K (from
1173 K to the lowest 1123 K), whereas the temperature gra-
dient dropped by 180 K in the case of conventional DIR-
SOFC. From the calculation, the average temperature differ-
ence along the DIR-SOFC with inserted catalyst rod was
within 8.3 K cm�1, which is lower than the critical point (10
K) as previously reported,25 whereas the average temperature
difference along conventional DIR-SOFC was higher than 20
K. Under these inlet conditions, the output voltage from
DIR-SOFC with inserted catalyst rod was 0.74 V, which is
higher than that achieved from the conventional DIR-SOFC
(0.69 V); furthermore, the electrical efficiency and power
density significantly improved (from 45.3 to 63.5% and 0.32

to 0.45 A cm�2). Importantly, the amount of carbon deposi-
tion on the anode of DIR-SOFC with inserted catalyst rod
was predicted to be significantly less than that of the con-
ventional DIR-SOFC (9.82 � 10�7 g g�1 h�1 for DIR-SOFC
with inserted catalyst rod compared to 3.43 � 10�3 g g�1

h�1 for conventional DIR-SOFC).
It can be seen that all observed results indicated the great

benefit of DIR-SOFC with inserted catalyst rod compared to
conventional DIR-SOFC in terms of primary fuel conversion,
temperature distribution along the system, electrical effi-
ciency, output power density, and the potential amount of
carbon deposition at the anode of SOFC. We suggested that
these improvements are mainly related to the presence of
higher amount of active nickel in the system, which helps to
promote the steam reforming and generate more hydrogen
for electrochemical reaction. The reason for better tempera-
ture distribution for DIR-SOFC with inserting catalyst rod is
also related to the promotion of the endothermic steam
reforming of methane to hydrogen, which is simultaneously
consumed efficiently by the exothermic electrochemical reac-
tion at SOFC anode. We indicated here that, at steady-state
condition where the heat generated from the electrochemical
reaction was continuously supplied to the system, the occur-
ring of simultaneous high endothermic steam reforming and
exothermic electrochemical reactions results in their good
energy exchange coupling, which eventually enhances the
great autothermal operation. Regarding the benefit on the
reducing of potential carbon deposition at the anode of
SOFC, although it was observed from the simulation that
some carbon could be formed on the catalyst rod (6.83 �
10�4 g g�1 h�1) during operation, this problem can be

Figure 2. Validations of simulation results in this work with the literature.9,13

(a) Rate of carbon formation at various conditions (our simulation: blank symbols and the results from the literature9: black symbols);
(b) I–V curve validation between our simulation results with the experimental results from literatures.13

Table 3. Constant Parameters for Predicting Activation Loss

Wanode (A m�2) 5.5 � 108

Wcathode (A m�2) 7.0 � 108

Eact,anode (kJ kmol
�1) 1.1 � 105

Eact,cathode (kJ kmol
�1) 1.2 � 105

Table 4. Resistivity of Cell Components, Ni-YSZ/YSZ/LSM12

Anode resistance constant a ¼ 0.0000298, b ¼ �1392
Cathode resistance constant a ¼ 0.0000811, b ¼ 600
Electrolyte resistance constant a ¼ 0.0000294, b ¼ 10,350
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practically minimized by applying alternative reforming cata-
lyst with higher resistance toward carbon deposition (e.g.,
Rh-based catalysts) without any changing of SOFC anode
required; this highlights another beneficial of DIR-SOFC
with inserting catalyst rod in terms of catalyst flexibility.

As the next step, the effects of important operating condi-
tions, i.e., inlet fuel flow rate, inlet steam to carbon ratio,
and gas flow pattern on the system performance were studied
to optimize the suitable operating conditions for these DIR-
SOFC systems. It is noted that the effects of other operating

Figure 3. Results from COMSOLV
R

represented the concentration profiles in the fuel channel of DIR-SOFC systems
(simulated at 1 bar with inlet S/C ratio of 2).

Concentration profiles of (a) methane and (b) hydrogen in the fuel channel in the conventional DIR-SOFC. Concentration profiles of (c)
methane and (d) hydrogen in the fuel channel in the inserted catalyst rod DIR-SOFC. [Color figure can be viewed in the online issue,
which is available at www.interscience.wiley.com.]
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conditions, e.g., fuel inlet temperature and operating pressure

were also carried out. Nevertheless, we found insignificant

impact of these operating parameters on the system perform-

ance, thus they are not reported here.

Effect of inlet fuel flow rate

The inlet fuel flow rate was found to be one of the major
parameters that strongly affects the performance of DIR-
SOFC system. Here, the effect of inlet fuel flow rate on the

Figure 4. Results from COMSOLV
R

represented the temperature gradient in the fuel and air channels of DIR-SOFC
systems (simulated at 1 bar with inlet S/C ratio of 2).

Temperature gradients of the fuel and air channels (Tf and Ta, respectively) for (a) conventional DIR-SOFC and (b) inserted catalyst rod
DIR-SOFC; (c) comparison of temperature profiles at each channel of both systems. [Color figure can be viewed in the online issue, which
is available at www.interscience.wiley.com.]
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temperature gradient, power density, electrical efficiency,
and amount of carbon formation for both DIR-SOFC systems
was studied by varying the inlet fuel flow rate from 18.6 to
24.8, 37.2, and 49.6 cm3 s�1. Figure 5a and Table 5 indicate
that the cooling effect and power density of conventional
DIR-SOFC system can be improved by increasing the inlet
fuel flow rate; nevertheless, the electrical efficiency signifi-
cantly reduced (because of the lower rate of methane conver-
sion at higher fuel flow rate), and the amount of carbon dep-
osition increased considerably. Similar trends were observed
for DIR-SOFC with inserted catalyst rod, Figure 5b and
Table 5.

Effect of inlet S/C ratio

As possible carbon deposited on the surface of SOFC an-
ode is one of the major problems for DIR-SOFC and it
strongly depends on the ratio of steam to carbon in the sys-
tem, we here aimed at the determination of suitable inlet S/C
ratio to minimize the potential for carbon deposition in the

cell and maximize the performance of the system. It is well
established that the amount of carbon formation can be effi-
ciently reduced by adding excess steam at the feed; never-
theless, too high steam content can reduce the overall system
efficiency because high energy is required to vaporize water
to steam. As for the typical methane steam reforming over
Ni-based catalysts, it has been reported that the steam to car-
bon ratio should be in the range of 1.4–3.0.26 Here, the
effect of inlet steam content on the amount of carbon deposi-
tion and performance of both DIR-SOFC systems were
investigated by varying the inlet steam to carbon (S/C) ratios
from 1.5 to 4.0.
Figures 6 and 7 and Table 6 present the effect of inlet S/C

ratio on the temperature gradient along the fuel channel, the
electrical efficiency achieved, and the amount of carbon dep-
osition for both DIR-SOFC systems. It can be seen that the
amount of carbon formation decreased with increasing inlet S/
C ratio (Figure 7) because the excess steam can prevent the
formation of carbon species from the methane cracking reac-
tion. Nevertheless, considering the temperature gradient and
electrical efficiency, it was found that the cooling spot
increased with increasing the inlet S/C ratio (Figure 6),
whereas the electrical efficiency decreased (Table 6). This
could be due to the fact that the presence of excess steam
diluted hydrogen concentration in the fuel channel and

Figure 5. Effect of inlet fuel flow rate on the tempera-
ture gradient in the fuel channel of DIR-SOFC
systems (simulated at 1 bar with inlet S/C
ratio of 2).

Temperature profiles in the fuel channel of (a) conventional
DIR-SOFC and (b) inserted catalyst rod DIR-SOFC at vari-
ous inlet fuel flow rates.

Table 5. Effect of Inlet Fuel Flow Rate on the Electrical
Efficiency and Power Density of DIR-SOFC Systems

(Simulated at 1 bar with Inlet S/C Ratio of 2)

Inlet
Velocity
(cm3 s�1)

Power Density (A cm�2) Electrical Efficiency (%)

Conventional
DIR

DIR with
Inserted
Catalyst

Conventional
DIR

DIR with
Inserted
Catalyst

18.6 0.27 0.42 49.67 78.98
24.8 0.32 0.45 45.25 63.53
37.2 0.36 0.47 33.3 44.64
49.6 0.46 0.51 22.7 35.57

Figure 6. Effect of S/C ratio on the temperature gradi-
ent in the fuel channel of DIR-SOFC systems
(simulated at 1 bar).

Temperature profiles in the fuel channel of conventional
DIR-SOFC and inserted catalyst rod DIR-SOFC at various
S/C ratios.
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resulted in lower the exothermic electrochemical reaction;
thus, the temperature drops down because of the strong endo-
thermic steam reforming reaction occurred. Hence, we con-
cluded that, to maximize the performance of DIR-SOFC, low
inlet S/C ratio must be applied; nevertheless, high potential
for carbon deposition must be aware. This gains the great ben-
efits of DIR-SOFC with inserted catalyst rod because the rate
of carbon deposition was remarkably lower than the conven-
tional DIR-SOFC even at a lower inlet S/C ratio (Figure 7b).
The modeling of DIR-SOFC with inserted catalyst rod at

particularly low inlet S/C ratio (from 2:1 to 0.5:1) was also
carried out to determine the optimum operating condition for
this system. As shown in Figure 8, the electrical efficiency
increased with decreasing inlet S/C ratio from 2:1 to 1.1:1,
then it rapidly reduced at lower inlet S/C ratio; furthermore,
significant amount of carbon deposition was observed. These
strong negative effects could be due to the incomplete
reforming of methane with steam and the occurring of meth-
ane cracking instead. Hence, the suitable inlet S/C ratio for
DIR-SOFC with inserted catalyst rod should be slightly
higher than the stoichiometric value (1/1).

Effect of flow direction

For typical autothermal application, e.g., heat exchanging
system, flow direction of exchanged fluids strongly affects

Figure 7. Effect of S/C ratio on the predicted carbon
formation at the anode of DIR-SOFC sys-
tems.

Predicted amount of carbon formation at the anode of (a)
conventional DIR-SOFC and (b) inserted catalyst rod DIR-
SOFC at various S/C ratios.

Table 6. Effect of Inlet S/C Ratio on the Electrical Efficiency
and Power Density of DIR-SOFC Systems (Simulated at 1

bar)

Steam/
Carbon

Power Density (A cm�2) Electrical Efficiency (%)

Conventional
DIR

DIR with
Inserted
Catalyst

Conventional
DIR

DIR with
Inserted
Catalyst

1.5:1 0.37 0.48 45.95 64.25
2:1 0.32 0.45 45.25 63.53
3:1 0.32 0.41 38.88 47.10
4:1 0.31 0.39 33.99 44.96

Figure 8. Effect of inlet S/C ratio (at lower range) on
the electrical efficiency and predicted carbon
formation of inserted catalyst rod DIR-SOFC
(simulated at 1 bar).

Estimated electrical efficiency and predicted carbon forma-
tion at the anode of inserted catalyst rod DIR-SOFC at vari-
ous S/C ratios.

Figure 9. Effect of flow pattern on the temperature
gradient in the fuel channel of DIR-SOFC
systems (simulated at 1 bar with inlet S/C
ratio of 2).

Temperature profiles in the fuel channel of (a) conventional
DIR-SOFC with co-flow and counter-flow patterns and (b)
inserted catalyst rod DIR-SOFC with co-flow and counter-
flow patterns.
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the heat transfer and reaction behavior in the fluid stream,
thus the effect of fuel and oxidant flow direction on the
DIR-SOFC performance was also considered here. In the
previous sections, air flow is counter-flow to fuel flow in the
fuel channel. As an alternative option, the system behavior
was analyzed as co-flow pattern by changing mass and
energy balances in air channel along with their correspond-
ing boundary conditions while keeping all other operating
conditions identical to those of counter-flow pattern. Figures
9a,b show the effect of these two gas flow patterns on the
temperature profiles along the fuel channels. It can be seen
that the flow directions of fuel gases and air strongly affect
the temperature gradient along the system.
In the case of conventional DIR-SOFC configuration with

co-flow pattern, no local cooling temperature occurred at the
entrance of the fuel channel because the electrochemical
reaction occurred rapidly at the entrance of the channel due
to the oxygen-rich condition in the air channel, which
resulted in sufficient heat for endothermic steam reforming
reaction. Nevertheless, this flow pattern caused significant
temperature drop at the second half of the channel as most
of oxygen was electrochemically consumed, and the required
heat for the steam reforming reaction is larger than the gen-
erated heat from electrochemical reaction. Under co-flow
pattern, the average solid cell temperature was lower than
that of the counter-flow pattern and resulted in the increase
in cell resistance, which eventually reduced the electrical ef-
ficiency (Table 7) and output voltage (reduced by 34.7% to
0.65 V). According to the potential for carbon deposition, it
was observed that lower amount of carbon deposition
occurred for DIR-SOFC with co-flow pattern, Table 7. This
is due to the presence of higher hydrogen content in the fuel
channel for DIR-SOFC with co-flow pattern, which reduces
the potential for carbon deposition, according to the carbon
formation rate expression.9

Figure 9b presents the temperature distribution in the fuel
channel for DIR-SOFC with inserted catalyst rod under
counter- and co-flow patterns. Clearly, DIR-SOFC with co-
flow pattern provided smoother temperature distribution with
higher average cell temperature. These result in the reducing
of cell overpotentials and consequently gain higher output
voltage (0.77 V) and electrical efficiency (71.4%, Table 7).
It is noted that the flow direction showed insignificant
impact on the amount of carbon deposition for DIR-SOFC
with inserted catalyst rod (Table 7). We summarized that the
high efficiency of DIR-SOFC with inserted catalyst rod
under co-flow pattern is due to the good matching between
the heat exothermically supplied from the electrochemical
reaction and the heat required for the endothermic steam
reforming reaction along the fuel cell system, thus concluded

here that DIR-SOFC with co-flow pattern is more satisfac-
tory than that with counter-flow pattern.

Conclusions

The simulation indicated that DIR-SOFC with inserted cat-
alyst rod provides smoother temperature gradient along
SOFC system with significantly lower local cooling at the en-
trance of the fuel channel. In addition, higher power density
and electrochemical efficiency with less carbon deposition
can be achieved compared to the conventional DIR-SOFC.
By increasing the inlet fuel flow rate, the cooling effect

and power density of both DIR-SOFC systems can be
improved; nevertheless, less electrical efficiency with higher
amount of carbon deposition was predicted. It was then
found that, to maximize the performance of DIR-SOFC, low
inlet S/C ratio must be applied; nevertheless, high potential
for carbon deposition must be aware. According to the simu-
lation result, the most suitable inlet S/C ratio for DIR-SOFC
with inserted catalyst rod was 1.1, whereas that of conven-
tional DIR-SOFC should not be less than 1.5. DIR-SOFC
with counter-flow pattern was then compared to that with
co-flow pattern. In the case of conventional DIR-SOFC,
although the local cooling temperature at the entrance of the
fuel channel and the amount of carbon deposition can be
minimized, this flow pattern caused significant temperature
drop at the second half of the channel; furthermore, the aver-
age solid cell temperature was lower than that of the coun-
ter-flow pattern, which resulted in the increase in cell resist-
ant and eventually reduced the electrical efficient and output
voltage. As for DIR-SOFC with inserted catalyst rod, the co-
flow pattern provided smoother temperature distribution with
higher average cell temperature, which leads to reduced cell
overpotentials and consequently higher output voltage and
electrical efficiency.
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Notation

Cp ¼ specific heat of the gas streams, kJ mol�1 K�1

Aact ¼ external catalyst surface area ¼ pðdr�2scatÞL
p d2r �ðdr�2scatÞ2ð ÞL

ci ¼ concentration, mol m�3

Di,j ¼ binary diffusion, m2 s�1

Dei;mix ¼ the effective molecular diffusivity, m2 s�1

Di,ku ¼ the Kundsen diffusivity, m2 s�1

Table 7. Effect of Flow Pattern on the Electrical Efficiency, Power Density, and Predicted Carbon Formation of DIR-SOFC
Systems (Simulated at 1 bar)

Flow
Direction

Power Density (A cm�2) Electrical Efficiency (%) Carbon Formation (g gcat
�1)

Conventional
DIR

DIR with
Inserted Catalyst

Conventional
DIR

DIR with
Inserted Catalyst

Conventional
DIR

DIR with
Inserted Catalyst

Counter-flow 0.32 0.45 45.25 63.53 3.43 � 10�3 9.82 � 10�7

Co-flow 0.25 0.51 34.7 71.44 2.83 � 10�3 9.83 � 10�7
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Dp ¼ pore diameter, m
E ¼ open circuit voltage, V

Eact ¼ activation energy, kJ mol�1

F ¼ Faraday’s constant, 96,487 C mol�1

DH ¼ the change of heat of reaction, kJ mol�1

j0 ¼ exchange current density, mA cm�2

j ¼ current density, mA cm�2

jH2
¼ current density from hydrogen oxidation reaction, mA cm�2

h ¼ heat transfer coefficient, kJ m�1 s�1 K�1

k ¼ thermal conductivity, kJ m�1 s�1 K�1

NDi ¼ the bulk molar diffusive flux of gas component, mol m�1 s�1

po ¼ standard partial pressure, bar
pi ¼ partial pressure of species i,
R ¼ universal gas constant; 8.314 J mol�1 K�1.

Relect ¼ the hydrogen oxidation reaction rate, mol m�2 s�1

qrad ¼ the heat flux from radiation, W m�2

Sact ¼ specific surface area of catalyst
T ¼ temperature, K
u ¼ fluid velocity, m s�1

yi ¼ the mole fraction of gas

Greek letters

q ¼ density, kg m�3

c ¼ special Fuller et al.17 diffusion volume
W ¼ exchange current density constant, mA cm�2

aa,c ¼ charge transfer coefficient of anode and cathode
r ¼ Stefan-Boltzmann coefficient
e ¼ porosity
s ¼ tortuosity

gcell ¼ voltage drop of the whole cell, Volts
k ¼ thermal conductivity (kJ m�1 s�1 K�1)

Superscripts

* ¼ active site

Subscripts

a ¼ air channel
c-form ¼ carbon formation

i ¼ component (methanol, water, hydrogen, etc.)
j ¼ reaction (SRM, WGS, etc.)
f ¼ fuel channel
s ¼ solid oxide fuel cell

Act ¼ activation losses
cell ¼ cell stack
con ¼ concentration losses
ohm ¼ ohmic losses
elec ¼ electrochemical reactions
rod ¼ catalyst rod

reform ¼ reforming
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A Reaction-Extraction-Regeneration System for
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The reaction-extraction-regeneration system for the liquid-phase oxidation of
benzene to phenol in the benzene-water-oxygen system was investigated. Phenol
was extracted in the extractor to reduce the concentration of phenol in the benzene
phase. As vanadium catalyst was oxidized to inactive species after the oxidation
reaction, the regenerator was installed in the system to reduce the oxidation state
of vanadium catalyst from V4þ or VO2þ to the active V3þ under H2 flow. The
effects of various operating parameters including concentration of VCl3 catalyst,
O2 and H2 flow rates, benzene bubble size, pH, surface area of Pt regeneration cata-
lyst, the metal species, and amount of ascorbic acid were investigated. Ascorbic acid
was employed as a reducing agent for helping reduce the V4þ form to the active form
and therefore improving the activity of vanadium catalyst. VCl3 catalyst con-
centration of 10mol=m3 with pH of 3–4 in the reactor and Pt surface area of
0.05m2 in the regenerator showed optimal conditions for the system.

Keywords Benzene; Biphasic system; Hydroxylation; Partial oxidation;
Reaction-extraction-regeneration system

Introduction

Phenol is an important chemical for the production of antioxidants, agrochemicals,
and polymers. More than 90% of the world production of phenol has been obtained
by the cumene process. In the cumene process, the cost of phenol is directly related to
the effective usage of acetone, which is equimolarly produced (Schmidt, 2005).
Therefore, many researchers are working on the development of a new route to
phenol synthesis by a one-step process through the direct oxidation of benzene.
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Hydrogen peroxide and nitrous oxide are currently too expensive to allow an
economically viable process for direct oxidation of benzene. Molecular oxygen
(O2) is considered to be the best oxidant due to its low cost and significant
advantages for the environment.

New processes for phenol production without acetone by-product and with high
selectivity have been studied (Seo et al., 1997). Battistel et al. (2003) studied hydrox-
ylation of benzene to phenol with molecular oxygen catalyzed by vanadium chloride.
The efficiency of the reaction is related to the ability of the reductant to reduce
vanadium without being inactivated by the presence of oxygen. The interaction of
vanadium chloride and ascorbic acid influences the valence of vanadium species in
the reaction. Since V5þ tends to increase as a function of time, the oxidation of
benzene by O2 usually gives quite low conversion and selectivity to phenol.

Miyake et al. (2002) studied hydroxylation of benzene to phenol with the
addition of oxygen and hydrogen over platinum catalyst with transition metal salts.
Vanadium salt offered the highest catalytic performance for phenol production.
H2O2 was formed on platinum catalyst, and this H2O2 was homolytically decom-
posed to hydroxyl radical on the platinum. Remias et al. (2003) studied hydroxyl-
ation of benzene to phenol by coupling palladium-catalyzed in situ hydrogen
peroxide generation from dihydrogen and dioxygen. It was reported that the
vanadium catalyst gave higher activity than iron catalyst. The metal salt halides
species in the reaction mixture showed reactivity in the order: Cl�<Br�< I�.

Reis et al. (2004) studied the peroxidative oxidation of benzene catalyzed by
various vanadium catalysts such as V2O5, VOSO4 � 5H2O, and V2O4. V2O5 showed
the highest activity for phenol production. With high acid excess, the activity
decreased abruptly, probably as a consequence of decomposition of the catalyst.
Mizuno et al. (2005) studied the biphase system of partial oxidation of benzene to
phenol. The extractor helped improve the selectivity of phenol in the reaction system.
However, Fe-H2O2 and V-O2 system still provided low phenol yield and cannot be
operated in the long term. Masumoto et al. (2002) studied the hydroxylation of
benzene to phenol by a supported vanadium catalyst in an aqueous acetic acid sol-
vent. During the reaction, the color changed from light blue (V4þ) at the initial stage
to yellowish-brown (V5þ). In the initial stage the ascorbic acid reduced the oxidation
state of vanadium ion from V5þ to V4þ. Liu et al. (2005) studied a micro-emulsion
catalytic system for highly selective hydroxylation of benzene to phenol with hydro-
gen peroxide. The result showed high conversion of benzene but moderate selectivity
of around 50%. Increasing the amount of water in the reaction increased the benzene
conversion and phenol selectivity.

Jian et al. (2006) reported the homogeneous liquid phase oxidation of benzene to
phenol by sodium metavanadate with hydrogen peroxide. The solvent and pH have
an effect on vanadium species in the solution. The form of vanadium ion depended
on pH. The order of oxidative ability of the complex in different solvents is acetoni-
trile> acetone> alcohol. VO2þ was found to be the catalytic precursor. Diperoxova-
nadate species and monoperoxovanadate species were formed with the addition of
hydrogen peroxide. After the reaction, vanadium catalyst was returned to VO2þ

to the catalytic cycle (Jian et al., 2006).
The hydroxylation of benzene with H2O2 using various transition metal catalysts

(Cu, V, Fe) supported on TiO2 support was studied in our previous work (Tanarungsun
et al., 2007a, b). For a single metal catalyst, Fe showed highest yield because of
highest conversion. Vanadium gave a comparable yield while phenol selectivity was
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significantly higher (Tanarungsun et al., 2007a). FeVCu=TiO2 tri-metal catalyst
showed higher benzene conversion; however, selectivity and turnover frequency
(TOF) were slightly decreased (Tanarungsun et al., 2007c). The ratio of Cu, V, and
Fe influenced the acid properties of the catalyst, and therefore affected phenol yield
and phenol selectivity (Tanarungsun et al., 2008a). The use of Pt or Pd as second
metal catalyst can also improve the activity of Fe catalysts and improve the phenol
selectivity (Tanarungsun et al., 2008b). Recently, our previous study (Yamada
et al., 2008) introduced the regeneration unit to regenerate the deactivated catalyst
since the system could not be run continuously without the regeneration unit. First,
Pd=Al2O3 was employed as a regeneration catalyst, which was fixed by ZrO2 balls
on the top of the regenerator. However, Pd=Al2O3 preferentially adsorbed vanadium
ions and ZrO2 balls slightly adsorbed vanadium ions. Therefore, palladium metal
bulk catalyst was employed instead to avoid the adsorption of active vanadium
species.

In this article, the effect of the operation of the reaction-extraction-regeneration
system on the phenol production rate was investigated intensively. The effects of
various operating parameters in the reactor, i.e., the species of metal catalyst,
concentration of VCl3 catalyst, benzene bubble size, pH, feed flow rate of oxygen,
amount of ascorbic acid, and in the regenerator, i.e., feed flow rate of H2 and surface
area of Pt regeneration catalyst, were investigated. The reaction system in this study
was quite similar to that in our previous work (Yamada et al., 2008); however, the
reaction and extraction were carried out in bubble columns instead of the stirred
tanks in the previous work to further improve the performance.

Experimental Section

Three bubble jacket columns were used as the reactor, the extractor, and the regen-
erator (Figure 1).

Standard Condition for Reaction-Extraction System

In this study, benzene was reacted with water and oxygen to generate phenol in the
semi-batch reaction-extraction-regeneration system. The details of each section
follow.

Reactor
The reactor was operated in a three-phase system consisting of oxygen bubble,
organic phase, and aqueous phase. The vanadium ion acting as a catalyst for the
reaction was dissolved in the aqueous phase.

Extractor
The organic phase from the reactor was pumped to the extractor containing aqueous
solution of NaOH in order to extract the reaction product, phenol. Phenol was
extracted in the phenoxide form. Then the organic phase was fed back to the reactor.

Regenerator
The aqueous solution containing catalyst was pumped to the regenerator in order to
regenerate the deactivated catalyst solution. The regenerator was packed with a Pt
sheet, which acts as the catalyst for the regeneration process. Hydrogen gas

1142 G. Tanarungsun et al.

D
o
w
n
l
o
a
d
e
d
 
B
y
:
 
[
2
0
0
7
 
-
 
2
0
0
8
-
2
0
0
9
 
C
h
u
l
a
l
o
n
g
k
o
r
n
 
U
n
i
v
e
r
s
i
t
y
]
 
A
t
:
 
0
4
:
4
6
 
2
7
 
J
u
l
y
 
2
0
1
0

                                             145



(30mL=min) was fed in the regenerator to regenerate the deactivated catalyst in the
aqueous solution.

Reaction Conditions

Reactor Condition
Benzene (150mL) and catalyst solution (300mL of 10mol VCl3=m

3-aq) were placed
in a reactor where pure oxygen gas with a bubble size of 1mm was continuously
introduced into the reactor at a flow rate of 30mL=min. Benzene was circulated
from the reactor to the extractor by using a circulation pump operated at a constant
flow rate of 30mL=min. The other circulation pump was used to circulate the aque-
ous solution between the reactor and the regenerator at a flow rate of 50mL=min.
The reactor was operated at a temperature of 40�C using a circulating water bath
equipped with a temperature controller. The vapor in the exit gas was trapped using
a condenser operated at 2�C to control the amount of benzene evaporation from the
system. In this system, the reaction occurs in the tri-phase reaction system.

Extractor Condition
Benzene (50mL) and alkaline solution (125mL of 172mol NaOH=m3-aq) were
placed in an extractor that was operated with a controlled temperature of 50�C.
An injector was used to distribute benzene bubbles in the alkaline solution. In this
system, the reaction took place in the biphase reaction system.

Figure 1. Schematic diagram of the reaction-extraction-regeneration system.
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Regenerator Condition
The aqueous VCl3 catalyst solution (300mL) was continuously fed with hydrogen
(30mL=min) in order to regenerate the catalyst. In a standard condition, a Pt metal
sheet with surface area of 470 cm2 (35 g) was used as a regeneration catalyst to reduce
the oxidized vanadium ion catalyst in the aqueous solution. The regenerator was
operated at a temperature of 60�C controlled by the water circulating system. The
vapor in the exit gas was trapped using a condenser operated at 2�C to control
the loss of the aqueous solution from the system. In this system, the reaction occurs
in the tri-phase reaction system.

All chemicals used in this study were purchased from Wako Pure Chemical
Industries, Ltd. No further purification was carried out. A small amount of organic
phase was periodically sampled and analyzed with a gas chromatograph (GC-353B,
GL Sciences, Inc.) equipped with a 25m column (CP-Sil 8CB, J&W Scientific, Inc.)
and operated at 383K.

Characterization

Electron spin configuration was detected by using electron spin resonance spec-
troscopy (ESR) (JEOL model JES-RE2X) with the frequency of 8.8–9.6GHz. The
sample was operated in TE011 mode with the ES-TPRIT program. Fourier
transform-infrared (FT-IR) spectra were recorded in a Nicolet impact 6700 instru-
ment, using the range of 650–4000 cm�1.

Results and Discussion

Effects of Operating Parameters on System Performance

The reactions taking place in the reaction-extraction-regeneration system in this
study can be summarized as follows:

Reactor:

BenzeneþOH� ! Phenol ð1Þ

2V3þ þ 1=2O2 þH2O ! 2V4þ þ 2OH� ð2Þ

V3þ þHO� ! VO2þ þHþ ð3Þ

Extractor:

PhenolþNaOH ! Sodium phenoxideþH2O ð4Þ

Regenerator:

VO2þ þ 0:5H2 þHþ ! V3þ þH2O ð5Þ

V4þ þ 0:5H2 ! V3þ þHþ ð6Þ
Without other states, the performance of the system was evaluated in term of

phenol production rate at reaction time of 30 h.
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Effect of Concentration of VCl3 Catalyst
Figure 2 shows the effect of the catalyst concentration on the production rate of
phenol in the range of 0–40mol=m3 of VCl3 catalyst solution. The phenol production
rate increased along with the increase of catalyst concentration. The phenol
production rate was very low when the concentration of VCl3 catalyst was lower
than 0.5mol=m3. The optimum of catalyst concentration is approximately 10mol=m3.
The effect of VCl3 concentration on dissolved ability of O2 and H2 was investigated
by using gas chromatography. The amounts of O2 and H2 dissolved in the catalyst
phase in the reactor and the regenerator increased with increasing VCl3
concentration. Therefore, the reaction and regeneration performance could be also
enhanced.

Effect of O2 Flow Rate in the Reactor
Oxygen as an oxidizing agent was fed to the bottom of the reactor via a gas injector.
The effect of O2 flow rate on the production rate of phenol is shown in Figure 3. The
phenol production rate increased along with the increase of O2 flow rate. This is
likely due to the increase of interface area of catalyst and benzene by better mixing
in the reactor and the increase of the hydroxyl radical in the reaction, which is
a major oxidant in the reaction. Increasing O2 flow rate from 30mL=min to
120mL=min increases phenol production rate about 50%. However, a disadvantage
of using high O2 gas flow rate in the system is the possible evaporation of benzene
from the system.

Effect of H2 Flow Rate in the Regenerator
Hydrogen was fed to the bottom of the regenerator via a gas injector for regenerating
the catalyst. The effect of H2 flow rate on the phenol production rate is shown in
Figure 4. The reduction of used catalyst in the regenerator takes place with the pres-
ence of Pt metal and H2. It was found that the phenol production rate can be
improved around 25% with increasing the flow rate of H2 gas from 30 to 120mL=
min. H2 gas was employed for catalyst regeneration in the regenerator by reducing
the vanadium ions from VO2þ and V4þ after the oxidation reaction to active V3þ.

Figure 2. Influence of catalyst concentration on phenol production rate.
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The further reduction from V3þ to V2þ could hardly occur because V3þ is a more
stable species. The change of the oxidation state of vanadium ions becomes better
when more hydrogen is fed to the regenerator. The efficiency of the reaction is
related to the ability of the reducing agent to reduce vanadium without being
deactivated by the presence of oxygen.

Effect of Benzene Bubble Size
Bubble size of liquid benzene was varied by using injectors of different sizes. The size
of benzene bubble has an effect on the surface area of benzene for contacting with
catalyst solution phase and mixing condition at the same benzene feed flow rate.
The use of small-size benzene bubbles (2mm diameter) shows a higher production
rate than that of the large ones (5mm diameter), with approximately 20% improve-
ment (results not shown here). The smaller benzene bubbles allowed good contact
with the aqueous catalyst solution.

Figure 3. Influence of flow rate of O2 on phenol production rate.

Figure 4. Influence of the flow rate of H2 on phenol production rate.
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Effect of pH in the Reactor on Phenol Production
The pH has an influence on the oxidation state of vanadium ions in the catalyst
solution. It should be noted that catalyst cannot dissolve at a pH greater than 8.
The pH controlled the species of vanadium ions in the aqueous solution. When
VCl3 dissolved in water with a concentration of 10mol=m3, the pH changed from
7 to 4 and brown color of solution was observed. HCl was added to adjust the
pH from 4 to 3 and 1, and the color changed to green and then blue. When the
pH changed from 4 to 6 by adding NaOH, the color changed to greenish-brown.
The oxidation state of vanadium is very important for the reaction. The results show
that at pH of 1 with a catalyst solution of blue color (V4þ and VO2þ), the oxidation
reaction of benzene to phenol cannot occur, as observed by no phenol production.
As shown in Figure 5, the suitable pH in the reactor for phenol production is in
the range of 3–4.

Effect of Surface Area of Pt Regeneration Catalyst
The Pt metal reduced the oxidation state of vanadium ions from VO2þ, V4þ to V3þ.
The Pt regeneration catalyst used in the study was in a sheet form. The surface area
of the Pt metal sheet was varied by using different amounts of Pt. As shown in
Figure 6, by increasing the surface area of Pt metal, phenol production rate was
increased. At 0.157m2 of Pt metal the phenol production rate was increased only
10% from the case with 0.057m2 because Pt metal was excessive for regenerating
the catalyst. The catalyst deactivation was found to be a major problem in the oper-
ation (formation of V4þ, V5þ) because it provided low activity for oxidation reaction.

Effects of Metal Catalyst Species and Amount of Ascorbic Acid
on the Phenol Production Rate

Ascorbic acid was also added in the reactor to act as a reducing agent in the reaction
system. The reactions that occurred by ascorbic acid are as follows:

2V3þ þ ascorbic acidþ 0:5O2 �! 2V2þ þ dehydroascorbic acidþH2O ð7Þ

Figure 5. Influence of pH on phenol production rate.
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2V2þ þO2 þ 2Hþ �! 2V3þ þH2O2 ð8Þ

V2þ þH2O2 þHþ �!V3þ þOH� þH2O ð9Þ

V3þ þH2O2 �!VO2þ þHO� þHþ ð10Þ

2V3þ þO2 þ 2Hþ �! 2V4þ þ 2OH� ð11Þ

2V4þ þ ascorbic acidþ 0:5O2 ! 2V3þ þ dehydroascorbic acidþH2O ð12Þ

2VO2þ þ ascorbic acid ! 2V3þ þ dehydroascorbic acidþH2O ð13Þ
The amount of ascorbic acid influences the oxidation state of transition metal

ion in the catalyst solution. The ascorbic acid changed V3þ to V2þ and Fe3þ to
Fe2þ ion in the startup. Figure 7 shows the influence of the metal compound species
and the amount of ascorbic acid on phenol production rate. Increasing the amount
of ascorbic acid increased the phenol production rate for all metal species, i.e., VCl3,
FeCl3, and FeCl2. The efficiency of the reaction is related to the ability of the reduc-
ing agent to reduce VO2þ without being deactivated by the presence of oxygen. As a
matter of fact, ascorbic acid undergoes autooxidation catalyzed by metal ions in the
presence of oxygen. The ascorbic acid was able to interact as a chelating agent with
several metal ions including vanadyl ðVOþ

2 Þ and metavanadate ðVOþ
3 Þ (Jian et al.,

2006). However, it should be noted that without ascorbic acid added in the reactor
as a normal operating condition, the reaction could proceed well for at least 30 h
with the regenerator continuously fed with H2.

As shown in Figure 7, compared among various metal species, VCl3 catalyst
showed the highest phenol production rate over FeCl3 and FeCl2 catalyst. Therefore,
the catalytic activity depended on the kinds of metal and also their counter ions.

The species of vanadium ions were further analyzed by electron spin resonance
(ESR). The ESR spectra of the reaction solution are presented in Figure 8 at startup

Figure 6. Influence of the surface area of Pt regeneration catalyst on phenol production rate.
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time and after 8 h of reaction with and without ascorbic acid. The observed eight-line
spectrum is a characteristics of vanadyl V(IV)O species (51V, I¼ 7=2), and, in parti-
cular, it can be assigned to the VOCl2 species (Battistel et al., 2003). Note that V3þ

and V5þ ions are ESR silent. The V3þ was not a stable form of vanadium ion in the
reaction, and it was changed to V4þ and VO2þ after the oxidation reaction, as illu-
strated in the increasing of ESR intensity shown in Figure 8. However, comparing
the ESR after 8 h of reaction time between the systems with and without ascorbic
acid (Figures 9(d) and 9(b), respectively), the increase of ESR intensity was less
pronounced with the presence of ascorbic acid.

The ascorbic acid reduced the oxidized VO2þ by changing the oxidation state
from VO2þ, V4þ to V3þ. At high concentration of ascorbic acid, the excessive

Figure 8. ESR spectra of vanadium (III) chloride: (a) on startup, (b) after 8 h, (c) on startup
for the system with the addition of ascorbic acid, and (d) after 8 h for the system with the
addition of ascorbic acid.

Figure 7. Influence of metal compound species and amount of ascorbic acid on phenol
production rate.
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amount of ascorbic acid reduced VO2þ ions in the reaction system to V3þ ions while
the oxidation reaction was taking place. Therefore, the ascorbic acid could regener-
ate catalyst similar to the case of using the regenerator.

Conclusion

The reaction-extraction-regeneration system was proposed in this study for the
liquid-phase oxidation of benzene to phenol. The phenol was extracted from the
reaction mixture as sodium phenoxide in the extraction phase. Aqueous catalyst
was deactivated by O2 to inactive forms. The regenerator was required to reduce
the deactivated catalyst for the extended operation. The reaction could proceed well
for at least 30 h with Pt metal sheet regeneration catalyst and continuous feeding of
H2 to the regenerator. Among metal catalyst species, i.e., VCl3, FeCl3, and VCl2,
VCl3 showed the highest phenol production rate. The optimum condition for the sys-
tem is VCl3 catalyst concentration of 10mol=m3 and pH in range of 3–4 with oxygen
feed rate of 60mL=min in the reactor and Pt surface area of 0.05m2 with hydrogen
feed rate of 60mL=min in the regenerator. The ascorbic acid helped improve the
phenol production by changing the oxidation state of vanadium catalyst. It was
demonstrated that the reaction-extraction-regeneration system offered high phenol
selectivity, long-time operation, and ease of startup and shutdown.
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Isosynthesis via CO hydrogenation over SO4–ZrO2 catalysts
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1. Introduction

Isobutene is an important feedstock for the production of
oxygenated compounds. Currently, it is mainly produced from the
extraction of petroleum feedstock. However, as the petroleum
supply is becoming limited due to the progressive increase of fuel
consumption, alternative route for isobutene production is of
interest. Isosynthesis is a reaction that catalytically converts
synthesis gas predominantly to branched chain hydrocarbons,
especially isobutane and isobutene. Among various catalysts
studied, zirconia and ceria have been reported as selective catalysts
for isosynthesis in many studies [1–7]. It was further demonstrated
that cerium coprecipatedwith zirconia, as called ceria–zirconia, can
improve the catalytic activity [8]. A number of research efforts have
focusedondetermining therelationbetweencatalyst characteristics
and their catalytic performance. As reported by Postula et al. [8],
zirconias prepared by precipitation method and hydrothermal
method were tested over isosynthesis reaction. The precipitated
onesshowedhigheractivity,whereas thehydrothermalonesoffered
greater selectivityof isobutene inC4hydrocarbonswith correspond-
ing to the high basicity on surface of zirconia. Su et al. [3]
investigated the catalytic performance towards isosynthesis of
various nanoscale zirconias synthesized by several techniques, such

as precipitation method, supercritical fluid drying method and
freeze-drying method. They concluded that better formation of
isobutene is resulted from higher ratios of base to acid sites on
catalyst surface. The results were in good agreement with those
reported by Feng et al. [9], even they synthesized zirconia by
different techniques (i.e. calcination of zirconyl salt and modified
sol–gel method). The effect of the crystal phase such as monoclinic
phase in zirconia on the catalytic performancewas also investigated
byMaruya et al. [5]. Due to the bifunctionality of zirconia, the acid–
base properties could play an important role on the catalytic
performance [3,10–13]. Several researches have proposed that
catalytic activity is dependent on acid sites, while base sites or ratio
of base sites to acid sites affect the selectivity of isobutene.
Nevertheless, Lu et al. [14] revealed differently that the catalytic
activity is dependent on strong basic site.

In our previousworks, micron- and nanoscale zirconia and ceria
were tested for the isosynthesis [15,16]. We reported that not only
the acid–base properties, but the crystallite size and crystal phase
also essentially influence the catalytic performance. At the same
crystallite size, ceria shows higher activity than zirconia [15]. The
effect of temperature ramping rate during calcination on
characteristics of nanoscale zirconia and its catalytic performance
for isosynthesis was investigated [16]. It was found that both
tetragonal phase in zirconia and intensity of Zr3+ influence the
selectivity to isobutene. In addition, the isosynthesis over ZrO2–
CeO2 mixed oxide catalysts synthesized by coprecipitation and
physical mixing methods with various contents of CeO2 was also
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studied [17]. We reported that catalysts prepared by physical
mixing method offer higher catalytic activity than those prepared
by coprecipitation method. In addition, the change in the
selectivity of isobutene in hydrocarbons of the catalysts was
well-correlated with the change in intensity of Zr3+.

Metal oxides, such as ZrO2, Al2O3, and TiO2, are acid catalysts;
their acidity could be enhanced by sulfation. Previously, several
sulfated acid catalysts have been tested [18–23]. Among those acid
catalysts, sulfated zirconia (SO4–ZrO2 abbreviated as SZ) has been
the subject of extensive research work since its ability to catalyze
isomerization of linear to branched light hydrocarbons. This
catalyst is known as solid super acid and was reported to be active
for n-butene isomerization even at low temperature, giving
relatively high selectivity [23]. This catalyst may be a good choice
for isosynthesis and, therefore, in this paper, the catalytic
performances of sulfated zirconia on isosynthesis via CO hydro-
genation were investigated. The catalysts were prepared by
incipient wetness impregnationmethod using H2SO4 as a sulfating
species. It is noted that two different zirconia salt precursors were
employed for synthesizing zirconia via precipitation method. The
catalytic performances of synthesized catalysts with different
sulfur contents were then tested. In addition, various physical
characteristics of synthesized catalysts, i.e. acid–base properties
and surface properties including quantity of Zr3+ on the catalyst
surface were determined in order to relate these properties with
the catalytic performance.

2. Experimental

2.1. Catalyst preparation

2.1.1. Preparation of zirconia

Zirconia (ZrO2) was synthesized via the precipitationmethod. A
solution of zirconium salt precursors such as zirconyl chloride
(ZrOCl2) or zirconyl nitrate [ZrO(NO3)2] (0.15 M) was slowly
dropped into a well-stirred precipitating solution of ammonium
hydroxide (NH4OH) (2.5 wt%) at room temperature. The solution
was controlled at pH of 10. The obtained precipitate was removed,
and then washed with deionized water until Cl� was not detected
by a silver nitrate (AgNO3) solution. Then, the solid sample was
dried overnight at 110 8C and calcined at 450 8C for 3 h with a
temperature ramping rate of 5 8C/min.

2.1.2. Preparation of sulfated zirconia

Sulfated zirconia was prepared by the incipient wetness
impregnation method. Different amounts of sulfuric acid were
doped on zirconia (having sulfur contents of 0.1, 0.25, 0.5 and
0.75%) at room temperature. The obtained sample was then dried
overnight at 110 8C and calcined at 450 8C for 3 h with a
temperature ramping rate of 5 8C/min.

2.2. Catalyst characterizations

2.2.1. N2 physisorption

Measurements of BET surface area, cumulative pore volume and
average pore diameter were performed by N2 physisorption
technique using Micromeritics ASAP 2020 surface area and
porosity analyzer.

2.2.2. X-ray diffraction (XRD)

The X-ray diffraction (XRD) patterns of powder were performed
by X-ray diffractometer. The crystallite size was estimated from
line broadening according to the Scherrer equation and a-Al2O3

was used as a standard. In addition, the characteristic peaks of
crystal phase from XRD spectra were used to calculate the fraction
of crystal phase in catalyst.

2.2.3. Electron spin resonance spectroscopy (ESR)

Electron spin configuration was detected by using electron spin
resonance spectroscopy (ESR) with JEOL model JES-RE2X. The
sample was degassed before measurement at room temperature.

2.2.4. Scanning electron microscopy (SEM)

Scanning electronmicroscopy (SEM)was used to determine the
catalyst granule morphology. The model is JEOL JSM-5800LV and
operated using the back scattering electron (BSE) mode at 20 kV.

2.2.5. Temperature-programmed desorption (TPD)

Temperature-programmed desorption techniques with ammo-
nia and carbon dioxide (NH3- and CO2-TPD) were used to
determine the acid–base properties of catalysts. TPD experiments
were carried out using a flow apparatus. The catalyst sample (0.1 g)
was treated at its calcination temperature (450 8C) in helium flow
for 1 h and then saturated with 15% NH3/He mixture or pure CO2

flow after cooling to 100 8C. After purgingwith helium at 100 8C for
1 h to remove weakly physisorbed NH3 or CO2, the sample was
heated to 450 8C at a rate of 20 8C/min in a helium flow of 50 cm3/
min. The amount of acid–base sites on the catalyst surface was
calculated from the desorption amount of NH3 and CO2 by
measuring the areas of the desorption profiles under the
desorption temperature range of 100–450 8C. For the broad peak
of desorption curve, it was deconvoluted to sub-peaks by peak
fitting program equipped with the Micromeritics ChemiSorb 2750
pulse chemisorption system analyzer, and then converted to the
amount of desorbed NH3 or CO2 by calibration curve of each
desorbed gas.

2.3. Reaction study

Isosynthesis was carried out at 400 8C and atmospheric
pressure in a fixed-bed quartz reactor packed with 2 g of catalyst.
The inlet feed was a mixture of CO/H2/N2 (10/10/5 cm3/min). The
compositions of carbon monoxide and hydrogen in the feed and
product streams were analyzed by a gas chromatography
(Shimadzumodel 8A (GC-8A)) equippedwith thermal conductivity
detector (TCD) and molecular sieve column, while carbon dioxide
in the product streamwas analyzed by the same GC with Poropak-
Q column. Hydrocarbons in the product streamwere analyzed by a
gas chromatography Shimadzu model 14B (GC-14B) equipped
with flame ionization detector (FID) with VZ-10 column.

3. Results and discussion

In this work, ZrO2 and SO4–ZrO2 catalysts were used and tested
for the catalytic performance on isosynthesis. The synthesized
ZrO2 obtained from ZrOCl2 and ZrO(NO3)2 were denoted as ZrO2–Cl
and ZrO2–N, respectively. The SO4–ZrO2 catalysts prepared by
impregnating of various sulfur contents (i.e. 0.1, 0.25, 0.5 and
0.75 wt%) over ZrO2 and denoted as w%SZ (ZrO2–N) and w%SZ
(ZrO2–Cl).

3.1. Catalyst characterization

3.1.1. X-ray diffraction (XRD) and scanning electron microscopy

(SEM)

The XRD patterns of ZrO2 and sulfated zirconia (SO4–ZrO2)
catalysts synthesized from ZrOCl2 are shown in Fig. 1, whereas
those synthesized from ZrO(NO3)2 are shown in Fig. 2. Clearly, both
ZrO2 and SO4–ZrO2 catalysts exhibited the similar XRD peaks at
2u = 28.28 and 31.58, indicating the presence of the monoclinic
phase. Besides the monoclinic characteristic peaks, they also
exhibited the XRD characteristic peaks at 2u of 30.28, 35.38, 50.28
and 60.28, which indicate the presence of tetragonal crystalline
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phase. The crystallite size of the tetragonal phase of sulfated
zirconia was determined from the peak at 2u = 30.28 for 1 1 1
plane. For all catalysts, the contents of different phases are listed in
Table 1. Typically, the monoclinic phase is stable up to ca. 1170 8C
and then, transforms into the tetragonal phase at higher
temperature, while the tetragonal phase is stable up to ca.
2370 8C and finally transforms into the cubic phase at higher
temperature [24]. However, the metastable tetragonal phase in
zirconia can usually be observed when the precipitation method
from an aqueous salt solution is employed as also observed in this
work or when the thermal decomposition of zirconium salts is
used. As seen in Figs. 1 and 2, all catalysts obviously show the
predominant crystal phase of monoclinic. Difference in precursor
resulted in forming ZrO2 with different phase compositions
between monoclinic and tetragonal phases. The ZrO2 prepared
by Zr(SO4)2 showed tetragonal phase with amorphous, but ZrO2

obtained from other zirconium salt precursors, such as Zr(NO3)4,
ZrCl4 and ZrOCl2 exhibited the mixed phase of monoclinic/
tetragonal phase [4,25,26]. Sulfated zirconia prepared from
zirconium hydroxide precursor was entirely occupied by the
tetragonal phase [27]. In this work, SZ (ZrO2–Cl) contained more
tetragonal phase compared with ZrO2–Cl, but the opposite
behavior was found in the SZ (ZrO2–N) compared with the
ZrO2–N. Various previous studies [28–31] revealed that sulfation
affected crystallization and phase transformation from tetragonal

to monoclinic of zirconia support. From the results in Table 1, only
SZ (ZrO2–N) behaved similar to the previous reports; this could be
presumed that the different starting zirconiumprecursor can affect
the phase composition of sulfated zirconia. Table 1 also illustrates
the crystallite size of pure zirconia and sulfated zirconia. Based on
the mainly monoclinic phase, the crystallite sizes were distributed
in the low range of 8–11 nm. TEM images of pure zirconia (not
shown) were similar to those in our previous work [15]. It was
displayed that the particle size estimated from TEM image was
insignificantly larger than the crystallite size calculated by means
of XRD technique. Thus, the latter could be possibly representative
for each catalyst size. Moreover, the morphologies of zirconia and
sulfated zirconia were studied by SEM technique. The SEM

Fig. 2. XRD patterns of ZrO2 and SO4–ZrO2 catalysts synthesized from ZrO(NO3)2. Fig. 3. SEM micrograph of (a) ZrO2Cl and (b) 0.75% SZ (ZrO2–Cl).

Table 1
Summary of catalyst characteristics obtained from XRD measurement.

Catalysts Crystal size (nm)a % M

Mb Tc

ZrO2–N 8.7 4.7 67.3

0.1%SZ (ZrO2–N) 10.0 5.5 76.1

0.25%SZ (ZrO2–N) 10.2 13.8 84.1

0.5%SZ (ZrO2–N) 10.0 6.1 75.4

0.75%SZ (ZrO2–N) 9.1 9.5 71.1

ZrO2–Cl 9.5 7.5 73.2

0.1%SZ (ZrO2–Cl) 9.1 8.1 72.5

0.25%SZ (ZrO2–Cl) 8.9 7.5 70.3

0.5%SZ (ZrO2–Cl) 8.9 7.0 63.4

0.75%SZ (ZrO2–Cl) 8.7 7.0 67.5

a Based on XRD line broadening.
b Monoclinic phase in ZrO2.
c Tetragonal phase in ZrO2.

Fig. 1. XRD patterns of ZrO2 and SO4–ZrO2 catalysts synthesized from ZrOCl2.
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micrographs of ZrO2–Cl and 0.75% SZ (ZrO2–Cl), for instance, at
high resolution are shown in Fig. 3. It can be seen that there is
inappreciable change in morphology after modifying the zirconia
with sulfate.

3.1.2. N2 physisorption

The specific surface area, cumulative pore volume, average pore
diameter and pore size distribution of all synthesized catalysts
were determined by N2 physisorption using Micromeritics ASAP
2020 surface area and porosity analyzer. These parameters are
summarized in Table 2. It was revealed that sulfated zirconia
exhibited higher BET surface area than pure zirconia. These results
were supported by N2 adsorption–desorption isotherm plots of
zirconia and sulfated zirconia catalysts as shown in Figs. 4 and 5, in
which the lower N2 adsorbed–desorbed quantities of zirconia
subsequently indicate their lesser BET surface area. In addition,
especially for ZrO2–N, ZrO2–Cl and 0.1%SZ (ZrO2–Cl), isotherm
plots of these catalysts were considerably less than those of other
catalysts indicated their significant low surface area. As reported in
Fărcaşiu et al. [27], the surface area of sulfated zirconia was
dependent on the quantity of sulfuric acid added. However, its
value began to drop after adding sulfuric acid more than 3 ml/g of
zirconium hydroxide. At higher sulfur contents, the surface area
suddenly decreased due to the alteration of crystal structure and
sulfate migration into the bulk phase of zirconia support.
Considering pore size distribution of zirconia and sulfated zirconia
catalysts as shown in Figs. 6 and 7, no significant change in profile
was observed for those regarding pore size distribution. However,

Table 2
N2 physisorption results.

Catalysts BET surface

areaa (m2/g)

Cumulative pore

volumeb (cm3/g)

Average pore

diameterc (nm)

ZrO2–N 76.2 0.198 5.5

0.1%SZ (ZrO2–N) 222.7 0.345 4.9

0.25%SZ (ZrO2–N) 243.3 0.361 4.8

0.5%SZ (ZrO2–N) 227.3 0.336 4.8

0.75%SZ (ZrO2–N) 232.3 0.351 4.8

ZrO2–Cl 89.8 0.194 5.0

0.1%SZ (ZrO2–Cl) 89.2 0.205 5.4

0.25%SZ (ZrO2–Cl) 236.6 0.380 4.5

0.5%SZ (ZrO2–Cl) 239.2 0.388 5.0

0.75%SZ (ZrO2–Cl) 238.1 0.372 4.4

a Error of measurement =�5%.
b BJH desorption cumulative volume of pores between 1.7 and 300nm diameter.
c BJH desorption average pore diameter.

Fig. 6. Pore size distribution of ZrO2 and SO4–ZrO2 catalysts synthesized from

ZrOCl2.

Fig. 5. N2 adsorption–desorption isotherm plots of ZrO2 and SO4–ZrO2 catalysts

synthesized from ZrO(NO3)2.

Fig. 4. N2 adsorption–desorption isotherm plots of ZrO2 and SO4–ZrO2 catalysts

synthesized from ZrOCl2.

Fig. 7. Pore size distribution of ZrO2 and SO4–ZrO2 catalysts synthesized from

ZrO(NO3)2.
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as the pore diameter at the peak of pore size distribution could
refer to an average pore diameter; it was found that average pore
diameters of ZrO2–N, ZrO2–Cl and 0.1%SZ (ZrO2–Cl) catalysts are
larger than those of the others. Nonetheless, it was noticed that no
pore size below 5 nm appeared in pore size distribution plot for
those three catalysts. There is an explanation from isotherm plots
in Figs. 4 and 5. At low relative pressure (<0.5), the changes in the
volume of N2 desorption over these three catalysts were relatively
low, compared to other catalysts. The N2 desorption at low relative
pressure was responsible for a very small pore size of catalyst. It
presumably implied that no opened pore in very small size (in the
range of 2–4 nm) was revealed for these three catalysts. For
cumulative pore volume, these three catalysts exhibited smaller
volume than others due to their less surface area and larger
average pore diameter.

3.1.3. Temperature programmed-desorption (TPD)

The NH3- and CO2-TPD techniques were used to measure the
acid–base properties of the catalysts, respectively. The NH3- and
CO2-TPD profiles of zirconia and sulfated zirconia synthesized from
ZrOCl2 and ZrO(NO3)2 precursors are shown in Figs. 8–11. It is
noted that the amounts of acid and base sites, which were
calculated from the area below curves of these TPD profiles, are
listed in Table 3. The characteristic peaks of these profiles are

assigned to their desorption temperatures indicating the strength
of Lewis acid sites on the surface. Ma et al. [32] indicated that NH3

desorption peaks located at ca. 200 and 300 8C for ZrO2 catalysts
were corresponding to weak acid sites and moderate acid sites,
respectively. Moreover, both peaks of monoclinic ZrO2 exhibited
slightly higher amount of acid sites compared to the tetragonal
ZrO2. The previous report from Li et al. [33] also indicated that the
sulfated group onmonoclinic SO4–ZrO2 should bemore stable than

Fig. 8. NH3-TPD profiles of ZrO2 and SO4–ZrO2 catalysts synthesized from ZrOCl2.

Fig. 9. NH3-TPD profiles of ZrO2 and SO4–ZrO2 catalysts synthesized from

ZrO(NO3)2.

Fig. 11. CO2-TPD profiles of ZrO2 and SO4–ZrO2 catalysts synthesized from

ZrO(NO3)2.

Fig. 10. CO2-TPD profiles of ZrO2 and SO4–ZrO2 catalysts synthesized from ZrOCl2.

Table 3
Results from NH3- and CO2-TPD measurements.

Catalysts Total sites (mmol/g)

Acid sitesa Base sitesb

ZrO2–N 197 257

0.1%SZ (ZrO2–N) 959 76

0.25%SZ (ZrO2–N) 1014 50

0.5%SZ (ZrO2–N) 993 46

0.75%SZ (ZrO2–N) 917 39

ZrO2–Cl 594 55

0.1%SZ (ZrO2–Cl) 978 25

0.25%SZ (ZrO2–Cl) 1290 26

0.5%SZ (ZrO2–Cl) 926 19

0.75%SZ (ZrO2–Cl) 993 15

a From NH3-TPD.
b From CO2-TPD.
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sulfated group on tetragonal SO4–ZrO2. According to NH3

desorption peaks in this work (Figs. 8 and 9), not only ZrO2

contained weak acid sites, but the moderate acid sites were also
evident for SO4–ZrO2. In addition, the adsorption of sulfur group
has some effect on acid site by being responsible for the presence of
more acid siteswith higher sulfur content. Themodel of generating
acid sites by adding the sulfuric acid has been developed by several
researchers [34–38]. The well-recognized model for the structure
of the active site was proposed by Arata [34], wherein the sulfate
bridges across two zirconium atoms. Their model takes into
account the formation of Bronsted acid sites as a result of the
uptake of water molecules as a weak Lewis base on the Lewis acid
sites. Theweak,moderate and strong base sites can be identified by
CO2 desorption peaks [32]. It was indicated that all kinds of base
sites were presented in the tetragonal ZrO2, whereas only weak
and moderate base sites were observed on the monoclinic ZrO2.
From CO2-TPD profiles in Fig. 10, ZrO2–Cl exhibited higher
desorption temperature than other catalysts due to more
tetragonal phase and without sulfur loading. As for catalysts
prepared from ZrO(NO3)2 precursor, they contained only the weak
base sites and moderate base sites. The results in Fig. 11 and
Table 3 indicate that ZrO2–N exhibited higher base sites than
sulfated zirconia. Furthermore, zirconia and sulfated zirconia
prepared from ZrO(NO3)2 precursor had higher amount of CO2

desorption peaks. This can be attributed to higher contents of
monoclinic phase resulting in increased basicity of monoclinic
SO4–ZrO2 over tetragonal SO4–ZrO2 as described in Li et al. [33]. It
should be mentioned that acid sites of ZrO2–Cl and ZrO2–N were
less than those of sulfated zirconia due to sulfated group on surface
catalysts. It was suggested that differences in both acid and base
sites can be attributed to the various fractions of crystal phases. In
order to give a better understanding, the relationship between
acid–base sites and percent of sulfur content in ZrO2 is illustrated
in Figs. 12 and 13. It was found that the amount of acid sites
increased with increased percents of sulfur content in ZrO2 up to
the maximum at 0.25% of sulfur content, and then decreased with
more sulfur loading. Considering the base sites, the amount of base
sites decreased proportional sulfur content in ZrO2.

3.1.4. Electron spin resonance (ESR) spectroscopy

A spin of unpaired electron was detected by means of ESR to
identify defect center of zirconia considerably assumed as the
existence of Zr3+ sites. Zr3+ signals represented at g? � 1.97 and
gøø � 1.95 were very close to the positions of Zr3+ on ZrO2 surface

observed by many researchers [39–45]. Only g? was considered in
this work due to the apparent signal. The relative ESR intensity of
various zirconia and sulfated zirconia is shown in Fig. 14. It was
found that quantity of Zr3+ ascended on amount of sulfuric acid
during sulfation step. The result of ESR showed that the g-value of
zirconia and sulfated zirconia were different. For ZrO2–Cl, the Zr3+

quantity swiftly increasedwith increased sulfur content during the
incipient wetness impregnation step. The highest intensity was
observed at 0.25% of sulfur content, and then rapidly decreased
beyond that value. The other zirconium salt precursor also
exhibited the similar trend. Firstly, the relative intensity of Zr3+

gradually increased with more sulfur contents presented. The
optimum point of Zr3+ intensity is 0.5%SZ (ZrO2–N) after that the
value decreased. From the early researches [44,45], it reasonably
suggested that the Zr3+ center can be described as the oxygen
coordinatively unsaturated zirconium sites on ZrO2 surface. In
addition, they proposed that the removal of the surface hydroxyl
accounted for the formation of the new Zr3+ sites. However, the
generation of Zr3+ sites should occur from another pathway. It was
proposed that the surface structure of SO4 combined with Zr
elements in the bridging bidentate state. The S55O double bond
nature in the sulfate complex is much stronger than that of a
simple metal sulfate, thus the Lewis acid strength of Zr3+ becomes

Fig. 12. Relationship between amount of acid and base sites and percent of sulfur

content in ZrO2 and SO4–ZrO2 catalysts synthesized from ZrOCl2.

Fig. 13. Relationship between amount of acid and base sites and percent of sulfur

content in ZrO2 and SO4–ZrO2 catalysts synthesized from ZrO(NO3)2.

Fig. 14. Relative ESR intensity of various ZrO2 catalysts.
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remarkably greater by the inductive effect of S55O in the complex.
Moreover, it was revealed that there is the approximate linear
relationship between Zr3+ quantity and the amount of acid sites.

3.2. Catalytic performance of isosynthesis over zirconia and sulfated

zirconia catalysts

The reactivity and selectivity towards isosynthesis over
synthesized ZrO2 and SO4–ZrO2 catalysts were tested at 400 8C
and atmospheric pressure with the inlet CO/H2 ratio of 1.0. A
previous study [15] reported the testing of catalytic stability with
time-on-stream and showed that the steady-state rate was
reached after 20 h. Table 4 presents the catalytic activity in terms
of CO conversion and product selectivity from reaction. CO
conversion and reaction rate were calculated from the product
formation as expressed in the equations in the previous work [17].
The C1–C3 hydrocarbons and isobutene were mostly produced via
CO hydrogenation, but only trace amount of other C4 hydrocarbons
and C5

+ hydrocarbons was detected. Therefore, products in
hydrocarbons listed in Table 4 comprise of C1–C3 hydrocarbons
and isobutene. As seen in Table 4, it was found that undoped-
zirconia synthesized from ZrO(NO3)2 provided higher activity
towards isosynthesis reaction (106 mmol kg-cat�1 s�1) than that
synthesized from ZrOCl2 (84.9 mmol kg-cat�1 s�1), but the selec-
tivity of isobutene in hydrocarbons was relatively lower (73.4% for
ZrO2–N and 82.0% for ZrO2–Cl). In addition, the catalytic
performance significantly improved by sulfur loading.

The catalytic activities of zirconia and sulfated zirconia
synthesized from ZrO(NO3)2 or ZrOCl2 were influenced by the

Zr3+ quantity and amount of acid sites. Moreover, sulfur loading
and surface area of catalysts also rendered higher activity. The
small range of crystallite size or particle size does not show any
effects on the catalytic reactivity, but the relative intensity of Zr3+

and acidity governed the catalytic selectivity of isobutene. The
paraffins of C1–C3 hydrocarbons produced significantly decreased
with increased sulfur loading. Considered the relationship
between catalytic performance and sulfur content as shown in
Figs. 15 and 16, it was possibly concluded that the most suitable
sulfur loading content seems to be at 0.1%, which gave the reaction
rate of 117 and 133.1mmol kg-cat�1 s�1 for SZ (ZrO2–N) and SZ
(ZrO2–Cl), respectively, and gave the selectivity of isobutene at
90.4 and 91.0%.

As mentioned, the acid sites and Zr3+ intensity affected the
catalytic performance, but the peak of acid sites or Zr3+ quantity
appeared at 0.25% of sulfur contents. It was observed that the ratio
of base sites per acid sites at 0.1% ismore than that of 0.25% for both
SZ (ZrO2–Cl) and SZ (ZrO2–N) catalysts. Therefore, it reasonably
postulated that it is necessary to have base sites even at low
quantity to assist the improvement of catalytic performance. In
addition, the base sites also related with the percentage of
monoclinic phase in the catalyst.

4. Conclusions

Sulfated zirconia obtained from different precursors with sulfur
loading in the range of 0.1–0.75% exhibited better catalytic activity
and selectivity of isobutene in hydrocarbons than the undoped-
zirconia. The sulfur loading, the amount of acid sites and relative

Table 4
Catalytic activities and product selectivities from isosynthesis.

Catalysts CO conversion (%) Reaction rate (mmolkg-cat�1 s�1) Product selectivity in hydrocarbonsa (mol%)

C1 C2 C3 i-C4H8

ZrO2–N 3.16 106.0 11.0 5.5 (95.6) 10.1 (96.8) 73.4

0.1%SZ (ZrO2–N) 3.49 117.0 1.1 0.5 (77.3) 8.0 (99.6) 90.4

0.25%SZ (ZrO2–N) 2.65 88.8 0.7 0.7 (85.7) 8.2 (99.5) 90.4

0.5%SZ (ZrO2–N) 2.72 91.1 0.3 0.4 (82.7) 8.1 (99.6) 91.1

0.75%SZ (ZrO2–N) 2.70 90.5 0.7 0.5 (78.5) 8.1 (99.5) 90.6

ZrO2–Cl 2.53 84.9 5.5 3.9 (75.3) 8.6 (95.9) 82.0

0.1%SZ (ZrO2–Cl) 3.97 133.1 0.4 0.5 (89.1) 8.1 (99.7) 91.0

0.25%SZ (ZrO2–Cl) 3.51 117.7 1.5 0.8 (85.1) 8.2 (99.5) 89.5

0.5%SZ (ZrO2–Cl) 3.63 121.7 0.8 0.6 (81.2) 8.2 (99.5) 90.3

0.75%SZ (ZrO2–Cl) 3.85 129.2 1.6 0.9 (75.7) 8.2 (99.2) 89.3

a Parentheses are the selectivity of olefin.

Fig. 15. Relationship between CO conversion and selectivity of isobutene with

sulfur content in SO4/ZrO2–Cl.

Fig. 16. Relationship between CO conversion and selectivity of isobutene with

sulfur content in SO4/ZrO2–N.
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intensity of Zr3+ in sulfated zirconia affected the catalytic
properties. In addition, the ratio of base sites per acid sites and
phase composition of zirconia also influenced the catalytic
performance. It was found that the 0.1%SZ (ZrO2–Cl) was the
suitable catalyst for isosynthesis at 400 8C, in which provides the
reaction rate of 117 mmol kg-cat�1 s�1 [for SZ (ZrO2–N)] and
133.1 mmol kg-cat�1 s�1 [for SZ (ZrO2–Cl)] and gave the selectivity
of isobutene at 90.4 and 91.0%, respectively.
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[27] D. Fărcaşiu, J.Q. Li, S. Cameron, Appl. Catal. A 154 (1997) 173.
[28] K. Arata, M. Hino, Mater. Chem. Phys. 26 (1990) 213.
[29] T. Yamaguchi, K. Tanabe, Y. Kung, Mater. Chem. Phys. 16 (1986) 67.
[30] M.S. Scurrell, Appl. Catal. 34 (1987) 109.
[31] R. Srinivasan, B.H. Davis, Prep. Am. Chem. Soc. Petrol. Chem. Div. 36 (1991)

635.
[32] Z.-Y. Ma, C. Yang, W. Wei, W.-H. Li, Y.-H. Sun, J. Mol. Catal. A: Chem. 227 (2005)

119.
[33] X. Li, K. Nagaoka, R. Olindo, J.A. Lercher, J. Catal. 238 (2006) 39.
[34] K. Arata, Adv. Catal. 37 (1990) 165.
[35] V. Bolis, G. Magnacca, G. Cerrato, C. Morterra, Langmuir 13 (1997) 888.
[36] C. Morterra, G. Cerrato, F. Pinna, M. Signoretto, J. Phys. Chem. 98 (1994) 12373.
[37] L.M. Kustov, V.B. Kazansky, F. Figueras, D. Tichit, J. Catal. 150 (1994) 143.
[38] V. Adeeva, J.W. de Haan, J. Janchen, G.D. Lei, V. Schunemann, L.J.M. van de Ven,

W.M.H. Sachtler, R.A. van Santen, J. Catal. 151 (1995) 364.
[39] M.J. Torralvo, M.A. Alario, J. Soria, J. Catal. 68 (1984) 473.
[40] C. Moterra, E. Giamello, L. Orio, M. Volante, J. Phys. Chem. 94 (1990) 3111.
[41] F.R. Chen, G. Coudurier, J.F. Joly, J.C. Vedrine, J. Catal. 143 (1993) 616.
[42] H. Liu, X. Zhang, Q. Xue, J. Phys. Chem. 99 (1995) 332.
[43] C.R. Vera, C.L. Pieck, K. Shimizu, C.A. Querini, J.M. Parera, J. Catal. 187 (1999) 39.
[44] Q. Zhao, X. Wang, T. Cai, Appl. Surf. Sci. 225 (2004) 7.
[45] M. Anpo, T. Nomura, Res. Chem. Intermed. 13 (1990) 195.

W. Khaodee et al. / Journal of Industrial and Engineering Chemistry 16 (2010) 411–418418

                                             163



������� 14 

                                             164



doi:10.4186/ej.2010.13.4.1 

PERFORMANCE ASSESSMENT OF

SOFC SYSTEMS INTEGRATED

WITH BIO-ETHANOL PRODUCTION

AND PURIFICATION PROCESSES
Issara Choedkiatsakul1, Kanokporn Sintawarayan1, Tanya Prawpipat1,
Apinan Soottitantawat1, Wisitsree Wiyaratn2, Worapon Kiatkittipong3,
Amornchai Arpornwichanop1, Navadol Laosiripojana4, Sumittra 
Charojrochkul5 and Suttichai Assabumrungrat1*

1 Department of Chemical Engineering, Faculty of Engineering, Chulalongkorn   
    University, Bangkok, Thailand 10330 
2   Department of Production Technology Education, Faculty of Industrial Education  
    and Technology, King Mongkut's University of Technology Thonburi, Bangkok,  
    Thailand 10140 
3   Department of Chemical Engineering, Faculty of Engineering and Industrial  
    Technology, Silpakorn University, Nakhon Pathom, Thailand 73000 
4   The Joint Graduate School of Energy and Environment, King Mongkut’s  
    University of Technology Thonburi, Bangkok, Thailand 10140 
5   National Metal and Materials Technology Center (MTEC), Pathumthani, Thailand 12120

Email: muay_iss@hotmail.com1, cheenae@hotmail.com1, nanana_nan@hotmail.com1, Apinan.S@chula.ac.th1,

sumittrc@mtec.or.th5 and Suttichai.a@chula.ac.th1*
wisitsree@gmail.com2, kworapon@su.ac.th3, amornchai.a@chula.ac.th1, navadol_l@gsee.kmutt.ac.th4

ABSTRACT

The overall electrical efficiencies of the integrated systems of solid oxide fuel 
cell (SOFC) with bio-ethanol production and purification processes at different 
levels of heat integration were investigated. The simulation studies were 
based on the condition with zero net energy (no external heat required). It was 
found that the most suitable operating condition of SOFC is at voltage 
between 0.7 and 0.85 V and temperature between 973 and 1173 K.  
Regarding the effect of percent ethanol recovery, the optimum percent ethanol 
recovery is observed at 95%. The SOFC integrated with bio-ethanol 
production and purification processes with reforming of biogas for producing 
extra hydrogen is found to be the most efficient system, offering the overall 
electrical efficiency of 36.17%. However, additional equipments such as 
biogas reformer and heat exchangers are required, resulting in increased 
investment cost. 

KEYWORDS

 solid oxide fuel cell, bioethanol, electrical efficiency, heat integration 
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I .  Introduction  
Nowadays, energy crisis is the crucial issue due to the increasing energy demand with the 
limiting of fossil fuels sources. Therefore, renewable energy has become an interesting topic 
for many researchers. Bio-ethanol is one of the attractive resources of renewable energy. It 
has extra advantages in term of production because it can be easily produced from biomass 
such as cassava, molasses and bagasse. Bio-ethanol can be further reformed to hydrogen 
which is a major fuel for solid oxide fuel cell (SOFC) to generate useful electricity and heat. 

In this study, performance assessment of SOFC systems integrated with bio-ethanol 
production and purification processes was investigated. Bio-ethanol produced from cassava 
was considered. The energy consumption required at different unit operations were reported 
elsewhere [1], [2]. Biogas, a byproduct from bio-ethanol production, was also considered in 
this work as an additional fuel for generating heat or extra hydrogen for the system [1], [3]. 
The purification process of bio-ethanol to a higher ethanol concentration before being 
reformed to hydrogen for use in SOFC was studied by simulation using Aspen PlusTM

program [4], [5]. The optimal conditions for the purification process are the conditions that 
provide the minimum required energy. For the SOFC system, Microsoft visual basic program 
was used to simulate and find the appropriate operating conditions [6], [7]. The work 
compares performance of various SOFC systems at different levels of heat integration in 
order to find a suitable system.

Il.  Modeling System 
2.1   Energy consumption in ethanol production process 

Bio-ethanol production process composes of milling, mixing, liquefaction, 
saccharification, fermentation, distillation, post-treatment and rectification [1]. The 
energy consumption per ton of ethanol produced for each unit of the process is shown 
in Table 1. 

Stage Electricity (kWh) Heat (kWh) 

Milling and mixing 30.24 -

Liquefaction and Saccharification 12.96 875.91

Fermentation 41.9 -

Distillation 24.24 2,802.92

Post-treatment 70.47 963.5

supplementary equipment 19.8 87.59

Biogas cogeneration (self supply) -204.73 
  Table 1 
  Energy consumption 
  in ethanol production 
  process (per ton of 
  95.6%w/w ethanol) [2] 

-822.49 

Net Energy use (kWh) -5.12 3,907.43

Overall energy use (kWh) 3,902.31 -

2.2 Distillation Modeling 

The schematic diagram of the purification process is shown in Fig.1. Low ethanol 
concentration was purified to a desired level of ethanol concentration by the distillation 
column. The Radfrac rigorous equilibrium stage distillation module in AspenTM plus
program was used to simulate the process. The distillate stream from the distillation 
column was heated to the reformer temperature (1023 K) by Heater 1. The bottom 
stream containing mostly water was partially removed and heated by Heater 2 in order 
to mix with the distillate stream to get the 25 mol% ethanol concentration before being 
fed to the reformer. 

2   ENGINEERING JOURNAL : VOLUME 13 ISSUE 4 ISSN 0125-8281 : ACCEPTANCE DATE, FEB. 2010   www.ej.eng.chula.ac.th 

                                             166



doi:10.4186/ej.2009.13.4.1 

Figure 1 
Schematic diagram 
of the purification 
process 

2.3 SOFC Modeling 

Fig. 2 shows the schematic diagram of SOFC system. The 25 mol% ethanol 
concentration was fed to the external reformer. The calculation was based on phase 
and chemical equilibrium. Excess air (500%) was preheated and fed to the cathode 
chamber of the SOFC stack. Generally, biogas which is a byproduct from the ethanol 
production process could be collected in order to produce steam and electricity or fed 
to the reformer to produce additional hydrogen gas for feeding to SOFC. Table 2 
shows the amount and compositions of biogas. 

Cathode

Anode

From 
Distillation 

System

Air

Heater

Heater

Reformer

Reformer

After Burner

Cooler
SOFC

Figure 2 
Schematic diagram 
of SOFC system  

Component Amount (mol) 

CH4 7,466

CO2 1,014

O2 197

N2 740

Table 2 
The amount and 
composition of 
biogas per ton of 
ethanol produced 
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In order to simplify the calculations, the reformer was assumed to operate isothermally 
and the outlet gas reached its equilibrium composition. The main reaction of biogas 
reforming is the steam reforming reaction (Eq. (1)) and the other reaction is water gas 
shift reaction (Eq. (2)) [5-6]. 

� ��� �4 2 2CH H O 3H CO               (1) 

� ��� �2 2CO H O CO H2

�

�

            (2) 

In SOFC stack, the electrochemical reaction takes place. Oxygen from air is reduced to 
oxygenions  (Eq. (3))  at  the  cathode side and passes through the electrolyte to react
with the hydrogen gas at the anode side (Eq. (4)). It was reported that H2 electro-
oxidation is much faster than CO electro-oxidation and the rate of water gas shift 
reaction is very fast at high temperatures. Therefore, it is assumed that only hydrogen 
ions react with oxygen ions. 

�� ��� 2
21/ 2O 2e O            (3) 

�� ��� �2
2 2H O H O 2e       (4) 

The open circuit voltage (E) can be calculated by using the Nernst equation below 

� �
� � 	 
	 


� �

2 2

2

1/ 2
H O

0
H O

P PRTE E ln
2F P

          (5) 

where E0 is the reversible potential (V), R is the gas constant (8.3145 J /mol.K), T is 
the SOFC temperature (K), F is the Faraday constant (9.6495104 C/mol) and Pi  is 
partial pressure of species i (Pa). 

The actual cell potential (V) is always less than the open circuit voltage (E) owing to 
the existence of the overpotentials as shown by Eq. (6).  

� �
 � 
 � 
act ohmic concV E           (6) 

The overpotentials are divided into three types: ohmic overpotential (
ohmic), activation 
overpotential (
act) and concentration overpotential (
conc) which can be explained as 
below [6]: 

2.3.1  Ohmic Overpotential 

The ohmic overpotential is the resistance of the electron to flow through the electrodes, 
interconnections and electrolyte. This overpotential is the major loss of the SOFC stack 
which can be calculated from Eq. (7). 

� � �
 � 	 

� �

11
ohmic

103002.99x10 iL exp
T

       (7) 

where i is the current density (A/cm2) and L is the thickness of the electrolyte (�m).

2.3.2 Activation Overpotential 

The activation overpotential occurs from the electrochemical reaction at the electrodes. 
Normally, the activation overpotential dominates at low current density but at high 
temperature, the reaction rate is very fast then this value is small. This overpotential 
can be expressed by the Butler-Volmer equation. 

� �� �� �� � 
� 
� �
� � �� �		 
 	� �



� �� �� �

actact
0

1 zFzF
i i exp exp

RT RT         (8) 
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where i0 is the exchange current density (A/cm2), � is the symmetrical factor and 
z is the number of electrons that involve in the reaction. In case of SOFC, the
value of � and z are 0.5 and 2 respectively. Consequently, the activation 
overpotential at anode and cathode side can be written as: 

     � � �

 � 	 


� �
1

act,j
0

RT isinh
F 2i

       j = a, c        (9) 

The exchange current density (i0) for the cathode and anode sides can be 
calculated from the following equations: 

� �� � � �
� � �	 
	 
 		 
	 
 � �� �� �

2 2H H O act,a
0,a a

ref ref

P P E
i ex

P P RT 
p        (10) 

� � � �
� � �	 
 	 
	 
 � �� �

2

0.25
O act,c

0,c c
ref

P E
i exp

P RT              (11) 

where �i is the pre-exponential factor for electrode exchange current density 
(A/cm2), Eact,i is the activation energy of electrode (J/mol), subscripts a and c 
represent anode and cathode, respectively. 

2.3.3  Concentration Overpotential 

The concentration overpotential is the loss due to the difference in concentration 
of gas between the bulk and the reaction site. It can be estimated by Eqs. (12) 
and (13) 

� �� �� �
� �� �� �

� ��
� �
 �
� ��� �

2

2

I
a a(eff ) H O

conc,a I
a a(eff ) H

1 RT / 2F l /D p iRT ln
2F 1 RT / 2F l /D p i

               (12) 

      
� � � �� � � �� �
� �
� �
 �
� �� �� � � � � � �� �� �� �

2

2 2 2 2

I
O

conc,c I
c O c O O O c c(eff ) c

pRT ln
4F p p p exp RT / 4F l /D p i

     (13) 

        

where la , lc are the thicknesses of anode and cathode (�m), pI
i is the inlet 

pressure of species i (Pa), Da(eff) and Dc(eff) are the effective diffusion coefficient of 
the anode and cathode (cm2/s) and pa, pc are the operating pressure of SOFC at 
the anode and cathode sides (Pa). �O2 , Da(eff) and Dc(eff) can be expressed by: 

�

� �
�
2

2

2 2 2

O ,k(eff )
O

O ,k(eff ) O N (eff )

D
D D

         (14) 

� � � �
� �	 
 	 
	 
 	 


� � � �
2 2

2 2

H O H
a(eff ) H (eff ) H O(eff )

a a

p p
D D

p p
D             (15) 

�

� ��
� �	 
	 


� �2 2

c(eff )
O ,k O N

1 1D
n D D

2

                    (16) 

�

� ��
� �		

� �2 2H (eff ) H ,k H H O

1 1
D n D D




2 2

1
          (17) 
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�

� ��
� �	 
	 


� �2 2H O(eff ) H O,k H H O

1 1
D n D D

2 2

1
               (18) 

where Di, k(eff) is the effective Knudsen diffusivity of gas i (cm2 /s), DA–B(eff) is the 
effective ordinary diffusivity of gas A versus gas B (cm2 /s), Di, k is the Knudsen 
diffusivity of gas i (cm2 /s), DA – B is the ordinary diffusivity of gas A versus gas B (cm2

/s) and � is the electrode tortuosity (�m).

Eq. (19) shows the relationship between effective parameter (D(eff)) and nominal 
parameter (D):

�
�(eff )
nD D            (19) 

 The correlation below is used to calculate the Knudsen diffusivity: 

�A,k
A

TD 9       (20) 700
M

 where MA is the molecular weight of gas A (g). 

 The Chapman-Enskog equation is used for calculating the ordinary diffusivity: 

� � � �� ��
�

� ��	 
�
	 
� �
� �

1/ 23 / 2
A B3

A B 2
AB D

T 1/M 1/M
D 1.8583x10

P
      (21) 

where �AB is collision diameter (A�) which is equal to (�A+�B)/2 and �D is the collision 
integral which can be calculated from the following equation. 

� � � � �D B
k kk

A C E G
exp(DT ) exp(FT ) exp(HT )T k

          (22) 

where Tk is equal to T/��AB, ��AB is the Lennard-Jones energy interaction parameter 
scaled with respect to the Boltzman constant and A, C, E and G are constants for each 
gas.

The overall parameters used in this model are summarized in Table 3. 

Parameters Value Parameters Value
 (Å)

2H� 2.82750L     ( �m)

 (Å)OH2
�1.0 x 105 2.641Eact,a (J/mol)

  (Å)
2N�1.2 x 105 3.798Eact,c (J/mol)

 (Å)
2O�1.344 x 1010�a    (A/m2) 3.467

�c    (A/m2) 2.051 x 109
2H� 59.7

la     (�m) 750 OH2
� 809.1

lc     (�m) 50
2N� 71.4

�     (�m) 5.4
2O� 106.7

n 0.48

Table 3 
Summary of model 
parameters [6]
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The effluents from the cathode and anode sides were fed to the afterburner. The 
complete combustion was assumed to occur in the afterburner; therefore the exit 
gas from the afterburner consists of nitrogen, oxygen, water and carbon dioxide. 
The exhaust gas temperature was reduced to 403 K and it was assumed to 
operate without heat loss. 

The overall electrical efficiency of the system can be computed by Eq. (23): 

�
� � � �

e,net

EtOH EtOH Biogas Biogas

W
%Overall Eff.

n LHV n LHV Required External Heat
   (23) 

where We,net is the net electrical power (MW), ni is the flow_rate of component i
(mol/s) and LHVi is the lower heating value of component i (kJ/kg). 

In this work we divided the case studies into four systems in order to compare 
performance of the system with different levels of heat integration. The details of 
each system are shown below: 

System 1: SOFC system fed by high concentration ethanol. High concentration 
ethanol (95.6 wt.%) was used as a feed for this system. It was diluted with water 
to 25 mol% ethanol solution and fed to the reformer, generating hydrogen for use 
in the SOFC system.

System 2: SOFC system fed by bio-ethanol pre-purified to 25mol% of ethanol 
concentration.

System 3: Integrated system of SOFC and bio-ethanol purification process. In 
this case, bio-ethanol was purified to an optimal concentration of ethanol and 
diluted to 25 mol% ethanol before being fed to the reformer and later to the 
SOFC system. Heat integration between the SOFC and the bio-ethanol 
purification process was allowed. For example, heat from the SOFC system was 
recovered to use for preheating the bio-ethanol feed and for the supplying energy 
to the reboiler of the distillation column. 

System 4: Integrated system of SOFC and bio-ethanol production and 
purification processes. Heat integration between the SOFC and bio-ethanol 
production and purification processes was allowed. As biogas is a byproduct in 
the bio-ethanol production process, two systems with different ways of biogas 
utilization were considered. 

4.1 Biogas for cogeneration: biogas generated during the bio-ethanol 
production was burnt to generate heat for use in the integrated 
system.  

4.2 Biogas for hydrogen production for SOFC: the system is similar to 4-1
but biogas was fed to the reforming process to produce extra 
hydrogen gas as a fuel for SOFC. 

III.    Results and discussion 
3.1       Effect of ethanol concentration on energy requirement in 
   distillation system 

The minimum energy consumption in the distillation system can be obtained by 
varying the parameters, i.e. purity of ethanol in the distillate, percent ethanol 
recovery, the number of the column stages and the feed stage. The appropriate 
operating conditions from the simulation are listed in Table 4 for different values 
of ethanol recovery.
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Ethanol Recovery 
Parameters

80% 85% 90% 95% 99%

Ethanol purity 40 35 35 35 35

3.2 Effects of SOFC operating voltage and fuel utilization on the SOFC 
performance

The system becomes more efficient when operated at the conditions at which the net 
useful heat (Qnet) is equal to zero because it achieves the maximum electricity for the 
overall system without requiring the external heat source. The value of Qnet is equal to 
zero means that the exothermic energy is exactly capable to supply to the required 
energy demanding units. However, the value of Qnet can also be positive or negative. A 
positive value of Qnet means that there is some heat left from the overall process and 
the negative value indicates that the external heat source is required to supply for the 
energy consuming units.

At a higher fuel utilization (Uf), the higher net useful electrical power (We,net) was 
obtained when operated at higher voltages because the lower heat loss was emitted 
from the SOFC stack. As a result of the higher We,net, the lower net useful heat (Qnet)
was obtained. The appropriate voltages at which Qnet equals to zero for Uf = 70, 80 and 
90% were 0.75, 0.65 and 0.575 V, respectively. The corresponding values of power 
density (P) were equaled to 3,000, 3,700 and 4,200 W/m2.

3.3 Appropriate operating conditions for SOFC system

From Fig 3a), We,net and overall efficiency increased with the increase of ethanol 
recovery up to 95%. Although at the higher ethanol recovery, the required energy for 
distillation system increased, the amount of ethanol provided to SOFC system 
increased. Consequently, the overall efficiency was higher when increasing the 
percent ethanol recovery to 95%. However, when percent ethanol recovery was 
between 95% and 99%, the performance started to decrease gradually and 
dramatically reduced at the percent ethanol recovery greater than 99% because the 
significantly higher energy required in the distillation system caused the SOFC system 
to operate at a lower fuel utilization in order to leave more un-reacted fuel to burn and 
compensate the higher heat demanded. This led to the reduction of the overall 
efficiency. The optimal percent ethanol recovery which obtained the maximum We,net
and overall efficiency was observed at 95% which was used to determine the 
appropriate operating voltage and temperature of SOFC as in Figs.3b) and 3c), 
respectively.  

Fig.3b) indicates that the SOFC stack area increased with increasing the operating 
voltage while Qstack decreased. The appropriate operating voltage should not be too 
low because it may cause the excessive heat generated in the stack which can directly 
damage the thermophysical property of the cell components. The most suitable 
operating voltage was in the range from 0.7 to 0.85 V. As the same reason as 
operating voltage, the operating temperature should not be too high. Therefore the 
suitable operating temperature for SOFC was in the range from 973 to 1173 K as 
shown in Fig. 3c). 

No. of stages 5 5 6 6 6

Feed stage 2 2 3 2 2

Net Heat Duty 

(MJ/ton EtOH) 
8,973 9,065 9,552 9,790 11,048 Table 4 

The appropriate   
operating conditions 
for distillation 
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Figure 3 
The effect of a) % 
ethanol recovery on 
the We,net and the 
overall efficiency  
b) and c) operating 
voltage and 
operating
temperature on 
SOFC stack area 
and Qstack
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3.4 Efficiency comparison among different systems. 

3.4.1  Efficiency comparison in case of equal SOFC power density
In this section, the performance of different SOFC systems is compared to determine a 
suitable system for operation. Table 5 shows the net electrical power, the required 
external heat source and the overall electrical efficiency of each system. It can be seen 
that for the systems No.1, 2 and 3, the external heat source was required since the 
ethanol production process and/or the distillation system were not integrated with the 
SOFC system and therefore the heat released from the SOFC system can not be 
provided to the other systems. Consequently, the values of overall electrical efficiency 
are low. In contrast, the system no. 4 was the combination of all three systems; 
therefore the external heat source was not required. The simulation results indicated 
that the system 4-2 offered the highest overall efficiency with no external heat required. 

%Overall 
Electrical
Efficiency

External Heat 
Required (MW) System We,net (MW) 

3.4.2  Efficiency comparison in case of equal SOFC stack area 
The simulation results are shown in Table 6.  It was found that the most attractive 
system is system no. 4. As the systems 4-1 and 4-2 had the competitive efficiency; 
hence, further study was necessary. 

3.5 Effects of SOFC operating conditions on SOFC performance: 
comparison between biogas cogeneration and biogas reforming for 
hydrogen production  

3.5.1  Comparison on net useful heat and overall electrical 
efficiency 

Table 7 shows the results for both systems. It can be seen that both systems offered 
comparable overall electrical efficiency and We,net. In fact, system 4-2 should give the 
higher efficiency and electricity than system 4-1 because the extra amount of 
hydrogen fuel was fed to SOFC system. However, the operation required the extra 

1 10,643 14,067 22.64

2 10,135 9,871 23.67

3 10,135 3,976 27.45

4.1 10,135 0 30.76

4.2 11,908 0 36.14 

Table 5 
Efficiency 
comparison in case 
of equal SOFC 
power density 
(Ethanol Recovery = 
95%, Operating 
voltage = 0.7 V, 
Temperature =1073 
K, P = 3,619 W/m2)

External Heat 
(MW) System We,net (MW) %Efficiency 

1 11,354 14,067 24.15

2 11,224 9,871 26.21

3 11,224 3,976 30.40

4.1 11,224 0 34.06 

4.2 11,046 0 33.52 

Table 6 
Efficiency 
comparison in case 
of equal SOFC stack 
area (Ethanol 
Recovery = 95%, 
Operating voltage =
0.7 V, Temperature 
=1073 K, P = 3,619 
W/m2)
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heat to increase biogas temperature and for biogas reforming; therefore SOFC has to 
operate at a lower value of fuel utilization in order to leave enough fuel for combustion 
to compensate the additional heat required. Consequently, the overall efficiency 
decreased. 

System We,net (MW) %Efficiency 

4-1 11,885 36.07 

4-2 11,917 36.17 

Table 7 
Net useful heat and 
overall efficiency of 
two systems (95% 
ethanol recovery) 

3.5.2  Comparison on power density and SOFC stack area
The effects of operating voltage and temperature on the power density and SOFC 
stack area are illustrated on Figs.4a-4b 
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From Fig.4a) when the operating voltage increased, the power density decreased 
and thus the required stack area increased. For the effect of operating 
temperature as shown in Fig.4b), increasing operating temperature can improve 
power density and thus reduce the stack area. In addition, it can be seen that the 
power density in the system No.4-2 was about 5% greater than the other system 
while the SOFC stack area for both systems was almost the same. It should be 
noted that even though the system No.4-2 had the advantages of higher net 
electrical power and power density but it requires more unit operations such as 
biogas reformer and heat exchangers, leading to higher cost of investment and 
complicated system. Therefore, further study is recommended to compare the 
two systems in term of economic analysis. 

IV.  Conclusion 
The SOFC system integrated with the bio-ethanol production and bio-ethanol purification 
was studied. The effects of operating parameters at Qnet equal to zero on the SOFC 
performance were presented. The results showed that the system can be operated in an 
energy self-sufficient mode by adjusting the operating parameters. It was found that the most 
suitable operating voltage was between 0.7 and 0.85 V and the operating temperature was 
in the range from 973 to 1173 K. Moreover the maximum overall efficiency and net electrical 
power were obtained when the percent ethanol recovery was equal to 95%. The results also 
indicated that the integrated system of SOFC and bio-ethanol production and purification 
processes with heat integration was possible and offered high overall electrical efficiency. 
The biogas for hydrogen production to SOFC had the slightly higher efficiency than the 
biogas for cogeneration but more unit operations and equipment are required which leads to 
higher cost of investment and complicated system. Consequently, the further study is 
recommended that the economic evaluation should be done to compare among both 
systems 

12   ENGINEERING JOURNAL : VOLUME 13 ISSUE 4 ISSN 0125-8281 : ACCEPTANCE DATE, FEB. 2010   www.ej.eng.chula.ac.th 

                                             176



doi:10.4186/ej.2009.13.4.1 

V. Acknowledgement 
This work is supported by the Thailand Research Fund and Commission on Higher 
Education and MTEC. 

www.ej.eng.chula.ac.th              ENGINEERING JOURNAL : VOLUME 13 ISSUE 4 ISSN 0125-8281 : ACCEPTANCE DATE, SEP. 2010 13

                                             177



doi:10.4186/ej.2009.13.I4.pp 

REFERENCES
[1] S. Yu and J. Tao, “Energy efficiency assessment by life cycle simulation of cassava-based fuel ethanol for automotive use in

Chinese Guangxi context,” Energy, vol. 34, no. 1, pp. 22–31, 2009.  
[2] R. Leng, C. Wang, C. Zhang and D. Dai, “Life cycle inventory and energy analysis  of cassava-based Fuel ethanol in China,” 

Journal of Cleaner Production,  vol. 16, no. 3, pp. 374-384, 2008. 
[3] N. Chaisadtra, W. Nasomja and U. Hainghai, “A use of biogas produced from cassava’s plant use water,” (ME2004-58) Senior 

Project,  Department of Mechanical Engineering, Faculty of Engineering, Khon Kaen University, Khon Kaen, 2005. 
[4] W. Jamsak, et al., “Thermodynamic assessment of solid oxide fuel cell system integrated with bioethanol purification unit,” Journal 

of Power Sources, vol. 174, no. 1, pp. 191-198, 2007. 
[5] W. Jamsak, et al., “Design of a thermally integrated bioethanol-fuelled solid oxide fuel cell system integrated with a distillated

column,” Journal of Power Sources, vol. 187, no. 1, pp. 190-203, 2009. 
[6] P. Piroonlerkgul, S. Assabumrungrat, N. Laosiripojana and A. A. Adesina, “Selection of appropriate fuel processor for biogas-fuelled

SOFC system,” Chemical Engineering Journal,  vol. 140, no. 1-3, pp. 341-351, 2008. 
[7] P. Piroonlerkgul, N. Laosiripojana, A. A. Adesina and S. Assabumrungrat, “Performance of biogas-fed solid oxide fuel cell systems 

integrated with membrane module for CO2 removal,” Chemical Engineering and Processing: Process Intensification, vol. 48, no. 2, 
pp. 672-682, 2009. 

14   ENGINEERING JOURNAL : VOLUME 13 ISSUE 4 ISSN 0125-8281 : ACCEPTANCE DATE, FEB. 2010                    www.ej.eng.chula.ac.th

                                            178



������� 15 

                                             179



Chemical Engineering and Processing 49 (2010) 1006–1016

Contents lists available at ScienceDirect

Chemical Engineering and Processing:
Process Intensification

journa l homepage: www.e lsev ier .com/ locate /cep

Technical and economic study of integrated system of solid oxide fuel cell,

palladium membrane reactor, and CO2 sorption enhancement unit

P. Piroonlerkgula, W. Kiatkittipongb, A. Arpornwichanopa, A. Soottitantawata, W. Wiyaratnc,
N. Laosiripojanad, A.A. Adesinae, S. Assabumrungrata,∗

a Department of Chemical Engineering, Faculty of Engineering, Chulalongkorn University, Bangkok 10330, Thailand
b Department of Chemical Engineering, Faculty of Engineering and Industrial Technology, Silpakorn University, Nakhon Pathom 73000, Thailand
c Department of Production Technology Education, Faculty of Industrial Education and Technology, King Mongkut’s University of Technology Thonburi, Bangkok 10140, Thailand
d The Joint Graduate School of Energy and Environment, King Mongkut’s University of Technology Thonburi, Bangkok 10140, Thailand
e Reactor Engineering & Technology Group, School of Chemical Sciences & Engineering, University of New South Wales, Sydney, NSW 2052, Australia

a r t i c l e i n f o

Article history:

Received 15 June 2009

Received in revised form 10 January 2010

Accepted 12 July 2010

Available online 18 July 2010

Keywords:

Biogas

CO2 capture

Solid oxide fuel cell

Palladium membrane

a b s t r a c t

This paper deals with the integrated system of solid oxide fuel cell (SOFC), palladium membrane reac-

tor (PMR), and CO2 sorption enhancement (SE) unit. Three configurations of the SOFC systems fed by

biogas are considered, i.e., PMR–SOFC, SE–PMR–SOFC, and SE–PMR–SOFC with a retentate gas recycling

(SER–PMR–SOFC). The SOFC system equipped with a conventional reformer (CON–SOFC) is considered

as a base case. The simulation results show that the capture of CO2 in biogas before being fed to PMR

(SE–PMR–SOFC) can improve H2 recovery. The performance of SE–PMR–SOFC can be further enhanced

by recycling retentate gas from PMR to CO2 sorption enhancement unit (SER–PMR–SOFC). Compared

to CON–SOFC, both SE–PMR–SOFC and SER–PMR–SOFC give higher power density and thus require

smaller stack size (the stack size reduction of 1.55% and 8.27% are observed for SE–PMR–SOFC and

SER–PMR–SOFC, respectively). The economic analysis is performed to identify the potential benefits

of each SOFC configuration. The results indicate that SE–PMR–SOFC and SER–PMR–SOFC are not cost-

effective systems compared with CON–SOFC; however, the capture of CO2 in these SOFC systems offers

an environmental benefit. High %total CO2 capture and low cost of CO2 capture are achieved under these

SOFC systems.

© 2010 Elsevier B.V. All rights reserved.

1. Introduction

Solid oxide fuel cell (SOFC) is regarded as a promising elec-

tricity generation technology due to its high performance and

environmental friendliness. Due to its high operating tempera-

ture (1073–1273 K), various types of fuel, e.g., methane, methanol,

ethanol, natural gas, and oil derivatives, can be directly used with-

out primary treatment [1,2]. Biogas is an attractive fuel for SOFC

since it can be renewably used via photosynthesis process of

plant and contains only trace amount of non-methane hydrocar-

bons. It composes of approximately 40–65 mol% of methane and

30–40 mol% of CO2. Biogas can be directly fed to SOFC anode (inter-

nal reforming); however, the presence of CH4 in biogas decreases

the SOFC performance due to the carbon deposition and partial

blocking of anode pore [3]. Large temperature gradient in SOFC

stack caused by fast reforming reaction of methane is also a main

problem of the internal reforming operation [4]. To overcome such

∗ Corresponding author. Tel.: +662 218 6868; fax: +662 218 6877.

E-mail address: Suttichai.A@chula.ac.th (S. Assabumrungrat).

difficulties, a fuel processor is required to convert methane in bio-

gas into syngas prior to feeding into SOFC anode. Steam reforming

is found to be the promising fuel processor for biogas-fuelled SOFC

system [5]. However, the syngas obtained from the steam reforming

reaction contains large amounts of CO and CO2. Due to an increase

in activation and concentration polarizations, SOFC performance

decreases as the amount of CO in anode feed gas (syngas) increases

[3,6]. In addition, the presence of CO2 in syngas dwindles the SOFC

performance because of the effect of the reverse water–gas shift

reaction (RWGS) [7]. Suwanwarangkul et al. [7] also found that

the use of pure-H2 as fuel instead of reformed gas can improve

the SOFC performance. For these reasons, the transformation of

biogas to produce pure-H2 is found to be suitable for the SOFC

system.

Combining a H2-selective membrane with steam reformers is

one of the interesting technologies in pure-H2 generation. Palla-

dium membrane is an attractive membrane since it can achieve

infinite selectivity for hydrogen over other gas species [8]. A num-

ber of researchers have focused on the integration of palladium

membrane and reformers to produce pure-H2 [9–11]. Under this

operation, methane conversions higher than 80% can be achieved at

0255-2701/$ – see front matter © 2010 Elsevier B.V. All rights reserved.
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Nomenclature

Asingle cell active area of SOFC single cell (m2)
Acell total active area of SOFC (m2)
Ccell capital cost of SOFC single cell ($)

Ccompressor capital cost of compressor ($)

Cp heat capacity (J/ mol−1 K−1)

Cstack capital cost of SOFC stack ($)

d diameter of inner tube of membrane reactor (mm)

dp CaO sorbent particle size (�m)

D carbonator bed diameter (m)

Dp catalyst pore diameter (�m)

emax maximum thickness of the layer of CaCO3 on the

pore wall (50 nm)

E theoretical open-circuit voltage of the cell (V)

E0 theoretical open-circuit voltage of the cell at stan-

dard pressure (V)

Ecarb CO2 capture efficiency (–)

Ep activation energy for hydrogen permeation

(J mol−1)

f0 inlet molar fraction of CO2 (–)

fa volumetric fraction of CaO that reacts in the carbon-

ator (–)

fe molar fraction of CO2 at equilibrium of carbonation

reaction (–)

ff gas friction factor [24] (–)

fP solid friction factor [24] (–)

F Faraday constant (9.6495×104 C mol−1)

F0 Fresh CaO supplying rate (mol s−1)

FR CaO-circulating rate (mol s−1)

FCO2
CO2 flow rate in gas mixture (mol s−1)

g gravity acceleration (m s−2)

HP power consumption in compressor (HP)

kS kinetic constant of carbonation reaction

(mol m4 s−1)

la thickness of anode (�m)

lc thickness of cathode (�m)

L thickness of electrolyte (�m)

Lb carbonator bed height (m)

ṁ molar flow rate (mol s−1)

MCaO molecular weight of CaO (g mol−1)

n electrode porosity (–)

N number of carbonation–calcination cycle (–)

Nk permeation flux of component k (mol m−2 s−1)

Ncell number of SOFC single cell (–)

Nstack number of SOFC stack (–)

P pressure (Pa)

�P pressure drop (Pa)

pk partial pressure of component k (Pa)

pH2,P partial pressure of hydrogen in permeate side of

membrane reactor (Pa)

pH2,R partial pressure of hydrogen in retentate side of

membrane reactor (Pa)

Q0 pre-exponential factor for hydrogen permeation

(mol m−1 Pa−0.5 s−1)

QNET difference between heat demand and heat gener-

ated in SOFC system (kW)

rN mass fraction of solid that have circulated N times

(–)

R gas constant (8.3145 J mol−1 K−1)

Save maximum average reaction surface (m−1)

T temperature (K)

uf gas velocity (m s−1)

up particle velocity (m s−1)

Uf fuel utilization (–)

vt gas terminal velocity (m s−1)

V cell voltage (V)

VM,CaCO3
molar volume of CaCO3 (m3 mol−1)

Ẇcomp electricity consumed in the compressor (kW)

WS CaO inventory in carbonator (kg)

Xave average maximum carbonation conversion (–)

XN carbonation conversion after N cycle of

carbonation–calcination (–)

Greek symbols

ε bed void fraction (dimensionless)

� electrode tortuosity (dimensionless)

ı membrane thickness (�m)

� hydrogen recovery (dimensionless)

�act activation loss (V)

�conc concentration loss (V)

�com compressor or pump efficiency (dimensionless)

�ohm ohmic loss (V)

�c catalyst density (kg m−3)

�f gas density (kg m−3)

�CaO CaO density (kg m−3)

�M,g molar density of gas (mol m−3)

� gas viscosity (kg m−1 s−2)

Subscripts

f fluid

k component

p particle

in input

out output

823 K compared with 1123 K in case of the conventional fixed-bed

reactor [12].

The performance of a methanol-fuelled SOFC equipped with

a palladium membrane reactor was investigated in our previous

study [13]. The results showed that, under the same net elec-

tricity efficiency, the SOFC integrated with the membrane reactor

needs smaller SOFC stack size compared to that with the conven-

tional reformer. However, this operation is not cost-effective since

extra cost on palladium membrane and high-pressure compres-

sor is required. A further study was performed on methane-fed

SOFC systems considering three operation modes of palladium

membrane reactors, i.e., high pressure compressor, combined low

pressure compressor and vacuum pump, and combined high pres-

sure compressor and vacuum pump [14]. The SOFC system with a

conventional reformer was considered as a base case for technical

and economic analyses. The results revealed that the performance

of SOFC is dependent on hydrogen recovery and operation mode.

Moreover, the results demonstrate that the replacement of the con-

ventional reformer with the membrane reactor becomes attractive

and the combined high pressure compressor and vacuum pump is

the best operation mode for integrating the membrane reactor with

the SOFC stack. However, thermal management was not taken into

account within the integrated systems.

Thermal management of methane-fuelled and biogas-fuelled

SOFC systems operating in three different modes of membrane

reactor was also recently investigated [15]. The system perfor-

mance at an energy self-sustainable condition was evaluated. The

investigation reported that the high pressure compressor mode is

the best operation mode. It was also demonstrated that the replace-

ment of the conventional reformer by the membrane reactor can

improve system performance for both the methane-fuelled and

biogas-fuelled SOFC systems. However, economic analysis revealed
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that the integrated membrane reactor and SOFC system fuelled by

either methane or biogas is not viable due to its high operating

pressure at the retentate section of the membrane reactor, resulting

in a high investment cost of high-pressure compressors. Further-

more, it became evident that the biogas-fuelled SOFC operating

with a membrane reactor may be economically feasible when CO2

in biogas is removed before feeding into membrane reactor. Among

CO2 capture technologies, a CaO–CO2 acceptor (CaO carbonation)

is one of attractive options. The use of CaO–CO2 acceptor does not

only minimize water–gas shift (WGS) reaction in membrane reac-

tor [16–18] but also reduces the amount of CO2 released to the

environment. However, make-up CaO is required for the CaO–CO2

acceptor due to the sintering effect of CaO sorbent after several

cycles of carbonation–calcination [19,20]. This causes an increase

in the operating cost. Vivanpatarakij et al. [21] studied the use of a

CaO–CO2 acceptor in a methane-fuelled SOFC system. It was found

that the removal of CO2 from syngas prior to feeding into SOFC

stack can improve the SOFC performance. Nevertheless, this system

configuration is not suitable from an environmental standpoint of

view since CO2 generated in SOFC stack via WGS reaction cannot

be captured and must be released to the environment.

In this study, the performances of biogas-fuelled SOFC sys-

tems with different configurations are investigated. Four systems

are considered, i.e., SOFC with conventional reformer (CON–SOFC),

SOFC with palladium membrane reactor (PMR–SOFC, SOFC with

palladium membrane reactor and CO2 sorption enhancement (SE)

unit by using a CaO–CO2 acceptor (SE–PMR–SOFC), and SOFC with

palladium membrane reactor and CaO–CO2 acceptor with recy-

cling a retentate gas from the membrane reactor (SER–PMR–SOFC).

Technical and economic analyses are carried out to find out an

appropriate configuration for the biogas-fuelled SOFC system.

2. Modeling of integrated SOFC systems

2.1. Palladium membrane reactor (PMR)

A palladium membrane reactor (PMR) is divided into two sec-

tions: permeate side (low pressure operation) and retentate side

(high pressure operation). Steam which has proven to be the most

suitable reforming agent for the SOFC system [5] is fed simultane-

ously with fuel gas (biogas) to the PMR. H2 generated permeates

through the palladium membrane to the permeate section and the

rate of permeation depends on the difference of H2 partial pressure

between permeate and retentate sections. According to Xu and Fro-

ment’s work [22], the main chemical reactions taking place in the

reactor consist of methane steam reforming (Eq. (1)), water–gas

shift reaction (Eq. (2)) and reverse carbon dioxide methanation (Eq.

(3)).

CH4+H2O → 3H2+CO (1)

CO + H2O → H2+CO2 (2)

CH4+2H2O → CO2+4H2 (3)

The feed molar ratio of H2O to CH4 is always set to 2.5 to

inhibit the carbon formation [23]. The kinetic rate expressions used

in the calculation are derived from the experimental results on

Ni/MgAl2O4 catalyst of Xu and Froment [22]. The hydrogen per-

meation flux is inversely proportional to the membrane thickness

and also varies with the operating temperature. It can be calculated

by the correlation given in Eq. (4).

NH2
= Q0

ı
exp

(−EP
RT

)
(p0.5

H2,R
− p0.5

H2,P
) (4)

The value of the pre-exponential factor (Q0) and the activa-

tion energy (EP) are 6.33×10−7 mol/(m Pa1/2 s) and 15,700 J/mol,

Table 1
Summary of model parameters.

Parameters Value

SOFC stack [37]

n 0.48

� 5.4

Dp 3 �m

la 750 �m

lc 50 �m

L 50 �m

T 1073 K

P 1 bar

Palladium membrane reactor

T 823 K

P 1 bar

�c 2355 kg/m3

ε 0.5

d 10 mm

Reactor tube length 0.15 m

Number of reactor tube 1000

Conventional reformer

T 973 K

P 1 bar

CaO–CO2 acceptor (carbonator) [20,38]

T 973 K

MCaO 56 g/mol

dp 0.3 mm

�CaO 3313.6 kg/m3

VM,CaCO3
36.9 cm3/mol

emax 50 nm

kS 4×10−10 m4/(mol s)

ε 0.6

respectively [10]. The membrane thickness (ı) is set to be 4.5 �m

[10].

To simplify the calculations, pressure drop in the PMR is

assumed to be zero. The governing ordinary differential equations

are solved using finite difference method. More details and corre-

lations used in the calculation for PMR are given in our previous

work [15]. H2 recovery (�) defined in Eq. (5) is employed as a PMR

performance indicator. The parameters used in the calculations are

given in Table 1. Thermodynamic equilibrium is assumed for the

fuel processor in CON–SOFC. It should be noted that the chemical

equilibrium model used for the conventional reformer represents

the best hydrogen production achieved by CON–SOFC. Therefore,

the potential benefits of applying the palladium membrane and the

CaO acceptor in the SOFC system are analyzed compared to the best

hydrogen production from the CON–SOFC.

H2 recovery (�) = H2 production rate

Theoretical H2 production rate
(5)

2.2. CaO–CO2 acceptor system

In this study, a CaO–CO2 acceptor system is considered as the

CO2 capture technology. As described in Fig. 1, CO2-rich gas is fed

simultaneously with circulating CaO at the bottom of the carbona-

tor in which CaO solid is fluidized and reacts with CO2 in gas phase

(Eq. (6)). Gas–solid mixture is discharged at the top of the bed and

separated in the cyclone. Lean-CO2 gas exits the CaO–CO2 acceptor

system and the reacted CaO is heated and then fed into the calciner

bed. The calcination reaction which is the reverse of the carbonation

reaction (Eq. (6)) takes place in the calcination bed to regenerate

CaO. Make-up CaO is also fed to the system in order to keep the

efficiency of CO2 capture reasonably high. The mixture of CO2 and

regenerated CaO are released from the calciner and then fed into

cyclone in which CaO solid is removed from gas stream.

CaO + CO2→ CaCO3 (6)
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Fig. 1. The scheme showing the basic working of the CaO–CO2 acceptor.

The efficiency of CO2 capture is determined as the system per-

formance indicator and defined as:

Ecarb =
CO2 reacting with CaO in the bed

CO2 entering the bed in the CO2-rich gas
(7)

It depends on the CaO-circulating flow (FR), CaO-make up flow

(F0) and CaO inventory (WS) in the carbonation bed [20]. In this

study, FR/FCO2
and WS are kept constant at 10 (the utilization ratio

of CaO in the carbonation bed is 0.1) and 50 kg, respectively. The

calculation focuses on the estimation of F0 to achieve the deter-

mined capture efficiency. In the calculation, a plug flow model of

gas through perfectly mixed CaO bed is assumed. The average max-

imum carbonation conversion (Xave) is initially determined from

Eqs. (8)–(10).

XN =
1

1/(1− Xr)+ Nk
+ Xr (8)

rN =
F0F

N−1
R

(F0 + FR)N
(9)

Xave =
∞∑
N=1

rNXN (10)

The values of k and Xr are 0.52 and 0.075, respectively [19]. The

capture efficiency can then be calculated using Eqs. (11)–(13) [20].

Ecarb =
FR

FCO2

Xave
fa

ln(1/(1− fa))
(11)

FCO2
·MCaO

WS · kS · Save · �M,g · fa

[
−f0

f0fe − f0
Ecarb +

f0 (f0 − 1)

(f0fe − f0)
2

ln

(
(f0 − fe)+ (f0fe − f0)Ecarb

(f0 − fe)

)]
= 1 (12)

Save =
VM,CaCO3

Xave

MCaOemax
�CaO (13)

Mole fraction of CO2 at equilibrium condition (fe) is calculated

using Eq. (14) [17]. For Eqs. (11) and (12), two unknown variables,

i.e., fa and Ecarb, can be estimated. The CO2-rich gas velocity is

always controlled to be higher than the terminal settling veloc-

ity of CaO particle (vt). CaO particle terminal settling velocity and

pressure drop along the carbonation fluidized bed can be calculated

employing Eq. (15) and (16), respectively [24].

fe = 4.137× 107e−20,474/T

P
(14)

vt =
0.153× g0.71 × d1.14

p × (�CaO − �f)
0.71

�0.29
f

×�0.43
(15)

	P

Lb
= �CaO (1− ε) g + �fεg +

2ff�fεu
2
f

D
+ 2fP�CaO (1− ε)u2

P

D
(16)

2.3. SOFC stack model and calculation procedure

In SOFC, the reaction between fuel (H2 and CO) and oxidizing

agent (air or O2) called “Electrochemical reaction” takes place to

generate electrical energy. Oxygen is reduced in the cathode section

to oxygen ions (Eq. (17)) permeates through the solid electrolyte

to the anode section. In this section, oxygen ions react with the

hydrogen fuel (Eq. (18)) and steam is produced. Ni-YSZ, YSZ and

LSM-YSZ are chosen as the materials in the anode, electrolyte and

cathode of the SOFC cell, respectively.

1

2
O2 + 2e− → O2− (17)

H2 + 2O2− → H2O+ 2e− (18)

The open circuit voltage (E) of the cell depends on temperatures

and gas composition. It can be calculated from the Nernst equation,

namely;

E = E0 + RT

2F
ln

(
pH2

p1/2
O2

pH2O

)
(19)

The actual cell potential (V) is less than the open circuit voltage

(E) due to the existence of overpotentials as shown in Eq. (20). The

overpotentials can be categorized into three main sources: ohmic

overpotential (�ohm), activation overpotential (�act) and concen-

tration overpotential (�conc). More details of the equations used in

describing these overpotentials are given in our recent study [25].

V = E − �act − �ohm − �conc (20)

Assumptions made to simplify the calculation for the assess-

ment of the SOFC stack include, (i) a constant operating voltage

along the cell length is assumed as the current collector usually has

high electrical conductivity, (ii) CO electro-oxidation is neglected as

it was reported that its reaction rate is greatly lower compared with

that of H2 electro-oxidation [26], (iii) the equilibrium conversion of

CO via WGS reaction is assumed in the anode section since the rate

of WGS reaction is fast at high temperatures [27–29], (iv) the anode

compositions always reach their equilibrium along the cell length

due to the fast kinetics at high temperature. Large amounts of air

(five times of theoretical air required to combust the methane fuel

(biogas)) are fed into the SOFC cathode as the oxidant so as to mini-

mize the temperature gradient in stack. The calculation takes place

for each small fuel utilization region employing the mathemati-

cal model given in our recent work [5]. In each region, the open

circuit voltage, overpotentials, equilibrium composition of anode

fuel, stack area and current density are calculated. The stack areas

calculated in each region are added up to yield the total stack area.

Finally, the current calculated from the fuel utilized in the stack is

divided by the total stack area to obtain the average current den-

sity and hence, the average power density may be determined. Fuel

utilization (Uf) is computed by Eq. (21).

Uf =
total H2 consumed in SOFC stack

H2 molar flow rate+ CO molar flow rate
(21)
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Fig. 2. The plant configuration of the CON–SOFC.

2.4. Afterburner and heat exchanger

The SOFC anode outlet gas and cathode outlet gas are mixed

for post combustion. Total combustion is presumed in the after-

burner hence, methane, carbon monoxide and hydrogen contents

in the flue gas are taken as zero with the heat exchanger operating

adiabatically.

2.5. Vacuum pump and compressor

For the calculation of vacuum pump and compressor, their out-

let gas temperature and power consumption can be estimated

employing Eqs. (22) and (23), respectively while the compressor

efficiency is taken as 75% [30].

Tout = Tin

(
1+ 1

�com

((
Pout

Pin

)(
−1)/


− 1

))
(22)

Ẇcomp = −ṁ
∫ Tout

Tin

CpdT (23)


 = Cp
Cp − R . (24)

2.6. SOFC system configurations

The use of a CaO–CO2 acceptor in the SOFC system coupled to

the PMR (SE–PMR–SOFC and SER–PMR–SOFC) is investigated in

this study. To evaluate the feasibility of these configurations, the

performance of the SOFC working with the conventional fuel pro-

cessor (CON–SOFC) and the PMR (PMR–SOFC) is computed as base

cases. The plant configuration for the CON–SOFC is illustrated in

Fig. 2. Several units are included in the system that consists of a

pre-reformer, an SOFC stack, an afterburner, a mixer, a vaporizer,

and preheaters. Initially, the mixture of preheated steam and biogas

is fed into the fuel processor so as to produce syngas via three chem-

ical reactions (Eqs. (1)–(3)). Chemical equilibrium is assumed in the

calculation of the conventional fuel processor. Syngas produced in

the fuel processor is fed into the SOFC stack where the electrical

energy is generated. To simplify the computation, the isothermal

operation is assumed for the SOFC stack. The heat generated from

the irreversibility in SOFC stack is utilized in air and syngas pre-

heating. To achieve a desired temperature of the SOFC stack, an

oxidizing agent (air) temperature is tuned up based on the energy

balance in the SOFC stack. The residue fuel gas released from the

SOFC stack is burned up in the afterburner in order to supply heat

to the other parts of system. Temperature of flue gas released from

the system is set to be 473 K. We remark that all the SOFC systems

considered operate under “thermally self-sustaining” – condition

for which external heat supplementation is not required. To achieve

such a condition, a fuel utilization of SOFC stack is tuned up until

the heat consumption and generation within the SOFC system are

equivalent (QNET = 0).

Considering PMR–SOFC, SE–PMR–SOFC and SER–PMR–SOFC

(Fig. 3), the conventional fuel processor is replaced by different

fuel processing systems. Prior to feeding to the fuel processing

system, biogas and steam is firstly compressed to achieve the oper-

ating pressure of retentate section. Pure H2 obtained from each fuel

processing system is preheated and fed to SOFC in which the elec-

trochemical reaction takes place, while high-pressure retentate gas

is fed into the afterburner.

For the fuel processing system in PMR–SOFC (Fig. 4a), the mix-

ture of compressed biogas and steam is fed directly to the retentate

section of PMR. Pure-H2 and retentate gas is obtained at the perme-

ate section and retentate section of PMR, respectively. Considering

the fuel processing system in SE–PMR–SOFC (Fig. 4b), compressed

biogas and steam are initially fed to the CaO–CO2 acceptor in which

CO2 in biogas is removed. The CO2-removed gas is subsequently

cooled down and fed to PMR. In case of SER–PMR–SOFC (Fig. 4c),

some retentate gas is recycled, mixed with biogas and steam, and

subsequently fed to the CaO–CO2 acceptor. It is noted that CO2 is

captured in the CaO–CO2 acceptor until reaching the equilibrium

value.

3. Results and discussion

Computer programs for solving all mathematical models

describing the integrated SOFC systems proposed in this study are

written in Visual Basic and the values of all parameters used in
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Fig. 3. The plant configuration of the PMR–SOFC, SE–PMR–SOFC and SER–PMR–SOFC.

the calculations are summarized in Table 1. As described in our

previous works, the SOFC model employed in the calculation can

well predict the experimental results of Zhao and Virkar [31] for

the mixture of hydrogen (97%) and water (3%) [5] and shows good

agreement with the simulation results of Petruzzi et al. [32] for

SOFC feed gas with a low concentration of hydrogen [25]. The

kinetic model and H2 permeation model were verified in our recent

work [15] and the results indicate that these models can well envis-

age the experimental results reported in the literature [11,33]. It

should be noted that the kinetic data [22] was derived using rela-

tively low pressures (3–15 bar); however, it was assumed that the

models can be used for predicting the reaction rates throughout the

range of pressures considered in this study (10–30 bar).

The effect of the extent of CO2 captured and the retentate pres-

sure on H2 recovery of PMR in the case of SE–PMR–SOFC system is

firstly investigated as illustrated in Fig. 5a. The improvement of H2

recovery is obvious when the CO2 content in PMR feed decreases

due to the shift of the equilibrium of WGS reaction. An increase in

retentate pressure can also improve H2 recovery. It should be noted

that the retentate pressure in the range of 10–30 bar is investigated

in this study. Our previous study [15] showed that the operation of

PMR–SOFC at excessively high retentate pressure (>40 bar) is not

economically feasible; nevertheless, with low retentate pressure,

H2 recovery may not be adequately high. With the retentate pres-

sure of 30 bar, PMR without CO2 removal offers H2 recovery of 0.896

which is significantly lower than that obtained from PMR with CO2

removal rate at equilibrium value which is equal to 0.952. Even

if the removal of CO2 can improve the H2 recovery of PMR, large

amount of fresh CaO sorbent is required to achieve high extent of

CO2 removal. As described in Fig. 5b, a fresh CaO supplying rate of

0.021 mol/s is required to achieve CO2 removal rate at the equilib-

rium value.

With SE–PMR–SOFC configuration, CO2 removal rate is limited

at 0.667 mol/s (the amount of CO2 presented in biogas at the feed

rate of 1.667 mol/s) and large amounts of CO2 and CO generated

in PMR cannot be captured. Moreover, methane conversion and H2

recovery in PMR is inhibited by the presence of CO2 and CO in reten-

tate gas. To solve these problems, SER–PMR–SOFC configuration is

proposed. With this configuration, some retentate gas is recycled

and mixed with biogas prior to feeding to the CaO–CO2 acceptor

where CO2 is captured until reaching equilibrium.

The influence of the recycle ratio and retentate pressure on H2

recovery and CO2 removal rate of SER–PMR–SOFC is illustrated in

Fig. 6a. An increase in the recycle ratio can significantly improve

both H2 recovery and CO2 removal rate, especially at low retentate

pressure. At the retentate pressure of 10 bar and the recycle ratio of

0.9, the H2 recovery of 0.967 and the CO2 removal rate of 1.55 mol/s

can be achieved. These values are extremely higher compared with

the case that the recycle ratio is zero (H2 recovery = 0.761, CO2

removal rate = 0.664 mol/s). Furthermore, H2 recovery can reach

0.994 as the retentate pressure and recycle ratio are 30 bar and 0.9,

respectively. At high recycle ratio, an increase in retentate pressure

does not significantly improve H2 recovery, therefore, the operation

at high retentate pressure (>17.5 bar) may not be superior due to

the waste of high-pressure compressor load. Although the increase

in recycle ratio can improve both H2 recovery and CO2 removal

rate, the supplying rate of fresh CaO for SER–PMR–SOFC raises as

well. As shown in Fig. 6b, for the operation at the recycle ratio of

0.9, fresh CaO supplying rate is three times higher than the opera-

tion without recycle of the retentate gas. Moreover, the increase in

recycle ratio may cause high velocity of retentate gas and also the

generation of pressure drop in PMR which is not considered in this

study.

The effect of fuel utilization and CO2 removal rate on the

power density under energetically self-sustaining condition for

SE–PMR–SOFC system is illustrated in Fig. 7. With high CO2 removal

rate, high fuel utilization is required for SE–PMR–SOFC to attain

thermally self-sustaining operation. In this mode of operation, the

increase in CO2 removal rate improves the SOFC power density

due to the increase in H2 recovery. However, the improvement of

power density with CO2 removal rate becomes less pronounced

high CO2 removal rates. Fig. 8 shows the energy self-sufficient

operation of SE–PMR–SOFC with equilibrium CO2 removal rate at

each operating voltage and retentate pressure. At each retentate

pressure, an optimum operating voltage is found. Higher fuel uti-

lization is required as the operating voltage decreases to achieve

energy self-sustainable operation. The decrease in operating volt-

age can improve the power density, however, at excessive low

operating voltage that fuel utilization close to 1 is required to

achieve energy self-sustainable operation, the reduction in power

density is found as the operating voltage decreases due to low

value of H2 concentration particularly near the exit of SOFC stack.

The power density is improved as the retentate pressure increases

owing to the improvement in H2 recovery. With good operating

condition is selected, SE–PMR–SOFC can offer higher power den-

sity compared with PMR–SOFC and CON–SOFC. The operation of

SE–PMR–SOFC with equilibrium CO2 capture at operating voltage

and retentate pressure of 0.626 V and 30 bar, respectively, offers
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Fig. 4. Fuel processing system of (a) PMR–SOFC, (b) SE–PMR–SOFC and (c) SER–PMR–SOFC.

a power density of 0.431 W/cm2, whereas the power densities

of PMR–SOFC (retentate pressure = 51.24 bar) and CON–SOFC are

0.421 and 0.398 W/cm2, respectively.

Considering SER–PMR–SOFC configuration, the effect of its recy-

cle ratio and fuel utilization on the power density and thermally

self-sustainable operation is illustrated in Fig. 9. High fuel utiliza-

tion is required to achieve the energy self-sustainable operation for

SER–PMR–SOFC operating at high recycle ratios. In this situation,

the increase in recycle rate can improve the power density. These

operating characteristics are similar to those of SE–PMR–SOFC since

the operation at high recycle ratio offers high CO2 removal rate. The

study on the effect of permeate pressure and operating pressure on

the power density for SER–PMR–SOFC operated at a recycle ratio

of 0.5 is depicted in Fig. 10a. Similar to SE–PMR–SOFC, the increase

in the retentate pressure can improve the power density due to

the increase in H2 recovery. Also, the optimum operating voltage is
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Fig. 5. The effect of the extent of CO2 removal and retentate pressure on (a) H2

recovery and (b) fresh CaO feed rate in case of SE–PMR–SOFC system.

Fig. 6. The effect of the recycle ratio and retentate pressure on (a) H2 recovery, CO2

removal rate and (b) fresh CaO feed rate, CO2 removal rate in case of SER–PMR–SOFC

system.

Fig. 7. The effect of fuel utilization and CO2 removal rate on the power density and

energy self-sufficient point for SE–PMR–SOFC system (PR = 25 bar).

Fig. 8. The power density of SE–PMR–SOFC system with equilibrium CO2 removal

rate operating at energy self-sufficient point at each operating voltage and retentate

pressure.

found. As shown in Fig. 10a, with the recycle ratio of 0.5, the opti-

mum operating voltage is around 0.61–0.62 V and the maximum

power density SER–PMR–SOFC is about 0.45 W/cm2. As illustrated

in Fig. 10b, operating voltage of PMR–SOFC at the recycle ratio of

0.5 is higher than 0.6 V which is the condition that the fuel utiliza-

tion is close to 1. The results in Fig. 10a and b also indicate that

the intermediate fuel utilization (around 0.94–0.96) is preferred

for the operation of SOFC system. For the operation at the recycle

ratio of 0.9, the optimum operating voltage is observed at around

0.6–0.61 V. Moreover, the optimum retentate pressure is also found

at around 15 bar as illustrated in Fig. 11a. Even if the increase in the

retentate pressure can improve H2 recovery and also SOFC power

Fig. 9. The effect of fuel utilization and recycle ratio on the power density and energy

self-sufficient point for SER–PMR–SOFC system (PR = 17.5 bar).

                                             187



1014 P. Piroonlerkgul et al. / Chemical Engineering and Processing 49 (2010) 1006–1016

Fig. 10. The effect of permeate pressure and operating pressure on (a) the power

density and (b) fuel utilization for SER–PMR–SOFC system operating at energy self-

sufficient point and recycle ratio of 0.5.

density, the reduction in power density caused by the increase in

electricity consumed by high-pressure compressor may attenuate

this benefit especially at high recycle ratio where H2 recovery is

not improved significantly with increase in the retentate pressure

as described in Fig. 6a. Similar to the case of operation at the recycle

ratio of 0.5, the intermediate fuel utilization (around 0.94–0.96) is

also preferred for SER–PMR–SOFC system with the recycle ratio of

0.9 as shown in Fig. 11b. When SER–PMR–SOFC system is operated

at the recycle ratio of 0.9, the power density of 0.462 W/cm2 can be

achieved, which is higher than that of PMR–SOFC (0.421 W/cm2)

and CON–SOFC (0.398 W/cm2).

Fig. 12 demonstrates the maximum power density, SOFC stack

size, and the fresh CaO supplying rate at each recycle ratio of

SER–PMR–SOFC. The stack size of SER–PMR–SOFC is always smaller

than those of PMR–SOFC and CON–SOFC for all the values of recycle

ratio. The increase in recycle ratio can improve the power density;

however, the amount of fresh CaO used in the CaO–CO2 acceptor

also increases. It can be concluded that both the SE–PMR–SOFC and

SER–PMR–SOFC systems can significantly improve the power den-

sity and also reduce the size of SOFC stack. However, in order to

determine the potential benefits of PMR–SOFC, SE–PMR–SOFC and

SER–PMR–SOFC systems, an economic analysis of the proposed sys-

tems compared to CON–SOFC as a base case should be performed,

considering the use of large amount of fresh CaO sorbent. The influ-

ence of the recycle ratio on the potential benefit of SER–PMR–SOFC

is also examined. In this analysis, the biogas feed rate was kept at

1.667 mol/s for all cases and therefore fuel feed cost is neglected.

Furthermore, since the SOFC systems considered are operating as

thermally self-sustainable units, additional heat or electricity from

the outside of the system is not necessary. Therefore, only the cap-

ital costs of SOFC stack, PMR, and high-pressure compressor (HPC)

Fig. 11. The effect of permeate pressure and operating pressure on a) the power

density and b) fuel utilization for SER–PMR–SOFC system operating at energy self-

sufficient point and recycle ratio of 0.9.

coupled with the operating cost of fresh CaO sorbent are consid-

ered. Net cost saving is determined as an economical index and can

be calculated as:

Net cost saving = Saving in capital cost of SOFC stack

−Additional capital cost of PMR and HPC

−Additional operating cost of fresh CaO sorbent

(25)

For the calculation of the operating cost of fresh CaO sorbent,

project life time and the interest rate are assumed to be 5 years and

0%, respectively. The cost of fresh CaO sorbent is computed from

Fig. 12. The maximum power density SER–PMR–SOFC can achieve, SOFC stack size

and the fresh CaO supplying rate at each recycle ratio in case that QNET = 0.

                                             188



P. Piroonlerkgul et al. / Chemical Engineering and Processing 49 (2010) 1006–1016 1015

Table 2
Costing models of SOFC [34], palladium membrane [35], compressor [29] and CaO

sorbent [21], and the price of carbon credit [36].

Costing model

Cell cost ($) Ccell = Asingle cell ×0.1442a

Number of cells Ncell = Acell/Asingle cell

Number of stacks Nstack = Ncell/100

Fuel cell stacks cost ($) Cstack = 2.7× (Ccell ×Ncell + 2×Nstack

×Asingle cell ×0.46425)

Palladium membrane cost ($/kg) 6700

Compressor ($) Ccompressor = 1.49×HP0.71 ×103

Project life time (year) 5

CaO sorbent ($/ton) 60

a A single cell area is fixed at 200 cm2.

the total cost of fresh CaO used in the life time. All parameters used

in capital cost estimation and economic study are summarized in

Table 2. The additional benefit obtained from CO2 capture is also

considered in this study. Two indicators; i.e. %total CO2 captured

and cost of CO2 capture and are defined as;

%total CO2 capture = Rate of CO2 capture (ton/a)

Total CO2 in flue gas in case of CON− SOFC (ton/a)
× 100

(26)

Cost of CO2 capture ($/ton) = − Net cost saving ($)

Rate of CO2 capture (ton/a) × Plant life time (year)

(27)

%Total CO2 capture represents the CO2 capture efficiency of

SER–PMR–SOFC configuration, whereas cost of CO2 capture stands

for the additional cost (relative to CON–SOFC) used in CO2 capture

per unit of CO2 capture.

As illustrated in Fig. 13, PMR–SOFC configuration is not an

attractive SOFC system due to high retentate pressure and also

high electricity consumption in HPC. The use of SE–PMR–SOFC

configuration in SOFC system (equilibrium CO2 capture) is more

economically beneficial compared with PMR–SOFC since it can

yield high H2 recovery with low retentate pressure. However, the

negative net cost saving of the former indicates that its potential

benefit is not equivalent to that of CON–SOFC. For SER–PMR–SOFC,

maximum net cost saving is observed at the recycle ratio of 0.8.

The operation at the recycle ratio of 0.9 is not favored even if high

Fig. 13. Saving in SOFC stack cost, additional cost, net cost saving, benefit of carbon

credit and total benefit of PMR–SOFC, SE–PMR–SOFC with equilibrium CO2 capture

and SER–PMR–SOFC operating at different recycle ratio.

power density is achieved since its CaO cost is higher compared to

low recycle ratio as illustrated in Fig. 12. Although the net cost sav-

ing of SER–PMR–SOFC is superior to SE–PMR–SOFC, it is a negative

value which indicates that both SE–PMR–SOFC and SER–PMR–SOFC

are not good configurations for SOFC system. The additional study

on the benefit of CO2 capture takes place as shown in Fig. 14. The

operation at high recycle ratio is preferred if high total CO2 capture

efficiency is required. Moreover, cost of CO2 capture is reduced as

the recycle ratio increases. Considering SER–PMR–SOFC operating

at the recycle ratio of 0.9, its cost of CO2 capture is $20.4/ton CO2

capture at %total CO2 capture of 93. With the identical %total CO2

capture, this cost of CO2 capture is far lower than the $228/ton

CO2 capture reported in the literature [21] which studied the cost

of CO2 capture from the flue gas of methane fuelled CON–SOFC

system. It should be noted that according to the analysis in this lit-

erature [21], methane feed rate is kept at 1 mol/s and CaO acceptor

is equipped in the system to capture CO2 in flue gas. Hence, with

the same production scale and technology, the result from this lit-

erature [21] is suitable to be used as benchmark in this study. The

results of the technical and economical study for all SOFC configura-

tions are summarized in Table 3. On the basis of a similar biogas feed

rate of 1.667 mol/s with net electricity production of 416.79 kW, the

improvement in power densities relative to CON–SOFC are 8.21%

Table 3
The technical and economical comparison of each configuration of SOFC system.

CON–SOFC PMR–SOFC SE–PMR–SOFC SER–PMR–SOFC

(equilibrium CO2 capture) Recycle ratio = 0.5 Recycle ratio = 0.8

Feed rate (mol/s) 1.667 1.667 1.667 1.667 1.667

Retentate pressure (bar) – 51.24 30 30 20

H2 recovery (–) – 0.95 0.959 0.981 0.986

The amount of CO2 capture (ton/a) – – 903.38 1575.13 1987.26

Fresh CaO feed rate (ton/a) – – 36.5 64.7 89.4

Power density (W/cm2) 0.3984 0.4213 0.4311 0.4503 0.4586

%Improvement in power density – 5.75 8.21 13.03 15.11

Electricity produced in SOFC (kW) 416.79 449.30 444.04 444.11 440.12

Net electricity produced (kW) 416.79 416.79 416.79 416.79 416.79

Electricity consumed in compressor (kW) – 32.46 27.25 27.32 23.33

SOFC active area (m2) 104.62 106.66 103 98.62 95.97

%Improvement in SOFC area – −1.95 1.55 5.74 8.27

Palladium membrane area (m2) – 4.71 4.71 4.71 4.71

Capital cost of SOFC ($) 433,559.29 442,000.46 426,842.12 408,698.58 397,703.18

Capital cost of Pd membrane ($) – 1,716.37 1,716.37 1,716.37 1,716.37

Capital cost of compressor ($) – 21,712.84 19,112.23 19,698.13 17,959.49

Cost of fresh CaO sorbent in life time ($) – – 10,957.36 19,413.52 26,811.97

Saving cost on SOFC ($) – −8,441.17 6,717.18 24,860.72 35,856.11

Net cost saving ($) – −31,870.37 −25,068.78 −15,967.30 −10,631.73

%Total CO2 capture (%) – – 39.79 69.38 87.53

Cost of CO2 capture ($/ton CO2 capture) – – 137.27 49.35 23.79
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Fig. 14. %Total CO2 capture and cost of CO2 capture of SE–PMR–SOFC with equilib-

rium CO2 capture and SER–PMR–SOFC operating at different recycle ratio.

and 15.11% for SE–PMR–SOFC and SER–PMR–SOFC with recycle

ratio of 0.8, respectively. Also, the decreases in SOFC stack size of

SE–PMR–SOFC and SER–PMR–SOFC with recycle ratio of 0.8 com-

pared with CON–SOFC are about 1.55% and 8.27%, respectively.

Even if SE–PMR–SOFC and SER–PMR–SOFC can offer higher perfor-

mance compared with CON–SOFC, the operation of SOFC with these

configurations is not economically feasible since the net cost sav-

ings are negative (−$25,068.78 for SE–PMR–SOFC and−$10,631.73

for SER–PMR–SOFC). However, these two configurations have the

additional benefit of CO2 capture. Their CO2 capture costs are very

low ($137.27 for SE–PMR–SOFC and $23.79 for SER–PMR–SOFC)

especially for SER–PMR–SOFC configuration with high recycle ratio.

It should be noted that the analyses in this study did not con-

sider the effect of scale economy and therefore when considering

this effect, the obtained results may deviate at different ranges of

throughputs and thus power outputs.

4. Conclusions

The concept of the integration of an SOFC, a palladium mem-

brane reactor (PMR), and a CaO–CO2 acceptor is proposed in this

study. With this concept, the CaO–CO2 acceptor is employed to

capture CO2 in biogas prior to feeding to PMR where pure-H2 is

generated. Three configurations of SOFC system; i.e., PMR–SOFC,

SE–PMR–SOFC, and SER–PMR–SOFC are considered. CON–SOFC is

determined as a base case in the analysis. The concept of ener-

getically self-sustaining operation (QNET = 0) is also employed to

evaluate the real performance of SOFC systems. Technical analy-

sis revealed that an operation at low value of retentate pressure

(<30 bar) is sufficient to achieve high H2 recovery (>0.95) as

CaO–CO2 acceptor is included in SOFC system. An increase in CO2

removal rate of SE–PMR–SOFC can improve the power density of

SOFC; however, the supply of fresh CaO sorbent is required. The

recycle of retentate gas in case of SER–PMR–SOFC can improve

CO2 capture rate, H2 recovery and also SOFC power density.

Compared with CON–SOFC, the stack size of SE–PMR–SOFC and

SER–PMR–SOFC with the recycle ratio of 0.8 is reduced by 1.55% and

8.27%, respectively. However, this benefit is not found in PMR–SOFC

configuration. The economic study is performed to evaluate the

potential benefit of each configuration of SOFC system. It is found

that PMR–SOFC, SE–PMR–SOFC, and SER–PMR–SOFC are not attrac-

tive configurations due to their negative net cost saving relative to

CON–SOFC. Nevertheless, SE–PMR–SOFC and SER–PMR–SOFC can

offer high %total CO2 capture and low cost of CO2 capture. For

SER–PMR–SOFC with the recycle ratio of 0.8, its cost of CO2 cap-

ture is $23.79/ton CO2 capture which is significantly lower than the

estimate of $228/ton CO2 capture reported in the literature which

studied the cost of CO2 removal from the flue gas of CON–SOFC

system fed by methane.
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a b s t r a c t

Thermodynamic analysis of hydrogen production from glycerol under thermal neutral

conditions is studied in this work. Heat requirement from the process can be achieved

from the exothermic reaction of glycerol with oxygen in air fed to the system. Two modes

of operation for air feeding are considered including (i) Single-feed mode in which air is fed

in combination with water and glycerol to the reformer, and (ii) Split-feed mode in which air

and part of glycerol is fed to a combustor in order to generate heat. The thermal neutral

conditions are considered for two levels including Reformer and System levels. It was found

that the H2 yield from both modes is not significantly different at the Reformer level. In

contrast, the difference becomes more pronounced at the System level. Single-feed and Split-

feed modes offer high H2 yield in low (600e900 K) and high (900e1200 K) temperature

ranges, respectively. The maximum H2 yields are 5.67 (water to glycerol ratio, WGR ¼ 12,

oxygen to glycerol ratio, OGR ¼ 0.37, T ¼ 900 K, Split-feed mode), and 3.28 (WGR ¼ 3,

OGR ¼ 1.40, T ¼ 900 K, Single-feedmode), for the Reformer and System levels, respectively. The

difference between H2 yields in both levels mainly arises from the huge heat demand for

preheating feeds in the System level, and therefore, a higher amount of air is needed to

achieve the thermal neutral condition. Split-feed mode is a favorable choice in term of H2

purity because the gas product is not diluted with N2 from the air. The use of pure O2 and

afterburner products (ABP) stream were also considered at the System level. The maximum

H2 yield becomes 3.75 (WGR ¼ 5.21, OGR ¼ 1.28, T ¼ 900 K, Split-feed mode) at thermal

neutral condition when utilizing heat from the ABP stream. Finally comparisons between

the different modes and levels are addressed in terms of yield of by-products, and carbon

formation.
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1. Introduction

Energy is absolutely essential for the prosperity of mankind.

At present, the energy sources are mainly based on fossil

fuels, such as petroleum, natural gas, and coal. Due to the

limited availability and environmental problems with fossil

fuels, in the near future, renewable and sustainable energy are

poised to replace the present energy sources.

Biodiesel is a promising renewable fuel as it is produced

from agricultural products. Biodiesel is nontoxic and envi-

ronmentally friendly because of its low carbon monoxide,

sulfur, particulate matter levels and absence of petroleum

residuals. However, the use of biodiesel is currently rather

limited due to high price barrier when compared with

conventional diesel petroleum products. The cost of biodiesel

can decrease drastically if its by-products can be utilized as

feedstock to produce value-added products, such as

hydrogen. One of the main by-products is glycerol (C3H8O3),

representing approximately 10% of biodiesel yields [1,2]. It

could be used for the production of value-added chemical

products such as propylene glycol (C3H8O2) [2e5], glyceric

acid (C3H6O4) [2,6], lactic acid (C3H6O3) [2,6,7], tartronic acid

(C3H4O5) [2,6], acrolein (C3H4O) [2,7], ethylene glycol (C2H6O2)

[2,5], glycolic acid (C2H4O3) [6], oxalic acid (C2H2O4) [2,7], and

formaldehyde (CH2O) [2]. Nevertheless, the economic anal-

ysis of the process needs to take into account the purification

of glycerol from biodiesel production because the impurities

in the mixture can easily deactivate catalysts or produce

other undesired products.

Hydrogen production is another promising choice to

manage the large excess of glycerol because the impurities

content in glycerol always include methanol and water, both

being reactants in the reforming process [8,9]. Hydrogen, the

main fuel in most fuel cell applications, can always be

produced via steam reforming reaction (SR) [10e14]. SR is,

actually, the most commonly used process, providing high

yields of H2 production (theoretically 7 mol of H2 per mole of

glycerol reacted). However, it requires a large amount of

external heat source, especially at high water to glycerol ratio

(WGR). Currently, some alternative processes such as auto-

thermal reforming (ATR) process are considered to decrease

the demand for external heat source [15,16]. ATR combines

steam reforming and partial oxidation reactions to operate at

the thermal neutral point, that is with a net reactor heat duty

of zero (Q ¼ 0).

Most of the research works in hydrogen production from

glycerol feedstock can be classified into two major areas

which include catalysts development and thermodynamic

analysis. A number of catalysts have been developed and

tested to enhance the hydrogen production and also to

suppress undesired by-products in the reforming process, for

examples, Ni/Al2O3 [9,10,17,18], Ni/MgO [11,19,20] Ni/CeO2

[10,20], Ni/TiO2 [10,20], Pd/Ni/Cu/K [21,22], Ni/CeO2/Al2O3

[18,20,23], La1�xCexNiO3 [12], Ru/Y2O3 [11], Ir, Co/CeO2 [10], Rh,

Pt, Pd, Ir, Ru, Ce/Al2O3 [18] for steam reforming (SR), Raney-

NiSn [24], Pt/Al2O3 [24e26], Ni/Al2O3 [26,27] for aqueous phase

reforming (APR), RhCeWc/Al2O3 [16], Pd/Ni/Cu/K [21,22] for

autothermal reforming (ATR), and Ru/Al2O3 [28] for super-

critical water reforming (SWR).

All reported thermodynamic analysis has always focused

on the effect of operating conditions, i.e. temperature, pres-

sure, feed flow rate of water to glycerol ratio (WGR), and

oxygen to glycerol ratio (OGR) to find suitable conditions for

maximum H2 production or to optimize energies in the

reforming process without carbon formation. Equations of

state such as SRK (Soave-Redlich-Kwong equation) [1,15,29]

and PR (Peng-Robinson equation) [30] have been employed to

estimate the amount of products. The thermodynamic anal-

ysis always considered only the primary products from the C,

H, O system, including H2, CO, CO2 and CH4 in gas phase and C

in solid phase. Adhikari et al. [31] and Wang et al. [1] reported

that the number of moles of H2 increased with increasing

temperature until 960 K and 925 K, respectively, with WGR of

9e12 for glycerol steam reforming. The lower temperatures

result in a decrease in H2 accompanied by an increase in CH4

[8]. The number of moles of H2 also increased with increasing

WGR [1,15,19,31] but its effect seems to be small at WGR

greater than 9 [32]. Rossi et al. [33] reported that insufficient

WGR caused carbon formation because of CH4 decomposition

and that undesired products can also be produced by catalyst

deactivation. The work of Rossi et al. [33] agrees with the

results obtained by Adhikari et al. [31] at similar conditions.

However, excess WGR must be of concern as it has a negative

effect on the energy consumption [34]. Increasing pressure

leads to a decrease in the moles of H2 but increase the

formation of CH4 [1,31,33]. It is clear that CH4 competes

against H2 in the steam reforming process. Moreover, CO and

CO2 are considered to be the main impurities to dilute H2.

Increasing the temperature increases CO via reforming and

reverse water gas shift reactions but themaximumnumber of

moles of CO2 occurs at temperature around 850 K [31,32].

Luo et al. [35] investigated the effect of OGR in low temper-

ature autothermal reforming and they reported a value of OGR

that slightly decreases when increasing the temperature, e.g.

OGR of 0.44 and 0.42 for temperature of 290 and 500 K, respec-

tively. They concluded that methanation caused dramatic

reduction in the H2 mole fraction. Wang et al. [15] concluded

thatOGRaround0e0.4must be fedwithWGR¼ 1e12 inorder to

reach thermal neutral conditions, but the H2 yield was

decreased from 6.1 (steam reforming) to 5.62 at WGR ¼ 12,

OGR ¼ 0.36, and T ¼ 900 K. When air is co-fed to a reformer, H2

production during the reforming process is reduced by the

partial oxidation of glycerol. However, Swami and Abraham

[21] reported that themoles of H2 from ATRwere alwaysmore

than from SR when using of Pd/Ni/Cu/K catalyst.

Regarding theautothermal reformingprocess, allworkshave

always focused only on the “Reformer level” [15,16,36] at which

thermal neutral (Q ¼ 0) occurs around the reformer, but the

whole process still needs a significant amount of energy (heat

sources), especially for preheating feeds. Wang et al. [15] repor-

ted that the maximum moles of H2 in ATR of glycerol is always

attainedatWGR¼ 12 forWGR in the rangeof 1e12. It is clear that

thermal neutral condition occurs around the reformer, but

a large amount of energy is still required for generating steam to

reachWGR¼ 12. So, itmight be worth operating at a lowerWGR

from an overall energy saving point of view. However, there has

been no work that considers the H2 production at the thermal

neutral condition for the “System level”whereheat requirements

in both feeds preheating and reforming are taken into account.
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Therefore, the scope of this work focuses on glycerol reforming

at both levels of consideration (i.e. Reformer and System levels) at

thermal neutral conditions. H2 concentration in the gas product

is another important issue in H2 production. SR and ATR

processes offer different H2 concentrations [15,21]. Therefore,

the mode of supplying heat energy for the endothermic steam

reforming becomes important. It is possible to supply oxygen or

air directly into the steam reforming feed asATR operation or to

carry out combustion of fuel with oxygen or air in a separate

chamber adjacent to the reformer to provide sufficient heat for

operating the system at thermal neutral conditions. Hence, this

work also investigates the effect of operationmodes including i)

Single-feed mode and ii) Split-feedmode for comparison between

SR and ATR processes under thermal neutral conditions. The

Single-feed mode represents an ATR, in which all reactants,

consisting of glycerol, water, and air, are fed into the reactor

while theSplit-feedmodeinvolvesseparatedoperationofasteam

reformerfedbyglycerolandwaterandacombustor fedbypartof

glycerol and air. It should be noted that both modes at thermal

neutral conditions do not require any additional fuel other than

glycerol. In order to compare performances between the two

modes, the amounts of glycerol feed must be equal so that the

comparison is on the same basis.

In this work, the effects of water to glycerol ratio (WGR),

oxygen to glycerol ratio (OGR), and operating temperature (T ) on

the reaction performances are investigated over these two

operation modes with two levels of consideration including

Reformer and System levels. Suitable operating conditions for the

H2 production from glycerol of differentmodes and levels under

thermal neutral conditions are determined and the obtained

results onH2 yield and concentrations ofH2 andby-products are

compared.

2. Theory

The reactions taking place in H2 production from glycerol can

be summarized as follows:

Glycerol Steam Reforming (SR):

C3H8O3þ3H2O43CO2þ7H2 ; DH298K¼þ127:67 kJmol�1 (1)

Partial Oxidations (POX):

C3H8O3 þ 0:5O242COþCO2 þ 4H2; DH298 K ¼ �31:79 kJ mol�1

(2)

C3H8O3þO24COþ2CO2þ4H2 ; DH298K¼�314:76 kJmol�1 (3)

C3H8O3þ1:5O243CO2þ4H2; DH298K¼�579:73 kJmol�1 (4)

Oxidation or Combustion (OX):

C3H8O3þ3:5O243CO2þ4H2O; DH298K¼�1564:93 kJmol�1 (5)

Water Gas Shift (WGS):

Thermodynamic analysis in this work was done following

a non-stoichiometric approach. Possible species in the equilib-

rium products include glycerol (C3H8O3), water (H2O), hydrogen

(H2), carbon monoxide (CO), carbon dioxide (CO2), methane

(CH4), carbon (C(s)), oxygen (O2) and nitrogen (N2). Eq. (7) is

provided for consideration of solid carbon-gas system [1,15].

XN�1

i¼1

ni

0
@DG0

fi
þ RTln

bfiyiP
P0

þ
X
j

ljaij

1
Aþ nCGCðsÞ ðT; PÞ ¼ 0 (7)

Aspen Plus program was employed for calculating equilib-

rium compositions and the corresponding overall heat of

reactions while minimizing the Gibbs free energy. The Soa-

veeRedlicheKwong equation was selected as the method for

estimating thermodynamic properties of the reaction systems

[1,15,29].

Fig. 1 shows two levels of energy balance consideration

includingReformer (dash linearoundreformer) andSystem levels

(outside dash line) for Single-feedmode. At theReformer level, the

energy balance equation around the reformer unit can be

expressed by Eq. (8) while Eq. (9) shows the energy balance

equationat theSystem level. It shouldbenoted thatat theSystem

level, apart from the energy involved in the reformer, the heat

demands for feeds preheating are also taken into account, and

therefore, in order to achieve a thermal neutral operation, it

inevitably requires higher extent of exothermic reactions in

order to supply enough energy to the system.

QReformer level ðnetÞ ¼
XN
i¼1

ni; outHi; out �
XN
i¼1

ni; inHi; in (8)

QSystem level ðnetÞ ¼ Qheater ðnetÞ þ Qevaporator þ Qreformer

¼
XN
i¼1

ni; outHi; out �
XN
i¼1

ni; 0Hi; 0 (9)

Fig. 2 shows two levels of energy balance consideration

including Reformer level (dash line around reformer) and

System level (outside dash line) for the Split-feed mode of H2

production from glycerol. Instead of co-feeding air with the

reactants as in the Single-feedmode, air and part of the glycerol

are fed to a combustor which generates heat for the units in

the Split-feedmode. Glycerol is split into two fractions; first one

(x) is for H2 production inside reformer and the other one

(1 � x) is for generating heat under combustion reaction in the

combustor. At the Reformer level, the heat duty involves only

that of the reformer; however, at the System level, it involves

the duties of the reformer, heater, and evaporator units. Eqs.

(10)e(12) and Eq. (13) show the energy balance equations for

the Reformer and System levels, respectively. It should be noted

that comparison between the two operation modes is based

on the same amount of glycerol fed to the system.

Qreformer ¼
 XN

i¼1

ni; outHi; out�
XN
i¼1

ni; inHi; in

!
reformer

: nC3H8O3 ; in

¼ xmol (10)

Qcombustor ¼
 XN

i¼1

ni;outHi;out�
XN
i¼1

ni; inHi; in

!
combustor

: nC3H8O3 ; in

¼1�xmol (11)COþH2O4CO2 þH2; DH298 K ¼ �41:17 kJ mol�1 (6)
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QReformer level ðnetÞ ¼ Qreformer þ Qcombustor (12)

QSystem level ðnetÞ ¼ QheaterðnetÞ þ Qevaporator þ Qreformer þ Qcombustor

¼
XN
i¼1

ni; outHi; out �
XN
i¼1

ni; 0Hi; 0 ð13Þ

The total net heat energy can be positive (endothermic),

negative (exothermic) and zero (thermal neutral). Qcombustor ðnetÞ
is always negative because of the exothermic combustion

reactions, while Qheater and Qevaporator are always positive. The

thermal neutral condition can be found by setting Eqs. (8)e(9)

and Eqs. (12)e(13) equal to zero for the Single-feed and Split-feed

modes, respectively.

The reaction performances are expressed in terms of yield

of product i (Eq. (14)), and mole fraction of product i (dry basis)

(Eq. (15)). In all simulations the glycerol feed rate and operating

pressurearekeptat 1mol s�1 and1.01325�105Pa, respectively.

Product i yield ð � Þ ¼ ni; out

nglycerol; 0
(14)

Product i mol fraction
�
dry basis

� ¼ ni; outPN
i¼1

ni; out � nH2O

(15)

3. Results and discussion

In this study, simulations were carried out at temperatures

ranging from 600 to 1200 K. Based on the thermodynamic

equilibrium, all of the glycerol was totally consumed in the

reactions. This is also reported by other researchers [1,15,31].

Fig. 1 e Schematic diagram of energy balances in Single-feedmode for Reformer and System levels (for isothermal condition in

Reformer level, Tin, Tr, and Tout are equal).

Fig. 2 e Schematic diagram of energy balances in Split-feed mode for Reformer and System levels (for isothermal condition in

Reformer level, Tin, Tr, and Tout are equal).
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3.1. Effect of operating conditions on the energy
requirement

The effect of operating conditions, including temperature (T ),

water to glycerol ratios (WGR), and oxygen to glycerol ratios

(OGR), on the net heat energy requirement (Qnet) was first

investigated at constant atmospheric pressure (P) in order to

determine ranges of variables that are possible for thermal

neutral conditions. Energies from the two operation modes

(Single-feed and Split-feed ) at two levels (Reformer and System)

were determined in order to determine the effect of all vari-

ables. Then, the operating conditions to achieve thermal

neutral conditions were considered.

At the Reformer level, the net heat energy only involves

heats of reactions. Steam reforming reaction (Eq. (1)) is an

endothermic reaction but it can possibly be at thermal neutral

conditions by adding oxygen to the reformer [13,16,36]. For the

Single-feed mode, Fig. 3 shows that at OGR ¼ 0e0.36 the

reformer can be operated at thermal neutral conditions for

WGR ¼ 0e12 and T ¼ 900 K. Increasing WGR increases the net

heat energy until WGR greater than 8, then it becomes almost

constant until WGR ¼ 12. Dash-lines in Fig. 3 show the results

of previous work [15] at similar conditions with T ¼ 900 K,

WGR ¼ 1e12 and OGR ¼ 0.2 and 0.4. Our simulation results are

in good agreement with them, especially at high WGRs

(WGR ¼ 6, 9, 12). However, some discrepancies are observed at

low WGRs. This is because their work used pure oxygen as an

oxidant while air is considered in our study.

From Fig. 3, it is clear that at T ¼ 900 K, OGR ¼ 0.35 offers

thermal neutral condition at WGR around 6. The operating

temperature is another variable which influences the net

energy. Fig. 4 indicates that the net heat energy surface is

changed for WGR in the range of 0e12 and operating temper-

ature in the range of 600e1200 K. From the results, increasing

WGR affects only slightly the net energy. In contrast, operating

temperature can significantly change the net heat energy from

�300 at 600 K to 100 kJ/mol-glycerol at 1200 K. Increasing

temperature between 600 and 900 K sharply increases the net

heat energy but between 900 and 1200 K the change in net heat

energy is not as significant. It should be noted that the energy

neutral condition occurs only within a certain range of

temperature: 900e960 forWGR between 0 and 12.

For the Split-feed mode, the net energy depends on the

fractions of glycerol to be fed to the reformer and the

combustor. Fig. 5 shows that increasing the fraction of glyc-

erol to the reformer increases the net energy. It should be

noted that the net energy for the combustor is always negative

because of the oxidation reaction (Eq. (5)) which increases

when increasing the number of moles of glycerol to the

reformer. In order to provide sufficient heat to the reformer for

WGR between 0 and 12, the fraction of glycerol to be fed to the

combustor is between 0 and 0.11. Hence, more than 0.89 mol

of glycerol is still always fed to the reformer. The reformer can

be operated at thermal neutral conditions when OGR is

between 0 and 0.37, which is close to that of the Single-feed

mode. However one should expect, at least a slightly higher

value of OGR in the Split-feed mode since the combustor

Fig. 4 e Net heat energies (Qnet) of Reformer level in Single-

feed mode at different values of WGR and T (OGR [ 0.35,

P [ 1.01325 3 105 Pa).

Fig. 3 e Net heat energies (Qnet) of Reformer level in Single-

feed mode at different values of WGR and OGR

(P [ 1.01325 3 105 Pa, Tr [ 900 K).

Fig. 5 e Heat energy (in the reformer and combustor) and

OGR of Reformer level in Split-feed mode at different values

of Mole of glycerol to the reformer and WGR

(P [ 1.01325 3 105 Pa, Tr [ 900 K).
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operates with 5% excess air. Furthermore, O2 disappears in the

product stream of the Single-feed mode but still appears in

afterburner product stream in the Split-feed mode.

Considering the System level, the net energy includes pre-

heating energy for heating up all feeds from room tempera-

ture (298.15 K) to the desired temperature, and heat of

reactions in the reformer and combustor. For the Single-feed

mode, Fig. 6 shows that increasingWGR increases the net heat

energy for all OGRs. For providing thermal neutral conditions

for WGR between 0 and 12, OGR has to be in the range of

0.80e2.80. The values of OGR at the System level are much

higher than those at the Reformer level. This can be explained

by the fact that the heat of reaction inside the reformer is only

a small part of the net heat energy at the System level. Thus,

much higher OGR is required to provide sufficient exothermic

heat for the system. The high values of OGR can directly affect

the H2 production. However, OGR at the thermal neutral

conditions at the System level is more sensitive toWGR than at

the Reformer level; for examples, OGR ¼ 1.8 with WGR ¼ 5.60,

OGR ¼ 2.10 with WGR ¼ 7.60, etc. The value ofWGRwas found

to significantly influence the OGR requirement. Fig. 7 shows

the net energy surface plot at different WGR and operating

temperatures for OGR ¼ 1.80. The operating temperature at

the thermal neutral condition varies as WGR changes, for

example, at WGR ¼ 6, T ¼ 860 K and at WGR ¼ 7, T ¼ 800 K. For

OGR ¼ 1.80 and T between 630 and 1120 K, the value ofWGR to

attain the thermal neutral condition will be between 3 and 11,

depending on the value of temperature.

For the Split-feedmode at the System level, Fig. 8 shows that

increasing WGR still increases the net heat energy but it is

more pronounced than at the Reformer level. The fractions of

glycerol to the reformer are 0.85e0.19 for WGR of 0e12.

Increasing WGR rapidly decreases the fraction of glycerol to

the reformer because the increase in energy demand requires

glycerol fuel to be burnt in the combustor for decreasing the

net heat energy from positive to zero via the combustion

reaction (Eq. (5)). From the increase in the fraction of glycerol

fed to the combustor, OGR has to increase from 0.51 to 3.00 to

satisfy the combustion reactionwith 5% excess air, whenWGR

increases from 0 to 12.

At the System level and for the Single-feedmode, the value of

WGR strongly influences the value of OGR and the range of

operating temperatures at thermal neutral conditions.

However, operating temperature has themost influence at the

Reformer level. It can be concluded that the net energy at the

System level is considerably greater than that at the Reformer

level due to the heat requirement for preheating the feeds.

Apart from the selection of suitable conditions for operating

the reformer or the system at thermal neutral conditions, the

resulting products of H2 and other gases as well as H2

concentration are important information required to evaluate

suitable operation modes for H2 production from glycerol.

3.2. Effect of operating conditions at the thermal neutral
conditions

Appropriate operating conditions should be selected to ach-

ieve the thermal neutral conditions and to enhance H2

Fig. 6 e Net heat energies (Qnet) of System level in Single-feed

mode at different values of WGR and OGR

(P [ 1.01325 3 105 Pa, Tr [ 900 K). Fig. 7 e Net heat energies (Qnet) of System level in Single-feed

mode at different values of WGR and T (OGR [ 1.80,

P [ 1.01325 3 105 Pa).

Fig. 8 e Heat energy (in the reformer and combustor) and

OGR of System level in Split-feed mode at different values of

Mole of glycerol to the reformer and WGR

(P [ 1.01325 3 105 Pa, Tr [ 900 K).
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production as well as to suppress undesired by-products. In

the H2 production process, not only the steam reforming of

glycerol (Eq. (1)) but also other reactions are involved in the

reaction system, leading to formation of carbon and other by-

products that might directly affect the stability of the system

and the concentration of H2 in the final product. All of them

have been investigated from thermodynamic analysis and

will be discussed in the following sections.

3.2.1. Carbon formation
The main reactions leading to carbon formation during

reforming are the following reactions:

Boudouard reaction:

2CO4CO2 þ CðSÞ ; DH298K ¼ �172:43 kJ=mol (16)

Methane cracking:

CH442H2 þ CðSÞ; DH298 K ¼ þ74:85 kJ=mol (17)

Reduction of CO:

COþ H24H2Oþ CðSÞ ; DH298 K ¼ �131:26 kJ=mol (18)

Carbon formation is a major problem that causes blockage

of the catalyst pores and that potentially can lead to break

down of the reactor [8]. It can occur via several undesired

reactions (Eqs. (16)e(18)) [15,31]. Wang et al. [15] reported that

the Boudouard reaction (Eq.(16)) plays a significant role at

temperatures below 915 K, whereas CH4 cracking (Eq. (17))

becomes predominant at temperatures higher than 915 K.

Fig. 9 shows the yield of solid carbon in two modes for WGR

between 0 and 12 and T between 800 and 1200 K, at the

Reformer level. It is shown that low WGRs tend to form solid

carbon [36] but it does not appear at 800 K in both modes

because a thermal neutral condition cannot occur at WGR

lower than 4.5 (At 800 K, the thermal neutral condition for

both modes start at WGR ¼ 4.5). WGR of 4.5 is high enough to

eliminate carbon in the reformer. However, the solid carbon

appears in bothmodes at 900 K but the Single-feedmode shows

less carbon than the Split-feedmode. This is because oxygen in

the Single-feed mode facilitates operation above carbon

boundary condition due to the presence of oxidation reactions

(Eqs. (2)e(5)). No carbon formation is observed at T ¼ 1000,

1100 and 1200 K. In the Split-feed mode, solid carbon is still

formed even at temperatures higher than 900 K becausewater

(Eq. (18)) is the only component that suppresses carbon

formation unlike the case of Single-feed mode where oxygen is

also present in the reformer. It can be concluded that carbon

formation can be decreased by increasing WGR, OGR, and

operating temperature in the Single-feed mode, but only WGR

and operating temperature in the Split-feedmode. However, at

WGR greater than 2, it is clear that no carbon is formed to the

point of breaking down the reactor at the Reformer level. This is

in agreement with Wang et al. [15] who reported that no

carbon occurred at temperature above 1000 K, andWGRhigher

than 2.

At the System level, there is a huge energy requirement,

requiring higher OGR for operating at the thermal neutral

condition. Fig. 10 shows the carbon formation from both

modes at the System level. Clearly, the results are very

different than those obtained at the Reformer level. Within

ranges of operating temperatures of 600e1200 K and WGR of

0e12, carbon formation is decreased when increasing the

operating temperature and WGR. At 600 and 700 K, carbon

formation is nearly equivalent between Single-feed and Split-

feed modes. However, the difference between them starts at

800 K at which the Split-feed mode leads to higher carbon

formation than the Single-feedmode. The Single-feed mode can

operate without carbon formation at operating temperatures

higher than 900 K, similar to the Reformer level. In contrast, the

Split-feedmode still shows carbon formation above 900 K and it

requires higher temperature (T ¼ 1100e1200 K) to suppress

carbon formation. From these results, it is clear that water

(WGR) and oxygen to glycerol ratio (OGR) are the most

important variables to manipulate in order to operate the

Fig. 9 e Carbon yield of Reformer level at different values of

WGR and operating temperature (Qnet [ 0,

P [ 1.01325 3 105 Pa).

Fig. 10 e Carbon yield of System level at different values of

WGR and operating temperature (Qnet [ 0,

P [ 1.01325 3 105 Pa).
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system without carbon formation. However, OGR does not

directly affect the carbon formation in the Split-feed mode

because oxygen is only used in the combustor. At thermal

neutral conditions, WGR greater than 3.5 is sufficient to avoid

carbon formation at the System level for T between 600 and

1200 K in both modes.

3.2.2. Hydrogen production

3.2.2.1. Hydrogen yield. Fig. 11(a) shows that the H2 yield

increases with increasing WGR at the Reformer level. The

maximum H2 yield is obtained at an operating temperature

around 900 K. An optimum temperature is observed because

the endothermic steam reforming is favorable at high

temperature but the exothermic WGS reaction (Eq. (6)) is

favorable at low temperature. Optimum temperatures were

reported by other researchers to be at 925 K [1] and 960 K [31].

The Split-feed mode always offers a slightly higher H2 yield

than the Single-feedmode, except at low temperature (800 K) or

smallWGRs (0e7). This is because the small amount of oxygen

fed to the reformer decreases the H2 yield in the Single-feed

mode. Fig. 11(b) shows the amount of OGR in both modes.

Increasing WGR increases OGR at low temperatures (800,

900 K) but it slightly decreases OGR at high temperatures

(1200 K). Although not shown in Fig. 11(b), the curves at 1000 K

and above follow the same trend as that at 1200 K, that

continuous decrease of OGRwhen increasing WGR. As seen in

the previous section, to suppress carbon formation, increasing

of OGR at small WGR for all temperatures, especially for the

Split-feed mode, is required. However, the value of OGR does

not strongly influence the H2 production at the Reformer level

because the amount of OGRs is quite small (0e0.51). It should

be noted that the differences between Single-feed and Split-feed

modes are not significant at the Reformer levele themaximum

H2 yields atWGR of 12, and operating temperature of 900 K are

5.67, and 5.64 for Split-feed and Single-feed modes, respectively.

It agrees with the value of 5.62 at WGR of 12 determined by

Wang et al. [15].

Considering the thermal neutral condition at the System

level, as more heat requirement is involved, more glycerol is

consumed to generate sufficient heat via partial oxidation or

combustion for the system. Fig. 12(a) shows the H2 yield at the

System level for different operating temperatures, WGRs, and

operation modes. It can be seen that the H2 yield increases

Fig. 11 e (a) H2 yield and (b) OGR of Reformer level at

different values of WGR and operating temperature

(Qnet [ 0, P [ 1.01325 3 105 Pa).

Fig. 12 e (a) H2 yield, and (b) OGR of System level at different

values of WGR and operating temperature (Qnet [ 0,

P [ 1.01325 3 105 Pa).
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with increasing WGR at low operating temperatures (600 and

700 K). On the other hand, at higher operating temperatures

(800, 900, 1000, 1100, and 1200 K), the H2 yield increases only at

low range of WGR; then it drops at high WGR. Moreover,

increasing the temperature increases the H2 yield until 900 K,

above which it decreases because of the reverse water gas

shift (ReverseWGS) effect (Eq. (6)), as discussed in the previous

section on the Reformer level. At low temperatures (600, 700 K)

within all ranges of WGR, it is observed that the Single-feed

mode always offers higher H2 yield than the Split-feed mode,

likely due to the requirement of lower OGRs (Fig. 12(b)) which

could promote H2 production. However, at higher tempera-

tures when WGR is high enough, it appears that the Split-feed

mode becomes more favorable than the Single-feed mode. The

values ofWGR at this turning point vary with temperature; for

examples, WGR ¼ 9 at 800 K, WGR ¼ 4 at 900 K, WGR ¼ 2 at

1000 K, WGR ¼ 0.5 at 1100 K, and WGR ¼ 0 at 1200 K. These

observations can be explained by the difference in charac-

teristics among the two operation modes. For the Single-feed

mode, all glycerol in the feed is fed to the reformer and

therefore hydrogen atoms in glycerol reacting with oxygen

could possibly be converted to additional H2 unlike in the Split-

feed mode where part of glycerol is totally combusted to CO2

and H2O which appear in the combustor effluent or after-

burner products stream. Consequently, the Single-feedmode is

likely to offer higher H2 yield. However, at higher tempera-

tures where the WGS reaction (Eq. (6)) becomes unfavorable,

the presence of additional glycerol and oxygen for generating

exothermic heat in the reformer in the Single-feed mode

becomes less significant for improving H2 production. The

influence of WGS on H2 production becomes important

particularly at high temperature as evidenced by the lower

value of transition WGR at higher temperature. Based on the

simulation results, a maximum H2 yield of 3.28 can be ach-

ieved at WGR ¼ 3, OGR ¼ 1.40, T ¼ 900 K and Single-feed mode.

At the same temperature, the Split-feed mode offers a slightly

lower H2 yield of 3.16 at a higher WGR of 3.96. It should be

noted that the large amount of energy requirement at the

System level decreases the H2 yield from 5.67 at the Reformer

level to 3.28 at the System level.

3.2.2.2. Hydrogen mole fraction. From the previous part con-

cerning the H2 yield at the Reformer level, it is shown that

operation at T¼ 900 K andWGR¼ 12 offers the highest H2 yield

in both modes. Another important issue of concern is the H2

concentration in the gas product. Fig. 13 shows the H2 mole

fraction (dry basis) at various operating temperatures for two

values of WGR (WGR ¼ 5 and 12). It is obvious that at the

Reformer level, the Split-feed mode outperforms the Single-feed

mode in term of H2 concentration for both values of WGRs. In

theSplit-feedmode,air andpartofglycerolarecombusted in the

combustor, and thus by-products including CO2 and H2O or N2

(non-reacted substance) are not mixed with the H2 product in

the reformer unlike in the Single-feed mode. This is the main

advantage of the Split-feed mode. WGR ¼ 12 offers higher H2

mole fraction (drybasis) thanWGR¼5 inbothmodesdue to the

higher H2 yield. Increasing the operating temperature

(800e900 K) increases the H2 mole fraction initially, and then

decreasesdue to theeffectof the reverseWGS (Eq. (6)), exceptat

WGR ¼ 12 in Single-feed mode. This is because the effect of N2

dilution might hide the reverse WGS effect in the Single-feed

mode. It can be concluded that the Split-feed mode is a prefer-

able mode at the Reformer level as it offers higher H2 mole

fraction without lowering the H2 yield compared to the Single-

feedmode. ThemaximumH2 mole fraction is 0.68 atWGR¼ 12

and T ¼ 900 K for Split-feedmode, at the Reformer level.

Considering the System level, WGR ¼ 3 and 4 are the

conditions that provide maximum H2 yields in the Single-feed

and Split-feed modes, respectively. Fig. 14 shows the H2 mole

fraction at both WGRs and at various operating temperatures

(600e1200 K) for both modes. It is obvious that the Split-feed

mode is still a superior choice than the Single-feed mode at

both WGR ¼ 3 and 4 because the exothermic reactions occur

outside the reformer and the by-products from the reactions

do not diluteH2 in thismode. Increasing the temperature up to

around 900 K increases the H2 mole fraction, which then

remains constant for temperatures between 900 and 1200 K, in

Fig. 13 e H2 mole fraction (dry basis) of Reformer level at

different values of WGR and operating temperature

(Qnet [ 0, P [ 1.01325 3 105 Pa).

Fig. 14 e H2 mole fraction (dry basis) of System level at

different values of WGR and operating temperature

(Qnet [ 0, P [ 1.01325 3 105 Pa).
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the Split-feed mode. It is the opposite of the H2 yield case. H2

production is actually constant in the steam reforming

process at high temperatures [36]. In the Split-feedmode, some

of the glycerol must be separated and fed to the combustor

which causes the H2 yield to decrease, but it does not affect to

the H2 concentration. Similar to the trend of H2 yield,WGR ¼ 4

offers higher H2 mole fraction than WGR ¼ 3. In contrast,

increasing the temperature up to 850 K increases the H2 mole

fraction; above 850 K, the H2 mole fraction then decreases

when increasing the temperature in the Single-feed mode. It is

clear that the reverse WGS and nitrogen (N2) from air influ-

ence H2 dilution in the reformer. The maximum H2 mole

fraction is 0.66 at WGR ¼ 4 and temperature of 900e1000 K for

the Split-feed mode at the System level.

3.2.3. By-products.
From the previous part on H2 mole fraction (dry basis), it is

knownthatsomeby-productsandunreactedreactantsdiluteH2

concentration. Considering all the reactions in this system, the

possible by-products include CO, CO2, and CH4, whereas the

unreacted reactants are C3H8O3, O2. The thermodynamic anal-

ysis studies showed that, at all operating conditions chosen

here, the glycerol conversion is 100% [1,15,31]. Therefore, the

main obstruction to dilute H2 must be N2. Figs. 15 and 16 show

the by-products and unreacted reactants at T ¼ 900 K,

WGR¼ 0e12, and bothmodes at the Reformer and System levels,

respectively. It isobserved that the trendsof theby-products are

quite similar at both levels, aswill be discussed in the following.

The amount of nitrogen gas is themajor problem in term of

H2 dilution. It is directly dependent on the value of OGR in the

Single-feed mode. However, N2 is not present in the reforming

product in the Split-feedmode. Consequently, it does not affect

the mole fraction of H2. N2 at the Reformer level is almost

constant at WGR above 5 as OGR is almost constant in this

range. In contrast, N2 at the System level varies more signifi-

cantly due to the strong dependency of OGR on WGR.

CO and CO2 are the impurities that do not compete against

H2 production [31]. At the Reformer level, CO2 increases when

increasing WGR in both modes; however the Split-feed mode

offers lower CO2 yield than the Single-feed mode where air is

fed outside the reformer. Nevertheless, it is different at the

System level because CO2 is lower for WGR in the range of

6e12 in the case of Split-feed mode. This is because a larger

amount of glycerol is diverted to the combustor to supply

higher heat requirement. It is also the reason why CO2 in the

Split-feed mode is always less than in the Single-feed mode.

Considering CO, the same tends are observed for both modes

and levels. CO decreases when increasing WGR above 2 (Eq.

(6)) [31]. The Split-feed mode still offers lower CO yield than

the Single-feed mode, similar to CO2. Even though the amount

of CO is not large, it remains an issue if the product gas is to

be used in low-temperature fuel cells (such as proton

exchange membrane fuel cells (PEMFCs), CO being a poison

for the platinum electrode of polymer electrolyte fuel cells

(PEFCs)) [1,37]. Another undesired by-product is CH4 [15,31].

CH4 is almost suppressed when WGR is between 0 and 12 at

900 K in both modes and at both levels. The CH4 yield

decreases when increasing WGR. It is noted that the CH4 yield

initially increases at small values of WGR (0e2) due to the

methanation reaction (Eq. (19)) but the reaction becomes

unfavorable in the presence of high H2O at higher WGR.

Moreover, CH4 is not favor in a system that involves oxygen

in feed (Single-feed mode) because the products become CO or

CO2 rather than CH4. The conditions that favor CH4 formation

are low ranges of temperature and low WGR [31]. It is the

reason why CH4 is always observed in higher amount in Split-

feed mode than Single-feed mode at both levels. However, the

CH4 yield can be neglected in this range.

Methanation:

COþ 3H24CH4 þH2O ; DH298 K ¼ �206:11 kJ=mol (19)

It can be concluded that N2 and CO2 are themain impurities

to dilute H2 in the product. Split-feed mode is a promising

operating mode to avoid this problem by feeding air as

oxidizing agent outside the reformer and consequently higher

mole fractions of H2 are achieved in the gas product.

Fig. 15 e By-product yields including CO2, CO, CH4 and

non-reacted substance N2 of Reformer level as a function of

WGR (Qnet [ 0, Tr [ 900 K, P [ 1.01325 3 105 Pa).

Fig. 16 e By-product yields including CO2, CO, CH4 and

non-reacted substance N2 of System level as a function of

WGR (Qnet [ 0, Tr [ 900 K, P [ 1.01325 3 105 Pa).
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3.3. Effect of oxidizing agent at thermal neutral
conditions

In the previous section, air was the oxidizing agent used in

glycerol reforming at thermal neutral conditions; however,

air contains significant amount of N2. It is an interesting issue

to determine whether using pure O2 instead of air could

improve H2 production although it is well known that pure O2

increases production costs. As it was concluded that the

Single-feed and Split-feed modes at the Reformer level are not

significantly different due to the low energy requirement,

only the System level is investigated for determining the

effect of the type of oxidizing agent. The calculations were

based on the thermal neutral condition and at a temperature

of 900 K which provides the highest H2 yield. Fig. 17(a)

compares the H2 yield and the fraction of glycerol sent to the

reformer for the cases using air and pure O2 at different

WGRs. Pure O2 leads to higher H2 yield than air for all values

of WGR (0e12) in the Split-feed mode. This is because using

pure O2 reduces the demand of heat energy for heating N2,

and therefore, less glycerol is split to the combustor. The use

of pure O2 also increases the highest H2 yield from 3.15 (air) to

3.45 (pure O2) in the Split-feed mode at WGR of 4.00 (air) to 4.80

(pure O2), respectively. However, for the Single-feed mode at

low values of WGR (0e2), the H2 yield in the air case is higher

than that in the pure O2 case. This can be explained from the

fact that the difference of moles in the products and

the reactants is positive for glycerol reforming and, therefore,

the H2 yield is favored at low operating pressures according

to Le Chatelier’s principle [31]. The presence of N2 in air case

provides similar effects as decreasing the pressure in the

reformer. However, at higher WGRs (2e12) the use of pure O2

offers higher H2 yield. The H2 yield can also be improved from

3.28 (air at WGR of 3) to 3.45 (pure O2 at WGR of 4) in the

Single-feed mode. Considering the maximum H2 yield, both

modes can provide a maximum yield of around 3.45 when

using pure O2 but at different WGRs. It is also observed that

the fraction of glycerol to the reformer in the Split-feed mode

strongly depends on the oxidizing agent. This is the reason

that why pure O2 also offers a higher H2 yield than air.

Fig. 17(b) shows the effect of oxidizing agent on the H2

mole fraction when increasing WGR. The Split-feed mode

shows much higher mole fractions of H2 than that of the

Single-feed mode in both air and pure O2 cases. For the Split-

feed mode, air and pure O2 are not significantly different.

Increasing WGR decreases the H2 mole fraction for WGR in

the range of 0e1.5, and then continuously increases to a H2

mole fraction of 0.70. In contrast, pure O2 in the Single-feed

mode highly enhances the mole fraction of H2 because the

reformer does not have N2 to dilute H2. However, increasing

WGR in the range of 1e4 increases the H2 mole fraction

similar to the Split-feed mode, and then at WGR ¼ 4e12

decreases the mole fraction of H2 similar to using air in

Single-feed mode.

3.4. Effect of using afterburner products as heat supply

The afterburner products (ABP) stream in the Split-feedmode is

at a high temperature (Tr), and thus is a potential heat source.

Fig. 17 e (a) H2 yield and fraction of glycerol to reformer, (b)

H2 mole fraction (dry basis) of System level as a function of

WGR for cases with different oxidizing agents (air or pure

O2) and operation modes (Single-feed or Split-feed ) (Qnet [ 0,

Tr [ 900 K, P [ 1.01325 3 105 Pa).

Fig. 18 e H2 yield and OGR of Split-feedmode in System level

as a function of WGR for cases with/without utilizing heat

energy from Afterburner products (ABP) stream (Qnet [ 0,

Tr [ 900 K, P [ 1.01325 3 105 Pa).
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It should be noted that for the Split-feedmode, as part of glycerol

is split and combusted to supply heat for the reforming and

evaporatingprocessesoutside themainreformingzone, theABP

fromthecombustionareunable to be further contributedonthe

hydrogen production, resulting in the decrease of H2 yield from

appearingofO2. Inaddition,althoughit ispossibletorecyclepart

of the ABP to the reforming section, the presence of inert N2 in

the ABP streamwould decrease the H2mole fraction in the final

product. When the ABP recycle ratio increases close to 1, the

performances of the Split-feedmode becomes similar to those of

the Single-feedmode. Hence, only heat energy from ABP should

be transferred to the heat demanding units including heater,

evaporator, and reformer.With additional heat fromABP at the

System level, Eq. (13) can bemodified to Eq. (20) as shown below.

QSystem level ðnetÞ ¼ QheaterðnetÞ þ Qevaporator þ Qreformer þ Qcombustor

þ Qcooler ðABPÞ ¼
XN
i¼1

ni; outHi; out �
XN
i¼1

ni; 0Hi; 0 ð20Þ

It should be noted that the use of ABP stream for heat supply

is not considered at the Reformer level.

As shown in Fig. 18, the H2 yield increases from 3.16

(WGR ¼ 4.37, OGR ¼ 1.60, T ¼ 900 K) to 3.75 (WGR ¼ 5.21,

OGR ¼ 1.28, T ¼ 900 K) when recovering heat from the ABP

stream. In addition, the value of OGR also decreases because

a lower amount of glycerol has to be split to the combustor.

The operating conditions, product yields and product

concentrations at maximum H2 yields are summarized in

Table 1 for different modes and at different levels. It is clear

that the operating mode at the Reformer level does not signif-

icantly affect the H2 yield, but the Split-feed mode enhances

the H2 mole fraction. At the System level, the H2 yield in the

Single-feedmode is higher than the Split-feedmode, but it leads

to a lower H2 mole fraction in the final products. However, the

use of pure O2 can increase the H2 mole fraction in the Single-

feedmode and the use of ABP in the Split-feedmode can further

improve the H2 yield while keeping a H2 concentration.

Moreover, no solid carbon is detected at the conditions which

offer the highest H2 yields.

4. Conclusion

A thermodynamic analysis was performed to investigate H2

production from glycerol reforming at thermal neutral condi-

tions. This work considers twomodes of air feeding; i.e. Single-

feed and Split-feed modes and at two levels, including Reformer

and System levels. The H2 yield from both modes is not signif-

icantly different at the Reformer level due to the small energy

requirement from the heat of reactions. In contrast, it is

observed at the System level that the Single-feed is favorable to

H2 generation at low temperatures (600e900 K), whereas in the

Split-feed mode, more H2 are generated at high temperatures

(900e1200 K). The maximum H2 yields are 5.67 (WGR ¼ 12,

OGR ¼ 0.37, T ¼ 900 K, Split-feed mode), and 3.28 (WGR ¼ 3,

OGR ¼ 1.40, T ¼ 900 K, Single-feed mode), at the Reformer and

System levels, respectively. The Single-feed mode is a superior

mode in term of suppressing carbon formation e no carbon

formation is observed when operating at temperature above

900 K. However, carbon formation from both modes is totally

inhibited atWGR higher than 2, and 3.5 at Reformer and System

levels, respectively. Other by-products including CO, CO2 and

CH4 were determined. The Split-feed mode offers higher H2

concentration in the product gas because N2 from air and part

of CO2 are not present in the gas product in the Split-feedmode

unlike in the Single-feedmode. The use of pure O2 instead of air

is also considered inbothmodesat theSystem level.Useof pure

O2 in the Single-feed mode can increase the H2 mole fraction in

the product andH2 yield from0.28 to 0.54 and from3.28 to 3.45,

respectively. Moreover, the H2 yield in the Split-feed mode is

also enhancedwhen replacingair bypureO2 (from3.16withair

to 3.45 with pure O2). However, using air or pure O2 does not

make a significant difference in termofH2mole fraction. Using

pureO2 is considered tobeagoodchoice forH2productionfrom

glycerol at the thermal neutral conditions especially in the

Single-feed mode. In addition, using the ABP stream to supply

heat is beneficial to increase the H2 yield in the Split-feedmode

as it decreases the fuel requirement (glycerol and air). The

maximum H2 yield after recovering the ABP heat is 3.75

Table 1 e Summary of operating conditions at maximum H2 yields, product yields and product distribution for different
cases (Qnet [ 0, P [ 1.01325 3 105 Pa).

Level Reformer System

Mode Single-feed Split-feed Single-feed Single-feed þ pure O2 Split-feed Split-feed þ pure O2 Split-feed þ ABP

Conditions

WGR, [e] 12 12 3 4 4.37 4.78 5.21

OGR, [e] 0.36 0.37 1.40 1.32 1.60 1.48 1.28

T, [K] 900 900 900 900 900 900 900

Yield, [e]

H2 5.64 5.67 3.28 3.45 3.16 3.45 3.75

CO 0.57 0.53 0.83 0.74 0.46 0.51 0.55

CO2 2.41 2.14 2.15 2.22 1.12 1.23 1.34

CH4 0.02 0.02 0.03 0.04 0.05 0.06 0.06

C e e e e e e e

Mole fraction (dry basis), [e]

H2 0.57 0.68 0.28 0.54 0.66 0.66 0.66

CO 0.06 0.06 0.07 0.12 0.10 0.10 0.10

CO2 0.24 0.26 0.19 0.34 0.23 0.23 0.23

CH4 w0 w0 w0 0.01 0.01 0.01 0.01
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(WGR ¼ 5.21, OGR ¼ 1.28, T ¼ 900 K, Split-feedmode) at thermal

neutral condition.

Acknowledgements

This research is financially supported by the Thailand

Research Fund and Commission on Higher Education.

Nomenclatures

aij number of atoms of the j-th element present in each

molecule of i-th species e

f0i standard-state fugacity of the i-th species e

DG0
fi

standard Gibbs function of formation of the i-th

species, J mol�1

GCðsÞ molar Gibbs free energy of solid carbon, J mol�1

Hi enthalpy of the i-th species, J mol�1

M the total number of elements e

N total species e

ni mole of the i-th species, mol

OGR oxygen/glycerol ratio e

P pressure, Pa

P0 standard-state pressure, Pa

Qcombustor heat energy of combustor, kJ mol�1

Qcooler ðABPÞ heat energy of cooler from afterburner products

stream, kJ mol�1

Qevaporator heat energy of evaporator, kJ mol�1

Qheater ðnetÞ net heat energy of heaters, kJ mol�1

QR eformer level ðnetÞ net heat energy of the Reformer level, kJ mol�1

Qreformer heat energy of reformer, kJ mol�1

QSystem level ðnetÞ net heat energy of the System level, kJ mol�1

R ideal gas constant 8.314472, J mol�1 K�1

T, Tr operating temperature, K

WGR water/glycerol ratio e

x mole of glycerol for feeding to the reformer, mol

yi mole fraction of each substance in gas products e

Greek letters

lj Lagrange multiplier ebfi fugacity coefficient of species i e

Subscripts

0 inlet stream to the System level

in inlet stream to the reformer

out outlet stream from the reformer
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A solid oxide fuel cell based on a proton-conducting electrolyte (SOFC-H+) is an attractive fuel cell technology
because of its high theoretical efficiency. This study deals with the performance analysis of a planar SOFC-H+

using a detailed electrochemical model, which takes into account all cell voltage losses, i.e., ohmic, activation,
and concentration losses. The Fick's Model was used to explain gas diffusion in porous electrodes. The
reliability of the developed SOFC-H+ model was verified by comparison with experimental data reported in
the literature. The effects of cell design (e.g., the use of anode, cathode, and electrolyte supports), geometry
(e.g., thickness of cell components), and operating parameters (e.g., temperature, pressure, and gas
composition) on the electrical characteristics of SOFC-H+ were examined. The results indicate that an anode-
supported SOFC-H+ shows the best performance under the operating temperature of 1073 K and pressure of
1 atm. Ohmic loss is the major voltage loss in an anode-supported SOFC-H+ due to the relatively low proton
conductivity of the electrolyte. Furthermore, the performance of a SOFC-H+ can be improved by decreasing
the thickness of electrolyte and cathode, and the content of water in the oxidant, as well as by increasing the
operating temperature and pressure.

© 2010 Elsevier B.V. All rights reserved.

1. Introduction

Fuel cells are regarded as a high-efficiency, low-environmental
impact technology for electrical power generation. They can directly
convert chemical energy into electricity through an electrochemical
process. Among the different types of fuel cells, the solid oxide fuel cell
(SOFC) has received much attention due to its high-temperature
operation (1073–1273 K) which results in a high electrochemical
reaction rate, the flexibility to use various fuel types (e.g., natural gas,
propane, and bio-gas), and the possibility to develop heat and power
cogeneration systems [1,2]. Another important feature of the SOFC is
its all-solid-state construction using ceramics and metals; there is no
liquid electrolyte with its attendant material corrosion and water
management problems.

In general, there are two types of electrolyte (i.e., oxygen-ion and
proton-conducting electrolytes) possible for use in a SOFC. To date,
many studies have focused on SOFC technology using oxygen-ion
conducting electrolytes (SOFC-O2−) because of the chemical stability
and low electrical resistance of oxygen-ion conductors, e.g., stabilized
zirconia and doped ceria [1–10]. However, as solid oxides with proton
conduction have been discovered and developed [11–17], a number of

the studies related to the use of such proton-conducting SOFCs (SOFC-
H+) have been reported [11,18–25]. When a proton-conducting
electrolyte is used, water vapor is produced at the cathode side.
Higher hydrogen partial pressure at the anode side can enable a
higher fuel utilization of hydrogen [21], offering increased system
efficiency. More complete hydrogen utilization in a SOFC-H+ further
simplifies the overall system design by eliminating the need of the
afterburner [22]. In addition, the SOFC-H+ exhibits proton conduc-
tivity down to temperatures as low as 300 °C which offers the
prospect of a wide range for applications, for example in transport
[21,22].

In recent years, many researchers have studied the synthesis and
characterization of proton-conductingmaterials for the SOFC-H+ [11–
21]. However, there are currently limited studies related to the
modeling and analysis of SOFC-H+ stacks and systems [22–25].
Further, most studies investigate the theoretical performance of the
SOFC-H+ without fully considering the irreversible losses found in
actual fuel cell operations [22–24]. An electrochemical model is
therefore required to predict the performance of SOFC-H+ to enable
the improved analysis and design of fuel cell systems based on this
technology [3,6,7]. Recently, Ni et al. [25] analyzed the theoretical
performance of CH4-fed SOFC-H+ by considering detailed voltage
losses. However, in their work, the gas transport inside porous
electrodes was developed based on the dusty gas model, which is
more complicated and involves various physical and diffusion
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parameters. Apart from the dusty gasmodel, the Fick'sModel inwhich
the explicit analytical expression used to determine gaseous compo-
nents at the electrode/electrolyte interface can be derived with
acceptable accuracy, has been widely used to describe mass transport
in porous SOFC electrodes [6,26]. This reduces the complexity of the
model to describe mass transfer within the electrodes, leading to less
computational time.

In this study, the performance of a planar SOFC-H+ fueled on H2

was investigated using a detailed electrochemical model of a cell
model which takes into account the voltage losses, i.e., ohmic,
activation and concentration losses. The Butler–Volmer Equation
was employed to calculate the activation loss instead of using the
Achenbach's Correlation [6]. Fickian diffusion through the porous
electrodes was considered to determine the concentration losses. The
ohmic loss was calculated from the electrolyte ionic conductivity. The
results from the model were compared with experimental data in the
literature. Using the developed model, the electrochemical perfor-
mance of SOFC-H+was then analyzedwith respect to different design,
structural and operational parameters.

2. Theoretical model

A single planar SOFC-H+ consists of an anode and cathode
separated by an electrolyte, as shown in Fig. 1. The most common
materials used for the electrodes and electrolyte of the SOFC-H+ are Pt
and SrCe0.95Yb0.05O3-α (SCY), respectively. In general, porous plati-
num can be used for both the cathode and anode because of its high
catalytic activity and stability in oxidative and reductive atmosphere.
Furthermore, it is a pure electronic conductor [27,28]. As a result, the
use of platinum-cermet as a support structure with a proton-
conducting electrolyte has been reported in the literature [28,29],
though the cost of this approach is likely to preclude commercial
application. The SCY electrolyte is established as a proton-conducting
material with relatively high proton conductivity [15] and has been
used in several studies [13,16,18–20]. It is noted that, although
BaCeO3-based ceramics, e.g., BaCe0.9Y0.1O3-α exhibit the highest ionic
conductivity, the transport number of protons is lower than that of the
SrCeO3-based ceramics under the same operating conditions [16],
which reduces the SOFC theoretical efficiency [30].

In H2-fueled SOFC-H+ operation, hydrogen molecules in the fuel
are oxidized to form protons, releasing electrons at the anode side.
The electrons flow in the external circuit from the anode to the

cathode, while protons are transported through the electrolyte to the
cathode/electrolyte interface where they react with oxygen at the
cathode to produce water. The electrochemical reactions in the SOFC-
H+ are shown as [13,23]:

Anode : H2↔2H
þ þ 2e

− ð1Þ

Cathode : 0:5O2 þ 2H
þ þ 2e

−↔H2O ð2Þ

Overall : H2 þ 0:5O2↔H2O ð3Þ

The open-circuit voltage (EOCV) generated by a fuel cell can be
described by the Nernst equation as:

EOCV = E0−RT
2F

ln
pH2OðcÞ

pH2ðaÞp
0:5
O2ðcÞ

 !
ð4Þ

where “a” and “c” stand for anode and cathode, respectively, E0 is the
open-circuit voltage for a pure ionic conductor at standard pressure
and can be determined as [7]:

E0 = 1:253−2:4516 × 10−4T ð5Þ

Due to the internal cell resistances and overpotential losses, the
operation voltage (V) is always less than the open-circuit voltage and
can be expressed as:

V = EOCV−iRohm−ηact−ηconc ð6Þ

where iRohm is the internal cell resistance referred to the ohmic loss
and ηact and ηconc represent the activation and concentration
overpotentials, respectively.

Activation overpotential is the loss caused by electrochemical
reactions at the electrode surfaces. In this study, the Butler–Volmer
Equation (Eq. (7)) was used to determine the activation over-
potential:

i = i0;electrode exp
αnF
RT

ηact;electrode

� �
− exp − 1−αð ÞnF

RT
ηact;electrode

� �� �
ð7Þ

where α is the transfer coefficient (=0.5), n is the number of electrons
transferred in a rate-limiting reaction step, and i0,electrode is the
electrode exchange current density.

Ohmic loss occurs due to the area specific resistance (Rohm) to the
flow of ions in the electrolyte, which depends on the thickness and
ionic conductivity of electrolyte. By applying Ohm's law, the relation
of the ohmic area specific resistance and electrolyte property can be
expressed as:

Rohm =
τelectrolyte
σelectrolyte

ð8Þ

where τ and σ are the thickness and ionic conductivity of electrolyte,
respectively. It is noted that as the electronic conductivity of the
electrodes is high, the ohmic loss due to current collection at the
electrodes was taken to be negligible.

Concentration overpotential is caused by a large reduction in the
concentration of fuel and/or oxidant at the electrode/electrolyte
interfaces. This loss is most pronounced when fuel or oxidant gases is
fed to a fuel cell stack at lower partial pressure. ηconc is determined
from the difference in the open-circuit voltage calculated based on the
reactant and product concentrations at the electrode/electrolyteFig. 1. The schematic of a solid oxide fuel cell based on a proton-conducting electrolyte.
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interfaces (I) and that based on the bulk concentrations. According to
its definition, the concentration overpotentials of the SOFC-H+ can be
derived as:

ηconc;anode =
RT
2F

ln
pH2ðaÞ
pIH2ðaÞ

 !
ð9Þ

ηconc;cathode =
RT
2F

ln
pO2ðcÞ
pIO2ðcÞ

 !0:5 pIH2OðcÞ
pH2OðcÞ

 !
ð10Þ

where pH2

I , pO2

I and pH2O
I represent the partial pressure of hydrogen at

the anode/electrolyte interfaces and the partial pressures of oxygen
and water vapor at the cathode/electrolyte interfaces, respectively.

To calculate the concentration overpotential, the partial pressures
of H2, H2O and O2 at the electrode/electrolyte interfaces need to be
known. The partial pressures of H2 at the anode/electrolyte interfaces
(Eq. (11)) can be determined from self-diffusionmechanisms since H2

is transported from the anode surface to the interface, and no product
is generated in the anode side [3]. For the cathode side, the partial
pressures of O2 and H2O at the cathode/electrolyte interfaces
(Eqs. (12)–(13)) can be derived from the mass transport through
the porous electrodes based on Fickian diffusion, assuming that the
electrochemical reaction occurs at the electrode/electrolyte interface
and that the diffusion rate of reactants to the interface is equal to the
rate of electrochemical reaction [3,6,8,26,31].

pIH2
= P− P−pH2ðaÞ

� 	
exp

iRTτanode
2FDa;effP

 !
ð11Þ

pIO2
= pO2ðcÞ−

iRTτcathode
2FDc;eff

ð12Þ

pIH2O = pH2OðcÞ +
iRTτcathode
4FDc;eff

ð13Þ

where τanode and τcathode are the thickness of anode and cathode,
respectively. Da,eff and Dc,eff represent the effective diffusion coeffi-
cients of the gas mixtures at the anode and cathode sides that can be
explained by ordinary and Knudsen diffusions [3,31]. The calculation
of the effective diffusion coefficients depend on the microstructure of
the porous electrodes (porosity, pore size and tortuosity), the
composition of the gas mixture, and the operating conditions
(temperature and pressure), and is reported in Appendix A. It is
noted that Da,eff is calculated from the effective diffusion coefficient of
H2 (Eq. (14)), whereas Dc,eff is calculated from the effective ternary
diffusion coefficient of O2, N2, and H2O (Eq. (15)). Mass transfer on the
cathode side is more complex as three components, i.e., O2, H2O and
N2 are considered within the porous cathode, and thus, the overall
effective diffusion coefficient for the ternary component system is
derived from the Stefan–Maxwell relation [26], as shown in Eqs. (16)–
(17). Table 1 presents the value of Da,eff and Dc,eff at initial condition
(T=1073 K, P=1 atm, ε=0.4, r=0.5 μm and τ=5).

1
Da;eff

=
1

DH2�H2O;eff
+

1
DH2k;eff

ð14Þ

Dc;eff =
pH2O

P

� �
DO2 ;eff +

pO2

P

� �
DH2O;eff ð15Þ

where

1
DO2 ;eff

=
1

DO2k;eff
+

1
DO2�N2 ;eff

+
1

DO2�H2O;eff
− 1

DO2�N2 ;eff

 !
ð1−yN2

Þ

ð16Þ

1
DH2O;eff

=
1

DH2Ok;eff
+

1
DH2O�N2 ;eff

+
1

DO2�H2O;eff
− 1

DH2O�N2 ;eff

 !
ð1−yN2

Þ

ð17Þ

andwhere, in turn,DO2,eff andDH2O,eff are the effective binary diffusion
coefficients of O2 and H2O in nitrogen, respectively, and yN2 represents
the mole fraction of nitrogen present in the gaseous mixtures.

2.1. Model validation

The electrochemical model was numerically solved in Matlab to
predict the characteristic performance of SOFC-H+. The developed
model was validated with the experimental data of Iwahara [18]. In
this experiment, thematerials used for anode, electrolyte and cathode
were Pt|SCY|Pt, with a thickness of 50 μm, 500 μm, and 50 μm,
respectively. The inlet fuel and oxidant consisted of 10% H2 (~3% H2O)
and dry air (b0.1% H2O), respectively. In the simulation, the exchange
current densities of electrodes (i0) were estimated and the proton
conductivity of the electrolyte was obtained from Potter and Baker
[20] (Table 1). Fig. 2 shows a model prediction of the I–V
characteristics of the SOFC-H+ cell operated at three temperatures
(1073 K, 1173 K, and 1273 K) and a pressure of 1 atm in comparison
with experimental data. It was found that the proposed model based
on the exchange current densities of 800 A m−2 gave a good
prediction of the experimental data.

3. Results and discussion

In this section, a performance analysis of the planar SOFC-H+ with
respect to key operating parameters under isothermal conditions is
presented. Since planar SOFCs can generally be designed with
different configurations, i.e., both electrolyte and electrode-supported
structures, the impact of the design parameters is taken into account
to find an optimal structure of the SOFC-H+. Table 1 shows the
standard values of the operating conditions and cell geometry and
material properties of the SOFC-H+ used in the present study.
Humidified hydrogen (~3% H2O) and dry air (b0.1% H2O) are used

Table 1
Values of input parameters used in the present study.

Parameter Value

Operating temperature, T (K) 1073
Operating pressure, P (atm) 1.0
Molar flow rate of fuel, Ffuel (mol s−1) 2.27×10−5

Molar flow rate of air, Fair (mol s−1) 2.27×10−5

Cell length, L (m) 0.04
Cell width, W (m) 0.01
Electrode porosity, ε 0.4
Electrode pore radius, r (μm) 0.5
Electrode tortuosity, ξ 5.0
Electrolyte conductivity, σelectrolyte (Ω−1 m−1) [20] 225.92 exp(−6.3×103/T)
Effective diffusion coefficient at the anode side,
Da, eff (m2 s−1)

8.98×10−5

Effective diffusion coefficient at the cathode side,
Dc, eff (m2 s−1)

6.31×10−6

Electrolyte-supported: ES-SOFC-H+

Thickness of anode, τanode (μm) 50
Thickness of electrolyte, τelectrolyte (μm) 500
Thickness of cathode, τcathode (μm) 50

Anode-supported: AS-SOFC-H+

Thickness of anode, τanode (μm) 500
Thickness of electrolyte, τelectrolyte (μm) 50
Thickness of cathode, τcathode (μm) 50

Cathode-supported: CS-SOFC-H+

Thickness of anode, τanode (μm) 50
Thickness of electrolyte, τelectrolyte (μm) 50
Thickness of cathode, τcathode (μm) 500
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as fuel and oxidant for fuel cell. The proton conductivity of the
electrolyte was estimated from Potter and Baker [20]. To date, several
methods have been proposed for manufacturing dense electrolyte
with thin films on porous substrates. These include the preparation of
proton-conducting electrolyte thin films using spin coating [32,33],
pulsed laser deposition [34,35] and co-pressing and sintering
processes [36,37]. Although differences in electrode porosity may
occur during SOFC-H+ fabrication, it was assumed in this study that
the porosity of electrodes remain independent of processing route.

3.1. Role of support structures

The electrical characteristics of an anode-supported SOFC-H+ are
shown in Fig. 3. The cell voltage decreases with increasing current
density due to the irreversible voltage losses. As seen in Fig. 3a, the
power density reaches its maximum value of 0.26 W cm−2 at a
current density of 0.48 A cm−2. When the fuel cell is operated at a
current density of 1.00 A cm−2, the voltage and power density drop to
zero and the fuel cell efficiency at this condition is 51%. From the
simulation results, the ohmic loss represents the major loss in the fuel
cell, followed by the cathode and anode activation overpotentials
(Fig. 3b) and thus the development of electrolytes with higher ionic
conductivity would improve performance. It is noted that at the
current density of 1.00 A cm−2 the cell performance is not controlled
by the concentration loss as a rapid voltage drop is not observed. The
results show that although the anode-supported SOFC is considered,
the concentration overpotential at the anode is negligible because H2

can be transported quickly through the anode. Unlike the cathode
side, higher molecular weights of O2 and H2O result in lower effective
diffusion coefficients that result in higher concentration overpoten-
tials at the cathode side.

Fig. 4a presents the performance of a SOFC-H+ cell with different
support structures (i.e., anode, cathode and electrolyte supports). It
clearly indicates that the electrode-supported SOFC-H+ provides as
higherperformance comparedwith the electrolyte-supported SOFC-H+,
not surprising given the impact of electrolyte resistance on cell behavior.
Individual ohmic and concentration overpotentials of the SOFC-H+ are
given in Fig. 4b and c, respectively. A plot of the activation overpotential
is not given as it is assumed to be independent of electrode thickness. As
shown in Fig. 4b, ohmic loss dominates the electrolyte-supported SOFC-
H+performance due to its higher electrolyte thickness, coupledwith the
relatively low ionic conductivity of theproton-conductingelectrolyte. To
reduce ohmic loss in the electrolyte-supported SOFC-H+, higher
operating temperatures and/or alternative electrolyte materials are
required. Fig. 4c shows the difference of cathode concentration
overpotential in the anode- and cathode-supported SOFC-H+. Since

the transport of H2 as a single component in the porous anode is quick,
the anode concentration overpotential in both the anode- and
cathode-supported SOFC-H+ is relatively small. From Fig. 4c, it can
be seen that the cathode concentration overpotential in the cathode-
supported SOFC-H+ is higher than that in the anode-supported SOFC-
H+. The use of a thicker cathode can hinder the transport of O2 and
H2O, resulting in higher concentration overpotentials at the cathode
side. Due to the difference in concentration overpotentials, the anode-
supported SOFC-H+ shows better performance than the cathode-
supported SOFC-H+; the anode-supported SOFC-H+ can be operated
at higher current densities and power densities. Therefore, the anode-
supported SOFC-H+ was selected as the basis to investigate the effects
of structural and operational parameters on SOFC-H+ performance in
the next section.

3.2. Effect of electrolyte thickness

In order to further explore the performance of anode-supported
SOFC-H+s, the effect of operating current densities on cell power
density at different electrolyte thicknesses was analyzed, as shown in
Fig. 5a. Considering the present technology of fabricating a thinner
electrolyte in a SOFC, it shows that in order to avoid an increase risk of
breakage causing a gas leak, the minimum of the electrolyte thickness
is about 10 μm [15,32–37]. Therefore, the effect of the electrolyte
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thickness varying in the range 10–40 μm on the SOFC-H+ perfor-
mance was studied. It is noted that the anode and cathode thickness
was fixed at 500 and 50 μm, respectively. At each value of electrolyte
thickness, there is an optimum current density to achieve the
maximum power density. As expected, the cell performance increases
dramatically when the electrolyte thickness decreases, because of the
decreases in electrolyte ohmic loss, as shown in Fig. 5b.

3.3. Effect of cathode thickness

Fig. 6a presents the characteristic curve of the anode-supported
SOFC-H+ at different cathode thicknesses (25, 50, 100 and 150 μm),
with the electrolyte and anode thickness fixed at 10 and 500 μm,
respectively. The simulation results show that the cell performance
slightly decreasedwhen the cathode thickness increased. As expected,
the increased cathode thickness hinders the transport of O2 from the
surface to the cathode/electrolyte interface, and the transport of H2O
from the porous cathode to the air channel. These results lead to an
increase in the concentration overpotential, as demonstrated in
Fig. 6b. Considering the durability of an anode-supported SOFC-H+,
it has been reported that it should be fabricated with a cathode
thickness of at least 50 μm [3,4,7,18,25]. It is noted that the anode,
electrolyte and cathode thickness of 500, 10 and 50 μm are set as the
standard cell geometry for a performance analysis of the SOFC-H+ in
subsequent sections.

3.4. Effect of operating temperature

Fig. 7a shows the cell power density as a function of operating
current densities for the anode-supported SOFC-H+ at different
operating temperatures (873, 1073 and 1273 K). The individual
overpotentials are shown in Fig. 7b–d. As shown in Fig. 7a, the
cell performance increases significantly with increasing operating
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temperature. This is due to the fact that the ohmic loss is highly
sensitive to operating temperatures; it greatly decreases with an
increased temperature as illustrated in Fig. 7b. Conversely, the
activation overpotential (Fig. 7c) and concentration overpotential
(Fig. 7d) increase with an increase in operating temperature. It is
noted that the effect of operating temperatures on the performance of
SOFC was analyzed without the consideration of the degradation
effect of electrodes. The result indicates that although the activation
and concentration overpotentials increase with increasing tempera-
tures, the SOFC-H+ performance is improved. This is because of a
remarkably decreased ohmic loss at high-temperature operation. It is
noted that in general, the proton transport number decreases while
oxide-ion transport number increases with increasing operating
temperature. However, the proton transport number of pure SCY
(larger than 0.9) decreases only slightly as the temperature increases
over a wide temperature range [38,39].

3.5. Effect of operating pressure

The effect of operating pressure on the characteristic curve of the
anode-supported SOFC-H+ cell is shown in Fig. 8a. It can be seen that
cell performance can be slightly improved when the operating
pressure is changed from 1 atm to 10 atm. This is because O2 can
easily diffuse to the electrode/electrolyte interface when the SOFC-H+

is operated under high pressure operation; the concentration over-
potential is reduced as can be seen in Fig. 8b. It is noted that although

the performance of SOFC-H+ is improved due to the high pressure
operation, it may result in the brittleness of the SOFC materials [5].
Therefore, a choice of operating pressure should be carefully selected.

3.6. Effect of water content

Unlike conventional oxide based SOFC, here it is necessary to
explore the impact of water content on the cathode side of the fuel
cell. Fig. 9a and b show that increasing water content in the oxidant
from 0.1 to 12.0% decreases the cell performance. Even though,
increasing water content results in a reduction of the concentration
overpotential (Fig. 9c), higher water content in oxidant also decreases
the concentration of O2 required for the electrochemical reaction that
causes a reduced open-circuit voltage. This leads to the deterioration
of the cell performance. It is noted that the overall effective diffusion
coefficients on the cathode side are based on three components (O2,
H2O and N2). Although the effective binary diffusion coefficients of O2

and H2O in N2 are almost constant when water content increases, the
difference in the mole fraction of O2 and H2O results in an increase in
the effective diffusion coefficients and thus, the concentration over-
potential is decreased.

4. Conclusions

A detailed electrochemical model of a SOFC-H+ was presented in
this study. The analysis of gas diffusion through the porous electrodes
was developed based on Fickian diffusion to determine the concen-
tration overpotential. The developed SOFC-H+ model shows a good
agreementwith experimental data reported in the literature. Based on
the developed model, the electrochemical performance of a planar
SOFC-H+was analyzedwith respect to different design, structural and
operational parameters. Under the standard operating conditions
(T=1073 K and P=1 atm), it was found that an anode-supported
SOFC-H+ provides the best performance in terms of an achievable
power density across a wider range of operating current density. This
is because an ohmic loss in the anode-supported SOFC-H+ is lower
than the electrolyte-supported SOFC-H+. Concentration overpoten-
tials become more significant for a cathode-supported cell. Consid-
ering the anode-supported SOFC-H+, the ohmic loss is still a major
loss due to the relatively low proton conductivity of electrolyte. The
performance analysis of the anode-supported SOFC-H+ shows that a
decrease in electrolyte thickness and an increase in operating
temperature can significantly reduce the ohmic loss. Further, it is
found that the anode-supported SOFC-H+ performance can be
improved by decreasing cathode thickness and water content and
by increasing operating pressure.

Nomenclature
Da,eff effective diffusion coefficient in the anode side (m2 s−1)
Dc,eff effective diffusion coefficient in the cathode side (m2 s−1)
EOCV open-circuit voltage (OCV) (V)
E0 OCV for standard temperature and pressure and pure

reactants for the H2 oxidation reaction (V)
F Faraday's constant (C mol−1)
Fair molar flow rate of air (mol s−1)
Ffuel molar flow rate of the fuel (mol s−1)
i current density (A m−2)
i0,electrode electrode exchange current density (A m−2)
L cell length (m)
n number of electrons participating in the electrochemical

reaction
P pressure (atm)
pi partial pressure of component i (atm)
Rohm ohmic area specific resistance (Ωm2)
R gas constant (kJ mol−1 K−1)
r electrode pore radius (μm)
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Fig. 6. Effect of cathode thickness at different current densities on (a) power density,
and (b) concentration overpotential.
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T temperature (K)
V operation voltage (V)
W cell width (m)

Greek symbols
α transfer coefficient
ε electrode porosity
ηact activation overpotential (V)
ηcon concentration overpotential (V)
σelectrolyte ionic conductivity of electrolyte (Ω−1 m−1)
τanode anode thickness (m)
τcathode cathode thickness (m)
τelectrolyte electrolyte thickness (m)
ξ electrode tortuosity

Superscripts
I electrode/electrolyte interface
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Appendix A. Effective diffusivity coefficient

Gas diffusion in a porous material is mainly described by two
mechanisms; namely, ordinary diffusion and Knudsen diffusion.
Ordinary diffusion occurs when the pore diameter of material is
larger in comparison to the mean free path of the gas molecules. On
the other hand, when the pore diameter is much smaller than the
mean free path of the gas molecules, Knudsen diffusion becomes an
important mechanism. The Knudsen diffusion coefficient can be
predicted using the kinetic theory by relating the diameter of the pore
and the mean free path of the gas [3,6,7].

For straight and round pores [3], the diffusion coefficient of the
gaseous component A becomes:

DAk = 97r

ffiffiffiffiffiffiffi
T
MA

s
ðA:1Þ

r =
2ε
SAρB

ðA:2Þ

where SA is the surface area of the porous solid (m2 kg−1), ρB is the
bulk density of the solid particle (kg m−3), ε is the porosity material,
and M is the molecular mass (kg kmol−1).
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Fig. 7. Effect of operating temperature at different current densities on (a) power density, (b) ohmic loss, (c) activation loss, and (d) concentration overpotential.
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To account for the tortuosity of the material, the Knudsen
coefficient has to be modified in terms of an effective coefficient [3,6]:

DAk;eff = DAk
ε
ξ

� �
ðA:3Þ

where ε and ξ represent the porosity and the tortuosity, respectively.
The binary ordinary diffusion coefficient in the gas phase can be

determined by using the Chapman–Enskog theory [31] as follows:

DAB = 0:0018583
1
MA

+
1
MB

� �1=2 T3=2

pσ2
ABΩDAB

ðA:4Þ

σAB =
σA + σB

2
ðA:5Þ

ΩDAB =
A
τB

+
C

exp Dτð Þ +
E

exp Fτð Þ +
G
Hτ

ðA:6Þ

τ =
kT
εAB

ðA:7Þ

εAB = εAεBð Þ1=2 ðA:8Þ

where p is the total pressure (atm), k is the Boltzmann's constant, σAB

(A°) is the characteristic length, and ΩDAB is the collision integral
based on the Lennard–Jones potential which can be obtained from εAB.

εAB (K) is the characteristic Lennard–Jones length. The values for the
characteristic lengths and the constants appearing in the collision
integral are reported in Tables A.1 and A.2.

Similar to the Knudsen diffusion, the effective diffusion coefficient
for the binary diffusion has to be modified in order to account for the
tortuosity of the material:

DAB;eff = DAB
ε
ξ

� �
ðA:9Þ
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Fig. 8. Effect of operating pressure at different current densities on (a) power density,
and (b) concentration overpotential.

Fig. 9. Effect of water content at different current densities on (a) power density,
(b) cell voltage, and (c) concentration overpotential.
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Both ordinary diffusion and Knudsen diffusion may occur simul-
taneously. For self-diffusion transfer, the effective diffusion coefficient
can be written as

1
DA;eff

=
1

DAB;eff
+

1
DAk;eff

ðA:10Þ
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A B C D E F G H
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Abstract�Biodiesel, which is regarded as a promising alternative to a conventional petroleum-based diesel fuel, can
be produced from transesterification of vegetable oils and alcohol in conventional batch and continuous reactors. Since
the transesterification is an equilibrium-limited reaction, a large excess of reactants is usually used to increase the pro-
duction of biodiesel, thereby requiring more expensive separation of unreacted raw materials. This study proposed the
use of a reactive distillation for transesterification of soybean oil and methanol catalyzed by sodium hydroxide to produce
biodiesel. The simulation results showed that a suitable configuration of the reactive distillation column consists of
three reactive stages. The optimal conditions for the reactive distillation operation are at the molar feed ratio of methanol
and oil at 4.5 : 1, reflux ratio of 3, and reboiler duty of 1.6×107 kJ h�1. Methanol and soybean oil should be fed into
the column at the first stage. The effect of important operating and design parameters on the performance of reactive
distillation was also presented.

Key words: Reactive Distillation, Biodiesel Production, Soybean Oil, Transesterification, Simulation

INTRODUCTION

Biodiesel as an alternative fuel has been presently receiving much
attention due to the limited availability of conventional petroleum
diesel and environmental concerns. It can be directly used to replace
petroleum diesel without modifying diesel engines since their prop-
erties, e.g., specific gravity, cetane number, viscosity, cloud point,
and flash point, are similar [1]. In general, biodiesel is derived from
a transesterification reaction of triglycerides in vegetable oils or ani-
mal fats with alcohol (i.e., methanol and ethanol) under the pres-
ence of catalysts [2-4].

Various types of catalyst, which includes alkali and acid-based
catalysts in both heterogeneous and homogeneous forms, and numer-
ous feedstock based on available local vegetable oils can be employed
for biodiesel production. As a result, there are a number of researches
concerning the production of biodiesel from different vegetable oils
and alcohols. An analysis of the effect of important operating condi-
tions such as temperature, feed molar ratio, and type of catalyst, on
the efficiency of a biodiesel production system is also the main topic
of interest. For example, Narvaez et al. [5] investigated the kinetics
of the transesterification of palm oil with methanol catalyzed by
sodium hydroxide in a batch stirred reactor. Sharma et al. [6] studied
the effect of key reaction parameters on the synthesis of biodiesel
from various crude vegetable oils and determined optimal condi-
tions for maximizing the biodiesel yield.

It has been known that the transesterification of vegetable oils to
fatty acid ester as a biodiesel is an equilibrium-limited reaction. A
large excess of alcohol over a stoichiometric ratio is usually employed
in conventional reactors to achieve a high degree of the conversion
of vegetable oils, thereby requiring the expensive separation of un-

reacted reactants from the biodiesel product [7]. As a consequence,
potentially alternative processes to overcome such a difficulty should
be explored. When considering the characteristics of the transester-
ification reaction, the use of reactive distillation, a multifunctional
reactor combining chemical reaction and distillation in a single col-
umn, is a promising way. The simultaneous separation and reaction
inside the column allow the equilibrium-limited reaction to take
place more completely and reduce the separation cost of unreacted
reactants [8-10]. Although a number of investigations have been
reported on the implementation of a reactive distillation to biodie-
sel production, most of them focus on the utilization of free fatty
acid extracted from vegetable oils as a reactant for an esterification
process [11,12]. Matallana et al. [13] studied the production of bio-
diesel from lauric acid and 2-ethyl hexanol by using the reactive
distillation. Kumar and Mahajani [12] applied the reactive distilla-
tion for the esterification of lactic acid with n-butanol catalyzed by
Amberlyst-15. To date, few studies on reactive distillations have
been performed for the transesterification of vegetable oils [7]. Re-
cently, Silva et al. [14] preliminarily studied the synthesis of biodie-
sel from transesterification of soybean oil with ethanol by using reac-
tive distillation. The effect of operating conditions such as catalyst
concentration and ratio of ethanol and oil on the performance of
biodiesel production was only studied without considering the impact
of design parameters.

The aim of this work is concentrated on the analysis of a reactive
distillation for biodiesel production from the transesterification of
soybean oil with methanol. Pure soybean oil is considered to be a
suitable feedstock due to its low content of free fatty acid (less than
0.3%), and thus a pretreatment of feedstock by removal of free fatty
acid is unnecessary. A residue curve map is used as a tool to analyze
a reactive distillation operation. Furthermore, the effect of various
operating and design parameters on the performance of the reac-
tive distillation for biodiesel production is investigated.
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SIMULATION OF REACTIVE DISTILLATION
FOR BIODIESEL PRODUCTION

Biodiesel is normally produced by a transesterification process
of vegetable oils with methanol. The transesterification reaction con-
sists of three-step reactions in series as shown below:

(1)

From the above reaction scheme, triglyceride (TG), a major com-
ponent in vegetable oils, reacts with methanol in the presence of
catalyst to produce methyl esters (RCOOCH3) as a biodiesel prod-
uct and diglyceride (DG), monoglyceride (MG), and finally glyc-
erol (GL) as a by-product. All the reactions are reversible and can
be catalyzed by either alkali or acid catalysts; however, the alkali
catalyst is preferable due to a higher reaction rate.
1. Kinetic Model of Soybean Oil

As mentioned earlier, the transesterification of triglyceride in veg-
etable oils and alcohol involves three reversible reactions (Eq. (1)).
Kinetic expressions and rate constants for each reaction are neces-
sary information for process simulations. This work was focused
on the production of biodiesel from the transesterification of soy-
bean oil and methanol with sodium hydroxide catalyst. Trilinolein, a
major component in soybean oil, was represented as the triglyceride
whereas dilinolein and monolinolein were referred to as the inter-
mediate reactants. Methyl linoleate (methyl ester) was considered
to be a major biodiesel product. The kinetic studies by Noureddini
and Zhu [15] showed that the transesterification is a homogeneous
liquid-phase and equilibrium-limited reaction and the kinetic param-
eters can be explained by the Arrhenius law. The rate expressions
of each reaction are shown as follows:

rTG=�k1[TG][A]+k2[DG][A]
rDG=k1[TG][A]�k2[DG][E]�k3[DG][A]+k4[MG][E]
rMG=k3[DG][A]�k4[MG][A]�k5[MG][A]+k6[GL][E] (2)
rE=k1[TG][A]�k2[DG][E]+k3[DG][A]
rE=�k4[MG][E]+k5[MG][A]�k6[GL][E]
rGL=k5[MG][A]�k6[GL][E]

where TG, DG, MG, GL, A, and E denote the triglyceride, diglyc-
eride, monoglyceride, glycerol, methanol, and methyl ester (biodie-
sel), respectively, and ki is the rate constant of reaction i.

Table 1 shows the reaction constants of the transesterification
reaction of soybean oil and methanol [15].

2. Phase Equilibrium
Fig. 1 shows the residue curve map of the tertiary system con-

sisting of methanol, glycerol, methyl linoleate, in biodiesel produc-
tion. There is a binary azeotrope (methyl linoleate and glycerol) at
229 oC. As glycerol and biodiesel can be decomposed at 150 oC and
250 oC, respectively, the reactive distillation should not be operated
at higher reboiler temperatures. In addition, the composition of the
products obtained from the transesterification reaction trends to be
in the right-hand side of the distillation region (line ab in Fig. 1). Since
the reactive distillation column cannot be operated across a distilla-
tion boundary, pure glycerol cannot be obtained. From Fig. 1, the
binary azeotrope does not affect the separation because it is saddle
node, and thus the distillate product stream of a reactive distillation
is pure methanol while the bottom stream comprises methyl linoleate
and glycerol.
3. Reactive Distillation for Biodiesel Production

The production of biodiesel from the transesterification of soy-
bean oil with methanol in a reactive distillation was investigated in
this study. Due to its low content of free fatty acid (less than 0.3
wt%), soybean oil can be directly used as the feedstock for biodie-
sel production without requiring a pretreatment unit. Simulations
of the reactive distillation were performed by using HYSYS com-
mercial software to analyze the effect of key operating and design
parameters on its performance for biodiesel production. A rigorous
equilibrium stage model and UNIQUAC model for describing ther-
modynamic properties and phase equilibriums were used. Methyl
linoleate (biodiesel) was taken as the product of the transesterifica-
tion reaction, whereas glycerol was considered to be the by-product.
The following conditions were determined as the standard case study:
the column was operated at atmospheric pressure and the pressure
drop was negligible, soybean oil (trilinolein) and methanol were
fed at the first stage of a reactive section, and total condenser and a
stage efficiency of 100% were assumed.

Fig. 2 shows the configuration of the reactive distillation column
used in this study. The column contains a total of 22 stages (includ-

TG � CH3OH              DG � RCOOCH3
k1

k2

DG � CH3OH              MG � RCOOCH3
k3

k4

MG � CH3OH              GL � RCOOCH3
k5

k6

Table 1. Values of kinetic constant for transesterification of soy-
bean oil and methanol

Rate constant k0 (L mol�1 s�1) Ea (cal mol�1)
k1 003.9×107 13,145
k2 05.78×105 09,932
k3

25.906×1012 19,860
k4 9.888×109 14,639
k5 5.335×103 06,421
k6 002.1×104 09,588

Fig. 1. Residue curve map for a ternary system in biodiesel pro-
duction.
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ing a condenser and a reboiler). Methyl linoleate and glycerol are
produced in a reactive zone where the transesterification of trili-
nolein and methanol occurs. Since sodium hydroxide was used as
a homogeneous catalyst, the reaction was assumed to occur over
all the stages of the reactive distillation column.

To determine the performance of reactive distillation, the con-
version of trilinolein in soybean oil and the yield of methyl linoleate
as defined by Eqs. (3)-(4) was considered.

(3)

(4)

where Ftrilinolein, 0, Ftrilinolein, and Fmethyl linoleate are the molar flow rates of
trilinolein in feed and outlet streams, and methyl linoleate, respec-
tively.

SIMULATION RESULTS

1. Standard Condition
At the standard condition, the feed streams consisting of trili-

nolein and methanol at the flow rates of 50 and 300 kmol/h, respec-
tively, are separately fed to a reactive distillation column at the first
stage. The column is operated at pressure of 1 atm with the reflux
ratio of 3, feed temperature of 50 oC, and the reboiler duty of 1.2×
107 kJ/h. Figs. 3(a) and 3(b) show, respectively, the composition
and temperature profiles within the column under the standard con-
dition. There is a large amount of methanol at the top of the column,
whereas less trilinolein, dilinolein and monolinolein are observed. The
bottom products consist of mostly methyl linoleate (biodiesel product)
and slightly glycerol as a by-product. Under the standard condi-
tion, the conversion of trilinolein is 99% and the purity of methyl
linoleate is 81%. The unreacted methanol, the lowest-boiling point
substance, is withdrawn from the reactive distillation column as a
distillate stream, whereas a mixture of methyl linoleate and glyc-
erol is removed as a bottom stream as earlier stated in Section 2.2.
The phase separation of methyl linoleate and glycerol in the prod-

uct stream was not observed. It is noted that under low operating
temperatures, glycerol cannot be separated from biodiesel product.
To separate glycerol from biodiesel in the reactive distillation col-
umn, a higher temperature operation is required; however, this can
result in a decreased amount of methanol in the reaction section,
thus decreasing the conversion of trilinolein. In addition, this would
make glycerol decompose.
2. Effect of Feed Ratio of Methanol and Oil

The molar feed ratio of methanol and oil (trilinolein) is one of
the key parameters on the performance of the reactive distillation.
Fig. 4 shows the effect of molar feed ratio of methanol to oil on the
conversion of trilinolein and the yield and purity of methyl linoleate.
The simulation results demonstrate that the conversion of trilinolein
and the yield of methyl linoleate increase with increasing feed molar
ratio. The purity of methyl linoleate shows a decreasing trend at a
higher ratio of methanol and oil due to the dilution effect of unre-
acted methanol. It is found that the feed streams of methanol and
oil at the ratio of 4.5 is an optimal condition in terms of the product
yield and purity. Fig. 4 also compares the performance of the reac-
tive distillation with that of a conventional continuous reactor oper-
ated at 100 oC. It is clearly indicated that at the same feed ratio, the
implementation of the reactive distillation to produce biodiesel gives

Conversion � 
Ftrilinolein 0�  � Ftrilinoleion

Ftrilinolein 0�
------------------------------------------- 100%�

Yield � 
Fmethyl linoleate

3 Ftrilinolein 0��
--------------------------- 100%�

Fig. 3. (a) Composition and (b) temperature profiles in reactive dis-
tillation for biodiesel production at standard condition.

Fig. 2. Schematic diagram of reactive distillation for biodiesel pro-
duction.
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a better performance because the removal of methyl linoleate and
glycerol promotes the transesterification reaction.
3. Effect of Feed Temperature

The effect of feed temperatures on the performance of the reac-

tive distillation in terms of the conversion of trilinolein and yield of
methyl linoleate is studied. Fig. 5 indicates that when the feed tem-
perature is increased from 25 oC to 90 oC, the conversion of trili-
nolein and the yield of methyl linoleate are slightly decreased. An
increase in feed temperatures decreases the amount of methanol in
the reaction section of the column. This causes the reductions of
trilinolein conversion and methyl linoleate yield in the reactive distil-
lation. Since the feed temperature slightly affects the reactive distil-
lation performance, the subsequent studies will be performed using
the feed temperature of 25 oC.
4. Effect of Reboiler Heat Duty

The effect of reboiler heat duty on the performance of reactive
distillation is shown in Fig. 6. Increased reboiler duty improves the
conversion of trilinolein and the yield of methyl linoleate as the tem-
perature in the reaction section increases. However, the performance

Fig. 5. Effect of feed temperature on (a) conversion of trilinolein
and (b) yield of methyl ester.

Fig. 4. Effect of molar feed ratio of methanol and oil on (a) con-
version of trilinolein, (b) yield of methyl ester, and (c) purity
of methyl ester.
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of reactive distillation for biodiesel production is degraded at high
reboiler duty (>2×107 kJ/h). This is due to the large amount of metha-
nol in the distillate stream being removed from the column. The
result also shows that the reboiler duty increases the reboiler tem-
perature (Fig. 6(a)). Fig. 6(c) shows an increase in the purity of bio-

diesel product with the increased reboiler duty since trilinolein highly
reacts with methanol to produce methyl linoleate. Although the oper-
ation of reactive distillation at the reboiler duty of 2×107 kJ/h gives
the highest trilinolein conversion, a high reboiler temperature may
cause the decomposition of glycerol and biodiesel products. As a
result, a suitable reboiler duty of the reactive distillation is 1.6×107

kJ/h.
5. Effect of a Number of Reactive Stages

In this study, sodium hydroxide is considered as a homogeneous
catalyst for the production of biodiesel from soybean oil. It is mixed
with methanol before being fed into the reactive distillation column
to react with trilinolein. As a result, the amount of catalyst is inde-
pendent of a number of reactive stages in the column. Fig. 7 de-
monstrates the effect of changing the number of reactive stages on
the reactive distillation performance when the feed ratio of metha-
nol and trilinolein is 4.5 : 1. It is noted that the transesterification
reaction is carried out at all the stages of the column. The results
indicate that adding more reactive trays improves the system perfor-
mance. Increasing the reactive stages causes trilinolein and metha-

Fig. 6. Effect of reboiler duty on (a) conversion of trilinolein, (b)
yield of methyl ester, and (c) purity of methyl ester at dif-
ferent reflux ratios (methanol to trilinolein molar ratio of
4.5 : 1, 20 reactive stages, feed location at the first stage of
the column).

Fig. 7. Effect of a number of reactive stages on (a) conversion of
trilinolein and (b) yield of methyl ester (methanol to trili-
nolein molar ratio of 4.5 : 1, reflux ratio of 3, reboiler duty
of 1.6×107 kJ h�1).
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nol to have more contacting area, thereby enhancing the conversion
of trilinolein. It is noticed that the performance of the reactive dis-
tillation is slightly improved when a number of the reactive stages
are higher than 3.
6. Effect of Feed Location of Methanol

The location of a feed stream is an important design parameter
having an effect on a reactive distillation performance. In general,
a lighter reactant should be fed on the bottom stage of the reactive
zone, whereas a heavier reactant is fed on the top stage of the reactive
zone. However, for transesterification reaction of soybean oil and
methanol, both the reactants are introduced to the column at the first
reactive stage. Fig. 8 shows the distribution of sodium hydroxide
within the column at different feed locations of methanol when the
total number of reactive stages is 3. It is found that no catalyst exists
above the feed stage of methanol. Therefore, moving the feed stage
of methanol down to the bottom of the reactive distillation column
decreases the conversion of trilinolein and the yield of methyl linoleate
as shown in Fig. 9. Although a higher amount of methanol is ob-
served at the upper stage of methanol feed location, the transesteri-
fication is less pronounced due to the absence of catalyst. Fig. 10
shows the profiles of the column temperature when methanol is fed
to the column at different stages. The results show that introducing
methanol at the top of the reactive distillation column can increase
column temperatures, thus increasing the transesterification reaction.

From simulation studies, it is found that for biodiesel production
from soybean oil, a suitable configuration of the reactive distillation
column consists of only three reactive stages. The optimal condi-
tions for the operation of the reactive distillation are at the molar
feed ratio of methanol and oil at 4.5 : 1, reflux ratio of 3, and reboiler
duty of 1.6×107 kJ h�1. Methanol and soybean oil should be fed into
the column at the first stage of the reactive distillation column. Fig. 11
shows the typical composition and temperature profiles of the reac-
tive distillation at the optimal designed conditions. It can be seen
that the compositions of the distillate product consist of only metha-
nol, while the bottom product consists of mainly methyl linoleate.

CONCLUSIONS

We investigated the use of a reactive distillation for biodiesel pro-

Fig. 10. Temperature profiles at different feed locations of metha-
nol.Fig. 8. Profile of NaOH at different feed locations of methanol when

a number of the reactive stages are 3.

Fig. 9. Effect of feed location of methanol on (a) conversion of trili-
nolein and (b) yield of methyl ester (molar ratio of 4.5 : 1,
reflux ratio of 3, reboiler duty of 1.6×107 kJ/h).
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duction from transesterification of soybean oil (represented by trili-
nolein) and methanol catalyzed by sodium hydroxide. Effects of
operating and design parameters of the reactive distillation, i.e., feed
molar ratio, feed location, a number of reactive stages, on biodiesel
production were analyzed to determine a suitable reactive distilla-
tion configuration. The results showed that increases in the molar
feed ratio of methanol and oil and the reboiler duty enhance the per-

formance of the reactive distillation in terms of the conversion of
trilinolein, whereas the effect of feed temperature shows an opposite
trend. The increased reactive stage also improves the performance
of reactive distillation. To achieve a high conversion of trilinolein,
soybean oil and methanol should be introduced at the first stage of
column.
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a b s t r a c t

Mathematical models of an Intermediate Temperature Solid Oxide Fuel Cell (IT-SOFC) with

indirect internal reforming operation (IIR-SOFC) fueled by methane were developed. The

models were based on a steady-state heterogeneous two-dimensional tubular-design

SOFC. The benefit in adding oxygen to methane and steam as the feed for autothermal

reforming reaction on the thermal behavior and SOFC performance was simulated. The

results indicated that smoother temperature gradient with lower local cooling at the

entrance of the reformer channel can be achieved by adding a small amount of oxygen.

However, the electrical efficiency noticeably decreased when too high oxygen content was

added due to the loss of hydrogen generation from the oxidation reaction; hence, the inlet

oxygen to carbon (O/C) molar ratio must be carefully controlled. Another benefit of adding

oxygen is the reduction of excess steam requirement, which could reduce the quantity of

heat required to generate the steam and eventually increases the overall system perfor-

mance. It was also found that the operating temperature strongly affects the electrical

efficiency achievement and temperature distribution along the SOFC system. By increasing

the operating temperature, the system efficiency increases but a significant temperature

gradient is also detected. The system with a counter-flow pattern was compared to that

with a co-flow pattern. The co-flow pattern provided smoother temperature gradient along

the system due to better matching between the heat supplied from the electrochemical

reaction and the heat required for the steam reforming reaction. However, the electrical

efficiency of the co-flow pattern is lower due to the higher cell polarization at a lower

system temperature.
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1. Introduction

A Solid Oxide Fuel Cell (SOFC) is an electrochemical device

which enables a conversion of chemical energy to electrical

energy with high efficiency and low environmental impact.

Typically, SOFC is operated at high temperature (between

700and1100 �C) under atmospheric or elevated pressures [1].

Under these operating conditions, the primary hydrocarbon

fuels e.g. methane or natural gas can be internally reformed

(internal reforming SOFC or IR-SOFC) to H2 and CO which are

sufficient fuels for SOFC. Theoretically, the promising

reforming process for IR-SOFC operation is the endothermic

steamreforming reaction, fromwhich the requiredheat comes

from the exothermic electrochemical reaction. According to

IR-SOFC operation, there are 2 main approaches i.e. direct

internal reforming (DIR-SOFC) and indirect internal reforming

(IIR-SOFC). For DIR-SOFC approach, the reforming reaction

occurred simultaneously with electrochemical reaction at the

anode side of SOFC; thus a high heat transfer rate can be ach-

ieved fromthis operation.Nevertheless, the anodematerial for

DIR-SOFC must be optimized for both reactions as it could be

easily poisoned by carbon deposition from the reforming of

hydrocarbons. As for IIR-SOFC, the endothermic reforming

reaction takes place at the reformer, which is in close thermal

contact with the anode side of SOFC where the exothermic

electrochemical reaction occurs. IIR-SOFC provides advan-

tages in termsof eliminating the requirementof a separate fuel

reformer, enhancing a good heat transfer between the

reformer and the fuel cell, and preventing the anode material

from carbon deposition. However, the main drawback of IIR-

SOFC is a possiblemismatch between the rates of endothermic

and exothermic reactions, which leads to a significant local

temperature reduction particularly near to the entrance of the

reformer and consequently results in amechanical failure due

to thermal induced stresses [1e3]. Several approaches for

minimizing this mismatch problem have been proposed,

e.g. applying thecatalystwith lowreforming reactivity orusing

the internal coated-wall designed reformer [1e3].

Recently, one promising approach for SOFC technology is to

reduce the operating temperature of SOFC system, called as

intermediate temperature SOFC (IT-SOFC). This operation

provides the great benefit in terms of SOFC material compo-

nent selection. To operate an IT-SOFCwith internal reforming,

a highly endothermic steam reforming reaction might not be

a suitable option. On this basis, the combination of steam

reforming and partial oxidation as called autothermal

reforming could be a better choice since it can minimize the

requirement of an external heat for the reaction. Nevertheless,

the optimum inlet hydrocarbon, steam and oxygen ratios to

operate this reaction efficiently have still been under investi-

gation. For instance, Hoang et al., 2005 [4]; Ding et al., 2008 [5];

and Halabi et al., 2008 [6] studied the effect of several operating

parameters e.g. pressure, and oxygen to carbon ratio (O/C) on

the behavior of a packed bed designed autothermal reformer

fueled by methane. They revealed that the hot spot usually

occurs at the entrance of the reformer. The simulation results

by Hoang et al., (2005) [4] indicated that the oxidation reaction

generally occurs faster than the steam reforming; hence the

system temperature initially increases due to the heat supply

from the oxidation reaction before drops down due to the heat

utilization by the steam reforming. Gudlavalleti et al., 2007 [7]

presented that the temperature deviation occurred in the

system strongly affects the service life of the reforming cata-

lyst. Ding et al., (2008) [5] suggested that the steady state

operation can be achieved rapidlywhen the radius of reactor is

reduced but this parameter insignificantly influences the

methane conversion and hydrogen yield. Previously, Lim et al.,

2005 [8] applied the concept of autothermal reforming with

high temperature IIR-SOFCmodeling and indicated the benefit

in term of temperature gradient reduction. Nevertheless, the

effect of operating parameters on the system performance has

not been considered in that study.

In the present work, a set of mathematical models was

developed with an aim to predict the behaviors (i.e. cell

performance and temperature gradient) of a tubular-design IT-

SOFC with indirect internal reforming operation fueled by

methane. The autothermal reforming was applied at the

internal reformer and the operating temperature was main-

tained above 973 K since it was reported to be the minimum

operating temperature of Ni/YSZ (SOFC anode)with expectable

activity [9,10]. The developed model was coded in COMSOL�

programwithin 2-D axial dimension application and the effect

of operating conditions (i.e. inlet oxygen to carbon ratio, inlet

steam to carbon ratio and gas flow pattern) on the system

performance was determined. From the simulations, the suit-

able operating conditions of this SOFC systemwere identified.

2. Mathematical models

2.1. Kinetic equations of autothermal reforming
reactions

In the present work, the autothermal reforming reaction of

methane over Ni-based catalyst was applied. The reaction is

based on the combination of 4 main reactions including (1)

total oxidation, (2) methane steam reforming reaction, (3)

reverse methanation and (4) water gas shift reaction.

CH4 þ 2O25CO2 þ 2H2O (1)

CH4 þH2O5COþ 3H2 (2)

CH4 þ 2H2O5CO2 þH2 (3)

COþH2O5CO2 þH2 (4)

The intrinsic rate equations and parameters of reaction (1)

were reported by Ayabe et al. (2003) [11], while those of reaction

(2)e(4) were reported by Xu and Froment (1989) [12]. Under non-

isothermal condition, the effects of heat convection in gas

stream,heatof reactions, conductiveheat transfers inthepacked

bedcatalystandradiationheat transferbetweenthesolidcelland

the packed bedwere taken into account in the reformingmodel.

2.2. Model geometry

The schematic diagram of a tubular IIR-SOFC for this inves-

tigation is presented in Fig. 1. Ni-based catalyst was used for
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the autothermal reforming process. The anode/electrolyte/

cathode compositions of the SOFC system considered here

are Ni-YSZ/YSZ/LSM-YSZ. According to this configuration,

methane, steam, and oxygen are fed to the internal reformer,

where the autothermal reforming takes place. In the present

work, the plug flow along the flow channels was assumed. At

the endof the reformer, this reformate gas is continuously fed

back to the fuel channel of SOFC. Simultaneously, air is fed to

the opposite flow direction through the air channel. All

dimensions and physical properties of this SOFC system are

based on several of previous publications [13e15] as summ-

arized in Table 1.

2.3. Model assumption and equations

The IIR-SOFCmodel was developed as the smallest single unit

cell taking into account the effect of temperature on gas

distribution, reactant conversion, and charge transfer. Our

developed models were based on the assumptions of (1) each

section is considered as non-isothermal steady state condi-

tion, and (2) ideal gas behavior is applied to all gas compo-

nents. Several equations were applied to simulate the

concentration and temperature gradients along this tubular

IIR-SOFC system. The details for these sets of equations are

given in Tables 2 and 3 and the entire developedmathematical

model was coded in the COMSOL� program within 2-D axial

dimension application.

3. Results and discussion

3.1. Modeling of IIR-SOFC with autothermal reforming

Firstly, the model was simulated at a reference condition,

fromwhich the feed temperature and operating pressurewere

fixed at 973 K and 1 bar while the proportion of methane,

water and oxygen in the inlet fuel was 1.0:2.0:0.2. This total

inlet feed of 14.2 cm3 s�1 was introduced to the internal

reformer. To maintain the oxygen utilization at 25% in the

cathode side, the inlet air flow rate into the cathode was

94.24 cm3 s�1. As a reference case, the gas stream in the fuel

channel flows countercurrently to the gas stream in the air

channel. Under these conditions, the characteristic results for

the defined reference cases i.e. the methane conversion,

product gas distribution and temperature gradient along the

IIR-SOFC are calculated as shown in Figs. 2 and 3.

Fig. 2 presents the concentration profiles of methane,

steam, hydrogen, carbon monoxide, carbon dioxide and

oxygen in the reformer and the fuel channel. The concentra-

tion of oxygen decreases immediately at the entrance of the

reformer whereas methane is slowly converted until it is

completely consumed at the end of the reformer. Carbon

dioxide is rapidly generated in the area of oxygen conversion

due to the domination ofmethane oxidation reaction.Water is

also generated and later consumed by the steam reforming

reaction.As for thehydrogenconcentrationprofile, it increases

along the length of reformer owing to the existing ofmethane.

At this operating condition, the outlet of reformer consists of

19.3% H2O, 64.4% H2, 12.8% CO and 3.5% CO2. This gaseous

product is continuously fed backward to the fuel channel.

Then, H2 and CO are consumed via electrochemical reaction at

the anode and electrolyte interface, generating electricity

along with H2O and CO2 as reaction by-products. It should be

noted that theCOelectro-oxidation isneglected in this studyas

it was reported that its reaction rate is much slower compared

with that of H2 electro-oxidation [16] and the rate of WGS

reaction is fast particularly at high temperatures [17,18].

Fig. 3 shows the temperature profiles along the reformer,

fuel and air channels of this IIR-SOFC system. It can be noticed

that a slight local cold spot occurs at the entrance of the

reformer with a temperature gradient along the system of

0.5 K cm�1, within the acceptable range of temperature

gradient as suggested by Lim et al., (2005) (10 K cm�1) [8]. It is

noted that the electrical efficiency predicted at this operating

condition is 45.0%. For further investigation and improvement,

Table 1 e Dimension and constant parameter values of
a tubular IIR-SOFC system.

Parameters Value Reference

Fuel cell Length 0.60 m [13]

Reformer radius 2 � 10�3 m [13]

In side radius of the cell 5.4 � 10�3 m [13]

Anode thickness 1 � 10�3 m [13]

Electrolyte thickness 4 � 10�5 m [13]

Cathode thickness 5 � 10�5 m [13]

Anode permeability 1 � 10�12 [14]

Cathode permeability 1 � 10�12 [14]

Average density of triple phase 633.73 kg/m3 [15]

Average specific heat of triple phase 574.3 J/kg/K [15]

Anode thermal conductivity 6.23 W/m/K [15]

Electrolyte conductivity 2.7 W/m/K [15]

Cathode thermal conductivity 9.6 W/m/K [15]

Convection coefficienct in the fuel

channel

2987 W/m2/K [15]

Convection coefficienct in the air

channel

1322.8 W/m2/K [15]

Table 2 e Steady state 2-D dimensional model for tubular
packed bed reformer.

Mass Balance V$ð�DiVci þ ci v
!Þ � rB

P
niRreform ¼ 0 (1)

Energy Balance V$ð v!rcpTÞ � V$ðliVTÞ þ
P

DHreformRreform ¼ 0 (2)

Boundary z ¼ 0; r � 0;Ur ¼ 0; vr ¼ vr;in; ci;r ¼ cr;in;Tr ¼ Tr;in

r ¼ rr; z � 0; n$ðkVTÞ ¼ lrf
�
Tr � Tf

�þ sAs

�
T4
r � T4

s

�
1
3r
þ Ar

As

�
1
3s

� 1

�

Reformer

Anode/Electrolyte/Cathode 

CH4+H2O+O2

Reformate 

Air

Fig. 1 e Schematic diagram of tubular-designed SOFC with

indirect internal reforming operation.
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the effects of several operating parameters on the system

performance were studied to optimize the suitable operating

conditions for this IIR-SOFC system.

3.2. Effect of oxygen to carbon (O/C) molar ratio

Although an addition of oxygen along with methane and

steam is beneficial for IT-SOFC system, the portion of inlet

oxygen must be carefully concerned since it is well known

that oxygen is a poisonous gas for anode material as well as

the electrochemical reactions. Hence, it must be ensured that

all added oxygen is completely converted in the internal

reformer. In the present work, the effect of oxygen to carbon

ratio on the thermal and electrochemical behaviors of this IIR-

SOFC system was simulated by varying the O/C molar ratio

from 0:1 to 1:1. The concentration profiles in the reformer and

Table 3 e Steady state 2-D dimensional model for tubular SOFC.

Fuel Channel

Mass balance V$ð�DiVci þ ci v
!Þ �P niRelec ¼ 0 (5)

Energy balance V$ð v!rcpTÞ �
P

V$ðliVTÞ ¼ 0 (6)

Boundary z ¼ L; r � 0; Uf ¼ Ur; vf ¼ vr; pf ¼ pr; ci;f ¼ ci;r;Tf ¼ Tr

r ¼ rr; z � 0; n$ðkVTÞ ¼ hrf

�
Tf � Tr

�
r ¼ rf ; z � 0; n$NH2 ;f ¼ �JH2=2F; n$NH2O;f ¼ JH2=2F ;

n$NCO;f ¼ �JCO=2F;

n$NCO2 ;f ¼ JCO=2Fn$ðkVTÞ ¼ hfs

�
Ts � Tf

�

Solid Cell

Energy balance V$ð v!rcpTÞ � V$ðlsVTÞ þ
P

DHelec þ
sAsðT4

r � T4
s Þ

1
3r
þ Ar

As
ð1
3s
� 1Þ ¼ 0 (7)

Boundary

Anode=electrolyte interface; n$ðkVTÞ ¼PDHelecRelec þ JðE� htotalÞ
r ¼ rf ; z � 0; n$ðkVTÞ ¼ hfs

�
Ts � Tf

�
r ¼ rs; z � 0; n$ðksaVTÞ ¼ lsaðTa � TsÞ

Air channel

Mass balance V$ð�DiVci þ ci v
!Þ ¼ 0 (8)

Energy balance V$ð v!rcpTÞ �
P

V$ðliVTÞ ¼ 0 (9)

Boundary z ¼ 0; r � 0; ua ¼ 0; va ¼ va;in; ci;a ¼ ca;in;Ta ¼ Ta;in

r ¼ ra; z � 0; n$NO2 ;f ¼ �JO2=2F; n$ðkVTÞ ¼ lfs
�
Ts � Tf

�
r ¼ ra; z � 0 n$ðkVTÞ ¼ 0

Fig. 2 e Concentration profile in the internal reformer of

IIR-SOFC with autothermal operation (simulated at 1 bar

with inlet C:S:O [ 1.0:2.0:0.2).

Fig. 3 e Temperature profiles in the internal reformer of

IIR-SOFC (simulated at 1 bar with inlet

CH4:H2O:O2 [ 1.0:2.0:0.2).
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the fuel channel at these O/C ratios are presented in Fig. 4 (a)

and (b), respectively. Compared to Fig. 2 (reference case with

O/C molar ratio of 0.2:1), it can be seen that the rate of

methane conversion increases when oxygen is added.

Nevertheless, the amount of hydrogen production oppositely

decreased (particularly for the casewith O/Cmolar ratio of 1:1,

fromwhich a significant amount of water is generated instead

via the methane oxidation reaction). Fig. 5 presents the

temperature distribution in the reformer at different O/C

molar ratios (0:1, 0.2:1 and 1:1). Apparently, the local cooling

temperature decreases with increasing O/C molar ratio since

higher energy is supplied from the exothermic oxidation

reaction. The maximum temperature gradient and the elec-

trical efficiency achieved for each case are summarized in

Fig. 6. Although the maximum temperature gradient is

considerably low when a high amount of oxygen (O/C molar

ratio of 1:1) is added, the electrical efficiency dramatically

drops down to 20% due to the low hydrogen generated from

the reformer. This result reveals that an addition of oxygen

along with methane and steam is good for stabilizing the

temperature of the system and preventing the SOFC stack

cracking problem [7]; however, it also causes the reduction of

electrical efficiency. Hence, it is suggested here that only

a small amount of oxygen (i.e. with O/C molar ratio of 0.2:1)

should be added along with the primary fuel to improve the

temperature distribution of the system with a slight deacti-

vation in electrical efficiency achievement.

3.3. Effect of inlet steam to carbon (S/C) molar ratio

Regarding the autothermal reforming operation, some inlet

methane is reacted with oxygen; hence it is possible to reduce

the amount of excess steam for themethane steam reforming

reaction. Theoretically, the use of low inlet steam can reduce

the quantity of heat required to generate steam via vaporizing

and eventually increases the overall system performance.

Therefore, theeffect of inletS/Cmolar ratioon theperformance

Fig. 4 e (a) Concentration profile in the reformer and fuel

channel (CH4:H2O:O2 [ 1.0:2.0:0.0); and (b) Concentration

profile in a reformer and a fuel channel

(CH4:H2O:O2 [ 1.0:2.0:1.0).

Fig. 5 e Effect of O/C on the temperature profile of reformer

for IIR-SOFC with autothermal operation.

Fig. 6 e Effect of oxygen addition on electrical efficiency

achieved fromIIR-SOFCsystem (A:CH4:H2O:O2[1.0:2.0:0.0,

B: CH4:H2O:O2 [ 1.0:2.0:0.2, C: CH4:H2O:O2 [ 1.0:2.0:1.0).
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of IIR-SOFC was simulated in the present work by varying the

inlet S/Cmolar ratios (0.7:1, 1:1, 1.5:1 and 2:1)while keeping the

inlet O/C molar ratio constant at 0.2:1. Fig. 7 presents the

influence of inlet S/Cmolar ratio on the temperature behaviors

of the reformer and the fuel channel (anode side), while Fig. 8

shows its effect on the electrical efficiency achievement. It

was found that thecooling spotdecreasedwhenthe low inlet S/

C ratiowas appliedwhereas the electrical efficiency oppositely

increased particularlywhendecreasing the inlet S/C ratio from

2:1 to 1.5:1. This could be due to the fact that, in the presence of

high steam content, the strong endothermic steam reforming

reaction easily takes place, which leads to the occurrence of

a cooling spot at the entrances of the reformer and fuel channel

as well as the low temperature distribution along the system

(particularly for the case with inlet S/C ratio of 2/1); this low

temperature distribution can cause the higher polarizations of

the SOFC. Furthermore, the presence of high steam content

dilutes the hydrogen concentration generated from the

reformer, which consequently reduces the exothermic elec-

trochemical reaction and eventually decreases the electrical

efficiency achievement. Therefore, we suggested that, to

maximize theperformanceof this IIR-SOFCsystem, low inlet S/

C ratio must be applied; nevertheless, possible carbon deposi-

tion from the cracking of methanemust be carefully aware.

3.4. Effect of operating temperature

Since the methane oxidation is an exothermic reaction, it is

thermodynamically favored at lower operating temperature.

This is in contrast with the electrical properties of SOFCwhich

prefershigher operating temperature inorder to reduce thecell

polarizations. Therefore, the effect of operating temperature

was considered in this present work. Fig. 9 presents a temper-

ature profile of the reformer while Fig. 10 shows the electrical

efficiency achievement at different operating temperatures

(973K, 1073Kand1173K). It canbe seen that, at loweroperating

temperature, the temperature distribution is smoother than

that of high operating temperature. However, the electrical

efficiency is relatively low.

3.5. Effect of flow direction

Theoretically, as for a typical heat exchanging system, the

flow direction of exchanged fluids strongly affects the heat

transfer and reaction behavior in the fluid stream, thus the

effect of fuel gas and oxidant gas flow direction on the IIR-

SOFC performance was also considered here. Alternatively to

the reference case, the system behavior was analyzed as a co-

flow pattern by changing the momentum, mass and energy

balances in air channel together with their related boundary

Fig. 8 e Effect S/C on electrical efficiency achieved from IIR-

SOFC with autothermal operation (A:

CH4:H2O:O2 [ 1.0:0.7:0.2, B: CH4:H2O:O2 [ 1.0:1.0:0.2, C:

CH4:H2O:O2 [ 1.0:1.5:0.2, D: CH4:H2O:O2 [ 1.0:2.0:0.2).

Fig. 7 e Effect of S/C on the temperature profiles of reformer

and fuel channel for IIR-SOFC with autothermal operation.

Fig. 9 e Effect of operating parameter on the temperature

profile of reformer for IIR-SOFC with autothermal

operation.

i n t e rn a t i o n a l j o u r n a l o f h y d r o g e n en e r g y 3 5 ( 2 0 1 0 ) 1 3 2 7 1e1 3 2 7 913276

                                             230



conditions while keeping all other operating conditions

identical to those of the counter-flow pattern (reference case).

Fig. 11 presents the temperature distribution in the reformer,

fuel channel and air channels for this IIR-SOFC operated as

a co-flow pattern across SOFC. It can be seen that the

temperature increases until the approximate center of

the system before dropping down at the second-half of the

system. Compared with the counter-flow operation (Fig. 3), it

is clear that the temperature distribution of these two gas flow

patterns is dissimilar due to different initial heat generation

positions which is strongly controlled by the oxidant flow

direction. For the counter-flow operation, the temperature

increases along the flow direction due to heat accumulation

along SOFC and the maximum temperature presents at the

end of the system. For the case of co-flow configuration, heat

is generated as soon as the fuel gas is fed into the fuel channel

(z ¼ 1) and then accumulated along the air stream until

reaching the entrance of the reformer (z ¼ 0) where heat is

extremely consumed. Therefore, the temperature at the two

ends of IIR-SOFC is lower than that at the estimated center of

the system. From the simulation, it was indicated that the

average temperature of the co-flow configuration is lower

than that of the counter-flow, which is not practical for elec-

trical properties of the cell. Consequently, as shown in Fig. 12,

the lower electrical efficiency can be obtained from the co-

flow pattern.

4. Conclusions

The simulation of a tubular-design intermediate temperature

IIR-SOFC indicated that the smoother temperature gradient

with a slight drop in electrical efficiency can be achieved by

adding a small amount of oxygen (with inlet oxygen to carbon

(O/C) molar ratio of 0.2:1) along with methane and steam

autothermal reforming. Another benefit of an oxygen addition

is the reduction of excess steam requirement, which could

reduce the quantity of heat required for the steam generation

unit and eventually increases the overall system perfor-

mance. By increasing the operating temperature, the system

efficiency increases but a significant temperature gradient

Fig. 12 e Comparison of electrical efficiency of IIR-SOFC

with different gas flow pattern. (A [ counter flow, B [

Co-flow).

Fig. 11 e Temperature profiles in the internal reformer of

IIR-SOFC reformer operated under co-flow pattern

(simulated at 1 bar with inlet CH4:H2O:O2 [ 1.0:2.0:0.2).

Fig. 10 e Effect of operating parameter on electrical

efficiency achieved from IIR-SOFC with autothermal

operation (A [ 973 K, B [ 1073 K, C [ 1173 K).
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also occurs. The SOFC system with counter-flow and co-flow

patterns were compared, the later provided smoother

temperature gradient along the system due to better match-

ing between the heat supplied from the electrochemical

reaction and the heat required for the steam reforming reac-

tion; but the electrical efficiency achievement is lower due to

the greater cell polarization at lower system temperature.
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Nomenclature

CP: Specific heat of the gas streams, kJ/mol/K
Aact: external catalyst surface area ¼ pðdr�2scatÞL

pðd2r�ðdr�2scatÞ2ÞL
ci: Concentration, mol/m3

Di,j: Binary diffusion, m2/s
De

i;mix: The effective molecular diffusivity, m2/s
Di,ku: The Kundsen diffusivity, m2/s
dp: Pore diameter, m
E: Open circuit voltage, V
Eact: Activation energy, kJ/mol
F: Faraday’s constant, 96,487 C/mol
DH: The change of heat of reaction, kJ/mol
j0: Exchange current density, mA/cm2

j: Current density, mA/cm2

jH2 : Current density from hydrogen oxidation reaction, mA/cm2

h: Heat transfer coefficient, kJ/m/s/K
k: Thermal conductivity, kJ/m/s/K
ND

i : The bulk molar diffusive flux of gas component, mol/m s
po: Standard partial pressure, bar
pi: Partial pressure of species i,
R: Universal gas constant; 8.314 J/mol K
Relect: The hydrogen oxidation reaction rate, mol/m2 s
qrad: The heat flux from radiation,W/m2

Sact: Specific surface area of catalyst
T: Temperature, K
u: Fluid velocity, m/s
yi: The mole fraction of gas

Greek letters

r: Density, kg/m3

g: Special diffusion volume
w: Exchange current density constant, mA/cm2

aa,c: Charge transfer coefficient of anode and cathode
s: Stefan-Boltzmann coefficient
3: Porosity
s: Tortuosity
hcell: Voltage drop of the whole cell, Volts
l: thermal conductivity (kJ/m/s/K),

Superscripts

*: Active site
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Subscripts

a: Air channel
i: Component (methanol, water, hydrogen, etc.)
j: Reaction (SRM, WGS, etc.)
f: Fuel channel
s: Solid oxide fuel cell

Act: Activation losses
Cell: Cell stack
Con: Concentration losses
ohm: Ohmic losses
elec: Electrochemical reactions
reform: Reforming
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a b s t r a c t

This paper investigates the liquid-phase partial oxidation of benzene to phenol in a novel system con-

sisting of reactor, extractor and regenerator. Since vanadium catalyst (V3+) is oxidized in the reactor and

therefore deactivated, the regenerator with Pd or Pt catalyst and H2 feed is employed to regenerate the

deactivated vanadium. The V4+ ion can be reduced to V3+ and consequently the phenol production can

be enhanced. Although the regenerator can regenerate vanadium catalyst and the reaction can proceed

for over 100 h, some V4+ is still present. The feed position of benzene and catalyst solution have the

influence on mixing condition in the reactor and interface area between benzene and catalyst solution.

Counter current flow operation with the feeds of catalyst solution and benzene at the top and the bottom

respectively shows the highest phenol production. The operating temperature of reactor, extractor and

regenerator showed insignificant effect on phenol production rate.

© 2010 Elsevier B.V. All rights reserved.

1. Introduction

Phenol is commercially produced by the indirect-multistage

cumene process which produces equimolar acetone as a by-

product. Due to this disadvantage, the direct oxidation of benzene

to phenol under mild conditions is desired. Many kinds of transition

metal catalysts such as Cu, V, Fe, Pd and Pt have been investigated

for the direct oxidation with molecular oxygen and hydrogen [1–7].

Vanadium is one of the most popular catalysts for hydroxylation of

benzene to phenol.

Miyake et al. [6] investigated the influence of metal salts on

hydroxylation of benzene to phenol with oxygen and hydrogen.

Among several of cation metal species, most species retarded

the reaction while only vanadium, iron, lanthanum, and yttrium

vanadium enhanced the phenol production especially vanadium

showed an outstanding performance. And vanadium acetylacet-

onate, V(acac)3, showed the highest activity among the various

vanadium compounds, i.e., VO(acac)2, VCl3, VOCl2, NH4VO3,

VOC2O4, VOSO4, VCl3. It was speculated that vanadium compounds

having vanadyl group V O was effective for the reaction. Ascorbic

acid was a good reducing agent for this system. Masumoto et al.

∗ Corresponding author. Tel.: +81 52 789 4529; fax: +81 52 789 3387.

E-mail address: yamada@nuce.nagoya-u.ac.jp (H. Yamada).

[2] employed VO(C5H7O2)2 supported on SiO2, TiO2 and Al2O3 for

phenol production. The Al2O3 showed the best reaction perfor-

mance and the lowest percent leaching of V. With ascorbic acid

added, the oxidation state of vanadium was changed from V5+ to

V4+, improving the yield of phenol. Therefore it can be concluded

that V4+ was more effective than V5+. Among various vanadium cat-

alysts studies, e.g., VOSO4·5H2O, VCl3, VO(C5H7O2)2, NH4VO3 and

V2O5, VO(C5H7O2)2, NH4VO3 gave a maximum yield.

Murata et al. [8] used Pd and transition metal-modified ZrO2,

SiO2 and Al2O3. The V with Pd showed the highest yield of phe-

nol production. The study of various vanadium compounds on the

Al2O3 showed that VOCl3 and VCl3 gave high yield of phenol but low

selectivity. Vanadium oxide catalysts supported on clay showed

high selectivity with a conversion of 14%. Comparing among various

transition metal oxides, i.e. Cu, Cr, Fe, V, Mn, W, Mo, vanadium was

most suitable for hydroxylation of benzene to phenol. V–O–Al and

V–O–Si bridges in the catalyst may be responsible for the reaction

[9]. Among the various reducing agents, e.g., ascorbic acid, dithio-

threitol and 2-mercaptoethanol, ascorbic acid offered the highest

selectivity and reactivity for phenol production. V4+ species was

rapidly formed in the reaction medium after the initial addition of

VCl3 [10].

Tanarungsun et al. [11,12] studied the hydroxylation of ben-

zene with H2O2 using various transition metal catalysts (Cu, V,

Fe) supported on TiO2 support. The results showed that the added

0255-2701/$ – see front matter © 2010 Elsevier B.V. All rights reserved.
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Fig. 1. The reaction–extraction–regeneration system.

vanadium in the Fe/TiO2 can improve the activity of catalyst to

produce phenol. The use of Pt or Pd second metal catalyst can

also improve the activity of Fe catalysts and improve the phenol

selectivity [13]. The ternary metal catalyst including Cu, V and Fe

metal catalysts could improve the overall activity to phenol and the

ratio of Cu, V and Fe showed the effect on phenol yield and phenol

selectivity [14,15].

Mizuno et al. [16] studied the benzene–water bi-phase system

with Fe–H2O2 and V–O2 catalyst and compares the non-circulation

and circulation by CSTR reactor. Benzene was oxidized to phenol

in water. An extractor containing aqueous alkaline was used to

separate phenol from the reactor. Installing an extractor into the

reaction system improved the selectivity to phenol in both catalyst

systems. Yamada et al. [17] studied the regeneration of vanadium

catalyst by using H2 reductant in the benzene–water bi-phase sys-

tem operated in a CSTR reactor. The system can be operated with

good stability and the phenol yield was increased depending on the

operating time.

In this paper, the liquid-phase oxidation of benzene to phe-

nol in the benzene–water bi-phase system is further improved by

applying a novel three bubble column system. The influence of the

position of benzene and catalyst solution feed in reactor, the type

and the amount of regenerator catalyst, reaction time, feed flow

rate of benzene and VCl3 catalyst, the operating temperature of

reactor, regenerator and extractor were investigated.

2. Experimental

2.1. Standard operating system

Three bubble jacket columns were used as reactor, extractor

and regenerator as shown in Fig. 1. The standard conditions for

operating the reaction–extraction–regeneration system were sum-

marized as follows:

Reactor. Benzene (1.5×10−4 m3) and aqueous catalyst solu-

tion (3×10−4 m3 with a VCl3 concentration of 10 mol/m3) were

placed in the reactor where oxygen gas with a bubble size of 1 mm

(3×10−5 m3/min) was continuously introduced into the reactor.

The reactor was operated at a temperature of 40 ◦C.

Extractor. Benzene (5×10−5 m3) and aqueous alkaline solution

(1.25×10−4 m3 with a NaOH concentration of 172 mol/m3) were

placed in an extractor. The extractor was operated at a temper-

ature of 50 ◦C. Benzene was circulated from the extractor to the

reactor by using a circulation pump with a constant flow rate of

3.0×10−5 m3/min.

Regenerator. The aqueous VCl3 catalyst solution

(3.0×10−4 m3) was continuously circulated with hydrogen

gas (3.0×10−5 m3/min). Pt metal (0.047 m2) was used for regener-

ating the oxidized vanadium catalyst. The other circulation pump

was used to circulate the aqueous solution between the reactor

and the regenerator. The flow rate was set at 5.0×10−5 m3/min.

The regenerator was operated at a temperature of 60 ◦C.

It should be noted that there was no adding up of aqueous VCl3
catalyst solution and NaOH solution during the performed experi-

ment.

All chemicals used in this study were purchased from Wako Pure

Chemical Industries, Ltd. No further purification was carried out.

2.2. Sample analysis

A small amount of organic phase mixture was periodically sam-

pled and analyzed by gas chromatography (GC-353B, GL Sciences,

Inc.) with hydrogen flame ionization detector. The analysis was per-

formed by injecting 1 �l of sample in a CP-Sil 8CB capillary column

of 25 m in length (J&W Scientific, Inc.). Helium was used as a car-

rier gas with a flow rate of 60 ml/min. The injector temperature

and the detector temperature were set at 200 ◦C while the column

temperature was 110 ◦C.
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Fig. 2. Influence of the reaction time and amount of VCl3 catalyst solution for the

system without regeneration catalyst (�, 500 ml of VCl3; �, 780 ml of VCl3 catalyst

solution).

2.3. Catalyst characterization

Electron spin configuration was detected by using electron spin

resonance spectroscopy (ESR) (JEOL model JES-RE2X) with the fre-

quency of 8.8–9.6 GHz. A sample was characterized in TE011 mode

with ES-TPRIT program. FTIR spectra were recorded by a Nicolet

impact 6700 instrument, using in the range of 650–4000 cm−1.

3. Results and discussion

3.1. Effect of the amount of VCl3 catalyst on phenol production of

the system without regeneration catalyst

The reactions taking place in the reactor are summarized as

follows:

Benzene + O2→ Phenol (1)

2V3+ +O2+2H+→ 2V4+ +2OH• (2)

V3+ +HO• → VO2+ +H+ (3)

while the reaction in the extractor is as follow.

Phenol + NaOH → Sodium phenate + H2O (4)

Sodium phenate could be converted back to phenol by reacting

with sulfuric acid as industrialized by Sunoco/UOP process [18].

It should be noted that since sodium phenate could be converted

to phenol with 100% yield, we prefer to use the term of “phenol”

which is our desired product rather than “sodium phenate” in this

study. The effects of amount of catalyst solution and circulation

system were simultaneously investigated under the system con-

figuration similar to Fig. 1 except that no Pt catalyst and H2 gas

feed to the regenerator. Therefore, in this part, the regenerator was

used only as a circulation system without any reaction. Fig. 2 shows

the amount of phenol production as a function of reaction time.

The phenol production could not proceed after 8 h with 500 ml of

VCl3 solution. Phenol could be further produced with increasing the

amount of VCl3 solution i.e. 780 ml; however the phenol production

was leveled off with 11 h of reaction time. The deactivated perfor-

mance was due to the change of ion from V3+ to V4+and VO2+ as

observed by the change in color of the catalyst solution from green

brown at start up to blue after 8 h and 11 h for 500 and 780 ml of

VCl3 catalyst solution respectively. This indicated that the regener-

ation unit for regenerating the deactivated catalyst is important for

continuous operation of the system. It should be noted that vana-

dium ion has different colors for different oxidation states; i.e. V2+,

V3+, V4+ and V5+ show purple, green, blue and yellow respectively

[19].

300 350 400
Field (mT)

0 hour

8 hour

Fig. 3. ESR spectra of vanadium (III) chloride on the reaction.

Noted that VCl3 dissolved in water is in a hexahydrate form,

however, it does not exhibit the green color of V3+ because it

changes the formula to [VCl2(H2O)4]Cl·2H2O. Removal of the two

bound chloride ligands from [VCl2(H2O)4]+ in aqueous solution

gives the green ion [V(H2O)6]3+ [19].

The vanadium ion species affect the oxidation reaction. Vana-

dium (III) which was not stable in the atmospheric pressure was

oxidized to V4+ in the vanadyl form. V4+ vanadium species is par-

ticularly stable as the vanadyl ion (VO2+) which is an isolated cation.

This was confirmed by an additional ESR analysis. Note that V(III)

and V(V) ions are ESR silent. The ESR spectra of the reaction mix-

ture are presented in Fig. 3 at time zero and after 8 h of reaction. The

observed eight-line spectrum is a characteristic of vanadyl V(IV)O

species (51V, I = 7/2) and in particular, it can be assigned to the VOCl2
species [10]. The increase of ESR intensity at 8 h shows the increase

in the amount of V4+. FTIR results show the vanadyl complexes gen-

erally appearing at 985+/−50 cm−1of the IR stretching frequency

for the V O which is corresponding well with that observed in this

work at 1013 cm−1 (result was not shown here) [10].

3.2. Phenol production performance in the system with

regeneration catalyst

As described in the previous section, V3+ of VCl3 was oxidized

to V4+ and VO2+ and the reaction was inferior. The reaction can be

further extended by using Pt catalyst and a continuous flow of H2

into the regenerator.

The reactions occurred in the regenerator are summarized as

follows:

VO2+ +0.5H2+H+→ V3+ +H2O

V4+ +0.5H2→ V3+ +H+

As shown in Fig. 4, the reaction took place continuously without

deterioration during 100 h. The system could be operated for more

than 100 h as the amount of phenol increased progressively with

the reaction time. With the use of Pt metal catalyst and H2 feed-

ing in the regenerator, the color of the catalyst solution was pale

green-blue, which was different from the blue in the system with

no regeneration. This might presume that VO2+, V4+ and V3+ were

always present in the reactor and the regenerator.
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Fig. 4. Influence of the reaction time for the system with regenerator.

3.3. Effect of benzene and catalyst feed pattern on phenol

production rate

Fig. 5 shows the effect of benzene and catalyst solution feed

patterns on phenol production rate. Four feed patterns were inves-

tigated at the reaction time of 8 h.

1. Feed benzene and catalyst solution at the top of reactor (co-

current operation).

2. Feed benzene bubble and catalyst solution at the bottom of reac-

tor (co-current operation).

3. Feed benzene at the top of reactor and feed catalyst solution at

the bottom of reactor (counter current operation).

4. Feed benzene bubble at the bottom of reactor and feed catalyst

solution at the top of reactor (counter current operation).

As shown in Fig. 5, the counter current flow operation in case

4 showed the highest phenol production rate. This is because ben-

zene and phenol products were the main components in the upper

phase while VCl3 catalyst solution was in the lower phase of the

reactor. Therefore, feeding the benzene at the bottom and catalyst

solution at the top of the reactor enhanced the mixing performance

and reaction rate. In addition, in this case, benzene was possibly

fed as small bubbles at the bottom of the column. This increased

the surface area of contraction and, therefore, the reaction was

pronounced.
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Fig. 5. Influence of the feed patterns on the phenol production rate.
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Fig. 6. Influence of the reactor temperature on the phenol production rate.

3.4. Effect of reactor temperature

To explore the effect of reactor temperature on the production

rate of phenol, the temperature was varied from 40 to 60 ◦C while

the other parameters were kept at the standard condition with a

reaction time of 30 h. It should be noted that the change in the reac-

tor temperature slightly affected the temperatures of regenerator

and extractor. However, to investigate the effect of temperature of

each section, the focus is therefore only on the section of the main

contribution. The phenol production rate slightly increases with

the increase of reactor temperature as shown in Fig. 6.

The reaction temperature influenced the amount of benzene dis-

solved in the catalyst solution phase and the amount of oxygen gas

dissolved in the catalyst solution phase. As confirmed by gas chro-

matograph the increase of temperature from 40 to 60 ◦C increases

the amount of benzene dissolved in the catalyst solution phase

about 30%. However, the improvement of phenol production rate

is just around 20%. This is because the amount of O2 gas dissolved

in the catalyst solution decreased with increasing temperature.

3.5. Effect of regenerator temperature

The phenol production rate was observed to increase around 7%

after increasing temperature from 40 to 60 ◦C (Fig. 7). Although the

regenerator temperature has a little effect on produced phenol, the

regenerator is very important for the continuous system because it

regenerates the deactivated catalyst in the system. At different Pt

surface area, the phenol production rate could be improved but the

phenol production rate was increased only 10% from 40 to 60 ◦C. The

operating temperature of regenerator showed insignificant effect

on the phenol production because the catalyst can be regenerated
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Fig. 7. Influence of the regenerator temperature on the phenol production rate with

different surface areas of regeneration catalyst (�, 0.047 m2 of Pt; �, 0.118 m2 of Pt).
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Fig. 8. Influence of the extractor temperature on the phenol production rate.

by Pt metal in short time at 40–60 ◦C.

3.6. Effect of extractor temperature

The influence of extractor temperature on the phenol produc-

tion rate is shown in Fig. 8. The reaction in the extractor can be

expressed as Phenol + NaOH = Sodium phenate + water. The extrac-

tor temperature did not have the pronounced effect on the phenol

production as only 5% increase was observed when the temperature

changes from 40 to 60 ◦C. The reaction limiting step should be the

oxidation reaction because increasing the temperature increased

the amount of phenol dissolved in the aqueous phase but the phenol

production rate was constant.

3.7. Effect of the type of regenerator catalyst

Pt and Pd were well known catalysts for reducing the oxida-

tion state of metal catalyst. Pt may give higher performance than

Pd for hydroxylation of benzene to phenol because it can generate

H2O2 from H2 and O2; however, Pt was more expensive than Pd.

The activities of Pt and Pd for regenerating vanadium ion in the

phenol production were shown in Fig. 9. The performance of Pd to

regenerate vanadium catalyst may be comparable to that of Pt since

similar phenol production rates were obtained. Noted that the col-

ors of the catalyst solution were the same in all cases and this may

imply that the vanadium states are merely the same. The surface

area of regeneration catalyst has the effect of regeneration time

for reduce catalyst. Increasing the metal surface area increased the

phenol production rate.
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Fig. 9. Influence of the type of regeneration catalyst.
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Fig. 10. Influence of the flow rate of benzene on the phenol production rate.

3.8. Effect of benzene flow rate

The dependence of the phenol production rate on the flow rate

of benzene was investigated and the results are given in Fig. 10.

The phenol production rate slightly decreased when the flow rate

of benzene increased from 5 to 15 ml/min. Although the benzene

was circulated within the reactor–extractor system and the resi-

dence time remained the same at different flow rates, the flow rate

of benzene showed some influences on the overall reaction per-

formance. It is likely that at a high flow rate of benzene, it became

difficult to provide a good separation between NaOH aqueous solu-

tion and benzene within a short contact time within the extractor.

Moreover, the benzene from the extractor when fed back to the

reactor may be contaminated with NaOH and therefore resulted in

the change in pH of the reaction mixture in the reactor.

3.9. Effect of catalyst solution flow rate

The phenol production rate versus catalyst flow rate is shown in

Fig. 11. In the circulation system, the aqueous catalyst solution was

circulated between the reactor and the regenerator. The flow rate of

catalyst has the effect on mixing in the reactor. Because the reaction

was carried out in a three phase system, degree of the mixing signif-

icantly influenced the interface area of the reaction. Increasing the

catalyst flow rate increased the phenol production rate because it

increased the interface area between benzene and catalyst solution.

In addition, the deactivated catalyst can be efficiently regenerated

in the regenerator.

In our previous work, the effects of O2 and H2 flow rates and

benzene bubble size on the phenol production rate have been inves-

tigated [20]. The phenol production rate could be increased with
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Fig. 11. Influence of the catalyst flow rate on the phenol production rate.
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increasing O2 and H2 flow rates and/or decreasing benzene bubble

size. In addition, as shown by the effect of benzene and catalyst

solution flow rates in this study, it is obvious that there are mass

transfer limitations in the reaction–extraction–regeneration sys-

tem. Although the mass transfer limitation could not be totally

eliminated, of course our study can suggest how to minimize them.

4. Conclusion

The combined system of reactor, extractor and regenerator was

proposed in this study for the liquid-phase oxidation of benzene

to phenol. Due to the catalyst deactivation, the regenerator was

required for reducing the deactivated catalyst for the continuous

operation. The regenerator was employed to regenerate the deac-

tivated vanadium. The V4+ ion can be reduced to V3+ by using H2 and

Pt or Pd catalyst, as a result, phenol production could be enhanced.

The feed position of benzene and catalyst solution have the influ-

ence on mixing condition in the reactor and interface area between

benzene and catalyst solution. Counter current flow operation with

the feeds of catalyst solution and benzene at the top and the bottom

respectively showed the highest phenol production. The operating

temperature of reactor, extractor and regenerator showed insignif-

icantly effect on phenol product rate.
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Air/Steam for Hydrogen-Rich Gas Production∗
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Abstract

Thermodynamic analysis of gasification with air, steam, and mixed air-steam
was performed over rice husk to determine the optimum conditions (i.e., equiva-
lence ratio (ER), steam to biomass ratio (SBR) and operating temperature) that can
maximize the yield of hydrogen production with low energy consumption. It was
found that for air gasification, H2 production is always less than CO production
and considerably decreased with increasing ER. For steam gasification, the simu-
lation revealed that H2 production is greater than CO, particularly at high SBR and
low temperature; furthermore, H2 yield increased steadily with increasing temper-
ature and SBR until reaching SBR of 3.5-4.0, then the effect of steam on H2 yield
becomes less pronounced. As for the mixed steam/air gasification, H2 production
yield increased with increasing SBR, but decreased dramatically with increasing
ER (up to 0.4). Among these three operations, the highest H2 production yield
can be achieved from the steam gasification with SBR of 4.0. Nevertheless, by
considering the system efficiency, the combined air-steam gasification provided
significant higher hydrogen production efficiency than the other two operations.
The optimum condition for combined air-steam gasification can be achieved at
900◦C with ER of 0.1 and SBR of 2.5, which provided the efficiency up to 66.5
percent.

KEYWORDS: gasification, biomass, hydrogen, thermodynamic analysis
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1. Introduction 
 

Energy and environment are currently the world’s most concerns. Nowadays, it is 
known that the world energy consumption has been dominating by various types 
of fossil fuels e.g. natural gas, oil and coal. Eighty-two percent of this energy has 
been transformed into heat, electricity or movement by means of fossil fuel 
combustion processes, which has produced CO2 emissions to the atmosphere 
equivalent to 7 Gton of carbon per year (Pacala & Socolow, 2004). The high 
utilization of these fossil fuels strongly accelerates the depletion of world fossil 
fuel resources as well as causing environmental damage in terms of climate 
change and global warming. Recently, there have been several attempts to 
minimize these energy and environmental problems. It is widely known that the 
development of clean alternative (and/or renewable) fuels to replace conventional 
oil is one of the important procedures; and among the clean alternative fuels, 
hydrogen is one of the promising fuels that is expected to be widely utilized in the 
near future.  

Thailand has signed the Kyoto Protocol and has a commitment to reduce 
the level of greenhouse gas emissions (ONEP, 2002). Currently, although a per 
capita emission of Thailand is still below the world average, it has been rising up 
due to the growing of our fossil fuel consumption rate (EIA, 2006). Once, this 
value reaches or becomes higher than that of the world average, Thailand could 
possibly face the non-tariff trade barrier; therefore, Thai government has been 
currently attempting to promote the use of clean alternative fuels to replace 
conventional fossil fuels. On the basis of Thailand as an agricultural country, 
several types and numerous amount of lignocellulosic biomass are available. 
Thus, the uses of these biomasses as feedstock for clean alternative fuel 
production (i.e. hydrogen) would be a great option for Thailand to reduce the fuel 
import rate as well as decrease CO2 emission rate from the combustion of 
conventional fossil fuels. It is noted that, recently, several research programs 
supported by Thailand government have been attempting to develop and promote 
the use of small to medium scale solid oxide fuel cell (SOFC) in remote areas, 
where numerous amount of lignocellulosic biomass are accessible. Furthermore, 
the research program on biomass to liquid (BTL) production via Fischer-Tropsch 
(FT) process is also of great interest.    

Theoretically, gasification is known as a well-developed process for 
converting lignocellulosic biomass to synthesis gas, which can be later applied for 
SOFC and FT process. Generally, the main products from gasification of biomass 
are H2, CO, CH4 and CO2 with various production ratios depending on the 
gasification co-agent (i.e. steam and air), type of biomass, and its operating 
conditions (i.e. temperature and pressure). Among these parameters, gasification 
agent is known as one important factor that strongly affects the product 
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distribution. Many researchers have developed models for biomass gasification 
(Zainal et al., 2001; Mathieu and Dubuisson, 2002; Di Blasi, 2002; Giltrap et al., 
2003; Jayah et al., 2003; Babu and Sheth, 2005a; Sheth and Babu; 2005b). Zainal 
et al (2002) used the equilibrium model to predict the composition of producer 
gas. The effects of initial moisture content in the wood and the temperature in the 
gasification zone on the calorific value are investigated. Mathieu and Dubuisson 
(2002) have developed a model based on minimization of Gibbs free energy is 
performed in the ASPEN PLUS process simulator. The effects of the oxygen 
factor, the air temperature, operating pressure and the injection of steam were 
studied and they concluded that critical air temperature above which the 
preheating is no longer efficient, there is an optimum oxygen factor, the oxygen 
enrichment of air plays an efficient role under a certain value and the operating 
pressure has only a slight positive effect on the process efficiency. Giltrap et al 
(2003) developed models for the reduction zone of downdraft biomass gasifier to 
predict the composition of producer gas under steady state operation. The 
drawback of this model is that it over predicts the methane concentration. CH4 
products produced and temperature, and the variation of produced by pyrolysis is 
rapidly combusted with the char reactivity along the length of the gasifier bed and 
oxygen at the air inlets reduced the amount of CH4 predicted. Jayah et al (2003) 
studied the downdraft gasifier performance by assuming two sub-models of the 
pyrolysis and gasification zones, respectively. The pyrolysis sub-model has been 
used to determine the maximum temperature and the composition of the gas 
entering the gasification zone.  Model concludes that moisture content and heat 
loss have greater effects on reactor temperature and hence on the conversion 
efficiency. Babu and Sheth (2006) modified the Giltrap et al (2003) model by 
incorporating the variation of char reactivity factor (CRF) along the reduction 
zone of downdraft biomass gasifier. Increasing CRF exponentially along the 
reduction bed length in the model gave better prediction of temperature and 
composition profiles when compared with the experimental data and earlier 
models reported in literature. In addition, Mahishi et.al (2007) studied the 
thermodynamic analysis of hydrogen production from biomass. They studied the 
effects of temperature, pressure; steam biomass ratio (SBR) and equivalence ratio 
(ER) on the equilibrium hydrogen yield. Gibbs energy minimization (non-
stoichiometric approach) approach which is based on commercially available 
open source software Stanjan (v.3.93L) was used to determine the product gas 
composition of wood (designated by CH1.5O0.7) gasification. 

 Nevertheless, the thermodynamic analysis of biomass gasification system 
(with various gasification agents) for hydrogen-rich gas production purpose has 
been limited.  In this study, a set of mathematical model was developed in order 
to predict the behavior of biomass gasification with different gasification agents 
(i.e. air, steam, and mixed air/steam) in terms of hydrogen production yield and 
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system efficiency. The composition of lignocellulosic biomass in the present work 
is based on local rice husk since it is the major crop residue of Thailand. The 
model was developed by using bvp4c routine in MATLAB program. The bvp4c is 
a finite difference code that implements the three-stage Lobatto IIIa formula. This 
is a collocation formula and the collocation polynomial provides a C1-continuous 
solution that is fourth-order accurate uniformly. Mesh selection and error control 
are based on the residual of the continuous solution. This routine is generally 
applied for solving the boundary condition equation with finite element method. 
Number of mesh points in each investigation was optimized between accuracy of 
results and time for calculation, (relative error tolerance is 1e-5).� The effects of 
operating conditions (i.e. inlet oxidant/fuel ratio, steam/air ratio, and operating 
temperature) on yield of hydrogen production and system efficiency were 
determined. From this study, the optimum operating conditions of biomass 
gasification for hydrogen generation were identified. 
�
2. Gasification modeling without char formation  
 
2.1 Assumptions  

 
A steady-state equilibrium model was developed to predict the product gas 
distribution from the biomass gasification with air, steam, and mixed air-steam. 
As described, rice husk was applied as biomass; the elemental compositions i.e. 
carbon, hydrogen, oxygen and nitrogen of rice husk (dry-ash free basis) are given 
in Table 1. 
 
Table 1.   Ultimate analysis of Rice Husk as received percentage by dry-ash free 

basis (W. Permchart & V. I. Kouprianov, 2004) 
 

 C H N O 
% by weight dry ash free basis 48.7 6.96 .36 43.98 
 
 Starting from the ultimate analysis of biomass and mass fractions of all 

elements, the substitution fuel formula CnHaObNq can be calculated by assuming 
that n is equal to 1.0 by the following expressions:  

 
  ( )    ( )
  ( )    ( )

mass fraction H Molecular weight Ca
mass fraction C Molecular weight H

 
�

 
            (1) 

  ( )    ( )
  ( )    ( )

mass fraction O Molecular weight Cb
mass fraction C Molecular weight O

 
�

 
          (2)                                          
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  ( )    ( )
  ( )    ( )

mass fraction N Molecular weight Cq
mass fraction C Molecular weight N

 
�

 
              (3) 

 
From these expressions, the estimated molecular formula of rice husk in 

the present work is CH1.703O0.678N0.007. The assumption used in this work is that 
the rice husk rapidly mixed with the bed material and almost instantaneously 
heated up to the bed temperature due to the intense gas-solid mixing facilitated 
with high heat transfer coefficient. Hence, the pyrolysis occurs rapidly and results 
in a component mix with a relative large amount of gaseous materials; then the 
gasification and tar conversion reactions take place in the gas phase. At 
equilibrium state, no solid char is presented in the product and the main 
composition of product gases are CO, CO2, CH4, H2 and H2O; the involved 
intermediate reactions takes place during the process are as follows:  
 
Oxidation reaction 

C+ O2    �  CO2                                                                            (4) 
Boudouard reaction 

C + CO2   �  2CO                     (5)             
Steam gasification 

C + H2O     �        CO +   H2      (6)      
Methanation reaction   

C + 2 H2 �  CH4     (+75,000 J/mol)                     (7)  
Water gas shift reaction  

CO + H2O �    CO2 + H2  (+41,200 J/mol)                       (8) 
 

Reaction 4 occurs rapidly, while the steam gasification, boudouard 
reaction, and methanation reaction are in equilibrium. The water gas shift reaction 
can be regarded as the subtraction of steam gasification and boudouard reactions, 
hence it can also be considered as equilibrium condition. Global reaction for the 
biomass gasification is given by:  
 
CHaOb + wH2O + mO2 + 3.76mN2  =    x1H2   +   x2CO   +   x3CO2   +   x4H2O 

       + x5CH4  +  3.76mN2     (9)              
 
Where m corresponds to the molar quantity of air used during the gasifying 
process and depends on the equivalence rate of the gasifying process and the 
stoichiometric air/fuel ratio of the biomass. X1, x2, x3, x4 and x5 are unknown 
compositions. The nitrogen content of biomass is neglected for simplicity of the 
global reaction. The overall equilibrium approach in this work is given in Fig. 1. 
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Figure 1.  Structure of the simulation of equilibrium model 
 
2.2 System efficiency analysis 
 
Thermodynamic efficiency was estimated from the equilibrium model of biomass 
gasification with various inlet SBR (0.5-5.0), ER (0.2-0.4), and operating 
temperatures (750-900oC). These ranges of operating were typically reported in 
several previous commercial and research pilot gasifiers (Turn et.al.,1998, 
Navraez,1997; Minkova, 2000 & Corella,1991). The first law analysis was carried 
out by assuming constant pressure in a steady state equilibrium gasifier; and the 
energy balance (as presented in Eq. 11) was applied.  
 
HRice Husk + w (HH2O(l) + HH2O(vap)) + m (HO2+3.76 HN2)+QEG      =   x1HH2 
+ x2HCO + x3HCO2 + x4HH2O+ x5HCH4 +3.76mHN2              (11) 
    

  

Initial calculation of 
Atomic composition (C H O) 

 

Biomass elemental analysis 

C H O

  H2O Air/fuel  
 

Reaction temperature  

 

Syn - gas production (H 2, 
CO, CH 4  , CO2) 

Chemical Equilibrium
approach  
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H is the absolute enthalpy and QEG is the heat released (or supplied) to the air 
gasifier. The absolute enthalpy of each species is the sum of the standard enthalpy 
of formation of species and sensible enthalpy change due to temperature (Eq. 12). 
The moisture content of biomass tested here is about 10 %.  
 
H= Ho

f +  �H          (12) 
 

It is noted that the higher heating value of rice husk (in MJ/kg) was 
developed using the formula developed by Channiwala and Parikh (2002), 
where ,cz Hz , Oz , Nz , ashz  are the  mass percentages on dry basis. 
 

� �. 0.3491 1.1783 0.103 0.01051 0.0211Rice Husk c H O N ashHHV z z z z z� � � � �  (13) 
 

The higher heating value can be converted into the LHV using the 
enthalpy of evaporation for the water formed during combustion, while the 
enthalpy of formation for solid fuel was determined following the work from 
Souza-Santos, (2009). QEG is negative value when the heat is liberated; this 
generally happens during partial oxidation of biomass (air gasification). A zero 
value for QEG is an interesting case which represents the adiabatic gasification and 
means a self-sustaining process (auto thermal gasification). We here assumed that 
the steam generator provides superheated steam at 427ºC and the air-preheater 
heats the air from ambient temperature to 77ºC before entering the gasifier. It is 
noted that the efficiency was calculated from the equations below:   
 

 
energiesinput other  all  biomass of LHV

 gasproduct in hydrogen  of LHV   Efficiency
�

�     (14) 

 
� � � �

airsteam QQ ���
�

EGQ  biomass of LHV
 LHV(kJ/kg) x kgin  producedHydrogen     Efficiency     (15) 

 
where Qsteam and Qair can be calculated from the following equations: 
 

2 2steamQ  =  w  HH O H O           (15) 
 
 
 air 2 O2 2 N2 O  3.76 N  Q m H m H�  �                                            (16) 
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3. Results and discussions  

3.1 Model validation  

Firstly, the developed air gasification model in the present work was validated 
with the previous air gasification model reported by Venkat et.al., (2008) who 
used cashew nut shell as feedstock. And also model values are compared with 
experimental values at various equivalence ratios for air gasification model and 
also for steam gasification results. The effect of equivalence ratio on product 
composition (dry basis) for both models was compared as shown in Figure 2 for 
H2, CO, CO2 and CH4 gas production in molar compositions. Clearly, similar 
trends of all products with slight different in product compositions were observed. 
The different in product compositions could be due to the use of different 
feedstock composition since the chemical formula of cashew nut shell is 
CH0.686O0.32N0.09.  

 

Figure 2. (a)  H2 produciton results from air gasiifcation 
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Figure 2.(b) CO produciton form air gasiifcation 

 Figure 2. (c) CO2 production from air gasificaiton 
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Figure 2.(d) CH4 production from air gasification 

 
Figure 2. Model validations for H2,CO, CO2 and CH4 production from air 
gasification from this work compared to experiments and other works 

 
The modeling also indicated that less than 0.1% of CH4 is produced, 

which is also in good agreement with the previous modeling result from Li et al. 
(2004) who reported the methane concentration less than 1.0 for air blown 
gasification. Mansaray et al., (1999) inferred that increasing the ER lead to a 
decrease in the concentrations of methane and other light hydrocarbons, which 
have relatively large heating values. The modeling results validate the statement 
of a decreasing CH4 concentration for increasing ER. Conversely, the prediction 
on CH4 made by the model is lower than the actual experimental values as shown 
in Figure 2 (d). Luiz et al., (2007) experienced similar differences in CH4 
predicted by the model as against experimental results and referred the cause as a 
result of the sudden cease of gasification reactions at the bottom of the reactor. 
This cease could probably be attributed to the consequence of the temperatures at 
the bottom, which are too low to start the reactions. In chemical equilibrium 
modeling, it is assumed that all reactions achieve a steady-state condition; thus, no 
kinetic effects (such as sudden cease) are considered.  
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Importantly, our developed model was also compared with other 
developed models (i.e. the models of down draft gasifier developed by 
Jarungthammachote and Dutta Error! Reference source not found.); and 
Altafini et al (2003) as well as with the experimental results from the literature 
presented by Zhao et al (2009) and Wu et al 0. It is noted that the error from these 
comparisons was determined by the root-mean-square (RMSE), from which is 
defined as given in Eq. (17): 
 

D

ModOR
RMSE i

ik

j

! �
�

2)(
      (17) 

 
where OR is the values from the literature for, Mod is the value predicted from 
the model in the present work, where subscript i represents the mole fraction 
values of the present work and subscript k represents the mole fraction values of 
product gases literatures and D is the number of data. These deviations are 
presented in Table 2 and 3.  
 
Table 1.  Comparison of simulation results in the present work with other  models 
 from the literatures (mole fraction) (at the temperature of 700 ºC) 
 

 Gas composition on dry basis  (mole fraction) RMSE 
H2 CO CH4 CO2 N2 m 

Simulation 
results from the 
present work 

0.136 0.233 0.003 0.079 0.500 0.350  

Simulation 
results from 
Altafini et al 
(2003) 

0.200 0.197 0.000 0.101 0.510 0.336 0.032 

Simulation 
results from 
Jarungthammac
hote et al (2007) 

0.182 0.234 0.016 0.098 0.510 0.336 0.022 

  
Altafini et al (2003) used SYNGAS routine based on gibs minimization 

approach to produce syngas from saw dust of elemental compositions (C: 52 %, 
H2: 6.07, O2: 41.55 %, N2: 0.28 %). The SYNGAS routine results refer to the 
condition of 10% sawdust moisture content and reaction temperature of 800oC 
and equivalence ratio of 0.329. Jarungthammachote et al (2007) studied the 
modeling of gasifer based equilibrium modeling approach (stocihiometric) for 
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municipal solid waste as shown in Table 2 with a moisture content of 14.2 % and 
ER ratio of .3578, the model was modified with experimental data of different 
feed stock compositions( Zainal et al (2002), Altafini et al (2003) and Jayah et al. 
(2003). In addition, other experimental results of Wu et al (2009) for rice husk 
were compared as shown in Table 3; the ER ratio was varied between 0.22 to 0.28 
for practical 1.2 MW gasifer as well as for the Zhao et al (2009) in the entrained 
flow gasifier. The differences in the results may come from the assumptions 
defined in simplifying the model, such as all gases are assumed to be ideal, no 
residue, absence of tar, feed stock compositions. The interesting points in the 
comparisons are the amount of H2 and CH4. The model predicted higher amounts 
of H2, but the predicted amounts of CH4 are lower than all experimental data. It is 
important to note that equilibrium models as stated by Bacon et al (1983), 
substantially higher CH4 in the product gas than what was estimated from his 
equilibrium model calculation. A possible explanation to this is that the state of 
equilibrium was not met during the experiment. It is inferred from the validation 
that, the models need to be modified with respect to the practical results 
pertaining to the feed compositions.   

 
Table 2.  Comparison of simulation results in the present work with the 
 experimental results from the literatures (at the temperature of 800 ºC)   
 
 Gas composition on dry basis  (mole fraction) RMSE 

H2 CO CH4 CO2 N2 m 
Simulation results 
from the present 
work 

0.220 0.292 0.006 0.058 0.506 0.284  

Experimental results 
from Zhao et al 
(2009) 

0.059 0.148 0.013 0.133 0.645 0.28 0.109 

Experimental results 
of Wu et al (2009) 

0.074 0.165 0.047 0.160 0.495 0.002 0.134 

 
� The results were also compared for the mixed air-steam gasification.  
Modeling of mixed air-steam gasification performed by introducing steam mixed 
with air to the system. Figure 3 presents the experimental and modeled results for 
various SBR ratios of 0.5, 1.5, 2.0, and 3.0 respectively at a constant equivalence 
ratio of .22.The experimental results of Pengmei Lv et al (2003) is used to 
compare the modeling results at same ER and SBR ratios. Obviously there is a 
significant deviation from the experimental values. 
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Figure 3. Model Validation results for steam gasification 
 
3.2 Product analysis from gasification with various operating conditions         
�
The product gas compositions in terms of hydrogen yield, and H2/CO, CO/CO2 
and CH4/H2 molar ratios from the gasification of rice husk at different 
equivalence ratio (ER), steam to biomass ratio (SBR), operating temperature, and 
steam to air ratio were then determined. It is noted that ER is the measuring of the 
amount of external oxygen supplied to the system, which obtained by dividing the 
actual oxygen to biomass molar ratio to the stoichiometric oxygen to biomass 
molar ratio; while SBR is defined as the mole steam fed per mole of biomass. 
Figure 4 shows the H2/CO, CO/CO2 and CH4/H2 molar ratios produced from the 
air gasification of rice husk at various ER (from 0.2 to 0.6) and operating 
temperatures (750-900ºC). It can be seen that CO production is significantly 
higher than CO2 production particularly at low ER and high operating 
temperature, while H2 production is slightly lower than CO production at low ER 
but considerably decreased with increasing ER (H2/CO reduced from 0.83 at ER 
of 0.2 to 0.41 at ER of 0.6). These modeling results are well supported by several 
previous experimental works, from which generally reported the molar 
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composition of H2/CO production less than 1.0 in all operating conditions Li et al. 
(2004) as explained in the previous section.  

 
Figure 4. H2/CO, CO/CO2 and CH4/H2 molar ratios produced from the air 
gasification of rice husk at various ER (from 0.2 to 0.6) and operating 
temperatures (750-900ºC) 
�

The modeling of steam gasification was then performed by introducing 
steam instead of air to the system. Figure 5 presents the effect of SBR on the 
H2/CO, CO/CO2 and CH4/H2 molar ratio productions at different temperatures. 
Clearly, H2 production is always greater than CO production particularly at high 
SBR and low temperature (750ºC), while CO production is also higher than CO2 
production but significantly decreases with increasing SBR due to the effect of 
water gas shift reaction (Franco C et al., 2003). Small amount of CH4 is observed 
from the system; it decreases with increasing temperature but slightly increases 
with increasing SBR.  
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As another concept, the modeling of biomass gasification with mixed 
steam/air was carried out for comparison. The product gas compositions from the 
gasification at various SBR, ER (0.2, 0.3 and 0.4), and operating temperatures are 
presented in Figure 6 (a)-(c). Compared to the air-alone gasification, higher 
amount of H2 and CO2 are produced at the same ER and operating temperature, 
due to the occurring of water gas shift and steam gasification reactions. 

�

      

Figure 5. H2/CO, CO/CO2 and CH4/H2 molar ratio produced from steam 
gasification of rice husk at various SBR (from 0 to 3.0) and operating 
temperatures (750-900ºC)           

 .  
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Figure 6 (a) ER of 0.2 

 
Figure 6 (b) ER of 0.3 
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Figure 6 (c) ER of 0.4 

 
Figure 6. Product gas compositions from the mixed steam/air gasification at 
various SBR, and ER ((a) 0.2, (b) 0.3 and (c) 0.4) at various temperatures 
 
3.2 Effect of temperature, SBR and ER ratios on hydrogen yield  

 
Figure 7 shows the yield of H2 production from the steam gasification at wider 
range of SBR (from 0.2 to 10). It can be seen that H2 yield increased steadily with 
increasing temperature and SBR until reaching SBR of 3.5-4.0; then the effect of 
steam on H2 yield becomes less pronounce. Figure 8 shows the effects of SBR, 
ER on H2 production yield for the mixed steam/air gasification at (a) 750ºC, (b) 
800ºC, (c) 850ºC and (d) 900ºC 

Figure 8 (a)-(d) shows the effects of SBR and ER on H2 production yield 
at different temperatures. Similar to the steam gasification, H2 yield initially 
increased with increasing SBR; then the effect of steam becomes less pronounce 
at higher SBR. It can also be seen that H2 yield decreased dramatically with 
increasing ER (up to 0.4), which could be due to the impacts of air gasification 
along with reverse water gas shift reactions meaning oxidizing reaction. 
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Figure 7.  The yield of H2 production from the steam gasification at various SBR 
(from 0.2 to 10) 

Figure 8 (a) 750ºC 
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Figure 8 (b)  800ºC 

Figure 8 (c) 850ºC 
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Figure 8 (d) 900ºC 

 
Figure 8. The effects of SBR and ER on H2 production yield from the mixed 
steam/air gasification at (a) 750ºC, (b) 800ºC, (c) 850ºC and (d) 900ºC 

3.3 Efficiency analysis from gasification with various gasification   agents  

From the above studies, the highest hydrogen production can be achieved from 
the steam gasification with SBR of 4.0; nevertheless, the energy consumption for 
the system is also important concern. Hence, the thermodynamic efficiencies of 
these three processes were analyzed in order to determine the optimum operating 
conditions that can produce maximum amount of hydrogen with less energy 
consumption.  

According to our thermodynamic analysis, in case of typical air 
gasification, the efficiency dramatically decreased with increasing ER in the range 
of temperatures studied (750-900ºC), Fig. 9. It was also found that the efficiency 
slightly increased with increasing temperature (from 35% at 750ºC to 42.5% at 
900ºC with ER of 0.2). 
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Figure 9. Thermodynamic efficiency of air gasification at various ER  

As for the steam gasification, initially the efficiency increased with 
increasing SBR (from 26% at SBR of 0.5 to 32% at SBR of 2.5); then it decreased 
at higher SBR, Fig. 10. Similar to the air gasification, the efficiency increased (in 
the order of 5-10%) with increasing temperature over this range of SBR. 
Therefore, the optimum operating conditions for steam gasification are at 900ºC 
with inlet SBR of 0.5.  
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Figure 10. Thermodynamic efficiency of steam gasification at various SBR and 
operating temperatures 

 

 

Lastly, for the case of mixed air-steam gasification, the effects of ER and 
SBR on the thermodynamic efficiencies were estimated at various temperatures 
(750, 800, 850 and 900oC), as shown in Fig. 11 (a)-(d). Similar trends were 
observed in all range of operating temperatures, in which the efficiency increased 
as ER and SBR increased until reaching the optimum point and then reduced with 
further increasing of ER and SBR. The optimum condition for the mixed air-
steam gasification seems to be at 900oC with ER and SBR of 0.1 and 2.5, 
respectively, which could provide the efficiency up to 66.5%.  
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Figure 11(a) 

 

Figure 11 (b)
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Figure 11 (c)  
 

 
Figure 11 (d) 

 
Figure 11. The effects of ER and SBR on the thermodynamic efficiencies of 
mixed steam/air gasification at (a) 750ºC, (b) 800ºC, (c) 850ºC and (d) 900ºC 

23Kempegowda et al.: Thermodynamic Analysis for Gasification of Thailand Rice Husk

Published by The Berkeley Electronic Press, 2010

                                             267



�

In summary, according to our analysis, the mixed air-steam gasification is 
the good candidate to produce hydrogen-rich gas from Thailand rice husk with 
highest efficiency compared to air and steam alone gasification. The benefit of 
this operation is mainly due to the supplement of sufficient heat from the partial 
oxidation of biomass (with air), which is efficiently used for steam activation 
reaction providing the autothermal operation. Hence, this operation will be 
selected as biomass conversion process to produce hydrogen-rich gas for later 
utilization in SOFC and/or FT-process for BTL production.    

4. Conclusion  

The thermodynamic analysis of biomass gasification with various gasification 
agents (i.e. air, steam, and mixed air/steam) indicated that the highest hydrogen 
production yield can be achieved from the steam gasification with SBR of 4.0. 
Nevertheless, by considering the system efficiency, the combined air-steam 
gasification provided significant higher hydrogen production efficiency compared 
to air and/or steam gasification. The optimum condition can be achieved at 900oC 
with ER and SBR of 0.1 and 2.5, respectively, which could provide the efficiency 
up to 66.5%. This selected optimum condition will be later applied for the 
integrated biomass gasification with SOFC for electrical generation and with FT-
process for BTL production purposes. 

Nomenclature  

H2/CO   Hydrogen to Carbon monoxide product molar ratio  
CO/CO2 Carbon monoxide to carbon dioxide product molar ratio 
CH4/H2 Methane to Hydrogen product molar ratio 
SBR  Steam to biomass ratio 
ER  Equivalence ratio 
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a b s t r a c t

This work proposes an improvement in performance with respect to the electrical effi-

ciency of a bioethanol-fuelled Solid Oxide Fuel Cell (SOFC) system by replacing a conven-

tional distillation column by a pervaporation unit in the bioethanol purification process.

The simulation study indicates that the membrane separation factor has a significant

influence on the electrical power and heat energy required to generate a feed of 25 mol%

ethanol in water to the reformer. The values of overall electrical efficiency of the SOFC

systems with a distillation column and with a pervaporation unit are compared under the

thermally self-sufficient condition (Qnet¼ 0) which offers their maximum electrical effi-

ciency. At the base case, the SOFC system with a pervaporation unit provides an electrical

efficiency of 42% compared with 34% achieved from the system with a distillation unit,

indicating a significant improvement by using a pervaporation unit. An increase in ethanol

recovery can further improve the overall electrical efficiency. The study also reveals that

further improvement of the membrane selectivity can slightly enhance the overall effi-

ciency of the SOFC system. Finally, an economic analysis of a bioethanol-fuelled SOFC

system with pervaporation is suggested as the basis for further development.

Copyright ª 2011, Hydrogen Energy Publications, LLC. Published by Elsevier Ltd. All rights

reserved.

1. Introduction

The Solid Oxide Fuel Cell (SOFC) is one of the most interesting

power generation technologies nowadays because of its

highly efficient and direct conversion of chemical energy to

electricity. Fuel flexibility is the major advantage of SOFC

since it can be fed with various primary fuels such as

ammonia, methane, biogas, methanol and ethanol [1e5]. A

number of researchers have investigated SOFC systems fuel-

led by bioethanol which is considered as a green renewable

fuel [6e9]. However, most of the studies considered a feed of

high purity ethanol rather than bioethanol. Several studies

have been carried out to improve performance of SOFC

systems fuelled by ethanol. Some electrolyte materials were

proposed as a means of improving performance and stability

of these systems [10e13]. Moreover, the effects of operating

* Corresponding author. Fax: þ66 2 218 6877.
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parameters on SOFC performance such as type of reforming

process, operating temperature, operating voltage and fuel

utilization were also investigated [14e16].

Recently, an SOFC system integrated with a distillation

column for bioethanol purification was proposed [8]. The heat

generated from the SOFC stack and the afterburner was

supplied to the distillation column, reformer and heaters to

preheat the feed. The system could be operated at an energy

self-sufficient condition without relying on other external

heat sources apart from the bioethanol feed. Jamsak et al. [9]

designed a thermally integrated bioethanol-fuelled SOFC

system with a distillation column using a heat exchanger

network. The performance of the SOFC system integrated

with bioethanol production and purification processes was

investigated by considering the potential use of biogas co-

generated in the bioethanol production as a primary fuel for

hydrogen production in the SOFC system [17].

Regarding the technology for water/alcohol separation,

apart from the conventional distillation, there are several

potential technologies i.e. pervaporation [18e20], membrane

distillation [21e23], adsorption [24e26] and extraction [27,28].

Among such technologies, pervaporation is considered to be

promising particularly in terms of low energy requirement

due to moderate temperature and pressure operation [29,30].

Moreover, it is an environmental-friendly technology and is

independent of the vapor/liquid equilibrium characteristics of

the substances to be separated. A number ofmembranes have

been tested for separation of water/alcohol mixtures [31e36].

Due to the promising characteristics of pervaporation, it is

interesting to investigate the possible improvement of the

bioethanol-fuelled SOFC system by replacing a conventional

distillation column with a pervaporation unit. Although it is

likely that a SOFC system integratedwith pervaporation offers

higher electrical power than that with the distillation column

due to the lower demand of heat energy, the requirement of

extra electrical power for operating a vacuum pump may

suppress the potential improvement.

The main objective of this work is to improve the overall

efficiency of a bioethanol-fuelled SOFC system by integrating

the SOFC system with a pervaporation unit to purify

bioethanol prior to feeding to the SOFC system. The perfor-

mance of the proposed SOFC system is compared with

a conventional SOFC system integrated with a distillation

column. In addition, the effects of operating parameters such

as operating cell voltage, ethanol recovery and membrane

selectivity on overall electrical efficiency of the SOFC system

are investigated.

2. Process description and simulation

Fig. 1 shows a schematic diagram of the SOFC system. The

system consists of a purification unit, a reformer, a SOFC stack

and an afterburner. Bioethanol feed containing 3 mol%

ethanol, which is derived from fermentation broth [37], is

introduced to the purification unit to prepare a reformer feed

at a desired concentration of ethanol (25 mol%). At the

reformer, ethanol is converted to hydrogen rich gas via

a steam reforming reaction (C2H5OHþH2O4 2COþ 4H2).

Carbon monoxide can further react with steam to generate

more hydrogen and carbon dioxide via a water gas shift

reaction (COþH2O4CO2þH2). It is assumed that the gas

product is at its equilibrium composition. The reformed gas

and air are fed to the anode and cathode of the SOFC stack,

respectively, where the chemical energy of the fuel is directly

converted to electricity. Exhaust gases from the stack are

combusted in the afterburner. Heat released from the SOFC

stack (Q4) and the afterburner (Q5) is supplied to the other

energy-demanding units including the purification process

(Q1), reformer (Q2), and air heater (Q3). It is assumed that the

hot gas is discharged to the environment at 403 K.

In this work, the performance of the SOFC system inte-

grated with a purification unit is evaluated at the energy self-

sufficient condition where the net energy (Qnet) defined as the

difference between the exothermic heat (Q4 and Q5) and the

endothermic heat (Q1, Q2 andQ3) of the system (Eq. (1)) is equal

to zero. Generally, the value Qnet can be positive, zero or

negative. When Qnet is negative, the system requires more

energy from an external heat source. The system can be

energy self-sufficient when Qnet� 0. The best performance of

Fig. 1 e Schematic diagram of SOFC system integrated with purification unit.
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the SOFC system in term of electrical efficiency can be ach-

ieved when Qnet¼ 0 [8]. It should be noted that in practice the

values of the electrical efficiency are lower than those repor-

ted in this work as they are subjected to heat losses particu-

larly for a systemwith a complicated heat exchanger network.

Qnet ¼ ðQ4 þ Q5Þ � ðQ1 þ Q2 þ Q3Þ ¼ 0 (1)

Two bioethanol purification systems are considered in this

study, i.e. pervaporation (Fig. 2(a)) and conventional distilla-

tion (Fig. 2(b)). For pervaporation, the membrane acts as

a selective barrier which allows ethanol to selectively trans-

port through it. The retentate stream may be partially mixed

with the permeate stream to obtain 25 mol% ethanol based on

the stoichiometric ratio of ethanol steam reforming. The

obtained permeated composition is significantly dependent

on the membrane selectivity. The relationship between the

permeate composition ( y) and the retentate composition (x) is

assumed to be described by the membrane separation factor

(aPV).

aPV ¼ yP=
�
1� yP

�
xR=ð1� xRÞ (2)

Heat involved in the pervaporation process (QPV) includes

the energy required to raise the temperature of the bioethanol

feed to the pervaporation temperature (TPV¼ 333 K), to

vaporize all vapor permeating through the membrane, and to

heat the permeate and part of the retentate to generate a feed

of 25 mol% ethanol in water at the steam reforming temper-

ature (TSR) of 1023 K. The electrical power consumption of

a vacuum pump in the pervaporation unit can be calculated

from the following equations:

We;PV ¼ �mp

ZTout

Tin

Cp dT (3)

Tout ¼ Tin

 
1þ 1

hpump

 �
Pout

Pin

�ðg�1Þ=g
�1

!!
(4)

g ¼ Cp

Cp � R
(5)

The efficiency of the vacuum pump was assumed to be 75%

[38]. It is noted that all of the variables are defined in the

nomenclature.

With regard to the distillation column, a Radfrac rigorous

equilibrium stage distillation module equipped with a partial

condenser and a kettle boiler in Aspen� plus programwas set

for the process simulation. Similar to the pervaporation

process, the bottom stream in which the composition is

mainlywatermay be partiallymixedwith the distillate stream

to obtain the desired concentration of ethanol. The minimum

reboiler heat duty, which could be obtained by adjusting the

number of stages and reflux ratio, was used in the present

study [8].

The computation of SOFC performance was based on our

previous work [39]. For SOFC stack, the Ni-YSZ, YSZ and LSM-

YSZ were used as the materials for the anode, electrolyte and

cathode respectively. Since the H2 electro-oxidation is much

faster than CO electro-oxidation then it was assumed that

only hydrogen ions reacted with oxygen ions as illustrated in

Eqs. (6) and (7) [40]:

1=2O2/O2� (6)

H2 þO2�/H2Oþ 2e� (7)

The open-circuit voltage (E ) can be calculated from the

Nernst equation as expressed in Eq. (8).

E ¼ E0 þ RT
2F

ln

 
pH2

p1=2
O2

pH2O

!
(8)

The actual cell potential (V) is always less than the open-

circuit voltage (E ) owing to the existence of the overpotentials

as shown by Eq. (9).

V ¼ E� hact � hohmic � hconc (9)

The ohmic overpotential (hohmic) is the resistance of the

electron to flow through the electrodes, interconnections and

electrolyte. This overpotential is the major loss of the SOFC

stack which can be calculated from Eq. (10).

hohmic ¼ 2:99� 10�11iL exp

�
10 300

T

�
(10)

The activation overpotential (hact) occurs from the electro-

chemical reaction at the electrodes. Normally, the activation

overpotential dominates at low current density but at high

temperature, the reaction rate is very fast such that this value

is small. This overpotential can be expressed by the Butler-

eVolmer equation.

i ¼ i0

�
exp

�
azFhact

RT

�
� exp

�
� ð1� aÞzFhact

RT

��
(11)

In case of SOFC, the values of a and z are 0.5 and 2 respec-

tively [41]. Consequently, the activation overpotential at

anode and cathode side can be written as

hact ¼
RT
F

sinh�1

�
i
2i0

�
(12)

The exchange current density (i0) for the cathode and anode

side can be calculated from these two equations:

i0;a ¼ ga

�
pH2

Pref

� �
pH2O

Pref

�
exp

�
� Eact;a

RT

�
(13)

i0;c ¼ gc

�
pO2

Pref

�0:25

exp

�
� Eact;c

RT

�
(14)

The concentration overpotential (hconc) is the loss due to the

difference concentration of gas between the bulk and the

reaction site. It can be estimated by Eqs. (15) and (16).

hconc;a ¼ RT
2F

ln

2
666664

�
1þ

�
RT
2F

� �
la

DaðeffÞpI
H2O

!
i

!
�
1�

�
RT
2F

� �
la

DaðeffÞpI
H2

!
i

!
3
777775 (15)
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dO2 , Da(eff) and Dc(eff) can be expressed by

dO2
¼ DO2 ;kðeffÞ

DO2 ;kðeffÞ þ DO2�N2ðeffÞ
(17)

DaðeffÞ ¼
�
pH2O

Pa

�
DH2ðeffÞ þ

�
pH2

Pa

�
DH2OðeffÞ (18)

1
DcðeffÞ

¼ x

n

�
1

DO2 ;k
þ 1
DO2�N2

�
(19)

1
DH2ðeffÞ

¼ x

n

�
1

DH2 ;k
þ 1
DH2�H2O

�
(20)

1
DH2OðeffÞ

¼ x

n

�
1

DH2O;k
þ 1
DH2�H2O

�
(21)

Eq. (22) shows the relation between effective parameter

(D(eff)) and nominal parameter (D):

DðeffÞ ¼ n
x
D (22)

The correlation below is used to calculate the Knudsen

diffusivity:

Di;K ¼ 9700

ffiffiffiffiffiffi
T
Mi

s
(23)

Pervaporation

Permeate

3 mol% EtOH

Mixer

Vacuum pump
Heater 1

T = 1023 K

To refomer

Splitter

Drain

Heater 2Retentate

T = 1023 K

25 mol% EtOH

Feed

Distillation 
Column

T = 1023 K

To reformerFeed

Heater 2

Splitter

Mixer

Drain

25 mol% EtOH3 mol% EtOH

Distillate

Bottom

Heater 1

T = 1023 K

a

b

Fig. 2 e Schematic diagrams of bioethanol purification processes: (a) pervaporation and (b) distillation.

hconc;c ¼
RT
4F

ln

2
664 pI

O2��
Pc � dO2

�� ��Pc � dO2

�� pI
O2

	
exp

h�RT
4F

� � dO2
lc

DcðeffÞPc

�
i

��
3
775 (16)
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The ChapmaneEnskog equation is used for calculating the

ordinary diffusivity:

DA�B ¼ 1:8583� 10�3

 
T3=2

��
1

MA

	
þ
�

1
MB

		1=2
Ps2

ABUD

!
(24)

where sAB and UD can be calculated from the following

equations:

sAB ¼ sA þ sB

2
(25)

UD ¼ A
TB
k

þ C
expðD$TkÞ þ

E
expðF$TkÞ þ

G
expðH$TkÞ (26)

where Tk is equal to T/eAB and A, C, E and G are constants for

each gas.

The overall efficiency of the system can be computed by Eq.

(27). Only the electrical power required for operating a vacuum

pump in the pervaporation operation is considered in the

calculations of We,net.

% Overall electrical efficiency ¼ We;net

nEtOHLHVEtOH
� 100% (27)

The parameters used in the calculations are summarized in

Table 1.

The SOFC model was validated with the previous experi-

mental results of Zhao and Virkar [42] and Tao et al. [43] for

high concentration of hydrogen in the feed and of Petruzzi

et al. [44] for low concentration of hydrogen in the feed. Good

agreement was observed.

3. Results and discussion

Fig. 3 shows the effect of the membrane separation factor on

the heat (QPV) and electrical power (We,PV) required for oper-

ating the pervaporation process. When a membrane with

higher selectivities is used, the purification process consumes

less electrical power but greater amount of heat. This is due to

the dependence of We,PV on the flow rate of the permeate

stream (Eq. (3)) which continuously decreases at higher

separation factors due to the higher ethanol purity achieved.

On the other hand, a greater amount of heat is demanded to

preheat water in the retentate stream when mixing with the

purified ethanol to obtain the reformer feed at the desired

ethanol concentration (25 mol%). The results also indicate

that when the pervaporation is operated at a higher ethanol

recovery, the process requires higher electrical power and

heat, and in addition, the minimum value of membrane

separation factor to achieve the ethanol purity as low as

25 mol% in the permeate stream becomes higher.

To compare the performance of the systems with different

purificationprocesses, theelectricalefficiencieswerecalculated

based on the same operating conditions; i.e. ethanol recov-

ery¼ 80%, TSR¼ 1073 K and operating cell voltage¼ 0.7 V. For

the pervaporation, themembrane separation factor of 49which

Table 1 e Summary of SOFC model parameters [39].

Parameters Value

l (mm) 50

Eact,a (J/mol) 1.0� 105

Eact,c (J/mol) 1.2� 105

ga (A/m2) 1.344� 1010

gc (A/m
2) 2.051� 109

la (mm) 750

lc (mm) 50

x (mm) 5.4

n 0.48

sH2 (�A) 2.827

sH2O (�A) 2.641

sN2 (�A) 3.798

sO2 (�A) 3.467

eH2 59.7

eH2O 809.1

eN2 71.4

eO2 106.7

Fig. 3 e Effect of membrane separation factor on heat (QPV)

and electrical power (We,PV) required for operating the

pervaporation system (TPV[ 333 K, Pp[ 0.1 atm).

Table 2 e Performance of SOFC systems integrated with
different purification units which operate at thermally
self-sufficient condition (ethanol recovery[ 80%,
operating voltage[ 0.7 V, TSOFC[ 1073 K).

Parameters Purification unit

Pervaporation Distillation

1. Heat (MW)

Purification 2301 3580

Reformer 417 421

Air heater 22,575 23,892

Afterburner 25,293 27,893

2. Electrical power (MW)

Purification 453 0

Electricity 4920 3701

Net electrical power 4467 3701

3. Fuel utilization (%) 92 68

4. Overall electrical efficiency (%) 42 34
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offers the ethanol purity of the permeate stream close to 25mol

%wasconsidered.The results inTable 2 indicate that theoverall

electrical efficiency of the SOFC system integrated with perva-

poration (42%) ismuchhigherthanthatachievedfromtheuseof

a conventional distillation column (34%). The significant

reduction of heat demand from the use of pervaporation allows

the SOFC feed to be utilizedmore efficiently for electrical power

generation as observed by the greater value of fuel utilization of

92% in the pervaporation systemcompared to that of 68% in the

distillation system, even though part of the electrical power

generatedat theSOFCstack (4920 MW) is required tooperate the

vacuumpump of the pervaporation unit (453 MW). Apparently,

the replacement of thedistillation columnby the pervaporation

can remarkably improve the overall electrical efficiency of the

system.

The effect of operating voltage on the current density and

power density, the corresponding fuel utilization, the heat of

SOFC stack (QSOFC) and the overall electrical efficiency at

the energy self-sufficient condition (Qnet¼ 0) is shown in

Fig. 4(a)e(c), respectively. It was found that the current
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density, power density, fuel utilization and heat of SOFC

stack (QSOFC) decrease with increasing the operating voltage.

However, the overall electrical efficiency remains unchanged

for all different operating voltages. At a higher operating

voltage, the stack is operated at the voltage close to its

theoretical electromotive force, resulting in smaller irrevers-

ible losses and consequently lower heat of SOFC stack (QSOFC)

as well as the current density and the power density. To

maintain the condition of Qnet¼ 0 at a smaller value of QSOFC,

the stack needs to be operated at a lower fuel utilization thus

a greater amount of the exhaust fuel is left for the after-

burner to generate sufficient heat for the system. The sources

of heat generation just alter between the heat of SOFC and

heat from the afterburner for supplying the other heat

consuming units in the system which does not vary with

operating voltage. Therefore, the overall electrical efficiency

achieved from the system does not vary with the operating

voltage. It is noted that an appropriate voltage needs to be

carefully selected as the operation of SOFC at too low voltage

leads to a high heat level in the SOFC stack which may cause

difficulty in heat removal from the stack while operation at

too high voltage leads to a low cell power density and thus

a large stack area is required.

When the effect of ethanol recovery is considered, the

overall electrical efficiency of the SOFC systems can be further

improved by increasing the ethanol recovery as shown in

Fig. 5. Although, the required energy for the purification unit

rises at higher ethanol recovery, the amount of ethanol

provided to the SOFC system still increases. Consequently, the

overall efficiency is higher when increasing the ethanol

recovery. Again, it has been demonstrated that the SOFC

system integration with a pervaporation unit provides higher

overall electrical efficiency than that integrated with a distil-

lation column. Importantly, economic analysis is essential in

determining a suitable ethanol recovery as the operation at

a higher ethanol recovery may result in significant increases

in capital costs such as a distillation column with more trays

or membrane with much larger area. The results shown in

Fig. 5 also indicate that the minimum membrane separation

factor significantly increases with increasing the ethanol

recovery, indicating that a highly selective membrane is

needed to enable operation at high ethanol recovery. Finally,

the effect of membrane separation factor on the overall

electrical efficiency is shown in Fig. 6. The overall electrical

efficiency slightly increases at high separation factor, indi-

cating that the use of a highly selective membrane may be

unnecessary. It should be noted that the separation factors of

membrane for ethanol/water recovery reported in the litera-

tures are in the range from 10 to 125 [24e29]. Therefore, the

use of the minimum value of membrane separation factor to

achieve the 25 mol% of ethanol purity in the permeate stream

is possible.

4. Conclusions

The performances of bioethanol-fuelled SOFC systems inte-

grated with two different purification processes, i.e. distilla-

tion and pervaporation have been compared. The SOFC

system integrated with a pervaporation unit has been

demonstrated to be a promising choice over the SOFC system

with conventional distillation unit since the replacement of

distillation with pervaporation can reduce the energy

demand in bioethanol purification. Therefore, the overall

electrical efficiency of the SOFC system can be improved. The

SOFC stack can be operated at different voltages and fuel

utilization to achieve the thermally self-sufficient condition

of the SOFC system, resulting in different power density and

heat generation from the SOFC stack. Regarding the effect of

ethanol recovery, the overall electrical efficiency increases

with an increase of ethanol recovery but the pervaporation

requires a membrane with a higher selectivity. It is also

demonstrated that the development of membrane with

superior selectivity may be unnecessary since it only gives

a slight improvement in the overall electrical efficiency of the

SOFC.
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Nomenclature

Cp heat capacity at constant pressure, kJ kmol�1 K�1

Di,K Knudsen diffusivity of component i, cm2 s�1

DA�B ordinary diffusivity of gas A versus gas B, cm2 s�1

Di(eff) effective diffusion coefficient of electrode i, cm2 s�1

Di,k(eff) effective Knudsen diffusivity of component i, cm2 s�1

DA�B(eff) effective ordinary diffusivity of gas A versus gas B,

cm2 s�1

E theoretical open-circuit voltage of the cell, V

E0 theoretical open-circuit voltage of the cell at

standard pressure, V

Eact activation energy, kJmol�1

F Faraday constant (9.6495� 104), Cmol�1

i current density, A cm�2

i0 exchange current density, A cm�2

la thickness of anode, mm

lc thickness of cathode, mm

L thickness of electrolyte, mm

LHVEtOH lower heating value of ethanol, kJ kmol�1

mp permeate flow rate, mol s�1

Mi molecular weight of gas i, g

n electrode porosity, dimensionless

nEtOH molar flow rate of ethanol, mol s�1

pi partial pressure of component i, Pa

pi
I inlet pressure of component i, Pa

P pressure, Pa

Pref reference pressure (105), Pa

Qnet net useful heat, MW

QPV heat generation at pervaporation purification unit,

MW

QSOFC heat generation at the SOFC stack, MW

R gas constant (8.3145), J mol�1 K�1

T temperature, K

Uf fuel utilization, %

V cell voltage, V

We,net net electrical power, MW

We,PV electrical power consumption of a vacuum pump in

pervaporation unit, MW

xR mole fraction of ethanol at retentate side of the

membrane, dimensionless

yP mole fraction of ethanol at permeate side of the

membrane, dimensionless

z number of electron participating in the

electrochemical reaction, dimensionless

Greek letters

a charge transfer coefficient, dimensionless

aPV separation factor of membrane, dimensionless

x electrode tortuosity, dimensionless

di coefficient used in concentration overpotential of

component i, dimensionless

hact activation loss, V

hconc concentration loss, V

he overall electrical efficiency, %

hohmic ohmic loss, V

hpump pump efficiency, %

sAB collision diameter, �A

UD collision integral, dimensionless

eAB Lennard-Jones energy interaction parameter scaled

with respect to the Boltzman constant,

dimensionless

ga pre-exponential factor for anode exchange current

density, Am�2

gc pre-exponential factor for cathode exchange current

density, Am�2

Subscripts

a anode

c cathode

in input

out output
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a b s t r a c t

This paper presents a thermodynamic study of a glycerol steam reforming process, with

the aim of determining the optimal hydrogen production conditions for low- and high-

temperature proton exchange membrane fuel cells (LT-PEMFCs and HT-PEMFCs). The

results show that for LT-PEMFCs, the optimal temperature and steam to glycerol molar

ratio of the glycerol reforming process (consisting of a steam reformer and a water gas shift

reactor) are 1000 K and 6, respectively; under these conditions, the maximum hydrogen

yield was obtained. Increasing the steam to glycerol ratio over its optimal value insignifi-

cantly enhanced the performance of the fuel processor. For HT-PEMFCs, to keep the CO

content of the reformate gas within a desired range, the steam reformer can be operated at

lower temperatures; however, a high steam to glycerol ratio is required. This requirement

results in an increase in the energy consumption for steam generation. To determine the

optimal conditions of glycerol steam reforming for HT-PEMFC, both the hydrogen yield and

energy requirements were taken into consideration. The operational boundary of the

glycerol steam reformer was also explored as a basic tool to design the reforming process

for HT-PEMFC.

ª 2010 Professor T. Nejat Veziroglu. Published by Elsevier Ltd. All rights reserved.

1. Introduction

A fuel cell is a promising source of electricity generation, due

to its high efficiency and environmental friendliness. In

principle, a fuel cell generates electricity via an electro-

chemical reaction of hydrogen and oxygen and produces only

water and heat as by-products. But because hydrogen is not

readily available, it is necessary to produce it from other

sources. Most hydrogen is produced from reforming processes

of natural gas. Although natural gas is a cost-effective feed-

stock, it is also a limited and nonrenewable resource [1,2]. For

this reason, various studies have been conducted to develop

the means to produce hydrogen from renewable resources to

support the future use of fuel cells.

To date, glycerol is considered an alternative fuel for

hydrogen production because it is a by-product of the

production of biodiesel, which uses vegetable oils or fats as

feedstock. Therefore, glycerol is a promising, renewable

source of hydrogen production [3]. Typically, the main goal of

hydrogen production is tomaximize hydrogen yield, and thus,

most of the previous investigations have identified the

favorable conditions and methods to achieve this goal.

Rabenstein et al. [4] studied the production of hydrogen from

ethanol using three common methods, i.e., steam reforming,

* Corresponding author. Tel.: þ66 2 2186878; fax: þ66 2 2186877.
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partial oxidation, and autothermal reforming. It was revealed

that steam reforming provides the highest hydrogen yield and

that coke formation can be eliminated by increasing the steam

to ethanol molar ratio and the oxygen to ethanol molar ratio.

Vagia et al. [5] analyzed the equilibrium product composition

of reforming processes of an aqueous bio-oil fraction. They

found that steam reforming gives a higher yield of hydrogen,

compared to the autothermal reforming, because part of

the fuel feed in autothermal reforming is consumed by the

combustion reaction to supply heat to the system. The

maximumhydrogen yield can be achieved at a temperature of

900 K, for both the steam reforming and autothermal

reforming processes. A high steam to fuel ratio favors the

hydrogen yield but also increases the energy requirements.

Considering glycerol reforming, various studies have relied

on experiments [6e12] or simulations [13e19] to investigate

the effects of key operating parameters on the various

reforming processes and to identify the optimal conditions.

Buffoni et al. [20] studied glycerol steam reforming based on

a nickel catalyst. Their results indicated that the operating

temperature strongly influences the activity of the nickel

catalyst; the minimum temperature that provides high

hydrogen selectivity is 823 K. Adhikari et al. [13] concluded

from their simulation results that the optimal conditions for

hydrogen production from glycerol are a temperature above

900 K, atmospheric pressure, and a steam to glycerol molar

ratio of 9. Wang et al. [15] studied steam reforming of glycerol

and found that the optimal temperature and steam to glycerol

molar ratio were in the range of 925e975 K and 9e12,

respectively. Low-temperature operation and a high steam to

glycerol molar ratio are required to minimize CO formation.

They suggested that while high-temperature operation is

preferable for hydrogen production, CO removal is desired for

applications in fuel cells. Recently, Chen et al. [21] conducted

a thermodynamic analysis through an experiment of a glyc-

erol steam reforming process. They found that the predicted

results were in agreement with the experimental data and

that the steam to glycerol ratio is a key factor for improving

the conversion of glycerol.

Among the different types of fuel cell, the polymer elec-

trolyte membrane, or proton exchange membrane, fuel cell

(PEMFC) is one of the most attractive fuel cells for automobile,

residential and portable applications because it operates at

low temperatures (allowing it to start up and shut down very

quickly) and provides a high current density [22,23]. Currently,

PEMFCs can be divided into two types depending on the

operating temperatures, low-temperature (LT-PEMFCs) and

high-temperature (HT-PEMFCs) proton exchange membrane

fuel cells. LT-PEMFCs can be operated at temperatures of

approximately 333e353 K and are limited to sources of high

hydrogen purity. The content of CO in the hydrogen feed for

a LT-PEMFC can be no greater than 10 ppm to avoid catalyst

poisoning [24]. Therefore, the obtained reformate gas needs to

be treated using water gas shift and preferential oxidation

processes before being fed to the LT-PEMFC. The HT-PEMFC

was developed from a LT-PEMFC and operates at tempera-

tures around 373e473 K. At higher temperatures, the extent of

CO that adsorbs on Pt in a HT-PEMFC is reduced, resulting in

a high tolerance for CO [25]. In fact, a HT-PEMFC can tolerate

CO up to 2e5% at 453 K with a insignificant degradation in the

cell performance [26]; thus, it is possible to use the reformate

gas for a HT-PEMFC directly without prior purification. There

have been few studies that have focused on determining the

optimal conditions for the glycerol reforming process of LT-

PEMFC, and based on our knowledge, no research has reported

the optimal conditions of reforming processes for HT-PEMFC.

It should be noted that the generation of hydrogen for each

type of PEMFC has different requirements and limitations.

Therefore, apart from maximizing the hydrogen yield, it is

necessary to take these aspects into consideration in the

production of hydrogen for PEMFC applications.

In this study, a steam reforming of glycerol to generate

hydrogen for LT-PEMFCs and HT-PEMFCs is considered by

taking into account different requirements for the CO content

of the reformate gas. A thermodynamic analysis is performed

to find suitable conditions for the glycerol steam reforming

process that not only maximize the hydrogen yield but also

provide a CO concentration that satisfies the operational

constraints of LT-PEMFCs andHT-PEMFCs. For LT-PEMFCs, the

optimal conditions for the glycerol steam reforming are

examined. A water gas shift reactor is also included in the

reforming process to remove CO. For theHT-PEMFC, this study

aims to explore the possibility of using the reformate gas

directly from the glycerol steam reforming. The operational

boundary of the glycerol steam reforming for a HT-PEMFC is

also examined.

2. Theory

2.1. Fuel processing for LT-PEMFC

LT-PEMFCs operate at low temperatures and require hydrogen

fuel with low CO content to avoid catalyst poisoning. The

content of CO in the hydrogen feed for a LT-PEMFC must be

less than 10e50 ppm. However, the CO contamination in

hydrogen-rich reformate gas exceeds this limit. To reduce CO

to the required level, it is necessary to add water gas shift

(WGS) and preferential oxidation (PROX) processes to the fuel

reforming process. The typical fuel processing system for

a LT-PEMFC is demonstrated in Fig. 1. The main reaction that

occurs in the steam reformer is glycerol steam reforming

(Eq. (1)), whereas the side reactions are water gas shift (Eq. (2)),

methanation (Eq. (3)), andmethane dry reforming (Eq. (4)). The

reactions in the CO pretreating units are shown in Eqs. (5)e(7).

Steam reformer

C3H8O3 þ 3H2O47H2 þ 3CO2 (1)

COþH2O4H2 þ CO2 (2)

LT-PEMFCPROXWGSReformer
CO < 10 ppm

Fuel processor

H rich-gas

Fuel
Water

Air/O2

Fig. 1 e Fuel processor for LT-PEMFC.
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COþ 3H24CH4 þH2O (3)

CO2 þ CH442H2 þ 2CO (4)

WGS reactor

COþH2O4H2 þ CO2 (5)

PROX reactor

COþ 0:5O24CO2 (6)

H2 þ 0:5O24H2O (7)

In theWGS reactor, CO is removed and additional hydrogen

is also generated at the same time. Nonetheless, the reformate

gas obtained from this process still has a CO level that exceeds

the acceptable level for LT-PEMFC. Therefore, the reformate

gas is treated by a PROX process to reduce the concentration of

CO to a satisfactory level. However, the oxygen fed into the

PROX process not only reacts with CO (Eq. (6)) but also

consumes hydrogen, as described by Eq. (7). The selectivity of

CO oxidation in the PROX process is about 0.4e0.9 and is

dependent on the catalyst and operating parameters [27e29].

It should be noted that when the effluent gas of the WGS

process containsmore CO, a higher amount of oxygenmust be

fed to the PROX process, resulting in a greater hydrogen loss

due to the oxidation of hydrogen (Eq. (7)). This result indicates

that the quality of the reformate gas obtained from the PROX

process depends on the amount of CO and hydrogen from the

WGS process when the maximum value of hydrogen content

and the minimum value of CO content are required from this

process. Therefore, the PROX process was not included in the

fuel processor of the LT-PEMFC to find the optimal conditions

of the glycerol steam reformer.

Inpractice, to increase thehydrogenyield of anendothermic

steam reforming reaction, high-temperature operation and

excess steamusage are required to shift the equilibrium toward

the product side. As mentioned above, the reformate gas

obtained from the steam reformer cannot be fed into the

LT-PEMFC immediately and requires further CO removal, e.g.,

from a WGS reactor. This process changes the H2 and CO

content. The operating conditions that produce the highest

hydrogen yield in the steam reformer may not be the optimal

conditions for supplying reformate gas to the LT-PEMFC. As the

quality of the reformate gas fed to theLT-PEMFCdependson the

hydrogen and CO compositions coming out of theWGS reactor,

determiningtheoptimalconditionsfor theglycerolprocessorby

considering the WGS process should be explored. Thus, the

effects of the operating parameters (the reformer temperature

and the steam to glycerol molar ratio) on the hydrogen and CO

concentrations obtained from theWGS reactor are studied.

2.2. Fuel processing for HT-PEMFC

From a thermodynamic point of view, the adsorption of CO on

the Pt surface can be reduced by increasing the temperature

and/or decreasing the CO concentration [30]. As a result of the

high operating temperature (in the range of 373e473 K),

HT-PEMFCs can tolerate up to 5% CO, compared to LT-PEMFCs

in which the CO content of the hydrogen feed must be less

than 10e50 ppm. The adsorption of CO and H2 on the Pt

surface can be described by Langmuir adsorption isotherms,

as shown in Eqs. (8) and (9). The CO molecule adsorbs asso-

ciatively on Pt below 500 K, whereas H2 is dissociatively

adsorbed [24].

COðgÞ þ Pt/Pt� CO (8)

H2ðgÞ þ 2Pt/2Pt�H (9)

In general, CO coverage on Pt decreases at higher tempera-

tures; because the adsorption of CO is an exothermic process,

the Pt active sites for hydrogenadsorption increase. This result

means that the possibility of hydrogen adsorption, which is

less exothermic than CO adsorption, increases at high

temperatures. Li et al. [25] reported the relative activity of a Pt

catalyst for hydrogenoxidation as a function of temperature at

different CO concentrations and found that the oxidation of

hydrogen can be promoted at high-temperature operation.

Other advantages of the high-temperature operation of

PEMFCs (apart from the enhanced CO tolerance) include an

increase in the electrochemical reaction rates, simplified

watermanagement, and improved heatmanagement [31e33].

Due to the increased CO tolerance of HT-PEMFCs at high

temperatures, it is possible to use the reformate gas directly

from reformers without the use of CO removal processes. In

addition, the higher operating temperature of PEMFCs also

offers the efficient utilization of waste heat to preheat fuel or

to supply the reforming processes. Jespersen et al. [34] claimed

that a HT-PEMFC is more suitable than a LT-PEMFC to inte-

grate with an on-board fuel processing unit. The overall

system for the fuel processing of a HT-PEMFC is illustrated in

Fig. 2. In this study, the reforming process is analyzed to

determine its efficiency and the operational boundary that

provides an appropriate reformate product to supply to the

HT-PEMFC. The simulation results are presented while

considering the constraint on CO content in the reformate gas.

2.3. Carbon formation

Carbon formation is a significant problem in fuel reforming

processes because it causes deactivation of the catalyst. Many

studies have proposed various methods to prevent the

formation of carbon during the reforming process, including

variations in the operating conditions, the development of

new catalysts resisting on carbon, and the addition of oxygen

and other promoters to inhibit carbon formation [35e39]. The

main potential reactions for the formation of carbon are

shown as follows:

Boudouard

2CO4CO2 þ C (10)

Reformer HT-PEMFC

Fuel processor

CO < 5%

H2 rich-gas

Fuel
Water

Fig. 2 e Fuel processor for HT-PEMFC.
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Methane cracking

CH442H2 þ C (11)

CO reduction

COþH24H2Oþ C (12)

To avoid carbon formation, an appropriate temperature and

steam to glycerol ratio should be determined. In this work, the

boundaries of carbon formation during glycerol steam

reforming are also presented to describe a carbon free region

and a carbon formation region.

3. Methodology

The equilibrium composition of the reformate gas obtained

from the steam reforming system of glycerol mentioned

earlier was calculated using direct minimization of the Gibbs

free energy. The primary components were C3H8O3, H2O, CO,

CO2, H2, CH4, and C. The other intermediate compounds of the

glycerol steam reforming, such as ethane, propane, methanol

and ethanol, can be neglected [21,40].

As the reaction proceeds, the total Gibbs free energy

decreases; the equilibrium condition is reachedwhen the total

Gibbs free energy ðGtÞ attains its minimum value. Therefore,

the equilibrium composition can be determined by solving the

minimization problem as follows:

min
ni

�
Gt
�
T;P

¼
XC
i¼1

niGi ¼
XC
i¼1

ni

�
G+

i þ RTln
f i
f+i

�
þ nSGS (13)

where G
�
i is the Gibbs free energy of the species in standard

conditions, C is the total number of components in the reac-

tion system, ni is the amount of each gaseous component, ns is

the number of carbon molecules involved in the carbon

formation, and GS is the Gibbs free energy of solid carbon.

According to the conservation of atomic species, ni has to

satisfy the following relationship:

XC
i¼1

ajini ¼ bj; for 1 � j � M (14)

where aji is the number of atoms of element j in component i,

bj is the total number of atoms of element j in the reaction

mixture, and M is the total number of elements. The solid

component is also considered for element balances in Eq. (14).

The thermodynamic characteristics of glycerol and the other

products can be obtained from HYSYS’s pure component

library database [41].

In this study, the thermodynamic analysis of a steam

reformer was performed by using the HYSYS simulator. Based

on a Gibbs reactor module coupled with the Peng-Robinson

Stryjek-Vera (PRSV) method for computing thermodynamic

properties, the minimization problem of Gibbs free energy (as

stated above) was solved to find the equilibrium composition

of the reactive system. The prediction results were compared

with the experiment data reported by Profeti et al. [11]. It was

observed that the product distribution obtained from the

HYSYS simulator and the experimental data were in

agreement.

4. Results and discussion

To analyze the performance of a glycerol steam reforming

process, it was assumed that the inlet temperature of the

reactant feeds was 298 K and that a steam reformer is oper-

ated under isothermal conditions. As carbon formation is one

of the most critical problems that can affect the catalyst

activity in reforming processes, the operating conditions of

the steam reformer should be carefully selected. Fig. 3 illus-

trates the effects of the steam to glycerol ratio (S/G) and the

reformer temperature on carbon formation. It indicates the

boundary of carbon formation for glycerol steam reforming,

which is helpful for determining feasible conditions to avoid

carbon formation. It is observed that carbon formation is

thermodynamically inhibited at high temperatures and high

steam to glycerol ratios.

4.1. Hydrogen production for LT-PEMFC

For LT-PEMFC, the reformate gas obtained from the steam

reformer requires treatment from a WGS reactor to eliminate

some of the CO and enhance the hydrogen content, after

which it can be sent to a PROX reactor to further reduce the CO

concentration to the desired level. The operating conditions of

the steam reformer influence the hydrogen and CO levels

obtained from the WGS reactor. Consequently, the effect of

the reformer operating conditions on the product gases from

the WGS unit was investigated for a given condition of the

WGS reactor, to identify the optimal conditions for the glyc-

erol steam reformer. However, the hydrogen content in the

reformate gas obtained from the PROX reactor depends on the

amount of CO and H2 at the outlet of the WGS reactor. Thus,

the fuel processor for a LT-PEMFC, consisting of only a steam

reformer and a WGS unit, was considered in this study.

Figs. 4 and 5 show the simulation results of hydrogen

production from glycerol for a LT-PEMFC. Fig. 4 indicates that

the amount of hydrogen produced from the steam reformer

increases with increased temperature and steam to glycerol

molar ratio, whereas the %CO decreases at a high steam to

glycerol molar ratio and low temperature. This is due to the

S/G
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Fig. 3 e Boundary of carbon formation for a glycerol steam

reformer at atmospheric pressure.
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endothermicity of the steam reforming reaction and the

exothermicity of the water gas shift reaction. However, at

each steam to glycerol ratio, there is an optimal temperature

that provides the greatest hydrogen yield. These results are

consistent with previous studies on glycerol reforming

[6,7,13]. Although an increase in the steam to glycerol molar

ratio offers the advantages of enhancing the hydrogen yield

and reducing the CO concentration, it also increases the

energy consumption of the reforming system.

Fig. 5 shows the compositions of H2 and CO from the WGS

unit operating at a temperature of 473 K at which the

maximum conversion of CO is observed [42]. However,

a higher temperature would improve the kinetics of the water

gas shift reaction. The results clearly indicate that a steam to

glycerol molar ratio of 6 is the most suitable for producing

reformate gases with LT-PEMFC applications. It should be

noted that previous studies claimed that a higher steam to

glycerol ratio is required to enhance the hydrogen yield and

decrease the CO concentration [13,15]. Although the addition

of excess steam increases the amount of hydrogen and

reduces CO concentration in the reformer and the water gas

shift unit, using a steam to glycerol ratio higher than 6 insig-

nificantly changes the hydrogen yield at temperatures above

1000 K. This operating point provides the highest hydrogen

yield, as indicated by Fig. 5(a). A similar trend is also observed

for the CO concentration, which is kept constant at steam to

glycerol ratios higher than 6. In addition, the formation of

carbon is suppressed at this operational range. Therefore, for

LT-PEMFC, excess steam over the optimal ratio is not neces-

sary for a glycerol steam reformer integrated with a LT-

PEMFC.

4.2. Hydrogen production for HT-PEMFC

As mentioned above, the high CO tolerance of HT-PEMFCs

makes it possible to use the reformate gas directly from the

steam reformer. This type of PEMFC can withstand CO up to

5% with no significant loss of performance [26]. The quality of

the reformate gas used in HT-PEMFCs differs from that used in

LT-PEMFCs, and consequently, the optimal operating condi-

tions of the reforming process would also be different. For HT-

PEMFC, the concentration of CO in the reformate gas from the

steam reformer was taken into consideration. To control the

fraction of CO to an acceptable level, the reformer needs to

operate at low temperatures and high steam to glycerol ratios.

However, the low-temperature operation of the reformer

causes a reduction in hydrogen content, which has a consid-

erable effect on the fuel cell performance. To directly use the

reformate gas obtained for HT-PEMFC, this study aims at

finding optimal conditions that favor hydrogen yield while
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avoiding CO contamination levels in the reformate gas that

surpass the tolerable level of HT-PEMFC.

Fig. 6 shows the relationship between the steam to glycerol

ratio and the reformer temperature at different %CO toler-

ances of the HT-PEMFC. The results reveal that the reformer

can be operated at higher temperatures when the steam to

glycerol ratio is increased, at all %CO tolerances considered. In

addition, the operating reformer temperature also increases

with an increased CO tolerance level of HT-PEMFC. Several

investigations have shown that temperature has a direct

effect on hydrogen yield [43,44]. Therefore, the hydrogen yield

increases with respect to the CO tolerance level and the steam

to glycerol ratio, as shown in Fig. 7. For a 5% CO tolerance,

hydrogen yield becomes constant when the steam to glycerol

ratio is over 18.

Fig. 8 shows the compositions of hydrogen, methane and

CO2 at different %CO tolerances of a HT-PEMFC when the

steam to glycerol ratio is fixed at 12. The reformer temperature

is adjusted according to the %CO tolerance, and the relation of

the steam to glycerol ratio and the reformer temperature for

each %CO tolerance is shown in Fig. 6. The simulation results

indicate that the hydrogen composition obtained from the

steam reformer is higher when a high CO fraction in the

reformate gas is allowed, compared to cases in which only

a low CO fraction is allowed. Carbon dioxide and methane

gradually decrease when increasing the content of CO in the

reformate gas. Therefore, the hydrogen fraction (a key

parameter affecting the fuel cell performance) is increased if

the HT-PEMFC can tolerate more CO. It can be concluded from

Figs. 7 and 8 that high steam to glycerol ratios and CO toler-

ance in the HT-PEMFC improves the performance of the

reformer in terms of hydrogen content and concentration.

The extent of CO has a significant influence on the

performance of the PEMFC when reformate gas is used as the

reactant feed. Therefore, the appropriate reforming condi-

tions need to be determined. Fig. 9 shows the boundary of the

operating conditions for glycerol steam reforming that

generate CO levels below 5%. The region above the solid line

indicates the operating conditions in which the content of CO

produced is in the acceptable level for HT-PEMFCs. If the

glycerol steam reformer is operated at conditions far away

from the CO boundary line, the concentration of CO will

decrease. However, the fraction of hydrogen, which has

a direct effect on the PEMFC performance, also decreases.

Fig. 9 also indicates the boundary of carbon formation (dashed

line). At conditions above this boundary line, carbon forma-

tion is thermodynamically inhibited. As a result, the optimal

condition of glycerol steam reforming for a HT-PEMFC is

shown in the gray region. Within this region, there is no

carbon formation and the CO level contaminating the

hydrogen-rich reformate gas is lower than 5%.

4.2.1. Energy analysis
Fig. 10 shows the relation between the energy requirement for

the glycerol steam reforming process and the operating

temperature at different steam to glycerol ratios. Although

increases in the temperature and steam to glycerol ratio

enhance the hydrogen yield, the energy needed for reformer

operation increases. To identify the actual optimal conditions

of glycerol reforming for HT-PEMFCs, the efficiency of the
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reformer, taking into account the energy consumption as

shown in Eq. (15), was used as the parameter to indicate

performance.

where LHV is the lower heating value. It should be noted that

the energy required for the steam reforming process accounts

for the heat of vaporization, sensible heat to heat up the

reactants to the desired temperature and the heat needed for

maintaining the reformer at an isothermal operation level.

Fig. 11 indicates that the efficiency of the reformer

increases as the reformate gas is allowed to contain more CO.

This effect is due to increased hydrogen production. In addi-

tion, the results reveal that increasing the steam to glycerol

ratio also enhances the reformer process efficiency. Apart

from the increased hydrogen yield, operation at a high steam

to glycerol ratio also causes the reformer to operate at a high

temperature until reaching the limiting level of CO. Moreover,

the external heat required for vaporization is reduced because

the waste heat in the product stream can be recovered to

preheat the reactant feeds. This reduction enhances the total

efficiency of the reforming process. From Fig. 11, the

maximum efficiency of the reformer producing reformate gas

with 5%CO is reached at a steam to glycerol ratio of 11e14. At

this ratio, the operating temperature of the glycerol steam

reformer is around 830e860 K (see Fig. 6). Whenmore steam is

added, the reformer efficiency decreases because the external

heat required to sustain the reformer is higher than the energy

obtained from the hydrogen produced. In the case of a 1% CO

tolerance, the reformer can reach its maximum efficiency if it

is operated at a higher steam to glycerol molar ratio.

5. Conclusions

Hydrogen production from a glycerol steam reforming process

for LT-PEMFCs and HT-PEMFCs was investigated in this study.

Due to the different requirements for the reformate gas in

terms of the CO content, the reforming process for LT-PEMFCs

requires a CO pretreating unit, whereas HT-PEMFCs can

directly use the reformate gas as fuel. The simulation results

showed that for LT-PEMFC, the optimal conditions for the

glycerol steam reforming process integrated with a WGS

reactor, which is operated at a temperature of 473 K, to

maximize hydrogen yield and minimize CO are at a tempera-

ture of 1000 K and a steam to glycerol molar ratio of 6. For

HT-PEMFCs with different %CO tolerances, it was found that

the glycerol steam reformer can be operated at higher

temperatures when a higher CO tolerance in the HT-PEMFC is

allowed, resulting in an increased hydrogen yield. An increase

in the steam to glycerol ratio also enhances hydrogen

production, but requires more energy. Considering the

performance of the glycerol steam reformer in terms of energy

0

5

10

15

20

25

745 795 845 895 945

G
 

/ S 

Reformer temperature (K) 

Carbon region

CO < 5%

Fig. 9 e Operational boundary of glycerol steam reforming

for HT-PEMFC.

Reformer temperature (K) 

600 700 800 900 1000 1100 1200

) h / J k ( 
w

 
o l f 

t a e 
H

 

0.0

2.0e+5

4.0e+5

6.0e+5

8.0e+5

1.0e+6

1.2e+6

1.4e+6

1.6e+6

S/G = 1
S/G = 3
S/G = 6
S/G = 9

Fig. 10 e Heat flow of glycerol steam reforming at different

steam to glycerol molar ratios.

S/G 

3 6 9 12 15 18 21

y c n e i c i f f 
E

 
) 

%
 

( 

0

10

20

30

40

50

60

5% CO
3% CO
1% CO

Fig. 11 e Efficiency of the glycerol steam reforming process

at different %CO tolerances of HT-PEMFC.

efficiency

�
%

�
¼ LHV of hydrogen

�
_mH2

�
LHV of glycerol

�
_mglycerol

�þ energy used for reforming process
� 100 (15)

i n t e r n a t i o n a l j o u r n a l o f h y d r o g e n en e r g y 3 6 ( 2 0 1 1 ) 2 6 7e2 7 5 273

                                             289



efficiency, the operation of the reformer at a steam to glycerol

ratio of 11e14 produces the highest reformer efficiency when

reformate gas containing 5%CO is considered.
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A thermodynamic analysis based on the principle of minimising the Gibbs free energy is performed for hydrogen production from glycerol. When
the operating parameters such as water/glycerol ratio (WGR), oxygen/glycerol ratio (OGR) and operating temperature (T) are carefully chosen,
the energy self-sufficient conditions can be achieved. Two levels of energy self-sufficient, (i) within the reformer and (ii) within the overall system,
are considered. Unlike the consideration in the reformer level reported in most works in literature, the consideration in the overall system level
represents more realistic results based on the fact that some energy is required for heating up the feeds to a desired operating temperature. The
obtained results demonstrate that the maximum hydrogen production significantly decreases from 5.65mol H2/mol glycerol for the reformer
level to 3.31mol H2/mol glycerol for the system level, emphasising the significant demand of energy for feed preheating.

Keywords: hydrogen production, glycerol, autothermal, thermodynamic analysis

INTRODUCTION

Nowadays, humans are using an extravagant amount of
energy in a non-sustainable manner. Therefore, demands
for alternative energies are poised to grow substantially

in the near future. Biodiesel is currently one of promising car-
bon neutral biofuels (Iriondo et al., 2008) whose part of the CO2
emitted upon combustion can be absorbed by plants. Its produc-
tion in the world has continuously increased every year from 2
to 11.1million tons/year in the period 2004–2008—an increase
of more than 500% in only 4 years (Biodiesel 2020, 2008). In
biodiesel production, glycerol (C3H8O3) is also present as a major
by-product from the transesterification process. A large excess of
glycerol or waste glycerol is thus brought down to much lower
price in the world market. As a result, it is important to explore

potential applications of glycerol resulting from the biodiesel pro-
duction processes (Adhikari et al., 2007a). Two major approaches
are: (i) purifying glycerol to synthetic glycerin for later applica-
tions in drug/pharmaceuticals industries (Bernesson et al., 2004;
Wicke et al., 2008; Malca and Fausto, 2011). Moreover, synthetic
glycerin from fossil sources is being gradually substituted by glyc-
erol from natural sources in the market (Niederl-Schmidinger
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and Narodoslawsky, 2008), and (ii) converting glycerol to high-
value chemicals via different reactions such as condensation to
[1,3]dioxan-5-ols and [1,3]dioxolan-4-yl-methanols (Deutsch et
al., 2007), hydrogenolysis to propylene glycol (Dasari et al., 2005;
Lechon et al., 2009; Anand et al., 2010), dehydration to acrolein
(Yang et al., 2008), oxidation to glyceric acid, tartronic acid and,
oxalic acid (Ketchie et al., 2007) and etherification to higher glyc-
erol ethers used as oxygenate additives for fuels such as biodiesel
and diesel petroleum (Klepacova et al., 2007; Kiatkittipong et al.,
2011) or gasoline (Kiatkittipong et al., 2010). Sometimes, it is
directly used as a fuel for heat generation (Soimakallio et al., 2009;
Thamsiriroj and Murphy, 2010) or as animal feed in agricultural
industry (Malca and Fausto, 2011).
Among all the applications of glycerol, hydrogen production

has attracted a number of researches, especially considering the
large potential for hydrogen demand in fuel cell applications for
stationary power generator, portable power, micro power and
transportation (Youn et al., 2008). Hydrogen production can be
carried out via different reactions such as gasification, steam
reforming (SR) (Faungnawakij et al., 2006; Adhikari et al., 2007b;
Das et al., 2007; Rakib et al., 2008; Hernandez and Kafarov, 2009;
Oliveira et al., 2009; Beaver et al., 2010), aqueous-phase reforming
(APR) (Luo et al., 2007, 2008; Iriondo et al., 2008) and autother-
mal reforming (ATR) (Dauenhauer et al., 2006; Li et al., 2008a,b;
Reese et al., 2009; Reese et al., 2010). SR is currently the most
commonly used process for hydrogen production, which can be
developed by investigating suitable operating conditions (pres-
sure, temperature, water to fuel ratios), catalysts and heat transfer
management (Yanbing et al., 2007). However, it requires a large
amount of heat from an external heat source. On the other hand,
considerably lower energy demand can be achieved when adding
some oxygen in the reforming process. Therefore, ATR is consid-
ered as a process with lower demand of external heat sources.
A number of works on hydrogen production from glycerol

have recently been studied. Adhikari et al. (2007a) exposed
that temperatures higher than 900K, atmospheric pressure and
water/glycerol ratio (WGR) of 9 were suitable for hydrogen pro-
duction via glycerol SR by using of Gibbs minimisation method.
Under these conditions methane production and solid carbon are
thermodynamically diminished. Dauenhauer et al. (2006) exam-
ined the ATR of glycerol. The best condition was found with
Rhodium-Ceria-washcoat catalyst at WGR of 4.5, carbon to oxy-
gen ratio of 0.9 and temperature of 1135K, offering hydrogen
selectivity of 79%. Furthermore, Slinn et al. (2008) reported the
prediction of reformer performance by thermodynamic theory
with the optimum conditions for glycerol reforming at 1133K and
WGR of 2.5.
In this study, a thermodynamic analysis based on the principle

of minimising the Gibbs free energy is performed for hydrogen
production from glycerol. The effect of operating parameters,
i.e. water/glycerol ratio (WGR), oxygen/glycerol ratio (OGR) and
operating temperature (T) on the hydrogen production, carbon
formation and net energy were investigated. The operating con-
ditions were carefully chosen to achieve the energy self-sufficient
conditions for two system levels, that is the reformer level and
the overall system level. Finally, the suitable conditions which
offer the highest hydrogen production for both system levels are
determined and the obtained hydrogen productions are compared.

THEORY
The reactions taking place in the hydrogen production from glyc-
erol can be summarised as follows:

Glycerol Steam Reforming (SR):

C3H8O3 + 3H2O↔ 3CO2 + 7H2; �H298K = +127.67 kJ/mol (1)

Partial oxidations (POX):

C3H8O3 + 0.5O2 ↔ 2CO+ CO2 + 4H2; �H298K = −31.79 kJ/mol
(2)

C3H8O3 + O2 ↔ CO+ 2CO2 + 4H2; �H298K = −314.76 kJ/mol
(3)

C3H8O3 + 1.5O2 ↔ 3CO2 + 4H2; �H298K = −579.73 kJ/mol
(4)

Oxidation or combustion (OX):

C3H8O3 + 3.5O2 ↔ 3CO2 + 4H2O; �H298K = −1564.93 kJ/mol
(5)

Decomposition reaction (DR):

C3H8O3 ↔ 3CO+ 4H2; �H298K = +250 kJ/mol (6)

Methanations (MET):

CO+ 3H2 ↔ CH4 +H2O; �H298K = −206.11 kJ/mol (7)

CO2 + 4H2 ↔ CH4 + 2H2O; �H298K = −164.94 kJ/mol (8)

Methane CO2 reforming (MCR):

CH4 + CO2 ↔ 2CO+ 2H2; �H298K = +247.28 kJ/mol (9)

Water gas shift (WGR):

CO+H2O↔ CO2 +H2; �H298K = −41.17 kJ/mol (10)

Carbon formations via:
Boudouard reaction:

2CO↔ CO2 + C(S); �H298K = −172.43 kJ/mol (11)

Methane cracking:

CH4 ↔ 2H2 + C(S); �H298K = +74.85 kJ/mol (12)

Reduction of CO:

CO+H2 ↔ H2O+ C(S); �H298K = −131.26 kJ/mol (13)

The minimisation of Gibbs free energy method has been used
in this study for predicting the product compositions at equilib-
rium. Gt is the total Gibbs free energy. ni is the number of moles
of species i that minimises the value of Gibbs free energy. nj indi-
cates all the number of moles except the ith species. At constant
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temperature and pressure, the equilibrium equation is given as
follows:

dGt =
N∑
i=1

�i dni (14)

The non-stoichiometric approach was calculated after a selec-
tion of possible products. Equation (14) can be expressed as:

Gt =
N∑
i=1

�i ni (15)

Gt =
N∑
i=1
niG

0
i + RT

N∑
i=1
niln

f̂i

f 0i
(16)

The reaction equilibrium in gas phase theory and Lagrange’s
undetermined multiplier method were used to derive Equations
(17)–(19) from Equation (16)

�G0fi + RTln
�̂iyiP

P0
+
∑
j

�jaij = 0 (17)

N∑
i=1
ni

(
�G0fi + RTln

�̂iyiP

P0
+
∑
j

�jaij

)
= 0 (18)

N∑
i=1
niaij = Aj (19)

Equation (19) is the constraints of elemental balances. aij is
the number of atoms of the jth element present in each molecule
of species i and Aj is the total mass of jth element in the feed.
Equation (20) is provided for consideration of solid carbon–gas
system (Wang et al., 2008)

N−1∑
i=1
ni

(
�G0fi + RTln

�̂iyiP

P0
+
∑
j

�jaij

)
+ nCGC(s) (T, P) = 0 (20)

Aspen Plus program (Aspen Plus® Version 2006) was employed
for calculating equilibrium compositions and the corresponding
overall heat of reactions under the conditions of minimisa-
tion of Gibbs free energy. Glycerol (C3H8O3), water (H2O),
hydrogen (H2), carbon monoxide (CO), carbon dioxide (CO2),
methane (CH4), carbon (C(s)), oxygen (O2) and nitrogen (N2) are
identified as possible species in the equilibrium products. The
Soave–Redlich–Kwong equation was selected as the method for
estimating thermodynamic properties of the reaction systems (Li
et al., 2008b; Wang et al., 2008, 2009).
Figure 1 shows the system of energy balance in the hydrogen

production from glycerol. Two levels of energy balances; that is
reformer and overall system levels, are considered. Equation (21)
shows the energy balance equation around the reformer unit.
However, depending on the amount of air supplied, the reformer
duty might be relatively small in comparison of the overall system
duty. Therefore, in the overall system level analysis, net energy
including all heat required in the heater, evaporator and reformer
are taken into account. The energy balance in the system level is
shown in Equation (22):

Qreformer(net) =
N∑
i=1
ni,outHi,out−

N∑
i=1
ni,inHi,in (21)

Qsystem(net) = Qheater(net) + Qevaporator + Qreformer

=
N∑
i=1
ni,outHi,out−

N∑
i=1
ni,0Hi,0

(22)

The total net heat energy can be positive (endothermic), neg-
ative (exothermic) and zero (energy self-sufficient). The last one
is the condition of interest in this study. The energy self-sufficient
condition can be found by setting Equations (21) and (22) equal to
zero for the reformer, and system cases, respectively. It should be
noted that the results obtained from the calculations in this work
represent themaximum achievable hydrogen production based on
the energy self-sufficient system. In a real system, the values will

Figure 1. The schematic of energy boundary conditions Reformer, System, and Heat transfer in system case. (If isothermal condition is
considered in reformer level, Tin, Tr and Tout will be equivalent.)
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be lower due to deviation from the thermodynamic equilibrium
reactions and the presence of heat loss.
The reaction performances are expressed in terms of glycerol

conversion (Equation 23), and yield of product i (Equation 24).
In all simulations the glycerol feed rate and operating pressure are
kept at 1mol/s and 1 atm, respectively.

Glycerol conversion (%) = nGlycerol,0−nGlycerol,out
nGlycerol,0

× 100 (%) (23)

Yield of product i = ni,out

nGlycerol,0
(24)

RESULTS AND DISCUSSION
At the conditions chosen in this work, all simulations showed
that the glycerol conversion from Equation (23) is 100%, which
means that no glycerol appears in the products.

Hydrogen Production From Glycerol Under
Isothermal Operation

Yield of hydrogen
Figure 2a shows the yield of H2 at different values of WGR
and OGR. The calculations are based on isothermal operation at
T= 940K. To verify the calculations, the results from previous
published works (Adhikari et al., 2007a; Wang et al., 2008; Rossi
et al., 2009) shown by symbols are compared with those from
simulations in this work. The simulation results from this work
show very good agreement with those from previous works with
discrepancy within ±1.50%. It is clearly shown that they all are
in good agreement.
At OGR= 0, SR (Reaction 1) is the main reaction. According

to the reaction stoichiometry, three moles of H2O (WGR= 3) are
required to react with 1mol of glycerol. It is obvious that the
yield of H2 increases with increasing WGR and the value as high
as 6.20 could be achieved at WGR= 12 and OGR= 0. When OGR
is greater than 0, hydrogen is also generated via POXs (Reactions
2–4). The use of oxidant (air) together with steam has been a
promising strategy in hydrogen production technology as it can
reduce the demand of energy requirement/transfer to the reaction
system (Rabenstein and Hacker, 2008). However, the yield of H2
obviously decreases with increasing OGR, and therefore, high lev-
els of OGR should be avoided. It should be noted that at the same
values of WGR, the yield of H2 at OGR= 0 are generally higher
than those at OGR> 0 except at WGR< 2. This is attributed to
the presence of carbon formation which will be discussed in the
following section.

Carbon formation
A major problem with the reforming processes is the formation of
solid carbon or coke. When solid carbon occurs, it causes some
disadvantages to the processes including blockage of the catalyst
pores, and breakdown of the reactor in severe cases because of
plugging (Reese et al., 2010). Solid carbon is an unfavoured prod-
uct in hydrogen production. It can take place via several undesired
reactions (Reactions 11–13), for example CO disproportionation
(Reaction 11) or CH4 cracking (Reaction 12) or the reaction of CO
with H2 (Reaction 13) (Wang et al., 2008). As shown in Figure
2b for T= 940K, no carbon formation occurs when WGR> 2 or
OGR> 0.8. The highest mole of carbon (1.01) appears at the most
severe condition ofWGR= 0 and OGR= 0. Carbon formation can
be suppressed by increasing WGR, which retards the reduction

Figure 2. (a) Yield of H2 and (b) Yield of carbon at different values of
WGR and OGR at P=1 atm, T=940K; � at OGR=0 (Adhikari et al.,
2007a); � at OGR=0 (Wang et al., 2008); � at OGR=0 (Rossi et al.,
2009).

of CO (Reaction 13) and/or increasing OGR which promotes the
POXs whose products could subsequently suppress carbon for-
mation. Figure 2b also compares the values of the yield of carbon
calculated from this work with those from literatures (Adhikari et
al., 2007a; Rossi et al., 2009;Wang et al., 2008). Some discrepancy
observed among the literature (Adhikari et al., 2007a; Wang et al.,
2008; Rossi et al., 2009) and this work is due to the differences in
equation of state and thermodynamic data sources.
Figure 3 shows the temperatures at boundary of carbon forma-

tion for wider ranges ofWGR andOGR. For example, atWGR= 0.5
and OGR= 0, carbon formation starts to appear at T= 1038.5K
and a higher temperature than this value (T> 1038.5K) is
required to avoid the carbon formation. Again, it is clear that car-
bon formation becomes less severe when increasingWGR or OGR.

Net heat energy
Figure 4 shows the effects ofWGR and OGR on the net heat ener-
gies of the reformer and the overall system at T= 940K. For the
reformer level, when increasing WGR from 0 to 1.5, the net heat
energy sharply increases until reaching a maximum. After reach-
ing its maximum value, the net heat energy gradually decreases.
The increase of the net heat energy is mainly governed by the
strong endothermic SR while the decrease of the net heat energy
is likely from the exothermic WGS particularly at high excess
amount of water. The net heat energy obviously decreases with
increasing OGR as the exothermic POXs play a more important
role. There are only some ranges of OGR (0.19–0.39) which pro-
vides the energy self-sufficient condition (Qnet = 0, dashed line).
It should be noted that although two values ofWGR are observed
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Figure 3. Boundary of carbon formation as a function of WGR, OGR and
T at P=1 atm.

Figure 4. Net heat energies (Qnet) of Reformer and System as a function
of WGR and OGR at P=1 atm, Tr =940K.

for a given value of OGR, the higher valueWGR should be selected
as it offers a higher hydrogen production.
Considering the energy balance on the system level, in con-

trast, energy self-sufficient condition of the system can occur in
a wider range of OGR (1.0–2.8 for T= 940K). At OGR= 1, it is
the minimum OGR value to offer energy self-sufficient condition
at WGR= 0, then increasing WGR increases energy requirement
of the system. The relationship of OGR andWGR in the system at
energy self-sufficient condition is quite different from that of the
reformer case; namely, increasing WGR always requires higher
OGR. The key reason is the huge energy requirement for heating
liquid water at T0= 298.15K to vapour at a high temperature.
Thus, a relatively high value of OGR is necessary to generate
sufficient energy for the system. However, hydrogen production
greatly reduces when operating at higher values of OGR (Figure
2a). Therefore, WGR is a significant parameter to be selected for
achieving high hydrogen production. In the following sections
only the simulation results based on the energy self-sufficient
condition will be reported.

Hydrogen Production From Glycerol Under Energy
Self-Sufficient Condition
From the previous section, it is demonstrated that energy self-
sufficient condition can be achieved by appropriate adjustment of
operating parameters includingWGR, OGR and the operating tem-

Figure 5. (a) Yield of H2 and (b) OGR of Reformer and System as a
function of WGR and operating temperature at energy self-sufficient
condition; Reformer, System.

perature. However, only two parameters can be specified and the
other is to be determined. For example, when WGR and OGR are
given, only some values of temperature are possible to offer the
energy self-sufficient condition. It should be noted that although
operating pressure can also influence the condition, the main SR
is favourable at low pressure and therefore only the operation at
atmospheric pressure is considered in this study. Figure 5a shows
the yield of H2 at different values ofWGR and operating tempera-
tures while their corresponding values of OGR are given in Figure
5b. For the reformer case (shown by dashed lines), the yield of
H2 always increases when increasing WGR. In contrast, for the
system case, there is an optimum WGR that provides the high-
est mole of H2 for each temperature. Figure 5b indicates that the
corresponding values of OGR are not quite dependent on WGR
for the reformer case unlike the overall system case (continu-
ous lines). This is obviously because the feed temperature for
the reformer case is assumed to be at the operating temperature
of interest while it is at T0= 298.15K for the system case. There-
fore, the energy change within the reformer only arises from the
change in heat of reaction which is quite small relatively to the
high energy demanded for preheating the feeds (especially water).
For the system case at low values ofWGR, the yield of H2 increases
with increasingWGR according to the promotion of SR; however,
the higher OGR required for generating sufficient energy for feed
heating deteriorates the hydrogen production. It should be noted
that for some operating temperatures, minimum values of WGR
to achieve energy self-sufficient condition are observed for both
the reformer and the system levels. The values appear at OGR= 0.
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Figure 6. Yield of H2 and OGR of Reformer (WGR=10) and System
(WGR=7) as a function of operating temperature at energy self-sufficient
condition; Reformer, System.

The influence of operating temperature on the yield of H2 and
corresponding OGR at a specific value of WGR is demonstrated
in Figure 6 (WGR= 10 for the reformer case andWGR= 7 for the
system case). It is clear that the value of OGR always increases
with increasing operating temperature; however, there is an opti-
mum temperature which provides the highest yield of H2 for a
given WGR. As the strong endothermic SR is favourable at high
temperature, the yield of H2 increases significantly with operating
temperature. However, the decrease of H2 at higher temperatures
results from both the reverse of WGS (Reaction 10) which is also
favourable at high temperatures and from the demand of higher
OGR which results in lowing hydrogen production (Figure 2a).

Maximum Hydrogen Production
From the previous section it is clear that there is an optimum oper-
ating temperature which provides the highest yield of H2 for each
WGR. In order to determine the maximum possible hydrogen pro-
duction, the highest yield of H2 together with their corresponding
OGR and operating temperature are calculated at different values
of WGR (Figure 7). In the reformer case, it was observed that
the yield of H2 always increase with increasing WGR. Within
the range of WGR= 0–12, the maximum yield of H2 is 5.65 at
WGR= 12, OGR= 0.35 and T= 880K. However, for the system
case, the maximum value of 3.31 appears atWGR= 3, OGR= 1.35
and T= 875K. Although the yield of H2 increases at the begin-
ning, the use of too much value ofWGR causes detrimental effect
on the hydrogen production as the system requires too much
energy for heating the excessive water. Figure 7 also indicates
that the value of OGR for the reformer case slightly changes with
increasingWGR. As reported earlier, there is a small range of OGR
which can offer energy self-sufficient condition. However, for the
system case the energy requirement changes quite significantly
with increasingWGR and therefore theOGR becomesmore depen-
dent onWGR. It should be noted that when operating the reformer
or the system with higherWGR, the optimum temperature always
decreases. This should be related to the exothermic WGS which
becomes more favourable toward hydrogen production at a lower
temperature.
From this study, it is demonstrated that when hydrogen produc-

tion operates under energy self-sufficient condition, a maximum
hydrogen production of 3.31molH2/mol glycerol is achieved. In

Figure 7. Maximum of yield of H2, OGR and operating temperature of
Reformer and System levels as a function of WGR at energy self-sufficient
condition; Reformer, System.

practice, the hydrogen production will be lower than this value
because of the presence of inevitable heat losses in the system.
The reported value is much lower compared with the case when
the production is operated under the energy self-sufficient in
the reformer. However, in this case additional heat sources are
required for other unit operations.

CONCLUSION
A thermodynamic analysis of hydrogen production from glycerol
reforming was carried out. The results from isothermal operation
indicate that increasing WGR enhances the hydrogen production
but also requires large extent of external heat source. However, an
increase of OGR reduces the hydrogen production but decreases
the energy requirement. The energy self-sufficient condition can
be achieved whenWGR, OGR and operating temperature are care-
fully selected. The energy self-sufficient for the reformer level
shows that only a small amount of OGR is required in the oper-
ation. The maximum mole of H2 in the range of study is 5.65
at WGR= 12, OGR= 0.35 and T= 880K. Much higher OGR is
required to provide sufficient energy especially for the feed pre-
heating which is in contrast to the energy self-sufficient for the
overall system level. At the system level, the maximum yield of
H2 is achievable under self-sufficient conditions 3.31, which cor-
responds WGR= 3, OGR= 1.35 and T= 875K.
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NOMENCLATURE
Aj the total number of atoms of jth element in the reac-

tion mixture
aij number of atoms of the jth element present in each

molecule of ith species
f 0i standard-state fugacity of the ith species
f̂i fugacity of the ith species
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Gt total Gibbs free energy (J/mol)
G0i standard-state Gibbs free energy of the ith species

(J/mol)
�G0fi standard Gibbs function of formation of the ith

species (J/mol)
GC(s) molar Gibbs free energy of solid carbon (J/mol)
Hi,0 enthalpy of the ith species in feed in overall system

case (J/mol)
Hi,in enthalpy of the ith species in feed in reformer case

(J/mol)
Hi,out enthalpy of the ith species in products (J/mol)
M the total number of elements
N total species
ni mole of the ith species
ni,0 mole of the ith species in feed in overall system case

(mol)
ni,in mole of the ith species in reformer feed (mol)
ni,out mole of the ith species in products (mol)
nj mole of the jth species except ith specie (mol)
nC mole of solid carbon (mol)
nGlycerol, 0 mole of glycerol in feed (mol)
nGlycerol, out mole of glycerol in products (mol)
nH2O mole of water in products (mol)
OGR oxygen/glycerol ratio
P pressure (atm)
P0 standard-state pressure (atm)
Qevaporter heat energy of evaporator (kJ/mol)
Qheater(net) net heat energy of heater (kJ/mol)
Qreformer(net) net heat energy of reformer (kJ/mol)
Qsystem(net) net heat energy of the overall system (kJ/mol)
R ideal gas constant 8.314472 (J/mol/K)
T, Tr operating temperature (K)
T0 feed temperature in overall system case (K)
Tin input temperature in reformer case (K)
Tout output temperature in reformer and overall system

cases (K)
WGR water/glycerol ratio
yi mole fraction of each substance in gas products

Greek Letters
�j Lagrange multiplier
�i chemical potential of species i (J/mol)
�̂i fugacity coefficient of species i
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